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THE UNIVERSITY OF MANCHESTER

ABSTRACT OF THESIS submitted by M Cooke for the degree of Doctor
of Philosophy and entided Design of Mechanically Agitated Contactors
or Reactors with “Attitude” August 2005.

ITiis study is concerned with the design of reactors with “Attitude”
addressing questions as how to experimentally study “real reactors” using real
fluids or good analogues at appropriate specific energy dissipation rates (up to
IOW /kg) and superficial gas velocities (up to 0.25m/s). The experiments were
carried out in single, two-phase and three-phase systems in a range of fully
baffled agitated vessels o f diameters ranging from 0.08 to 1.79 m in order to
test and study scale-up relationships

Techniques are developed to measure shaft torque, mixing, gas-liquid mass
transfer, and local phase fractions, overall phase fractions, bubble
measurement techniques and ERT (Electrical Resistance Tomography).
Model fluids are used to mimic the behaviour of real systems. The bubble
measurement techniques developed are used to study bubble behaviour in
industrially important fluids at elevated temperature and pressure.

Single and multi-phase systems are studied for vessels agitated by a large range
o f agitator types and sizes and for single and multiple agitators. Shaft power is
measured for a range of agitators under single and multiphase conditions. An
equation is proposed for the effect of scale and blade geometry on the power
number of concave hollow blade agitators. Liquid phase mixing studies are
undertaken for a range of agitator and tank geometries along with
complementary flow visualisation work. Scale-up relations relationships are
developed and discussed. Gas-liquid mass transfer, gas-hold-up and
hydrodynamics are studied and correlations proposed. These are compared
with literature correlations. The “flooding-loading” transition is studied for a
number of types of hollow blade agitators. A simple method, resulting from
these studies, is proposed to avoid “flooding” for radial turbines, including
the hollow-blade types. Rules for avoiding foam out at high phase fractions
are developed. Solid suspension with novel agitators for two and three phase
systems are tested and relationships developed. Compared at equal diameters,
the curved hollow blade agitator is shown to be more energetically efficient
for solid suspension than most common alternatives, especially under gassed
conditions.

Foaming is studied and a method of controlling foam based on an inverted
hollow cone rotating on the agitator shaft above the normal aerated liquid
level is developed. This is tested successfully on industrial fermenters.
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GLOSSARY

a Acceleration m s?

a Interfacial area m?m?

A. Heat transfer area m?

B Baffles

Bd Agitator blade depth m

c Clearance from centreline of agitator to bottom o f vessel m

s Clearance o f sparger from bottom of tank m

C Concentration kmolm 3

Cc* Equilibrium concentration kmolm 3

CA Concentration ofcomponent A kmolm 3

Ch Concentration of component B etc kmolm 3

c* Drag coefficient

dP Diameter o f particle m

aw Number mean bubble size m

d2 Sauter mean bubble size m3m 2

d Diameter ofbubble m

D Dimension, Impeller diameter m
Diameter o f cavern or cone m

Ds Diameter of sparger m

Da Damkohler number = rD R

DL Diffusion coefficient ofgas in liquid m2s’

Br, Volume fraction ofgas

£r Total energy input by agitator and gas w

F Fouling factor

Flo Agitator gas flow number = Q*JND 3

Fr Froude number= N'D/g

g Gravitational constant m s2

T Ratio of centrifugal force to gravitational force = Dof/ 2g

H Height m

HL Liquid height m

HP Pumping head m

Ha Hatta number = J7D/ TR

Hc Height of cavern m
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N Q
Ny,

N ss

pa
Ps

Pc
Pi
F,
Po

Q I
Qs
Qh>2

OH

Height of cone above the liquid level
Process side heat transfer film coefficient
Specific intensity o f turbulence
Consistency factor

Wave number

Constantin eq (2.13)

Reaction rate constants

Proportionality factor for mixing equations

Ratio o f tangential fluid velocity to impeller tip velocity

Agitator shear rate constant

Liquid side mass transfer coefficient

Gas film mass transfer coefficient

Liquid side mass transfer factor

Overall liquid side mass transfer coefficient
Overall gas side mass transfer coefficient

Henry’s law partition coefficient (consistent units)
Torque

Mixing index = 1-

Agitation speed

Agitation speed for complete suspension o f solids
Agitator liquid flow number = QAJND}

Agitator just suspension speed for solids
Agitation speed for the onset o f sedimentation
Power

Power input by gas

Shaft Power

Theoretical cone power

Shaft power under gassed conditions

Partial pressure o f transferring species at the interface

Partial oxygen pressure

Agitator power number = P/(p N 'D¥)
Volumetric flow-rate

Volumetric flow-rate of recirculating gas
Volumetric flow-rate of sparged gas
Molar feed rate o f hydrogen peroxide
Rate of heat transfer

W m2K 1

Pas

ms

ms

m s

ms

m3s1
m s

mol s 1
W s1



Re
Red

Stoichiometric ratio
Agitator Reynolds number = ND 2o/ ji

Drop Reynolds number = idfill/
Rate o f reaction of A

Radius

Gas constant

Richardson Number —Static head/dynamic head.
Shape factor in Zwietering equation

Agitator separation

Surface area o f bubbles

Cone Reynolds number = pay/p

Time

Circulation time

Colorimetric based mixing time

90% mixing time

95% mixing time

Temperature

Temperature difference

Tank diameter

Velocity

Terminal rise velocity ofa bubble in an infinite medium
Overall heat transfer coefficient

Volume

Velocity

Tracer volume

Volume ofgas pervolume ofliquid per minute
Superficial gas velocity

Velocity o f material leaving the cone —2/tNrt
Agitator tip velocity

Power

Weber number = pN*D’/ (7

IFeight of solids per weight of liquid

Agitator disc thickness

Agitator blade width (height for radial type)
Greek letters

Distribution coefficient between fresh and recirculating gas

mols1
m
Jmol1lK 1

°C
°CorK

m s

m s
WmX 1

min 1
m s1
m 81
ms

Watts



Film thickness

) m

o Surface tension _ Nm
o, Standard deviation on concentration fluctuations

] Angle to the vertical °

P Density kg/m’
' Thermal conductivity W m'K?
A 1/He

z Conductivity mS cm”
A Kolmogorov length scale m

T Shear stress Nm~
T Yield stress Nm?
T Time constant = 1/rate constant s

T, Characteristic diffusion time constant s

& Characteristic reaction time constant s

T, Time constant of DOT probe s

Y7, Viscosity Pas
i, Appatent viscosity of non-Newtonian fluid Pas

e Specified degree of mixing

9, Exposute time s

I7) Angular velocity radians s™
E:E.& Volume fraction of dispetsed phase

& Energy dissipation rate W kg
v Kinematic viscosity ms’
Y Shear rate s

P Average shear rate st

Subscripts

G Gas

D Dynamic

Borb Bubble

HB Herschel-Bulkley:
JA Just suspended

L Liquid

NN Non Newtonian

r Applies to submerged radius (cones work)

A) Solid ot specific

th Tiny bubbles
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A345
6CDT
6HBT
6HBDT
CCD
CFD
CD
CSTR
CMC
DGD
ERT

LDA

LIF
PBT
6PBTD
6T
MFD
OUR
OTR
MFU
PBT
PVC
PPG
PIV
RT
RPD
rms
om

www

Inside or inlet conditions

Outside or oudet conditions

Ungassed

W ater

Abbreviations

LIGHTNIN high solidity up-pumping hydrofoil

6 Curved blade Disc Turbine (van’'t Riet or Smith type)
6 Hollow Blade Turbine

6 Hollow Blade Disc Turbine (includes Smith type)
Chaiged Couple Devices

Computational Fluid Dynamics

Complete Dispersion

Continuous Stirred Tank Reactor

Sodium Carboxyl-methyl-Cellulose

Dynamic Gas Disengagement

Electrical Resistive Tomography

Flooding

Loading

Laser Doppler Anemometry

Laser Induced Fluorescence

Pitched Blade Turbine

6 Pitched Blade Turbine Down pumping
Six blade Turbine

Mixed Flow Down

Oxygen Uptake Rate kmolm s'
Oxygen Transfer Rate kmolm 3s1
Mixed Flow Up

Pitched Blade Turbine
Poly Vinyl Chloride

Poly Propylene Glycol
Particle Image Velocimetry
Rushton Turbine

Relative Power Demand
Root Mean Square
Revolutions pier Minute
World Wide Web
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Chapter 1 Introduction

In 24 yeats working as an expetimental fluid mechanic in the ICI Mixing and
Reactions Team it always seemed as I was working on the mixer ot reactor
design with “Attitude”. When I first started it was in a “blue sky” team called
“The Process Intensification Group” with objectives of finding new ways of
doing things, developing new processes; intensifying old processes, preferably
using “gizmos” — cyclones, tee jet mixers and static mixers. Latterly, as
manager of The Expetimental Fluid Dynamics Laboratory at ICI Widnes
Experimental Centre, it was boiling reactots with high gas phase fractions (up
to 60%), high solids concentrations, (up to 30%), high stirring intensities (up
to 10 kW/kg), high supetficial gas velocities (typically 0.25 m/s) giving
foaming and carty-over problems, high temperature, high pressure, corrosive,
explosive, toxic {all of which make flow visualisation of reaction brews very
difficult); or it was high viscosity, non-Newtonian fluids as found in
fermenters or paint mixers. Mixing was also a big issue when scaling up
reactors where competing reactions wete mixing sensitive. In that period, the
mixing literature seemed to be concentrating very much on air-water systems
at low power inputs with specific enetgy dissipation rates, (€;) up to ~2 W/kg
and gas flow rates of up to ~2 IVIVM or superficial gas velocity, vg, of
<~0.01 m/s and was not always a useful guide to dealing with the problems.
At high gas hold-ups even prediction of shaft power is difficult as operation is
way outside published correlations.

This PhD is thetefore dedicated to the study of the design of reactors with
“Attitude” and addresses questions such as how to experimentally study “real
teactors” using real fluids or good analogues at appropriate specific energy
dissipation rates (up to 10 W /kg) and superficial gas velocities up to 0.25 m/s.
Chapter 2 gives a critical literature teview on topics, general to multi-phase
mixing and reactor design with mechanical agitation, with more specific

reviews in the following chapters as appropmiate.
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The general experimental equipment is described in Chapter 3. These ate the
1 ft (0.29 m diameter), 2 ft (0.61 m diameter) and 3 ft (0.91 m in diameter)
mixing rigs, with the shaft torque measuting systems and techniques
developed to measure shaft torque, mixing, gas-liquid mass transfer, local
phase fractions, overall phase fractions, bubble measurement techniques and
Electtical Resistive Tomography (ERT).

Model fluids are described in Chapter 4 along with scale-up and scale down
techniques.

The Buchi rig is described in Chapter 5 along with its use in obtaining data
on “real fluids” with the effect of boiling and pressure on bubble size and
phase fraction. The effect of solids on the gas phase fractions is also
investigated. Data for cold and boiling water, aniline, acetic acid and
methanol are included. Two techniques are developed and discussed to
estimate bubble sizes and phase fractions (photographic and dynamic
disengagement).

Chapter 6 describes power, mixing and hydrodynamics for single-phase fluids
using novel agitators or agitator combinations with comparisons against
conventional agitators such as the Rushton turbine.

Multi-phase wotk is presented in Chapter 7. This covers high gas fractions,
high superficial gas velocities and specific agitator power inputs from zero
(bubble column) up to ~10 W/kg. Mixing, gas-liquid mass transfer, gas-hold-
up and hydrodynamics are studied. Rules for avoiding foam out at high phase
fractions are developed. Solid suspension with novel agitators for two and
three phase systems are tested and relationships developed.

Chapter 8 describes and characterizes a novel device (spinning cone) for
controlling foam and its level. The literature is also studied.

In Chapter 9, ERT is studied as a diagnostic tool. The literature is examined
and the retrofit of an 8 plane x 16 elements ERT into the 0.61 m diameter
stirred tank tig is desctibed. Teething problems are discussed and eliminated.
The use of ERT to study mixing and phase disttibution in high phase



Introduction

fractions at high specific enetgy dissipation rates is demonstrated and some
interesting results presented and discussed.

In Chapter 10 an overview of the work and the main conclusions are given
along with recommendations for further work.

Appendices containing data, calculations and addition information follow
Chapter 10.




Chapter 2 Literature Reviews

2.1 Scope

The multi-phase stitred tank literature is very extensive; hence the following
review concentrates on the aspects considered most pertinent to this study as
defined in Chapter 1. This study is therefore confined to the hydrodynamic
understanding and the design of mechanically agitated contactors and reactors
for single (liquid) and multi-phase (liquid-solid-gas) systems. Typical industrial
important examples of gas-liquid reactions cartied out in mechanically stirred
contactors are  organic oxidations, carbonations, hydrogenations,
fermentations, nitrations and chlorinations. Many of these involve a boiling
solvent that contributes to the vapour loading and many also include solids

cither as a reactant, catalyst or 2 product.

The purpose of gas-liquid contacting in mechanically agitated vessels is to
cause mass transfer between the phases. In purely physical absorption or
stripping processes, mass transfer rates will often determine the equipment
size needed for a given duty. Where the transferred species has to undergo 2
chemical or btochemical reaction the mass transfer rate is often the limiting
step. Break-up of bubbles to provide the interfacial area is thus an important
consideration. The understanding the hydrodynamics of the bubble break-up
— coalescence and mixing processes and how these ate affected by the vessel

and agitator design is paramount to good design and reliable scale-up.

This chapter presents a critical review of the literature on mechanically agitated
gas-liquid and gas-liquid-solid contacting with special attention to the putpose
of mechanical agitation, agitator choice, design, hydrodynamics and scale-up
and also the tools available to expetrimentally study these systems. Liquid-
liquid is recognized as an important branch of multi-phase contacting but is

not covered in any detail by this study, as the breadth would become too wide.
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Over the years many teviews have been published in the gas-liquid mixing
area. Examples include Sideman e @l (1966) and van’t Riet (1979) who
published critical reviews of mass transfer in gas-liquid contacting systems.
General reviews have been published by Joshi e 2/ (1982), Midoux and
Chatpentier (1984) and mote tecently Nienow (1998) published an excellent

review of the hydrodynamics of stirred bioreactors.

The genetal consensus is that an optimum design and scale-up of a reactor
depends on an undertstanding of the undetlying hydrodynamic principles and
their interaction with the agitation, the dependence on the fluid properties and

reaction kinetics where a teaction is involved.

Mathematical studies are inctreasingly popular because of the low cost of
computation, due to the recent staggering increase in computational power
and speed. The physics and chemistty can be linked together into a single
package. Computational fluid dynamics (CFD) is one such tool that is an
increasingly popular method for studying the hydrodynamics of single and
multi-phase systems. Whilst recognizing the increasing importance of these
tools, especially when dealing with complex systems, this study is more

concemned with physical experimentation.

2.2 Outline

Factors considered important for multi-phase contacting and reactor design
include (in alphabetical order), agitation, agitator powet prediction, baffles,
bubble behaviour, heat and mass transfer, hydrodynamics, kinetics, mixing,
phases, physical properties, rtheology, scale, time scales, turbulence and vessel
design. These are considered in the following sections. Firstly, however, the

dimensionless numbers used in the text are introduced and defined.

2.2.1 Introduction to the Dimensionless Groups
Dimensionless groups are commonly used in the mixing literature to correlate
data in terms of physical properties, scalar quantities and time. These are

described in the following sub-sections.
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Commonly accepted nomenclature used in these groups ate shown i
Table2.1

a | Interfacial area m’m>
¢ | Impeller clearance from bottom of base to impeller centteline | m

D | Dimension, Impeller diameter m

£ | Gravitational constant ms™
k¢ | Metzner and Otto (1957) shear rate constant

QO | Volumettic flow-rate m’s™”
N | Agitation speed s!

t | Time s

T | Tank diameter m

U | Velocity ms’
| Volume m’

w | Agitator blade width m

% | Axial coordinate m

o | Surface tension Nm
p | Density kg m”
| Viscosity Pas

@ | Angular velocity rads 5™
y | Sheat rate s

Table 2-1: Nomenclatute used in the dimensionless groups used in

hydrodynamic studies

2.2.1.1 Agitator Reynolds Number, Re.

In mixing the Reynolds number is an important group. It is the ratio of inertial

to viscous forces. For an agitator the Reynolds number is defined as:

Re

_ND’p
y/i

@1)

Three agitation regimes are described by the agitator Reynolds number,

o Laminar, Re £10
o Transitional 10 > Re <10*

¢ Fully turbulent Re = 10*
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The impellor Reynolds number in a non-Newtonian fluid uses an apparent
viscosity g4, calculated using the Metzner and Otto (1957) approach. They
proposed that for the laminar regime, the avetage shear rate () was related to

the agitator speed according to:
y=4&N 2.2)
whete & is an agitator specific constant.

2.2.1.2 Agitator Power Number, Po.
The agitator power number Po is analogous to the friction factor in pipe flow.
It represents the ratio of the pressure differences producing flow to inertial

fotces and takes the form:

N
pN’D’
2.2.1.3 Agitator Flow Number, N,,.

Po (2.3)

The flow number is a discharge coefficient used to define the liquid

volumetric flow (Q;) from the impeller blades in dimensionless terms:

O
— 2.4
whete for a radial turbine
+u /2
Q, =D [U,d 2.5)

-w/2

Le., the integral of the velocity over the blade height through the area swept by
the blade tips. Revill (1982) reviewed the data for Rushton turbines (see Figure

2-9) and recommended that N, =0.75 £ 0.15 should be used for design for Re
210*for 0.2< D/T<0.5and for 0.3 < ¢/T<0.5.

The velocity profile is bell shaped as depicted in Figute 2-1, with a maximum
velocity around 0.8 of the tip speed, Oldhue (1983). The entrained flow is up

to 2.5 times this flow.
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For a SCABA 6SRGT (see Figure 2-12) the velocity profile is much more
focused giving a pronounced peak, Kovacs (2001) as shown in Figure 2-2,
where it is compared to his Rushton turbine profile. From this work the

maximum discharge velocity for the 6SRGT was 0.79 of the tip velocity.

For axial impellers the flow is defined through the swept circle immediately
below the lower edge of the impeller for down pumping (opposite for up-
pumping). Again the entrained flow is much greater than the direcdy pumped
flow. Typical discharge coefficients for high solidity axial impellers are around
0.7 to 0.8 and are similar to the Rushton turbine. For Re < 103 the discharge
coefficient falls. In laminar flow (Re <10) the discharge coefficient can be an

order o f magnitude lower.

entrained

directly
pumped

entrained

Figure 2-1: Discharge flow from a Rushton turbine. From Nienow (1998)

BORPM — _ gsrGT 80 RPM

09 140 RPM 140 RPM

08 240 RPM 08 240 RPM
07 07
0.6 06
0os 0s
04 04
® 03
02
o

45 05

Figure 2-2: Normalised velocity profiles, a) Rushton turbine, b) 6SRGT
from Kovacs (2001).
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2.2.1.4 Gas Flow Number, Fl;
The gas flow number Fl; (sometimes called aeration number) is the ratio of

gas flow-rate 0. to the agitator pumping rate

Qo
Fl, = ~1~\~}£—3~ (2.6)
2.2.1.5 Froude Number, Fr.
The Froude Number (Fr) is the ratio of inettial to gravitational forces:
N’D
Fr= 2.7
4
Another way of exptessing this ratio is in terms of “¢” forces
woa_(272N)'D _ @&’D 2.9)

2g 2z

{9 1)

where ‘g”is the ratio of the actual centripetal fotce at the agitator tip to the
gravitational force. This is useful when deciding whether agitation effects or
gravity will dominate in for example a gassed system. If “¢” is < 1 then it is
obvious that gravity will dominate. When “g” is >1 then the agitator will
dominate. This effect is not always obvious from considetation of a Froude
number. By compatison of equations (2.7) and (2.8), 19.74 “¢” = Fr and
therefore 1.0 “g” = 0.05 Fr.

2.2.1.6 Weber Number, We

The Weber Number represents the ratio of applied to surface tension forces

and is used to correlate particle, drop and bubble size.

pN>D’?
o

We = @.9)
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2.2.2 Agitation

Agitated vessels come in many shapes and sizes and this has implications for
all facets of mixing. Much of the literature wotk has been done on “standard
vessels” so this standard has to be defined, as deviations will obviously effect

the literature conclusions

The “standard” tank shown in Figure 2-3 has a centrally mounted vertical
shaft to mount the impellets. In low viscosity fluids, baffles are used in to
eliminate a central vortex, to make full use of the agitator power and as a
means of converting rotary motion into vertical turnover patterns. Many
baffling arrangements are possible. The standard used here (designed to apply
full agitator power) is four vertical flat baffles of width T/10, 90° apart and set
off the wall by a distance T/60. The amount of baffling will obviously effect
the power. Many vessels are supplied with a baffle width of T/12 and hete the
power will be reduced by about 10% (Uhl and Gray, 1966). For agitator powet
prediction any deviations from standard have to be allowed for. Bujalski ¢z 4/.
(1987) found an effect of scale on Rushton turbines to T**, also a strong

dependency of power number on the disc thickness X,

For viscous mixing (Re < 300) baffling is probably unnecessary. Here, the
absence of baffling will have little effect on power as apparent from power

cutves of Po versus Re. See latet, for example
Figure 2-29.

Mechanical agitation and the choice of agitators are obviously vety important
since it impacts ditectly on the operation and influences many of the factots
listed above. The role of the agitation is to cteate turbulence and flow for
bubble bteak-up, transport of matetial, heat and mass transfer, bulk mixing

and homogenisation (minimisation of concentration and temperature
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differences) of the phases. The choice of agitators depends on the duty

required.
Tank diameter T 1m
Baffles B 4
Baffle width w, T/10
Baffle cleatance from wall S, T/60
Tank bottom T/4 Dish
Impeller diameter D T/3
Blade length L D/4
Blade width 174 D/5
Blade thickness. X
Disc thickness X,
Disc diameter D, 3D/4
Impeller clearance C T/3
Submergence S 2T/3

Table 2-2: Dimensions of the standard tank configuration
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<r>

Sk - T/60 rio

Gas
3D/4

D ——

TO |

Figure 2-3: Standard Rushton turbine agitated vessel
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Agitators can be broadly classed into three types, those producing radial flow,

axial flow and mixed flow.

2.2.2.1 Radial Flow Agitators

Refer to pages 17 to 20.

Typical radial agitators are disc turbines and paddles. In cylindrical vessels at a
clearance cabove the base > 1/5 of the vessel diameter T, these agitators give

two main circulation loops above and below the centre-line of the impeller as

shown in Figure 2-4.

Figure 2-4: Main flow loops with a Figure 2-5: Main flow loops with an
Rushton turbine axial flow impeller

For gas-liquid duties, the radial Rushton turbine (see Figure 2-9) has
traditionally been a popular choice. However, this has the disadvantage that

the gas adversely affects the performance. Under gassed conditions, the

10
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agitation power falls due to gas cavities that attach to the low-pressure region
behind the blades. These cavities are described in detail by Watmoesketken
and Smith (1985) and Nienow ef 4/ (1985).

Many workers have linked mass transfer coefficients to agitation power, for
example, van’t Riet (1979), Whitton and Nienow, (1993) and Gezotk ef al
(2001). With radial agitators mixing is also adversely affected by this loss in
power as shown by Cooke ¢f a/. (1988) and Cronin ¢f /. (1994). There may be
some exceptions to this case for operation in the flooding regime (see later
text on agitator hydrodynamic regimes) as with high gassing rates the
recirculation caused by the rising plume of gas can actually improve the
mixing, Cronin ¢f a/. (1994). As noted however by Nienow (1998), operation
in the flooding regime is not a desirable design. At high gas rates the enetgy
imparted by the gas can also be significant and if the gas and liquid flows are
hatmonized (act in the same ditection) then mixing can be imptroved on
gassing.

The blade profile is usually flat, though other profiles have been used to
improve the performance. Examples are the arrowhead disperser and the
curved blade impellers investigated by Rushton ¢ 4/ (1950). The power
charactetistics of these are similar to the flat blade equivalents. In recent yeats
a number of new radial agitators have come on to the market designed to
prevent power loss on gassing and these are claimed to handle more gas than a
Rushton turbine before flooding. Amongst these is the concave design
attributable to van’t Riet (1975a), now marketed as the CHEMINEER CD-6
(Figute 2-10), and the more streamlined versions such as the SCABA 6RGT
(Figute 2-12) which Nienow (1998) claims will handle approximately 3-times
as much gas as the same size Rushton turbine before flooding. A new
asymmetric design has recently by introduced by CHEMINEER and
matketed as the BT-6 (Figure 2-11). The manufactuters claim this to have
nearly six times the gas handling capability of the Rushton impeller and to
unload less than the CD-6. They also claim that the unloading (lowering of the
gassing factot) is neatly all due to the change in effective density of the gassed

11
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liquid. However, in this work, with similar agitators, gassing factors as high as
0.8 have been measured in systems with 50% gas hold-up, therefore the
explanation for the fall in power on gassing is not as simple as that. This is
discussed in greater detail in the section on agitator hydrodynamics. They also
claim that the mass transfer capability of the BT-6 is on the otder of 10%
better than the CD-6 and that, unlike many other gas-dispersing impellers, the

BT-6 is relatively insensitive to viscosity.

2.2.2.2 Axial Flow Impellers

Refer to pages 20 to 23.

Axial impellers pump axially and hence ate intended to produce a single
circulation loop throughout the vessel as shown in Figute 2-5. Hence top to
bottom mixing is better than with radial flow impellers especially when
multiple agitators are used. Typical axial flow impellers are marine propellers
and the proprietary hydrofoil equivalents such as the LIGHTNIN “A” seties
(for example Figure 2-19), the CHEMINEER HE3 and the SCABA SHP
impellers. The power cutves for these agitators tend to be steeper in the
transitional regime and thus are not as flexible as radial impellers over a
viscosity range. Propellers ate not often used on a latge scale and independent
literature power data for propriety agitators is scarce and rudimentary, leading
to undue reliance on manufacturers’ recommendations. There is a lack of
reliable comparative data for such agitators. In general however, because of
the flow patterns produced, lower velocities close to the wall are expected in
comparison with radial flow impellers, hence wall shear will be lower which
may have important implications for heat transfet. The powet numbets for
axial flow impellers are considerably lower than for radial flow impellers

reducing torque requitements.
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2.2.2.3 Mixed Flow Impellers

Pitched blade tutbines are typical of this classificaion. They offer a
compromise, producing components of axial and radial flow. It should be
noted however that even the so called axial flow impellers will produce some
radial flow and many of the proptiety agitators such as the LIGHTNIN A310
should be classed as mixed flow agitators. The impeller-jetting angle becomes
shallower as the viscosity increases. This may explain why the shape of the
transitional regime is steepet, in that the power number will increase as the
component of radial flow increases. The term mixed flow impeller has also
been used by Mann (1983) to describe the double acting impellers such as the
EKATO MIG and INTER MIG impellers. These all reverse the direction of
the pitch at the tips to give a reverse pumping action at the outer edge. The
net effect will be to promote better top to bottom mixing by teinforcing the

axial flow streams.

2.2.2.4 Multiple Impellers

In vessels with high aspect ratios, operating height H / vessel diameter T > 1,
multiple agitatots ate often desirable. The use of multiple radial agitators
results in compartmentalization and long overall mixing times according to
Cooke et al. (1988) and Cronin ef 4/ (1994). Overall mixing times can be
reduced by using axial agitators or axial/radial combinations, as shown for

example by Cooke ez 4/. (1988) and Hari-Prajitno (1999).

2.2.2.4.1 Down-pumping Axial or Mixed Flow Agitators

A popular combination has traditionally been down-pumping axial agitators
above a radial dispetser. For single phase operation the impeller size and

spacing is an important consideration if improved bulk blending is to be
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achieved as incorrect combinations are inherendy unstable because many flow

scenarios are possible, see Figure 2-6 (a), (b) and (c).

Figure 2-6(a) illustrates ideal flow from abulk mixing point o f view, which my
own experience suggests, is rarely achieved and requires the D /T of the axial
flow agitators to be greater than the D /T of the radial flow agitators and
impeller spacing of 0.5D to ID. Also as viscosity increases, the radial

component of flow decreases and makes the ideal more difficult to achieve.

Figure 2-6(b) depicts compartmentalized flow and in Figure 2-6(c) there are

unstable flows, which are in opposition to each other.

(@) - Ideal Row (b)- (c) —Apposing flow
Compartmentalized
Flow

Figure 2-6: Possible flow combinations with combined radial below down-
pumping impellers.

When gassing occurs the situation is worsened by gravitational affects as the
rising plume ofgas is acted on by down-flow ofliquid from the agitator. If the
gas flow number is very small and the liquid viscosity is low then the agitator
will dominate. However as gas flow numbers increase the gas will coalesce in
the down-flow forming large bubbles which periodically break-through
causing instabilities and the risk of mechanical damage. Frijlink et al. (1984)

described a similar mechanism as the switching from direct to indirect loading.
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For gassed work with down-pumping impellors, the agitator choice is a critical
factor. The agitator solidity (the ratio of the projected area of the blades to the
swept area), Oldshue (1989), is also important. To maximise the gas handling
capabilities a high solidity impeller should be chosen. A high solidity is also
preferred for agitating viscous material. The choice of the gas input is
important. MacFarlane e 4/. (1996) recommend a sparger of diameter D, =
0.8D with a clearance of ¢;/¢ = 0.6, when used with a MAXFLO T of D/T =
0.45, for optimum gas handling. This sott of information can be most reliably
obtained by physical modelling, though even this is fraught with uncertainties

unless an exact process fluid analogue is used.

If solids require suspending in a three-phase system, the gas can sevetely affect
the suspension, Chapman ef 4l. (1983). Thus the chose of an agitation system

where gas flows and liquid flows are in opposition appears to be nonsensical

If the gas can be inttoduced into the up-flow, the gravitational problems
associated with directly loading an up-flow agitator can be avoided, though

some loss of gas dispersion could result.

2.2.2.4.2 Up-pumping Axial Agitators

A much more rational solution to multiple agitators is to use up-flow agitators
for axial mixing in gassed duties. Radial / axial combinations can be
configured to give positive flow reinforcement at the interchanges
(shown in Figure 2-7) which is important for bulk mixing. For axial/axial up-
pumping configurations the gas and liquid flows work in unison encouraging
good top to bottom flow. In ICI Technology the concept of positive
reinforcement of flows has been used for a number of years for in-house
designs and there is now plenty of literature support for this approach.
Examples are Chapman ef 4/. (1983) who showed that solid suspension was
mote efficient with up pumping than with down-pumping turbines under

gassed conditions. Bujalski ef 2/ (1990) found that up-pumping tutbines gave
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equal gas hold-up and kta to Rushton turbines when compared at the same

specific power inputs and gassing rates.

Axial up-flow/down-flow combinations which results in a stable figure-of-
eight flow loop, with positive flow reinforcement at the interchange, have also

been recommended, Nienow (1998).

Figure 2-7: Stable flow with flow reinforcement at the interchange for a
radial plus up-pumping agitator combination.

2.2.2.5 Selection of Agitators

For a given agitation duty there will be invariably many ways o f achieving the
desired aim. Therefore the choice of agitators should be on practical and
economic grounds. Practical considerations may be in relationship with the
vendor trust, reliability, and the availability of spares, back up and inter-

changeability (e.g. if amotor or gearbox is common to a number of items of
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equipment then it decreases the need to carry spares). Economic

considerations should address running costs as well as installation costs.

There are a bewildering number of agitators available on the market A
selection of these from our own collection and from the WEB sites of
LIGHTNIN, CHEMINEER and SCABA are shown in Figures 2-8 to 2-28.
Where a proprietary agitator is shown the description of the suitable agitation
duty is taken from the manufacturers sales material without comment and is
marked with an * CHEMINEER and ** LIGHTNIN. It should be noted that

not all claims have been tested in the open literature

2.2.2.5.1 Selection of Radial Flow Agitators

Paddles or flat blade turbines are the simplest designs of radial flow agitators
and have the benefits of being cheap and non-propriety. They are often
preferred for batch duties. Simple 2-blade designs are used in paint mixers at
low transitional Reynolds numbers and have the benefit o f being easy to clean.

A 4-blade version from CHEMINEER is shown in Figure 2-8.

S+4 or Straight Blade Impeller
Favourable Applications: *

A cost effective impeller for operation very near
the floor of a tank for agitating the heel in solids
suspension applications. Also an effective impeller
in laminar flow applications, especially when
impeller Reynolds numbers drop below 50

Figure 2-8: 4 blade-turbine

D-6 or Rushton Impeller
Favourable Applications: *

Good cost effective impeller for low concentrations
of immiscible liquid or gas. Two very strong
trailing vortices are shed from each blade. These
areas of high shear are responsible for breaking the
larger droplets to smaller droplets. Maximum
aeration numbers should be limited to 0.1.

Figure 2-9: 6-blade Rushton-turbine
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CD-6 Impeller
Favourable Applications: *

The CD-6 is a second-generation gas and immiscible
liquid dispersion impeller. The CD-6 can handle about
2.4 times the maximum gas capacity of the D-6
impeller. The CD-6 is similar to the Smith impeller, but
there are substantial power and gas dispersion
capability differences available. This impeller has been
used at aeration numbers as high as 2.1.

Figure 2-10: CHEMINEER CD-6 impeller

BT-6 Impeller
Favourable Applications: *

Highest gas dispersing capability available. Can disperse
nearly six times die gas handling capability of the D-6
or Rushton impeller. Unloads less than the CD-6. In
fact, the unloading is nearly all due to the change in
effective density o f the gassed liquid. The mass transfer
capability is on the order of 10% better than the CD-6.
Unlike many other gas dispersing impellers, the BT-6 is
relatively insensitive to viscosity.

Figure 2-11; CHEMINEER BT-6 impeller

POWER, GAS DISPERSION
AND HOMOGENISATION
CHARACTERISTICS OF SCABA
SRGT AND RUSHTON
TURBINE IMPELLERS

SATTO eta/. (1992)

SCABA 6SRGT Impeller

The Scaba SRGT agitator with six blades when gassed
draws between 1 and 0.8 times the ungassed power in
fluids of low and moderate viscosity respectively.
Under similar conditions, the gassed Rushton turbine
draws 0.5 to 0.4 times the ungassed power. In addition,
some three times more gas can be handled at the same
ungassed power by this SRGT before flooding occurs.
The increased hold-up achieved by the 6SRGT is
commensurate with the increased power input and it is
argued that the potentially extra power available should
be able to give a similarly enhanced kla. The 6SRGT
agitator also gives an equivalent homogenisation
performance to a standard Rushton turbine agitator of
the same size at the same gassed power input. When
gassed reactors are fitted with motors of sufficient
power to be capable of running at full speed when
ungassed, This agitator offers simple retrofitting
possibilities potentially leading to considerably

enhanced performance.

Figure 2-12: SCABA 6SRGT agitator
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R500 SAWTOOTH
Recommended for: High-shear applications with
elements that are difficult to disperse * -

Provides the highest shear of all LIGHTNIN impeller
designs Excellent for high-shear, solid-liquid and
liquid-liquid applications. These are typically used with
difficult-to-dispense pigments

Figure 2-13: LIGHTNIN R500 (Sawtooth) agitator

ChemShear Impeller
Favourable Applications: *

ChemShear Impellers are made in 4 different styles.
Style 1 has the widest blades and style 4 the narrowest
blades. Various processes require different ratios of
shear and pumping. The wider blades pump more, and
the narrower blades have the higher level of shear.
They work well in applications which require
moderately high shear but also some level of pumping.
Many high shear devices are very low in pumping
capability and require an auxiliary impeller to provide
turnover. ChemShear impellers often overcome the
need for an auxiliary pumping impeller. ChemShear
impellers have been wused in microencapsulation
processes producing particles in the 2-micron range.

Figure 2-14: ChemShear Impeller

Vaned disc impeller

Vaned disc agitator viewed from below. Disc prevents
recirculation from above. Used in gas-liquid duties where
recirculation of the gas is deemed undesirable. Can be used
as shown as areflux slinger to distribute reflux to the walls.

Figure 2-IS: 8-vaned disc agitator

PFAUDLER Glass-coated retreat curve impeller

Recommended by vendors for blending and heat transfer,
gas dispersion and suspension, especially useful for
suspension of friable particles. Glass lining enables use in
hostile environments.

Figure 2-16: PFAUDLER Glass-coated retreat curve impeller
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Anchor Impeller

Relative Impeller Size: O f the order 0f95% o f the Tank
Diameter

Favourable Applications: *

The anchor impeller is die most economical laminar flow
impeller. It is most effective in squat batches where vertical
pumping is not as important as m tall batches. Blend times
are somewhat longer than helical ribbon type impellers. It is
die easiest high viscosity impeller onto which scrapers can
be mounted for very difficult heat transfer applications.

Figure 2-17: Anchor

2.2.2.5.2 Selection of Axial Flow Impellers

Single Flight Helical Ribbon with Screw
Relative Impeller Size: Approx. 95% of the Tank
Diameter

Favourable Applications: **

A reasonably efficient high viscosity, laminar flow
impeller. Blend times are about the same to somewhat
longer than the double flight helical ribbon impeller. The
central screw can effectively pull down solids and liquids
from the surface when the helical ribbon is pumping up.
Generally used for applications where viscosities are
ordinarily greater than 30,000 MPa. Heat transfer
coefficients are only slightly less than the double helical
ribbon impeller.

Figure 2-18: Single Flight Helical Ribbon with Screw

A310/A510 (Low Solidity Ratio)

Recommended for low-viscosity flow-controlled
applications **

Varying angle options optimise processes by changing the
impeller diameter/tank ratio Maximizes flow with ability
to add shear options. Standard on the LIGHTNIN LFD
Flocculator

Figure 2-19: LIGHTNIN A310/510 Impeller
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HE-3 Impeller (low Solidity Ratio)
Favourable Applications: *

An extremely efficient turbulent flow impeller for blending,
heat transfer and solids suspension. Most effective for
Reynolds numbers over 50. Developed to minimize the
creation of trailing vortices and incorporating the otherwise
wasted energy into macro-flow.

Figure 2-20: CHEMINEER HE-3 Impeller

A100 Propeller
Recommended for applications requiring moderate
pumping action and powder-wetting capabilities**

Super-pitch design

1.5 pitch ratio for greater mixing capabilities

Standard axial flow

Optional ring guard prevents damage from dip tubes,
temperature probes and other in-tank devices

Figure 2-21: LIGHTNIN A100 Propeller

A200 or 4MFD
Recommended for low- to medium-viscosity, flow-
controlled applications **

Classic 45° pitched blade design. Produces a desirable
balance of flow and shear. The impeller of choice in many

standard applications including solid suspension.

Note these are also produced in six blade versions - 6M FD
and in up-pumping versions denoted as 4MFU and

6MFU, dependenton the number of blades...

Figure 2-22: LIGH TN IN A200 45° pitched blade impeller or 4MFD

CHEMINEER SC-3 Impeller
Favourable Applications: *

The new Chemineer SC-3 Impeller features an
advanced design engineered for deep tanks. It produces
flow characteristics of much larger impellers, without
the added weight, or the resulting loss in pumping
efficiency. The highly efficient SC-3 Impeller’s reduced
weight allows for the use oflonger shaft extensions for
deeper tanks, and resolves associated critical speed
limitations. The use of an SC-3 impeller can produce an
overall agitator cost savings as much as 33%.

Figure 2-23: CHEMINEER SC-3 Impeller
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LIGHTNIN A315 (High solidity)
Recommended for gas-liquid dispersion and mass
transfer-controlled applications**

Can improve mass transfer by 30% compared with
Rushton turbines. Decreases shear rates up to 75%. Can
reduce energy costs up to 45%. Improves yields in shear-
sensitive processes.

Figure 2-24: LIGHTNIN A315

CHEMINEER Maxflo W Impeller (High solidity)
Favourable Applications: *

The Maxflo W impeller, with about 10% more
effectiveness in pumping efficiency, is an improved
version and full replacement impeller for the Maxflo T.
Excellent in abrasive solids suspension, solids suspension
in die presence of small amounts of gas introduced or
generated in-situ, and in boiling or near boiling
applications

Figure 2-25: CHEMINEER Maxflo W Impeller

LIGHTNIN A340
Recommended for up-pumping applications **

Ideal for multi-phase applications, such as fermentation,
polymerisation and hydrogenation High gas induction

from surface.

Controls foaming

Figure 2-26: LIGH TN IN A340

LIGHTNIN A345 (High solidity)
Recommended for up-pumping applications

4-bladed version of A340. More stable for high gassing
operations

Figure 2-27: LIGHTNIN A34S impeller
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APV-B2-30U (High solidity)

Recommended for up-pumping applications

APV version of LIGHTNIN A345. Claimed improved
stability, high gassing factor and low torque fluctuation.

Figure 2-28: APV B2-30U impeller.

2.23 Agitator Power Prediction

The engineer needs to be able to predict agitator power and torque in order to
ensure the desired mechanical energy levels are achieved and for installation of

the motor, gearbox and shaft.

2.23.1 Ungassed Agitator Power Prediction

This is based on the approach developed by Rushton etal (1950). They used
dimensional analysis techniques to show that the agitator power characteristics

in geometrically similar vessels can be expressed as:

p
Po = —r = constant x ReaxFri (2.10)
pN D v

The work of Rushton etal was extended by Bates etal. (1963). Extensive data
in the form of plots of Po versus Re are available in the literature, examples
are Uhl and Gray (1966) and Oldshue (1983). These cover a wide range of

agitators in baffled and unbaffled vessels.

In fully baffled vessels the influence of the Froude number on the ungassed
power number is negligible and the index (b) in equation (2.10) approaches 0.
The Po is constant for homogeneous fluids in fully turbulent flow (Re > 104.
This means that the indices (a) and (b) in equation (2.10) are zero. Hence in

the turbulent regime, the agitator shaft power Psis given by:
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Ps = PopM-D5= 2JtNM (2.11)
where Adis the shaft torque.

In the laminar regime (Re <10) the index (a) in equation (2.10) is —1, whilst (b)
=0. For the transitional regime (10 >Re <10” index (a) varies and the curve is

usually fitted to a polynomial.

A typical power curve for a Rushton turbine is shown in Figure 2-29

AGITATOR POWER NUMBERS FOR SINGLE
6-BLAOEO DISK IRUSHTON) TURBINE

Nb-4. Wt)-T/12. Ws-T/60
H/T-1.0. Zo/T-0.30. S/T-0.70
D/T-0.33. W/O-0.20. L/D-0.25
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Figure 2-29: Power curve for a Rushton turbine. Baffled curve (1) diverges
from unbaffled curve (2) above Re = 300. Below Re =300, baffling does not
effect Po.
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For multiple impellers the power depends on the agitator spacing S. When
S/D is > 1 then the total ungassed Po is generally constant, though not
necessarily equal to the sum of individual power numbers defined for a
“standard” tank. For axial impellers the combined power is usually less than
the sum of the individual power numbers up to S/D — 4. When radial
impellers are set too close together S/D < 1, the total power number can
exceed the sum due to the two impellers acting as one with a combined radial
flow. This is shown in Figure 2-30 reproduced from Bates et al. (1963) and
taken from Uhl and Gray (1966). Here P2is the dual agitator power and P, is
the single agitator power for a flat blade turbine in each case. This figure also
illustrates dual pitched blade turbines draw less power than a single flat blade

turbine.

as SO u

Figure 2-30: Effect of dual impellers on power. From Gray (1966). Reference
power Pi is a flat blade turbine in each case

2.23.2 Prediction of the Power of Gassed Agitators

The prediction of the power for gassed systems is only possible when the

agitator and the process hydrodynamics are understood and predictable.
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Although much work has been done to understand the agitator
hydrodynamics (see Page 41), most o f this work has been done on a relatively
small scale in air-water systems. The data are generally expressed as plots of
relative power demand (RPD), or ratios of gassed to un-gassed power (PG
/PU) versus the Gas Flow Number. Typical plots for a Rushton turbine are

shown in Figure 2-31.

0< . | » » i i i .

0 002 0 04 0 06 0.08 0 10 012
FI = (Q/ND3)

Figure 2-31: Gassing curves for a Rushton turbine in air-water. From
Nienow (1998).

These curves at constant JV illustrate that gas flow number alone will not
correlate the gas power data. The family of curves shown are due to gas
recirculation through the impeller region at higher N as demonstrated by
Bruijn efal (1974). By using a large vessel with a small impeller (effectively
eliminating recirculation through the impeller) they discovered that a single

gassing curve plotted against Fl is obtained for awide range ofN.

For Rushton turbines, the empirical correlation of Michel and Miller (1962) is
often quoted for estimation of the gassed power in turbulent systems. This
correlation is,

( P2N D 45
Pc = 0.721 2.12)

<2905\
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However, Nienow (1998) shows that the apparent success of this cotrelation
is in fact an artefact of the data treatment and is NOT recommended. Quoting
directly, “such an approach can be used to “Correlate” any set of P/ Py: against gas flow

rate, Qg 7] s, data, no matter how different they are, from any inmpeller configuration; or
even if random numbers are used for P/ Py and Q...

2.2.3.3 Power Draw in a Boiling and Near Boiling Reactor.

Smith (1994) investigated agitator power draw in boiling, boiling spatged and
hot spatged reactots. He found that mechanical agitation of boiling liquids is
controlled by cavitation rather than the mechanisms of gas dispetsion. The
relative power demand, (RPD), is higher than would be associated with a cold
gas spatged at a similar volumettic throughout. The work was done on a 0.44
m fully baffled vessel agitated by a 0.18 m diameter Rushton turbine. For
boiling water, with this system, he cortelated his results as:

b
rpp =Fe - | 285 2.13)
P 1]

2 o

where S is the agitator submergence and », is the agitator tip speed. The term
in brackets is defined as a simplified form of the cavitation number. For this
system it was determined that the value of constant &, = 0.74 with the
exponent b = 0.4. The value of the critical cavitation number (above which
the power = P, for this agitator is therefore 2.12. Note that equation (2.13)
has no effect of boiling rate. With a putely boiling system the gas boils where

the system pressure is lowest which is close to the liquid surface and in the low

pressure regions behind the agitator blades (cavitation).

When an inert gas is sparged mnto a boiling liquid, it lowers the temperature of
vapour generation and also shifts the relative power demand characteristic
towards gassed flooding conditions. This is due to vapourisation into the inert

gas bubbles. The temperature drop occurs due to the reduction in the vapour
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pressute in accordance with Dalton’s law of partial pressutes. Liquid
temperature measurement of the boiling sparged system can therefore be used

to estimate the total gas phase loading of the impeller.

Hot (non boiling) gas sparged water systems behave like cold sparged systems
and the power level for the agitation of sparged hot water correlates directly
with the total volumettic flow tate of gas saturated with vapour at the bulk

liquid temperature.

In an eatlier paper, Smith and Smit (1988) claim that when turbine impellers
operate in boiling or nearly boiling liquids the blades develop cavities similar
to those in sparged gas-liquid systems.

2.2.4 Agitator Pumping Rates

Much work has been done on the theory and measurement of impeller
pumping. The detivation of Gray (Uhl and Gray, Chapter 4) (1967) is included
here because of its generality to agitator types and because it links directly the
torque on the blades to the pumping rate and head. Gray used the following
basic principles to obtain a relationship between impeller speed and the flow

rate of flmid:

1) The rate of change of angular momentum of the fluid passing through an

impeller is equal to the torque requited to rotate the impeller

2) The theotetical fluid head induced by an impeller is equal to the static
head plus the kinetic head of the fluid at the exit of the impeller

Assuming the angular momentum of the fluid enteting the impeller is equal to
zero then the rate of change of angular momentum with time of fluid passing

through the impeller equals the torque (M) applied to the fluid by the impeller
blades. That is,

M = Qpawk r* (2.14)
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where @ is the impeller angular velocity = 27N and £, is the ratio of the
tangential flud velocity leaving the impeller to the tip velocity. Thetefore
combining these with equations (2.10) and (2.11) results in,

_PopN’D°  QOprmk ND*

M (2.15)
27ZN 2

In this case,

Po 0

= 2.16
kr® ND® 216
Combining equation (2.13) with (2.4) gives
Po

k= 2.1

TN, 2.17)

The ratio Po/N, was used to define a pumping efficiency by Nagata e 4/
(1958). This reduces to,

Po P ND° P
N, pN’D’ Q pN°D’Q

2.18)

Thus, the ratio is proportional to the power required per unit flow rate of fluid

through the agitator whenp, N and D are the same for all impellers. Although
this statement quoted from Gray (1966) is undoubtedly correct, it does not
truly represent the picture. Consideration of the literature data for Po and N,
shown in Table 2-3, enables for example a comparison of the Kovacs (2001)
data for the Rushton turbine and radial SCABA 6SRGT. Po/ N, is > 2 times
higher for the Rushton implying it takes more than twice the power per unit to
produce unit flow of fluid than the 6SRGT. This is because the compatison is
at the same N and D. However at the same tip speed the Rushton is drawing
more than three times the power as the 6SRGT. Kovics (2001) states that the
Rushton turbine pumps about 20% less fluid than the 6SRGT at the same
power. This 1s only true because the diameter of the Rushton tutbine was
smaller than the 6SRGT in his experiments. It has already been shown that

reducing D reduces pumping at the same power input.
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A fairer comparison is at equal D and equal power. This reduces the speed of

the Rushton in the ratio of (Po(S=/P o (Kdtm)' 3= 0.67 from equation (2.10).

If you do that you find the pumping rates are almost identical, see Table 2-4.

However, even though the pumping rate is the same, the velocity is ~ 40%

higher for the 6SRGT, because o f the higher tip velocity.

This is due to the

more concentrated jet (see earlier, Figure 2-2) produced by the 6SRGT. This

means the jet is more energetic and therefore should be more suitable for

suspending solids than the Rushton turbine. For three-phase duties, where it is

required to disperse gas and to suspend solids, this makes the concave agitator

a much better choice as the main disperser than the conventional Rushton

turbine.

Impeller
Rushton Turbine
Rushton Turbine
Rushton Turbine
Rushton Turbine
Rushton Turbine
SCABA 6SRGT
4 blade 45° PBT
4 blade 45° PBT
6 blade 45° PBT

LIGHTNIN A315
LIGHTNIN A310
CHEMINEER HE-3
CHEMINEER HE-3
CHEMINEER HE-3

Po
52

6
5.2
55
1.84
1.27

1.25
1.7

0.75
0.3
0.3
0.3

0.27

N Q

0.75
0.74
0.81
0.72
0.75
0.52
0.79
0.7
0.73
0.73
0.56
0.41

0.46
0.5

PO/N a
6.93
6.76
741
7.22
7.33
3.54

1.61
1.79
233
1.03
0.54
0.73
0.65
0.54

K
0.70
0.68
0.75
0.73
0.74
0.36
0.16
0.18
0.24
0.10
0.05
0.07
0.07
0.05

Reference
A

m @ O 0O mw m OO mMmOO W

m
*

Table 2-3: Power Numbers and Flow Numbers for various agitators at Re >

10

References: A = Revill (1982), B= Nienow (1998). C= Kovacs (2001), D =
Weetman and Oldshue (1988). E = Myers et al (19%) - Chemineer data, *
agrees with reference F if D /T of 0.2 is chosen. F= Fascano et al (1994) -

Chemineer data for D=7/2 HE-3

In Table 2-4, the discharge rates and velocities are compared at equal D and

equal agitation power. The comparison is on an arbitrary scale applied by
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setting the Revill (1982) Rushton turbine data for pumping and velocity at
unity and comparing all other results with it- It makes an interesting
comparison for it shows that the same agitator diameter and specific power
inputs produces awide range of pumping rates and velocities, dependent upon

the agitator type. Thus the agitator can be tailored to the process requirement

Impeller Po N Q Qp/Qpi Vtip/ Vtip, Hp/Hp, Refs
Rushton Turbine 52 0.75 1.00 1.00 1.00 A
Rushton Turbine 5 0.74 1.00 1.01 1.00
Rushton Turbine 6 0.81 1.03 0.95 097 C
Rushton Turbine 5.2 0.72 0.96 1.00 1.04 D
Rushton Turbine 55 0.75 0.98 0.98 1.02 E
SCABA 6SRGT 1.84 0.52 0.98 1.41 1.02 C
4 blade 45° PBT 127 0.79 169 160 059 D
4 blade 45° PBT 125 0.7 150 161 067 E
6 blade 45° PBT 17 0.73 141 145 0.71 B

LIGHTNIN A315 0.75 0.73 186 191 054 D
LIGHTNIN A310 0.3 0.56 193 259 052 D
CHEMINEER HE-3 0.3 0.41 141 259 0.71 B
CHEMINEER HE-3 0.3 0.46 159 259 063 F
CHEMINEER HE-3 0.27 0.5 179 268 0.56 E*

Table 2-4: Relative pumping rates (Qp/Qpi)> velocities ( Vtip/Vdpi) and
theoretical pumping heads (H p/H pj) at constant fluid properties, constant
power and D for Re * 104 References as for Table 2-3.

Note that at constant fluid properties, constant power and D for Re>104from

equation (2) with base case N, and Po, for disc turbine

NPo —N,Po,
113
Po
N = ’ N,
Po

Qo _ nqN _ nq (Po,
Qp N qgi? NQ1V Po

Relative liquid pumping rates =
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Agitator speed tip speed = ZND

, p 1/3
Relative tip velocity = Viip = ND = N =(&)

Vtip, M Fl Po

From Table 2-4, it might be reasonably concluded that for turbulent blending
duties the low solidity impellets (such as the A10 or HE3) ate the most
efficient, as these give the highest pumping rates compared at equal P/ 1. The
circulation theory of Khang and Levenspiel (1975) claims that mixing is
effectively complete after 5 circulation loops. However, in practice a whole
range of equal D/T impellers in H=T aspect ratio vessels give similar mixing
times at equal P/ 1/ (see page 77). It appears that turbulent mixing occurs in
the universal equilibrium regime of the stitred tank energy spectrum, which is
independent of agitator type. (See section 2.4.1 The Kolmogorov Theoty of
Local Homogeneous Isotropic Turbulence: The Eddy Spectrum)

Gray (1960) related the power draw from an agitator to the theotetical velocity

head (H) according to,
P = QpgH 2.19)
Equation (2.19) is substituted in (2.18) to obtain:

Po — QOpgH  gH
NQ leDZDQ N*D*

(2.20)

Therefore, the ratio is also proportional to the theoretical velocity head of the
fluid discharged if the tip speed (zIND) is kept constant. Howevet, in these
compatisons, the agitator powet number is not constant. Comparisons of the
relative theoretical velocity heads ate also given in Table 2-4. This shows that
compared at equal power, D and fluid propetrties the SCABA 6SRGT and the

Rushton turbines are identical. The axial impellets all produce a lower head.
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2.2.4.1 Effect of D/T on Agitator Pumping Rates and Shear Rates

In the section above, the compatisons wetre with constant D/ T. What happens
when this is changed?

Equation (2.2) shows us that for a given impeller type, the average shear rate
7 depends only on N and not on D.

Oldshue (1983) however, claims that the maximum shear rate at the agitator
tip depends upon the tip velocity and is proportional to ND. His maximum

shear diagram is for shear close to the tip.

Van’t Riet (1975a) found that the maximum shear rate (of the order 90N for a
Rushton turbine in the fully turbulent regime) occurs in the vortices behind
the blades and his data, which fits his proposed model, have been made
dimensionless by dividing the shear rate by N and the radius by D, which
mfers that the maximum shear-rate is independent of D and depends only on
N. It is noted however, that the author did his measurements on a single
agitator hence D was not varied. Also the liquid-liquid dispersion literatute
shows that as D is decteased at constant N the drop-size incteases as shown
by Musgrove and Ruszkowski (2000) who used a silicon-oil in water
dispersion. Their data are reproduced for Rushton turbines in two vessels at
different D/T ratios as Figure 2-32. However, a good cortelation of the same
data can be obtained by re-plotting it against tip speed whete all the data
approximate to the same line, see Figure 2-33. The data of Zhou and Cresta
(1998) also illustrate (in Figure 2-34) that drop sizes can be correlated with tip
speed, for a given type of agitator.

A reasonable assumption is that the equilibrium drop-size is a functon of the
maximum shear-rate, therefore these data suggest that the maximum shear

rates do increase with tip speed as claimed by Oldshue (1983), contrary to the
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argument that the maximum shear-rates are independent of D and dependent

only on N.

T ¢ T/2 0.29m tank
_ = T/3, 0.26m tank
A T/2, 0.17m tank
x T/3, 0.17m tank

Impeller N (1/s)

Figure 2-32: Drop-size data for silicon oil in water agitated with various
diameters of Rushton turbines in two vessels. Data from Musgrove and
Ruszkowski (2000) is shown against impeller speed.
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Figure 2-33: Same data as for Figure 2.32, only this time correlated against dp
speed
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fg ¢ A310 D =0.35Xc¢/D—{
120 m A310 D =0.35X ¢/D—1/2
f 100 * A310 D =T/4, ¢/D- 1
3 80 o HE3 D =T/4, fID =1
* PBT D =T/4, ¢/D-1
40 * RT D —T/A}c/D-1
28 - . o RT D - T/4, ¢/D-1/2
0.0 02 0.4 06 08 1.0 12 1.4 1.6 18 2.0

ND (m/s)

Figure 2-34: Data from Zhou and Cresta 1998 showing drop size correlates
with tip speed for a given agitator type.

If Oldshue (1983) is right by saying that the shear-rate at the tip increases with
diameter at constant N and van’t Riet (1975a) is right to assume that the
maximum shear-rate in the vortex is about 90N and depends only on AT, what
happens on scale up at constant geometry and constant P/ V? N decreases so
maximum shear-rate in the vortex decreases but ND increases so the
maximum shear-rate at the tip increases. This suggests that the tip shear-rate
exceeds the vortex shear-rate at a certain scale?

Is it possible to resolve this paradox by considering the turbulence at the
Kolmogorov length scale (see Section 2.4) which are independent of scale?
The shear rate is related to energy dissipation rates and for water at an energy
dissipation rate of 1 W/kg, the shear rates are 1000 s' at this scale (using the
equations given in section 2.4). This is much higher than the shear rates
proposed by Oldshue (1983) or Van’t Riet (1973). So in essence, for scale-up
at geometric similarity and equal power per unit volume the shear rates
responsible for break-up mechanisms should remain constant However, a
further study of the liquid-liquid literature indicates that average energy
dissipation rates do not correlate drop sizes either between agitators or scales.
In fact, scale up a geometric similarity and equal average energy dissipation
per unit mass results in decreased drop sizes on scale-up as found by

Colenbrander (2000) and by Musgrove and Ruszkowski (2000). Even more
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remarkable, they found the so called low shear impellers such as the
LIGHTNIN A310 produce smaller drops than the supposedly high shear
Rushton turbines when compared at equal mean enetgy dissipation rates. A
better cortelation is found when the maximum energy dissipation rate in the
agitator region is used. Howevet, this does not altogether cottelate different
types of impellers as shown by Musgrove and Ruszkowski (2000). In order to
obtain a good cortelation these authors found that a local per-blade
dissipation rate had to be used. The smaller drop-size for the 3-blade
hydrofoils was explained in terms of the energy dissipation per blade, which
was higher for these impellers, because they had fewer blades.

It would appear logical then that changing D/T at constant powet changes
both the average shear and the maximum shear in the vessel. The maximum
shear-rate however, also depends on the head, which from equation (2.19) is
proportional to P/Q. Thus for given powet a small impeller will produce a
compatatively high shear (low (), whilst a large impeller will give more flow
but less shear. The pumping to the velocity head can be telated by linking
equations (2.3), (2.4) and (2.19)

For a given agitator type in a given fluid:
P oc N'D’ oc QH o< ND’H

N'D’ecH

ON/D «<H

Thus, £ oc D (2.21)
H N

QO/H is also proportional to (D/T)Y*’ at constant power. Therefore, for
example, halving the D/T fot the same power results in the rato Q/H
decreasing by a factor of 0.5*”* = (.157. This means that altering either D/T
for a given agitator or alternatively changing the agitator type can adjust the

ratio of pumping to fluid shear rate. On scale up at geomettic similarity and
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constant power per volume, D increases and N decreases therefore O/ H must

increase.

In order to choose the best option of impeller type, impeller speed and
diameter for a given duty it is necessary to focus on the duty. Lots of
applications, such as blending and suspension, can be argued to rely mainly on
flow. Thus agitators producing high flow with a low head would be most
efficient for this duty.

Applications relying on shear for particle drop or bubble size reduction,
require high shear. Providing the total contacting time is sufficiently large, and
there is no agglomeration or coalescence involved, then the highest shear is
the optimum requircment as eventually all the material will pass through the
high shear region. When break-up and coalescence are involved, then an

optitnum may exist between maximumn shear and citculation time (flow).

For gas-liquid mass transfer using the sulphite oxidation method (where salts
will inhibit coalescence) Oldshue Chapter 13 (1983) claims that the optimum
D/T for the most enetgy efficient transfer depended on the specific energy
input and the gas-liquid hydrodynamics. According to these data, low energy
inputs and large gassing rates (gas dominated) are favoured by large D/T
agitators. This is because in this case flow is the most important factor. This
seems highly sensible. As agitator energy inputs are incteased and we move to
agitator-dominated conditions the 4 is increasingly favoured by the higher
shear from the smaller D/T agitators. At very high P/1” thete is so much
energy it is irrelevant how it is supplied and all D/T ratios ate equally efficient.
This all looks very plausible. Howevet, this literatute seatch has not revealed
any other ctedible claims that D/T is impottant to gas-liquid mass transfer in
low viscosity fluids. Most experimentets claim that it is P/ that counts, not

the agitator, provided the gas is fully dispetsed.

If the system had been highly coalescing a different pattern may have emerged

as the time spent outside the high shear area would then have a larger
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significance and the optimum balance between break-up and coalescence

requites an optimum balance between citculation and sheat.

The biggest cost driver in the selection of agitation equipment is torque. High
torque means thicker shafts and large geatboxes. Therefore, given a choice,
the agitator manufacturers will invariably offer to supply the lowest torque
equipment for a given duty in ordet to be competitive, even if the option uses
more powet. However, for gas-liquid-solid duties flow is very important and
remembeting agitator flow/unit volume decreases with scale-up then larger
D/T’s ate often a much safer option. When consideting options, the cost of
any extra powet over a reasonable life span of the equipment should also be

considered.

For many design applications, equivalence between shear rate and the time in
the high shear zone is assumed. For processes whete both shear and
circulation are important it would be useful to quantify whether a shorter time
in a high shear zone is as beneficial as a longer time in a lower shear zone for a

given total energy input.

Comparing a single impeller type at different options of D/T and agitation
speed is relatively easy. However, when a different agitator type is involved it
becomes mote difficult as the power number needs to be taken into account
and a suitable basis of compatison needs to be defined. Oldshue, Chapter 8,
(1983) suggests that the best evaluation would be to compate torque, powert,
flow, flow/power etceteta on the bases of maintaining say flow and agitation
speed (or any other parameter) constant. He produced a useful table showing
the functional relationship of variables for a range of bases in his Table 8-4

and this is a useful reference when consideting options.

2.2.4.2 Effect of Gas-phase and /or Solid-phase on Agitator Pumping
Rates

Techniques successfully used to measure the mean and fluctuating velocities

close to the impellers and in the bulk of the vessel are shown in Table 2-5.
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Laser Doppler Anemometry (LDA) is now the most widely used tool. Othet
techniques such as Patticle Image Velocimetry (PIV) and ILaser Induced
Fluorescence (LIV) ate becoming increasingly common. None of these
techniques lend themselves readily to evaluations at high phase fractions of gas
ot/and solids. Therefore data to evaluate the effect of the 2™ phase on
pumping are scarce and limited to low phase fractions.

Technique Literature examples
Streak photography Sachs and Rushton (1954)
Cutter (1966)

Neutrally buoyant flow followets to Bryant ef a/. (1979)
measure circulation times;

Middleton (1979)
Example: radio pil by Nikiforaki ef al. (1999)
Hot Wire Anemometry (HWA) Bowers (1965)
3-D Pitot tubes and Hot Film Nagata ez al. (1975)
Anemometry (HFA) Fort and Mala (1982)
Van der Molan and van Maanen
(1975),

Laser Doppler Anemometry (LDA)
Dyster ez al. (1993)

Jaworski and Nienow, (1994)
Patticle Image Velocimetry (PIV) Wittmer ef al. (1997)
Laser Induced Fluotescence (LIV) Distelhoff and Marquis (1999)

Table 2-5: Techniques successfully used to measure the mean and
fluctuating velocities close to the impellers and in the bulk of the vessel

Many workers have suggested that the effect of gas on the pumping rate is
propottional to the decrease in power. Tragardh (1988) and Bakker ef 4l
(1991) assumed, O./Q = P./P,. This seems unlikely since velocity profiles
are normalized using tip speed and since power is proportional to N’ then Q is
proportional P’ and you therefore would expect a more reasonable estimate

to be,
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13
P,
_Q_G_ = [__EJ (2.22)
Q0 \L
Patterson (1991) treported some experimental results for a Rushton turbine at
vety low gassing rates, Flg= 0.015, whete only a small effect was seen on the
impeller power number and also found only a small effect of the gas on the

radial discharge velocities. However, he did find a greater effect on velocities

away from the agitator, particulatly above the agitator near the tank wall.

Rousar and van den Akket (1994), following Tragardh (1988) and Bakker ef 4/
{1991), suggested that that the liquid flow rate with gas is kinematically similar
to that without gas and can be related at any point in the vessel to the relative
decrease in power due to gassing according to,

Yo (-ﬁc—)ﬂ (2.23)

u; B,

whete #,and # denote local velocity components under gassed and ungassed

conditions. From theit LDA results they found that at the impeller tip:

P 0.34
Tias = 0.747] =6 (2.24)
#,, b

where ##,,.is the maximum radial velocity. The exponent on equation (2.24)
agrees with what was predicted by equation (2.22). They further found that the
mean and mms velocity profiles at the impeller tip all fall on one curve for all
single and multiple impellets providing that the relative power draw of each
impeller is considered. In the bulk, close to the impeller, similarities of liquid
velocity profiles were observed and the velocity profiles, at various agitation
and gas-rates, can be compressed into a single curve with the scaling factor
(P./Py)"”. In regions far from the impeller, the bubble swarm was found to

drastically affect the liquid flow patterns.

Warmoeskerken e 4/ (1984b) studied the effect of solids on the Rushton

turbine hydrodynamics, using a strain gauge vane sensor close to the agitator.
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Using sand, in the range 0.1 to 5% by mass, of size range 80% between 100 —
160 pm, they report no measurable effect on the formation of gassed filled

cavities on the gassed power demand.

In the heterogeneous regime, solid particles supplant small gas bubbles in the

dense phase (see Section 2.3.2). This must affect the agitation powet.

Harrop ef al. (1997), found that solids can increase the liquid mixing time by a
factor of 6 for a LIGHTNIN A315 impeller, when operation is below Ny, at
sand concentrations between 10 and 20% by mass. This is due to a zoning

effect when a solid-liquid intetface is present.

Pantula (1997), found that the increase in speed requited to re-suspend solids
when gas was introduced was related to the torque. It is claimed that the
agitator torque required to suspend the solids is independent of the gassing
rates for radial turbines and up-pumping pitch blade turbines. This did not
wotk with down-pumping turbines, ptesumably because the liquid and gas
flows are in opposition. Chapman ez 2/, (1983) found that down pumping pitch
blade turbines were unstable when gassed from below and inefficient at

suspending solids under these conditions.

2.3 Hydrodynamics

Both the agitator and bubble hydrodynamics ate considered.

2.3.1 Agitator Hydrodynamics under Gassed Conditions

Until recently, radial flow disc turbine agitators were generally recommended
for gas-liquid operations. It is therefore not sutprising that most of the
literature data for the effect of gassing concerns the Rushton turbine. The

introduction of gas into a Rushton turbine agitated system is accompanied by
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a large reduction in the powet drawn by the agitatot, as illustrated ecatlier in

Figure 2-31.

Until the eatly 1970’s it was believed that this power reduction was due mainly
to a teducton in bulk density of the fluid. Indeed, many agitaton
manufacturers still design agitators on that premise. Valentine (1967) and
Rennie and Valentin (1968) produced photogtaphs of attached gas bubbles
behind the nioving turbine blades and described the twin tralling vortices. The
modern conception of the flow around turbine blades has tesulted from the
detailed studies by a number of workets, notably; van’t Riet and Smith (1973),
van’t Riet 7 @ (1975a and b), Smith (1985 and 1988) Warmeoskerken ef al.
(1984 and 1985) and Nienow and his co-workets (1978 and 1985). As a result
of this work the importance of the trailing roll vortexes formed behind the
blades of the rotating turbine is now fully appreciated. These vortexes are

shown schematically in Figure 2-35.

In tutbulent flow high shear rates (up to 90 N) are found within these vortices,
van’t Riet (1975a). This is an order of magnitude greater than the average
shear rate in the vessel. When gas is introduced into the system, the centrifugal
forces cause it to migrate to the low-pressute area inside the vortices. It then
travels along the vortex cote until it is expelled at the end as small bubbles as
shown in Figure 2-35. Thus, provided the centrifugal forces are sufficient to
overcome buoyancy effects, a gas filled cavity is formed. The minimum
Froude number at which stable cavities can form, was found by Smith and
Warmeoskerken (1985) to be 0.045. A number of distinct cavity regitmes have
been identified as shown in Figure 2-35 and Figure 2-36.

These are claimed to coincide with different identifiable hydrodynamic
regimes.

Three hydrodynamic regimes ate of patticular importance and these are
shown in Figure 2-37. These are:

Flooded, loaded and complete dispersion.
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Figure 2-35: The vortex structure and cavities behind the blades of Rushton
turbines from van’t Riet ezal (1976)
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Vortex Clinging "3-3" Ragged
Cavities cavities structure cavities
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Figure 2-36: Change in the cavity regime with increasing air rate for a
Rushton turbine in low viscosity fluids from Nienow (1985).
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Figure 2-37: The flooding - loading —complete dispersion transitions for a
Rushton turbine from Nienow etal. (1985)
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Figure 2-38: Power curves at constant Qg for a Rushton turbine from
Nienow ct sU (1985)

The flooded regime (Figure 2-37a) corresponds to the operating region in
which a large part of the gas bypasses the agitator and breaks through the
surface as large bubbles around the impeller shaft This regime is gas flow
dominated and should obviously be avoided. It can result from increasing the
gas rate (j2c) at constant stirrer speed (N) or decreasing N at constant In
this regime ragged cavities are formed. At high superficial gas velocities the
flow patterns are not as shown in Figure 2-37a as the energy input from the
gas is considerable and hence the gas may be recirculated throughout the
vessel, as shown in Figure 2-37c. However the regime can still be recognized
as flooded, since observation o f the surface indicates bypass with gas spouting

up near the centre.

Loaded regime (Figure 2-37b): Increasing N, or decreasing causes more
ofthe gas to be distributed outwards. The loading point is defined as the point
at which all the gas is just distributed, flowing out horizontally to the walls

before rising in bubble column type behavior. This region is agitator

45



Literature Reviews

dominated. Note there is no circulation of the gas into the bottom loop at this
stage. Nienow e 4/ (1985) found that the increase in gassing rate, which
caused a transition from loading to flooding, is accompanied by a change from
3 latge plus three small clinging cavities to 6 tagged cavities for D/T of < 0.4.
At this transition thete is a step increase in the power drawn. When D/T =
0.5 the transition is from clinging to ragged cavities, accompanied by a step
decrease in the power drawn. The flooding-loading (F-L) transition was found

to occur at,

35
Fl, = 30(?) Fr, (2.25)

“It is likely that this transition is dominated by the Froude number and will be
approximately the same for all fluids” Nienow (1998). Howevet, vety tiny
bubbles will be dispetsed at very low agitation rates and when these are
present the “flooding-loading” transition is not easy to define. Note that for
constant (J; and T it is easily shown that Ny, o« D* so, since power is o
N’D’, then substituting D for N gives that power to overcome flooding as o
D™’ D’, which is also e to D*’. Thus a small (D/T) agitator will require more
power to overcome flooding than one with a large (D/T). A similar analysis
shows that scale-up at geometric similatity and constant P/ 1" means a greater
likelihood of operation in the flooding region, i.e. mote powet is requited to

avoid flooding on a larger scale.

Complete Dispersion N5, (Figure 2-37c): After loading, further incteases in
N will eventually result in circulation of gas throughout the region below the
impeller and recirculation of gas through the impellet. The point at which gas

is distributed to the base of the vessel is called the complete dispetsion point
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(Ngp)- This transition depends largely upon the mean bubble size and one
would not expect it to be generally cotrelated by a simple Froude number
relationship. For very tiny bubbles the complete dispetsion point can coincide
with the loading point whilst for large bubbles the speed will have to be
increased considerably above Np;; to obtain complete dispersion.

Nienow ¢f a/. (1985) for Rushton tutbines in ait-water found that,

Flg, = 0.2(D/T)* Fr® (2:26)

Equation (2.26) was analysed in otder to judge the effect of D/T. This analysis
gives Ny, o< D? and power for compete dispersion is oc D”. This means that it
requites less energy to obtain complete dispersion with a larger impeller at a
given scale. Combining equations 2.11 and 2.26 also shows that more specific

energy is requited to achieve complete dispersion on a geometrically similar

larger scale.

The cavity formation maps at two scales in Figure 2-40, illustrate the effect of

scale on the flooding-loading and the loading-complete dispetsion transition.

Gross recirculation of gas N, (Figute 2-38): Further increases in IN above
CD, at a fixed gas rate, results in an increasing amount of gas recirculating
through the impeller and a cortesponding tise in power draw. This tise in
power peaks at Ny (see Figure 2-38). The power then statts to fall again as
gross recirculation occurs giving a well mixed gas phase. The peak Ny has
been defined as the onset of recirculation by Nienow ¢f @/ (1978) and for

standard vessels containing Rushton tutbines in air-water systems as,
Fl, = 13(1:'1‘)?l (D/T)? (2.27)

Analysis of this equation for constant (. and T gives Ny oc 7/D’and P o< D7,
which means that you need more power to achieve N, with a smaller agitator.

Scale-up at constant geometry and I'TM results in Q. o< D’ and gives;
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NR o D# As power per unit volume, with geometric similarity, is

proportional to N 'D2then substituting for N Rresults in P/\ ' oc (DJ4)3x D 2-

iyis which implies that more power is required to achieve recirculation on

scale up.

Van't Riet etal. (1976) compared gassing curves with and without recirculation

to estimate the ratio of gas recirculation. See Figure 2-39.

They defined an external distribution coefficient (alpha) as

a = 22 (2.28)

where (91is the recirculating gas volume andj2 is the sparged gas volume.

They estimated alpha for a number of different agitators on 2 scales. They
reported alpha factors up to 3, i.e. three times as much “old” gas as fresh gas

recirculating through the impeller.

1.0

r oyND

without
— 05

i with recirculation

Gas flow number

Figure 2-39: Calculation of coalescing recirculating gas flow. From van’t
Riet etal (1976)
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Nienow ¢ al. (1979) used a tracer technique to estimate alpha factots for a
standard disc turbine agitated vessel and found that the volumettic flow of
recirculating gas through the impeller can be > 3 times the spatged gas flow.
This has implications for gas-liquid mass transfer dtiving force when inetts are
ptesent and the outlet concentration of the “reactant” gas species is

significantly below the inlet concentration.

Smith and Smit (1988) acknowledge that the distinctions between some of the
cavity regimes are not as clear-cut as ecatlier wotk suggested. They identify 4
regimes of importance desctibed by the following equations,

a) Minimum Froude number for the retention of stable cavities.

Fr= 0.045 (2.29)

Note from equation (2.8) this is equivalent to 0.9 “g” so this makes some sott
of sense. Until the “g” force approaches unity, you would expect gravity to
dominate. Note also that this defines a minimum gas loading point for any
agitator, because until the agitator “g” force approaches unity gravity will

dominate and under these circumstances the agitator must be flooded.

b) The maximum gas flow at which clinging-vortex cavities can be maintained
This is the 3:3 cavity — clinging vortex cavity transition line and is given by,
Fl,, = 0.0038(Re*/Fr) **“(T/D)* (2.30)
¢) The maximum gas rate that can be recirculated through the vessel

This defines the loading-complete recirculation transition and is described by
equation (2.26).

d) The Maximum gas flow that can be handled without flooding the impeller
This is the flooding-loading transition and is given by equation (2.25).

These ventilated cavities can give rise fluctuating forces on the shaft. Shedding

of cavities from the agitator blades can also lead to large torque fluctuations
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and mechanical vibration, which in some cases can be severe, Chapman e a/.

(1983), Cocke (1989) and Nienow ef a/. (1994).

Pearce and Thomas (1990) have obsetved the structute of these shedding
cavities and measured the force transients. By fitting a drag force transducer to
a Rushton turbine blade they identified large amplitude bursts in the time
record. They used these butsts to trigger flash photographs that showed that
they were caused by the ruptute of large bubbles attached to the blade.

Nienow ¢ al (1985) and Warmoesketken and Smith (1985) used
dimensionless flow maps based on the equations given above to show the
operating regime. Flow maps are constructed using equations 2.25, 2.26, 2.29
and 2.30 in Figure 2-40 for D=T/3 Rushton tutbines on two scales. Note how
the scale up at equal P/1” and V"M moves the cutves upwatds, so that the
transitions occut at a higher specific power on the larger scale. This illustrates

the increasing likelihood of operating under flooded conditions on scale-up.

The gassing (P/P) depends upon the type of gas cavities formed hence
prediction of these aids gassed power prediction. As far as satisfactory
opetation is concerned the most important transition is the flooding-loading
transition as operation under flooded conditions is not desirable. The
equations used to construct the flow maps are claimed to be scale
independent, though there is no evidence to suggest they have been tested at

scales above 1.83 m vessel diameter.

The data used to detive equation 2.25 from Nienow ef 4. (1985) is
reconsidered here. These authots found that the flooding-loading transition
for a given Rushton turbine D/T could be desctibed by the equation:

Flp; = a constant x Fr.; whete the constant depended upon D/ T only.

A plot of these constants versus D/T on log: log axes produced an
approximately straight-line graph, which was interpretated as equation 2.25.
The data that constituted this analysis is represented here as Table 2-6. The fit

of equation 2.25 to the data is poor in some cases. For a D/T of 0.5 the
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experimental constant was 4.7, whilst equation 2.25 predicts a constant of

2.65.

O f the form given by equation 2.25, the overall constant taking an arithmetic
mean is 33 (10% higher than that given) with a standard deviation of 12. In
fact a power law fit of the experimental constants versus D /T produces a
much better fit to (D/T)4 rather than (D/T)35. These discrepancies are

discussed in greater detail in chapter 7.
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Figure 2-40: Flow maps for a gassed Rushton turbine, D= T /i, at two scales
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FlrL = constant x FrrL Constant
D/T constant from predicted constant/(D/Ty*
Nienow ef a/ (1985) by Eq 2.35
0.220 0.13 0.15 26.03
0.220 0.17 0.15 34.04
0.333 0.48 0.64 22.46
0.400 1.20 1.21 29.65
0.500 4.70 2.65 53.17
Average 33.07
Stdev 12.03

Table 2-6: Analysis of flooding-loading data from Nienow et al (1985)

The Rushton turbine has been used as an example in this section to show the
complications of dispersed flow around agitators. Similar literature is available
illustrating cavity structure and flow around other agitators and selections of

such references are shown in Table 2-7.
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Reference Agitators Key Measurements
'~ source

For 3-phase
Just suspension speed
Flow patterns

- . Hydrodynamics

a g
Bujalski oral (1988) | 4 POT uppumpingand | np o N,
OWﬂ-p!J.ﬂJPlﬂg

Power numbers
Up-pumping recommended for
gassed solid suspension

Bujalski er 2/ (1990)

450 up-pumping PBT

#&; a similar to Rushton at same
power and gas.

Mixing, Power, & 4

Vax:iot}s including ICIA Gasfoil £, 2 and mixing similar to RT
Cooke ef 2/ (1988) Gasfoil, non-Newtonian when compared at the same size and
Model fluids power.
Flow,
Power Numbers
Gassing factors
Four and six blade SCABA | T - characteristics
Saito et a/ (1992) SRGT compared with a Scaba has higher gassing factor and
Rushton turbine handles 3 times the gas befote
flooding than RT

4-blade SRGT suffers from flow
instabilities.

Dawson, MK, (1991)

Rushton turbine and
Intermig comparisons in
non-Newtonian liquid

Fluid dynamics and kra

Higher £, 2 with Intermig at same
Power and gas due to lower
appatent viscosity

Hari-Prajitno (1997),

Single and dual hydrofoil
impellers pumping up and
down. APV B2-30 and B2-45

Power characteristics and mixing
time. Found that dual APV gave
lower relative power fluctuations

Gezork et o/ (2001)

compared to LIGHTNIN than the A315 and Rushton turbine
A315 and also gave a shorter mixing time.
Mass Transfer and hold-up 44, Gas-liquid hold-up, in

characteristics in a gassed,
stirred vessel at intensified
operating conditions

homogeneous and heterogencous

regime

Table 2-7: Some literature comparisons of agitators
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2.3.2 Bubble Hydrodynamics

Gas-liquid systems are generally classed as coalescing or non-coalescing. Low
viscosity pure fluids liquids are generally coalescing system and as such the
bubbles created in the agitator region coalesce as they move to less energetic
regions away from the agitator, decreasing surface area. Coalescence requires
bubbles to come into close proximity; hence coalescence rates increase with
increasing gas-liquid hold-up. This means that coalescence i1s enhanced in
regions where gas hold-up is highest, for example in a recirculating flow due to
gravitational effects. In the first instance the rate of coalescence is dependent
upon liquid surface properties. Aerated sutfactant solutions or salt solutions
have a highly polarised gas-liquid interface; therefore two approaching bubbles
have to overcome a higher energy level before coalescence can occur. When a
solute is present at the interface, stretching of the film as it thins may set up
interfacial tension gradients sufficient to prevent any further stretching (Lee
and Meyrick (1970) thereby inhibiting coalescence.

In dispersed gas-liquid flow two regimes are possible, the homogeneous or
bubble regime and the chum-turbulent or heterogeneous flow regime. In a
bubble column the transition from bubble flow to heterogeneous flow occurs
when the supetficial gas velocity exceeds the rise velocity of the bubbles in the
bubble regime. At this stage local gas concentrations are so high that the
excess gas coalesces into larger bubbles to satisfy the matetial balance. The

literature on this subject is considered in mote detail in Chapter 5.

Krishna and Ellenberger (1995) and De Swart and Krisna (1995), studying

bubble columns confirmed the transition criteria and found that for the:

e  Bubble regime the bubble sizes are small and controlled by the
physical properties of the liquid and gas.
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* Heterogeneous regime, the fractional hold-up of small bubbles
(dense phase) is fixed and increasing the superficial gas velocity only
increases the fraction oflarge bubbles.

* In the heterogeneous regime, solid particles supplant gas in the
dense phase on avolume fraction basis. Hence, the total volumetric
hold-up of solid plus gas remains constant in the dense phase.

Gezork et al. (2000) showed similar behaviour in mechanically agitated gas-
liquid dispersions. For a mechanically agitated vessel the transition to the
heterogeneous regime may occur before the superficial velocity (/\) equals the
dense phase rise velocity due to gas recirculation. They found the transition
for the 6RT and 6SRGT impeller, when operated at almost complete
dispersed gas conditions, to be largely dependent on the solution used.
Transitional gas velocities of rfi~0.03 m/s for the non-coalescing 0.2 M
Nazs 04 and rme~0.04 m/s for the coalescing water were found. This
compares with typical values of m/s for air-water, shown by

Krishna etal (1995). A schematic o f the transition process is shown in

Figure 2-41.

Figure 2-41: Homogeneous a) and heterogeneous flow b), c) and d) in a
gassed, stirred vessel. From Gezork etal. (2000)
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Gas-liquid hold-up is controlled by bubble size, bubble sise velocity and
bubble recirculation. Only vety small bubbles of diameter £ 1 mm are
sphetical. The telationship between bubble size and shape 1s given in Table
2-8. The equivalent diameter of ittegular shaped bubbles is defined in terms of

the volume:
1/3
4, = [ﬁ) (2.31)
T
Equivalent diameter (mm) Shape
<1 Sphetical
>156 Oblate spheroids
>6<17 Irregular ellipsoidal
>17 Sphetical cap

Table 2-8: Bubble shape versus size in free rise. From Valentin (1967)

Pictures of air bubbles in tap water are shown in Figure 2-42 that illustrate the
non-sphetical nature of the bubbles.

The change in shape with size has implications for the bubble drag
coefficients and free-rise velocities. Experimental data for terminal free rse

velocities of air in water are shown in Figure 2-43.
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Figure 2-42: Air-water bubbles in 0.91m diameter vessel, agitated with a
Rushton turbine of diameter D —T/i
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Figure 2-43 Terminal velocity for air-bubbles in tap water as a function of
bubble size, (Haberman and Morton, 1956)
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24 Turbulence

Anyone who has flown has almost certainly experienced turbulence.
Nevertheless, it is a difficult thing to define. A quote by Lewis Richardson,
erstwhile professor of mathematics: [summarising his paper “The supply of

energy from and to atmospheric eddies” 1920] sums it up poetically,
Big whorls have little whorls,

That feed on their velocity;

And litde whorls have lesser whorls,

And so on to viscosity.

To understand turbulence its properties need to be considered.
* Turbulence is aproperty of flow atlarge Reynolds numbers.

*+ The random nature of turbulence makes it necessary to describe it in

statistical terms.

» Turbulence is rotational and three-dimensional. Deformation occurs
by the utilisation of turbulent kinetic energy through viscous shear

stresses and requires a supply of energy to be maintained.

* Turbulent diffusion enhances rates of heat, mass and momentum

transfer.

. Turbulence is described by the equations of fluid dynamics.

Turbulence in fluids is charactered by three-dimensional random fluctuations
in velocity as observed at a single point (whether fixed in space or moving
with the fluid). It is usually measured using LDA or HFA techniques (as

described in section 2.2.4.2).

From Nienow (1998), for a statistical description, the motion is commonly

described in terms ofits deviation from the time average values, so that,
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n,=ut+u (2:32)
whete

1
H== | u,dt (2.33)

in which #1is large, with similar expressions for »and win the yand g direction.

Homogeneous turbulence is when, at all points in the system, the same time

averaged fluctuations occur at all points.

Isotropic turbulence at a point is when deviations ate similar in all directions,

averaged in time and using a root mean square for the averaging.

The specific mtensity of tutbulence, I, is defined in tetms of these vatiations

such that, for the case when the mean flow # is in a defined direction, then

I= @2.34)

-2 -2 —2

H =y =y

and
—_2
u

7N )t (2.35)
U u

Turbulent flow also gives rise to turbulent Reynolds shear stresses due to the

interaction between velocity fluctuations in different ditections, that

is,~ puv . This product relates to the transfer of momentum due to

turbulence, just as viscosity transfers momentum due to velocity gradients in

laminar flow. There are two other tmrbulent shear stresses — pxw and

ey 2

— -2 2 G
— pv w and three normal stresses, p#  pr andpw .
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By suitable treatment of the data from a hot film or laset Doppler
anemometer, micro and macro scales of turbulence as well as local energy

dissipation rates can be obtained.

2.4.1 The Kolmogorov Theoty of Local Homogencous Isotropic
Turbulence: The Eddy Specttum

The complexity of the turbuie.nt flow in stitred makes analysis difficult.
However, Nienow (1998) states that provided the Reynolds number of the
main flow is high enough, the Kolmogorov (1941) theory of local
homogeneous isotropic tutbulence can l;e used to give some insight into its
structute, and has therefore been used extensively for the analysis of stirred
reactor problems. Turbulent motion can be considered as a superposition of
a specttum of velocity fluctuations and eddy sizes on an overall mean flow.
The large ptimary eddies have large velocity fluctuations of low frequency and
are of a size comparable with the physical dimension of the system, for
example, the impeller diameter D (see Figute 2-44). These eddies are non-
isotropic and contain the bulk of the kinetic enetgy. Interaction of the large
eddies with slow-moving stteams, produces smaller eddies of high frequency
that further disintegrate until finally they are dissipated into heat by viscous
forces. There is a transfer of kinetic energy down the scale from larger eddies
to smaller eddies, the directional elements of the main flow being

progressively lost in the process.
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Figure 2-44: Kolmogorov eddy size spectrum
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Figure 2-45: Turbulent Energy Spectrum

Kolmogorov’s first hypothesis was that, for large Reynolds numbers in any

flow system, there is a range of wave numbers (k) where all statistical
quantities are functions of the energy dissipation rate /unit mass, £r and the
kinematic viscosity (I* only. This range is known as the viscous subrange.
The eddies are independent o f the bulk motion and are locally homogeneous
and isotropic in the viscous subrange.

The Kolmogorov length scale Xkoccurs where inertial and viscous forces are
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in balance, that is, the eddy Reynolds number (Re,,) for the Kolmogotov
length scale is unity,

Re, =4y, /v=1 (2.36)
The condition A < 4,is the viscous subrange.

Kolmogorov’s second hypothesis was that, when the Reynolds numbet is vety
high, there is anothet range of wave numbers above 4, where the eddies are
still small enough so that locally the tutbulence remains homogeneous and
isotropic. However, these eddies are still too latge to dissipate energy by
viscous forces. This range is known as the inertial subrange. Together with the
viscous subrange these make up the universal equilibrium range. Eddies in the
inertial subrange receive energy from the larger eddies and then pass this
energy to the small eddies in the viscous subrange whete it is dissipated as

heat. Figure 2-45 shows this sttucture.

From dimensional reasoning, Kolmogorov proposed the following velocity,

length and time scales,

v, =(ver)'" 2.37)
A=/l (2.38)
T, =(v/&)” (2.39)

and the shear rate is,

Ve=0, /A= (&r /v)llz (2.40)

For an energy dissipation rate of 1.0 W/kg in water, equation (2.38) gives:

A, = (10"%/1)"* = 32 microns with a shear rate of (1/10%* = 1000 s at the
Kolmogorov length scale.

For the inertial sub-range, A > 4, the enetgy is a function only of the wave-

number and the energy dissipation rate and is independent of viscosity, so
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again from dimensional reasoning,
2, = [(&rA) = (& 1) @41)
and the shear rate is,

Ye=0u/ = f(erh) = (er /’12)]/3 (242

Kolmogorov also postulated the following specttum law for the inettial

subrange

E(k) = constant.£** £ (k<<1/ A,) (2.43)
For the viscous subrange, 4, > 4,

v, = f(evh) = A /) (2.44)
and the shear rate is,

Ve = (e X /v?) (2.45)

By implication, Nienow (1998) points out that processes which ate
particularity dependent on turbulent eddies and theit associated fotces are
likely to be well correlated by energy dissipation rate. Gas-liquid mass transfer
rates, liquid-liquid drop sizes and gas-liquid hold-up fall into that categoty.
However, processes which are dependent on the non-isotropic main flows
and for which the non-homogeneous nature of stirted tanks tutbulence is
significant, for example, the flow rate of air that an impeller can disperse, are

not well correlated that way.

Komogorov (1949) and Hinze (1955) applied the theory of isotropic
turbulence to the prediction of the maximum drop-size in non-coalescing
liquid-liquid dispersions, for drops of low viscosity, whose diameters fall
within the inertial subrange of turbulence. This expression is,

6

i =C.o"%ep. " (2.46)
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or expressed as a Weber number this gives,

dﬂ
-5 =G We ™ @47)
21y3
where C_ and C, are constants and W e = pN"D .
o

It was however found that this equation does not scale as predicted.
Podgotska and Baldyga (2001) argue this is due to the phenomenon known as
“fine-scale intermittency” ot the multi-fractal theory of turbulence based on
scaling invariance of the Navier Stokes equation as developed by Frish and
Parisi (1985). The effect of mtermittency on the break-up rate was deduced by
Baldyga and Podgorska (1998). They used their model to predict the effect of

scale-up for 4 different scale-up criteria:
e Equal power per unit mass and geometric similatity.
¢ Equal circulation time and geometric similarity.
® Equal power per unit mass and equal circulation time
® Equal tip speed and geometric similarity.

They did this for two cases, fast and slow coalescence.

Their predictions would indicate it is better to scale up at equal power per unit
mass, though the drop size is predicted to increase slightly with scale up by
this method, even for the equal circulation time case. Equal circulation time
and equal tip speed both predicted very different drop-sizes on scale-up.

How do these predictions match with experiments?

Colenbrander (2000) and Musgrové and Ruszkowski (2000) both repott drop
sizes decrease on scale-up at constant powet petr unit mass. Also equal tip
speed scales well for a single agitator type. See Figure 2-33 and the data of
Zhou and Cresta (1998) that was reproduced in Figure 2-34. In fact in otder to
correlate drop-size with energy dissipation rates for a range of agitator types,

Musgrove and Ruszkowski (2000) found they had to consider the maximum
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energy dissipation rate per agitator blade. From this it is concluded that
although the intermittency theory helps explain the shortcomings of the
Komogorov (1949) approach to drop size prediction, it is insufficiently
developed at present to predict accurately the effect of scale and agitator

selection on drop-size distribution.

Podgorska and Baldyga (2001) have used the intermittency theory to predict
the transient drop size distributions by solving the population balance
equation for a single-circulation-loop model of agitated tank. When used with
fitted constants for the break-up and coalescence patameters, the transient
predictions were in good agreement with the reported data of Konno and
Saito (1988). Similarly Baldyga ef /. (2001) show that they can fit their data on
two scales to the intermittency model. This is encouraging but apparently not

yet fully predictive.

2.5 Mixing

The tetm mixing describes processes by which non-uniformities of
composition, properties or temperature of materials are reduced in the bulk of
the fluid. Mechanical agitation provides the deformation and flow requited for
the mixing to occut, due to the mechanisms of diffusion, convection and bulk

movement.

For co-mixed fluids, mixing quality is described in terms of scale and intensity.
Uhl and Gray (1966) define scale as the average difference between centres of
maximum differences in properties. In turbulent mixing scale corresponds to
the size of the turbulent eddies and is reduced by eddy btreak-up. In laminar
mixing, scale is reduced by thinning layers, stretching threads of the
components and flattening lumps. Intensity is defined in tetms of the variance
or range of properties existing in a mixture. When fluids of different

compositions are initially brought together, the difference in properties ot
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spread is at its maximum. In practical terms, intensity does not decrease until

the scale of the non-uniformity becomes smaller than the sample size.

2.5.1 Diffusion

If two materials ate brought together in a container then, in time, the
molecules will intermingle, as a result of concentration gradients and random
molecular motion, to form a uniform mixture on the sub-micron scale. This is
called molecular diffusion. This process can take a vetry long time. Imposing
velocity gradients can considerably enhance diffusion rates as high velocity

streams entrain low velocity streams.

In turbulent flow, the transfer of fluid is greatly enhanced by the random
nature of the velocity fluctuations. Thus, eddy diffusion effects can be used to

greatly enhance the mixing process by generating turbulence.

2.5.2 Convection

Convection is the motions imparted to the fluid by inertial forces. An agitator
causes motion in a vessel at some distance from the stitrer due to convective
forces and the inertial effects of the agitator. Viscosity has a big effect on
convection. High viscosity damps down inettial forces so it is more difficult to
move fluid to all patts of the vessel. This can lead to dead zones ot in extreme
cases “cavern” formation as shown in Figure 2-48. It is important therefore
to design mixets to avoid stagnation regions, as this leads to inefficient mixing,

Increasing agitator D/T and using high solidity agitators is the best way to

avoid stagnation regions.
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2.5.3 Bulk Movement

Mixing of fluids by bulk movement results from the intermingling of fluids by
cutting, dividing and recombining. This happens in all mechanically ag1tated
processes but in fluids of very high viscosity, whete turbulence generation
would be energetically prohibitive, this becomes the main mode of mixing,
For example, a kneading motion using a process of separation and

recombination is used for thick dough mixing.

2.5.4 Macro-scale and Micro-scale Mixing.

Macro-scale mixing is mixing in the bulk of the vessel brought about by
turbulent diffusion and back mixing. For most blending operations and for
mixing involving relatively slow reactions where homogenisation down to the
molecular scale (micro mixing) takes place before any significant reaction
occurs, this is all that is required. For two fluids to react they must be brought
together at a molecular scale through molecular diffusion. If there is only one
product then, providing the contact time is longer than the sum of the
residence time, calculated from the reactions kinetics, plus the mixing time
required for bulk mixing to occur (macro-mixing), then the reaction will

proceed normally.

However, in some cases competition between reaction and mixing results an
undesirable product specttum and in these cases micro mixing is extremely
important. Bourne e 2/ (1981) and Boutne (1982) used fast, competing

consecutive reactions schemes with a stoichiometry,
A+B—=R,

R+ B =S,
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with a product distribution X given as,
X, = 2C/ (Cy-2CY)

rp=k,[A][B] = 7..3 x 10’ m’mol's™
ry=k,/R]/B] = 3.5 m*mol’s”,

The above constants for the diazo-coupling reaction (used by Bourne to study
micro mixing) are given by Middleton e /. (1986). The maximum yield of the
intermediate R is obtained when species .4 and B can be brought together at
the molecular scale befote significant teaction has occurred. When however,
the reaction is instantaneous compared to mnixing, the reaction goes to
completion and the yield of R approaches zero. This would happen for
example if A wete added slowly to B. If B is added to 4, then the tatio of the

products will depend on the relative rates of the two reactions.

Consider a concentrated volume of B being added to a reactor containing a
well mixed volume of 4. Molecular diffusion will transfer some B into A4 and
some 4 into B. The B that moves into .4 will reaction to form R while the 4
that moves into B will form § as B will be in excess. Initially the surface area
will be small so not much reaction will occut. However, as turbulent diffusion
and bulk flow breaks the clumps up, the surface area will increase and become
smeared out by molecular diffusion until mixing is complete. For a fast
reaction, the reaction will occur at the interface of A4 and B and the product
distribution will depend on the balance between reaction and diffusion and the

tatio of the reaction rate constants &,/ &,.

The process of turbulent diffusive mixing is continuously being interrupted
because eddies have a finite lifetime. It is important to note that the reaction
cannot occur until the clumps have been ground down to a scale of the order
of the distance the reactants can diffuse in the lifetime of an eddy. Therefore,
the important parameter is the ratio of the reaction time to the time taken for
material to diffuse through the thickness of an eddy. The ratio, sometimes
called the Damkohler number (Da) s,
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Da=- 2 (2.48)

Boume (1997) takes the characteristic reaction time as the half-life of the
limiting component B, after which half of B has been consumed by reaction,
assuming this is not mixing limited. Thetrefote, when &, >> £, and the

stoichiomettic ratio of reactants = 1, it follows that,

g = (’ﬁco)_l (249

where C,is the concentration of .4 and B in the bulk after mixing, assuming

no teaction.

The characteristic diffusion time depends on the lifetime of a typical eddy
diffusion, which depends on the kinematic viscosity, the rate of energy

dissipation and the diffusion coefficient and has been described as follows,
T, =W/6) 2 (v/Dy) (2.50)
D, is the diffusion coefficient and v/ D, is the Schmidt number.

The theory of this approach with detailed modelling is given by Boume (1997)

and the references therein.

A major conclusion from the above is that where micro mixing is important
then addition points and mixing energy becomes a critical design parametet.

Specific Power input needs to be high. Feed addition should be at the main

agitator where £, is at its maximum and multiple feeds should be considered.

More recently Buchmann (2000) described a rather clever tomographical dual
wavelength photometry technique to study simultaneous macro and micro
mixing, measured at a multitude of points, inside a stirred reactor. A mixture
of an inett and a reacting dye are injected into the vessel. The inert dye serves
as a tracer for the macro mixing, whereas the vanishing of the reacting dye
shows the micro mixing. The concentration fields of the dyes ate measured
simultaneously by trans-illuminating the vessel from three directions with

superimposed laser beams of different wavelengths. The light absorption by
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the dyes is measured with CCD-cameras and these projections are used for the
tomogtaphical reconstruction of the concentration fields. Low Reynolds'
number measurements with a Rushton tutbine showed better macro and
micro mixing for a dye injection closer to the stitrer shaft compared to a
position closer to the main vortex. They claim CFD predictions compared
well with the experimental results after implementing a new model to describe
the deformation of small fluid elements and the moleculat exchange between
these elements and the sutrounding liquid. This model is implemented
through two transport equations into the CFD software and yields the local
mixing quality at a multitude of points through the vessel. This was necessary
as the CFD software does not resolve below the finite volume size of the grid
and this is larger than the molecular scale.

2.5.5 Mixing Times

This thesis is limited to the blending of miscible liquids, which may be
complicated by the effects of density and / or viscosity differences, viscosity

and the presence of gas and / or solid phases.

The mixing time 7, is a function of the liquid properties and the geometry of
the mixing vessel. In the dimensionless form the mixing time constant N¢t_ is a
function of Re, Fr, & and geometrical parameters such as D/T, H/T and ¢/T.
In fully baffled vessels for the turbulent regime where no density differences
exist the mixing time constant is independent of Reynolds and Froude and

depends solely on energy input and geometric parametets.
Bulk mixing (macto mixing) has been studied in different ways. Examples are:
Colorimetric methods:

¢ By dye addition, Example — Mann ¢ o/ (1987).

¢ By pH shift using an indicator, ot decoloutisation of a starch

iodine solution by sodium thiosulphate, Examples, Cronin ef al.
(1994) and Hari-Prajitno (1997)
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Conductivity:

¢ By addition of a conductivity pulse monitored by conductivity
probe(s)/meter(s). Examples, Khang and Levenspiel, (1976), Cooke ez
/. (1988) and Ruszkowski (1994).

Transient pH shifts:
® Example, Singh ez 4/. (1986)
Temperature transients:
® Using thermocouples for example, Shiue and Wong (1984)

® Liquid crystal thermography as reported by Lee and Yianneskis.
(1997)

Tomographic, for examples:
® Dual wavelength photometry, Buchmann (2000)

® ERT (electrical resistance tomography) Cooke ¢f @/ (2001).

Flow followets to measure circulation times, Example:

® Bryant and Sadeghzadeh (1979).

2.5.5.1 Decolourisation Techniques

The decoloutisations methods ate very useful for looking at inter zone mixing
and for determining stagnation regions. However, some doubts must exist
about the precise level of mixing that is being measuted by colouration
/decoloutisation techniques. The total decolourisation point is subject to
operator bias and depends upon stoichiometry. If for example the

decoloutisation agent is 10% in excess, then it follows that the vessel will be
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totally decoloured when the vessel is 90% mixed. Hence to make any

meaningful comparisons the excess needs to be precisely known.

The technique is also useful when a second phase is present which will affect
conductivity probes. Howevet, it is still necessary to ascertain what effect the
second phase has on the reacting species. For example a common
decolourisation technique is to use glacial acetic acid to decolourise a weak
solution of sodium hydroxide containing phenolphthalein indicator. In an
acrated system the air will sttip acetic acid from the system; hence carefully

planned stoichiomettic ratios can be easily thwarted.

2.5.5.2 Conductivity Techniques

Earlier work (Cooke e a/. 1988), standatdised on the conductivity technique,

using conductivity probes based an a design used by Khang and Levenspiel
(1976) because,

® The measuring volume is small and known.
® The probes have a very fast response time.

¢ The tesponse of the probes is linear over a wide range of liquid

conductivities
¢ The conductivity probes are stable over long time intervals.

® The probes give a continuous time history of the concentration

fluctuations at the sample points. These concentration-time histories

can readily be analysed to obtain mixing tines for a specific degree of
mixing.

However, this was combined with decolourisation techniques to look at

zoning effects and to identify stagnation regions.
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2.5.5.3 Degtee of Mixing

The degree of mixing is not always given in the literature results. For analysis
of responses from step changes in the input a specified degtee of mixing is the
time taken from the pulse injection until the concentrations fluctuations are
just within specified limits of the final step change. Thus, for example, 2 90%
mixing time ty, is the time taken from injection until the first point that all

values are within £ 10% of the equilibtium step change.

As mixing is a chaotic process and the mixing time is dependent, amongst
other factors, on the precise flow conditions at the time of the tracer addition
then it follows that mixing times are not repeatable. The expetimenter has to
average a2 number of rmuns (usually a2 minimum of 6 but preferably 10) to obtain
an average mixing time. When the data is collected electronically, it is
convenient to analyse the data statistically, using identical criteria, to obtain

reproducible self-consistent data.

Khang and Levenspiel (1975) used four probes connected in a ring around the
impeller to measure the mixing time that they fitted to a decay constant using
RTD theory.

The Cooke e al. (1988) triple agitator data was obtained using 3 probes sited at
the walls opposite the agitators. The tracer was added to the sutrface. The
responses were analysed graphically to obtain a 90% mixing time for each
probe and a vessel average was obtained from the 3 probe results. The mixing
time for a particular operating condition was the average of several repeats.
For H = T work a single probe sited at the wall opposite the agitator was used.
Additions were of concentrated potassium chloride solution, with the addition
size weighted to give a 0.05 g/1 step change in concentration. Several additive
additions were made before the solution was changed. Solutions changes were
dictated by “noise” inctease as the solution became mote concentrated. Some

of this “noise” can be attributed to air bubbles in the system. The higher the
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background conductivity, the gteater the effects of low conductivity

contaminants such as air.

Ruszkowski (1994) used similar probes to the above to determine mixing
times from the average of 8 runs. Three probes wete used in a baffled H=T
geometry vessel, one in the impeller stream, one close to a baffle and a third in
the middle of the tank at different heights, radial positions from the shaft and
at different sides of the vessel in order to sample as representatively as
possible. The tracer was added at the impeller. The data was normalized and
the root mean square of the conductivity of all three probes was calculated

from,

Corms =\J1/3(C2 +C, +C, @.51)

Using three probes provides a more representative view of the tank
concentration variance and is probably essential to obtain a vessel
representative mixing time when addition 1s at the impeller. One would expect
th;e mean mixing time from such an analysis to be weighted towards the
longest mixing time. The effect of averaging 3 probes reduces the vatiance and
increases the sample volume. This enables one to measure more repeatedly a
higher degree of mixing. It should provide a better picture of the overall
concentration variance in the vessel. If however, you take this to the extreme
of an infinite number of probes of infinitely small volume you finish up
measuring the sample input time rather than the mixing time as once the pulse

has been injected the average vessel concentration does not change.

A mixing index was calculated from the variance calculated from a 8 point
moving average taken over time steps that are very much smaller than the
mixing time,

J=atl

L@ = 1 2, o)’ 52)

J=u

whete,
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& (n) is nth value of &,
(; is the concentration at the J#h data point

C (29) is the final average concentration = 1 for a perfectly mixed system.

For the above, the variance is time-averaged over 8 points and space-averaged

over 3 points giving a total variance over 24 data points.

A mixing index was then calculated from,
M = 1-4/07 (2.53)

assuming that C (29) = 1 for a petfectly mixed system.

They found that variance decays exponentially with time, allowing a first order

time constant to be determined which can be related to any degree of mixing.

2.5.5.4 Comparisons of Mixing Results with Different Methods

Although the method of Ruszkowski (1994) looks very different from the
graphical method of Cooke (1988), in practice it yields very similar results.
For a single probe 8 data points are not enough to calculate the variance,
hence the sample frequency is increased and the variance is calculated over a
32 point moving average with the sample frequency chosen so that the time

averaging step is << shorter than the mixing time.

Figute 2-46 compares a single probe mixing trace as a plot of normalized
concentration versus time for a 32 point moving average with the same data
plotted as the mixing index calculated according to equation (2.52). Quite
clearly the 90% mixing time and the mixing index of 0.9 are reached at the
same time when the same averaging process is used. Note that these results
wete obtained with a sutface addition and measurement by a single probe in
the base to measure an overall mixing time. Had, for instance, the tracer been
added at the impeller thete would have been a big overshoot on the graphical
output. However, from experience, the 90% time and the M =0.9 point would

still be coincident.
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2555 Mixing Time Constant

It is generally found that for geometrically similar vessels, in the turbulent
regime, Nt* (or NO) is a constant, where 0 is a specified degree of mixing.
The exception to this is when the mixing vessel is compartmentalized, either
due to a significant poorly agitated region, or to a poor interchange between
numbers of well-mixed regions. In these cases there can exist a different
relationship between the agitation speeds for interchange rates compared with

mixing times in the well-mixed zones and then N 0 * constant.

Kipke (1983) reviewed scale-up anomalies and noted that the expression NO
—constant, for geometrically similar vessels, does not necessarily scale-up. He
argued that this was because the macro-scale of turbulence scales with
impeller size. Thus larger eddies are found in large vessels that result in larger
variations and therefore the final state of mixing is achieved later in larger

vessels.

(a) Ungassed Mixing Addition at surface
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Figure 2-46: (a) top Graphical mixing time, (b) Mixing index
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2.5.5.6 Effect of Agitator Type (standard tank H=T) on Mixing

Compared at equal P/1” and D/T thete appears to be vety little to choose
between different impellers. Qur own data, Cooke ¢f 2/ (1988), found little
difference between a Gasfoil and a2 Rushton tutbine under tutbulent

conditions:

The results could all be described by,

Nt,, Po'*(D/T)** = 3.9 (2.59)

where Po represented the power number both in ungassed and gassed

conditions.

Ruszkowski (1994) comparing 4 and 6 blade pitched turbines, Rushton
turbines and propeller agitator, claimed that all his results could be correlated
by a single equation for single phase turbulent mixing such that:

NOPo'*(D/T)* = 5.3 (2.55)

where O represent a mixing index M = 0.95.

Note that equations (2.54) and (2.55) are very similar. Assuming first order
mixing, then 95% mixing is 1.301 times longer than 90% mixing. Hence,
compated at the same degtee of mixing, the constant in equation (2.54)

becomes 5.07.

Comparing the 95% mixing time for 2 D=T/2 Rushton turbine, of Po = 5.5,
at 2 revs per second, gives,

From Cooke et al. (1988), 8 = 5.07/ (2%5.5/%*0.5*%) = 6.6 5
And Ruszkowski (1994), 0 = 5.3/ (2+5.5%0.5) = 6.0 s

Thus the Ruszkowski (1994) equation predicts a similar but slightly shorter
mixing time to Cooke ¢f 4/. (1988). This could be due to data smoothing and
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averaging the three probes, or may be due to differences in scale.

Nienow (1998) shows a comparison of the data of Hass and Nienow (1989)
compating an equal diameter, Prochem Maxflo T impeller with a Rushton
turbine and also the Saito ef 4/ data of 1992, comparing a Rushton turbine
with a equal diameter Scaba 6SRGT. The mixing data, which was measured
by the decoloutisation technique, in gassed and ungassed conditions, showed

good agreement with the Ruszkowski (1994) equation (2.55).

Note that not all workers agree that all impellets are equally energetically
efficient. For example the correlations of Khang and Levenspiel (1976) (that
are similar to the Ruszkowsl cotrelation, but do not contain a power number
tetms and is based on circulation time theoty) implies that the propeller is
more enetgy efficient for mixing than a disc turbine by a factor of around 4.
However, when compared at the same degtee of mixing the Cooke ¢ 4/
(1988) and the Ruszkowski (1994) do predict very similar mixing times. The
main conclusion from the above is that, in tutbulent conditions, it is powet
rather than the agitator type that is the most important parameter for mixing,

This 1s in agreement with turbulence theory (Section 2.4).

2.5.5.7 Effect of Impeller Diameter on Mixing

Most workets agtee that at Re > 10%, NO = constant x (T/D)** whete A takes
values of 0 to 0.3.

Khang and Levenspiel (1976) found the exponent A = 0 for propellers and
0.3 for tutbines

Cooke et al. (1988) found A = 0.2 for tutbines,

Ruszkowski (1994) found A = 0 for a range of agitators

Equations (2.54) and (2.55) can be rewtitten as,
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(e

1 pN’D’
hete, — = 2.5
whete Po P @>7)
For H=T and a flat base
3
p= 5””4LT (2.58)

Substitute equations (2.57) and (2.58) in (2.56),

1/3 5/3 -p
0= /{%J £’ 3(?—) [?) (2.59)

Thus, if ff#=5/3, there would be no effect of D/T ratio at constant P/1”. For
B =2, then 0 o< (D/ D—Ils and for f= 2.2, then 0 o< © /rD-o.sas_

The above implies that a larger diameter agitator mixes mote efficiently than a
smaller one. Most workers have only tested these relationships up to D =
0.3T.

Also from equation (2.59) at constant P/ 1" and geometric similarity,
8o T (2.60)

2.5.5.8 Effect of Aspect Ratio H/T on Mixing

This is the most uncertain atea. Thete has not been a lot of work done.
Cooke et al. (1988) compared 1:1 with 3: 1 aspect ratio tanks, fitted with disc
turbines or ICI Gasfoils and found that Nt,, increases dramatically with

increasing H, due to compartmentalization effects according to.

1/3 243
Nt,, = 3.3(iJ (ﬂ) 2.61)
PO fotal D
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Thus when the aspect ratio is changed from 1:1 to 3:1 the mixing time
increases by a factor of approximately 10. When the top two disc turbines
were replaced by 6MFD agitators t,, decreased by a factor of 2 at the same
power input. Other wotkers have reported similar staging effects using
multiple radial impellets for example Cronin ef @/. (1994) for Rushton turbines.
The reduction in the overall mixing time by about 50%, obtained by replacing
the two upper turbine agitators with axial flow agitators, has been confirmed
by Manikowski ¢ 4/ (1994) and Otomo et 4. (1995) according to Nienow
(1998).

The dramatic increase in overall mixing times for the turbine multiple agitators
in high aspect ratio vessels, are due to compattmentalization. Where this can
be avoided, then from circulation time theoty, the inctease in tmxmg time with
height might be expected to be ditectly proportional to operating height at
constant P/ /. This hypothesis is worth testing. However, even if this is true,
the overall mixing time will increase with an increase in batch height. For
processes that rely on mixing to supply vital reagents or nutrients to all parts
of the vessel the effect of H/T on mixing could therefote be a vital factor.

Aerobic fermentation processes could well fall into that category.

Oldshue (1983) shows that for laminar mixing (Re < 50) with a continuous
tibbon agitator (see Figute 2-18) the mixing time is directly proporiional to
(H/D).

2.5.5.9 Effect of Viscosity on Mixing

Below the transition point mixing times inctease dramatically and 0 =f (Re).
For Newtonian fluids Khang and Levenspiel (1976) show a transition at
around Re = 3300 for turbines and Re = 10* for propellers. Cooke ¢# a/. (1988)
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found for Rushton turbines in non-Newtonian systems the constant in

equation (2.61) was 1174Re®’ with the transition at Re = 4400.

In the laminar tegime it is difficult to get good top to bottom mixing. Nagata
(1975) proposed the helical ribbon as the most efficient method of mixing
such fluids. A popular geometty is the twin bladed ribbon pumping upwards
with a double central down pumping screw. Oldshue (1983) gives the

following preferred geometry for these agitatots:

Double helix (up-pumping) (w = D/6), and D = 0.92T and double inner
sctew (Di = D/3) down pumping with pitch = 4/D = 1.0 and H/D =1.0,

whete:

® /= height of helix for 1 revolution,
¢ D = helix swept diameter

¢ Di= screw swept diameter

* w = width of outer ribbon

o  H =liquid height

Then,

PoRe = 255 (2.62)

Nt =30 (2.63)

Nt_ = SO(E) (2.64)
D

Oldshue (1983) indicates that thete ate approximately three fluid turnovers

(citculations) per mixing time. That is,

Nt ~ 3N, (2.65)

whete #.is circulation time and £, is a colotimetric based mixing time.

Nt. =10 (2.60)
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2.5.5.10 Effect of Gas and Solid Phases on Mixing

See also section 2.2.4.2.

Cooke ez al. (1988) found that the same equation cottelated the data for liquid
and gassed liquid mixing (2.54) providing the operation is in the agitator-
dominated region.

Harrop ef al. (1997) found that solids can increase the liquid mixing time by a
factor of 6 for a LIGHTNIN A315 inpeller when operation is below Njsat

sand concentrations between 10 and 20% by mass, due to a zoning effect

when a solid-liquid intetface is present.

Takenaka ef 4l (2001) studied a 3-phase liquid-gas-solid system at solids
concentrations up to 40% by weight and gas flow rates up to 2 V"M, They
used two different radial flow impellets, a Scaba 6SRGT and a Rushton
tutbine plus a six-bladed mixed flow impeller with pitch angle of 45° that was
operated in both downward and upward pumping modes. They confirmed the
Hatrop et 4l (1997) trend of increased mixing time for the solid-liquid case
compared with the liquid only case. However, for the three-phase case the
increase in mixing time was relatively small, especially with the SCABA and
6MFU impellers. It appears the gas-phase prevents a stable solid-liquid

fortming,

2.5.5.11 Effect of Ttacer Properties (Volume, Density and Viscosity) on
Mixi

The effects of tracet properties (volume, density and viscosity) on mixing wete
recently studied by Pandit ¢z 4/ (2000). They used tracer viscosity (i) to the
bulk fluid viscosity ((t,) tatios (1,/(14,) up to 150 and tracer density to bulk
density ratios [(p, - p)/ )] up to 0.145. They varied the tracer volume (I7a)
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ratio from 4/ 17 = 0.005 to 0.075. They found no effect of viscosity ratio on
mixing, but did find an effect of the tracer volume and density difference due
to buoyancy effects. They correlated these effects into a modified Richardson
number (Ri), which is the ratio of static head of liquid to dynamic head of
flowing liquid. Since the buoyancy of the tracer also depends on its volume,
the modification they proposed was to multiply the Richardson number by the
factor Ia/ 1" to give the following modified Richardson number Ri,,

_ ApgH Va

°T VDTV @en

For an agitators tested they found critical Richardson numbers above which
the effect of the tracer volume and density increased the mixing time and they
proposed a generalised correlation to account for these effects. The degree of
mixing was not given in this paper. This prevents easy comparison with other
published data so this generalised cotrelation is not reproduced here.

2.6 Rheology

Below the flow transition point, Re < 10", the fluid theological properties need
to be considered as they can drastically affect the mixing and dispersion

process.

2.6.1 Newtonian Fluids

Newton defined fluid viscosity as

p= 2.68)
Y

where T is the shear stress and 7Y is the shear rate.

Fot Newtonian fluids (sheat stress/shear rate) is a constant and hence the

viscosity is independent of agitator type or agitation rate.
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Agitator Reynolds numbers (PND?/ 1)) however depend on N and D and on
scale up the D’ term dominates. Hence, for scale-down at constant viscosity,
Reynolds numbers dectrease. This is an important consideration if the fluid is

viscous and scale down decteases the Reynolds number below the transition.

2.6.2 Non-Newtonian Fluids.

Non-Newtonian fluids do not obey Newton’s law of viscous flow. The
viscosity is dependent on sheat-rate and therefore depends on agitator type

and agitation speed.

For non-Newtonian fluids

H, =

L (2.69)
7

whete /4, is an apparent viscosity and } is an average shear rate.

The dependency of the average sheat-rate () on N was given by equation
(2.2) asy = &N, whete & is an agitator specific constant which is 10+ 3 fora
range of commonly used agitators. Exceptions from this rule include

Intermigs (£&; = 17) according to Nienow (1998) and Dawson ez 4/. (1993).

Some typical theological models are illustrated in Figure 2-47.
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w

Average Shearrate, y (s'l)

Figure 2-47: Some typical flow curves (shear stress against shear rate) for
different types of fluids, Hamby (1992).

2.6.2.1 Pseudoplastic Fluids.

Many non-Newtonian fluids can be fitted to a power law, at least over the
shear rates typically experienced in a mechanically stirred vesseL Shear
thinning power-law fluids are called pseudoplastics and can be fitted by the

relationship,
r=Kyn (2.70)

Combining with equation (2.69) gives

M, = Ky~ 2.71)

This apparent viscosity can be used in the Reynolds number equation.
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2.6.2.2 Plastic Fluids.

These are fluids exhibiting a yield stress, which means an initial level of shear
is requited befote flow occuts. A Bingham plastic is like a Newtonian flud

once flow occurs and is desctibed by
=1, 4Ky @72

where £, is the yield stress and K, is a constant. 1/Kj is often referred to as the

mobility of the plastic.

Another equation often used to describe plastic fluids is the Herschel-Bulkley

model as follows,
T=17,+ Kpy" (2.73)

Equation (2.73) is similat to a power law fluid but includes a yield stress.

2.6.2.3 Cavern Formation

With plastic and pseudoplastic fluids there is a tendency for the agitator to
“cut a hole” in the fluid, producing a “well agitated cavern” with little or poot
movement of fluid outside. With pseudoplastic fluids, the mechanism for this
is the shear thinning natute of the fluid that results in a much lower viscosity
near the impeller where the shear rate 1s highest. This gives a turbulent region
close to the impeller. Away from the impeller the apparent viscosity increases
as the shear rates decrease giving laminar flow and stagnant regions where
shear rates are low. Wichterle and Wein (1981) experimented with
pseudoplastic and plastic fluids and described the well-agitated region as a
cavern (see Figure 2-48). They argued the threshold of mixing occurred when
the well-agitated cavern just filled the fluid volume, i.e., no stagnation. They
defined a non Newtonian Reynolds number and related it to the threshold of

mixing point via an experimental determined empirical model:
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(2.74)

where K is the consistency index, n — power law index, Dc= cavern si2e
vessel diameter for threshold of mixing and a is a proportionality constant

0.6 for apropeller-type agitator and 0.3 for a turbine type.

Figure 2-48: Well agitated caverns in pseudoplastic fluids: Left agitated by a
pitch blade turbine: Right agitated by a Rushton turbine. From Witchterle
and Wein (1981).

W ith plastic fluids, in regions away from the impeller, the shear stress has to
be greater than the yield stress to avoid stagnation. The boundary of the
cavern can be defined as the surface where the yield stress and the shear stress
are equal. Using this definition and assuming that tangential flow dominates in
a cavern, Elson et al. (1986) defined the cavern as a right circular cylinder of
height Hcand diameter Dfcentred on the impeller using the expression,

(B, Pop N 2D

275
+1/3)7T @7)
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Nienow (1998) gives typical values of H,/D, of 0.4 for Rushton tutbines and
SCABA 6SRGT with 0.75 for a propeller and 0.6 for a LIGHTNIN A315.
Once the cavern reaches the wall the height increases with N for Rushton and

pitched blade turbines, but is proportionate to N*’ for SCABA 6SRGT and
LIGHTNIN A315 agitatots.

Numerical analysis show that both equations (2.74) and (2.75) infer larger
agitators should be used to avoid cavern formation. For tadial turbines Po is =
constant at Re 2 30 (see eatlier Figure 2-29). Therefore for a given scale, larger
slow speed agitators require less power to overcome cavern formation. At

constant power and assuming a typical power law n of 0.5, then according to

equation (2.74), D, is propottional to D'/

Whilst from equation (2.75) D, is proportional to D’
2.6.2.4 Effect of Solids on Fluid Flow Properties

The effect of solids on the dense phase gas hold-up is discussed in Chaptet 2,
section 2.3.2. The effects of solids on mixing are discussed in Chapter 2
section 2.5.5.1. Vety high solids concentrations exhibit plastic behaviour. The

high solids concentration can occur for a number of reasons:

® “Sanding in” after an agitator trip. If the overall concentration of
solids is high enough, the settled solids partially or wholly cover the
agitator. If this is likely to occut, then the agitator system needs to be

designed to overcome the resulting high starting torque.

¢ Operation below N giving a very bottom heavy suspension. Hence,
locally the fluid may exhibit non-Newtonian, plastic behaviour. This
can happen for a number of reasons, by design or due to other factors

such as undesitable air entrainment (Ditl ez 2/ 1997).

® Poor design of solids off-take. If control is based on the off-take solid

concentration, then a pootly designed off-take system may require
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operation in the vessel at much higher concentrations then the off-

take. (Buutman ef 2/ 1985)

MacTaggart e al. (1991) discusses problems with solids sampling. The local
solids concentration from a slurry-mixing tank was measuted by the
withdrawal of samples from the vessel. It was shown that the sample tube
design (shape, diameter and tip angle) and sampling technique (withdrawal
velocity and location in the mixing tank) could significantly affect the solids
concentration and the particle size distribution of the sample withdrawn. Tt
proved practically impossible to obtain reliable measutements of local solids
concentration by sample withdrawal from a mixing tank. Tumed on its head
“the off-take from a solid-liquid mixture in an agitated mixing vessel is not
representative of the solids in the vessel”. The authots show that sampling
errors can be minimized with the use of fine solids and by sampling at high

velocities.

2.7 Solid Suspension

The suspensions of solids heavier than the liquid are considered in this thesis.
There are two mechanisms to consider, the lifting of settled solids from the
base of the vessel and the prevention of settling. It is generally considered that
it requires more energy to lift settled solids than to prevent settlement,
Seichter ef al. (1997). Baldi ef 4/ considered the lifting of the settled solids
from the vessel base as due mainly to turbulent eddies of size comparable to
the particle size. When considering the suspension of solids the Zwietering
“just suspension” (INj) critetia is usually used, Zwietering, (1958), Nienow,
(1968) Chapman ez al. (1983), Bujalski, (1986), Frijlink ef 4/ (1990), Mak ef 4/.
(1997).

Zwietering defined the just suspension criterion, from observations through a

transparent base, as the point when no particles remain stationary on the

bottom of the vessel for longer than 1 second. This is defined as off-bottom
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suspension and is not necessarily a homogeneous suspension. The
homogeneity of the suspension at N; depends upon particle size (settling
velocity) and whether the vessel agitation system is designed to ensure primary
circulation to all parts of the vessel. For a high aspect ratio vessel with a single
agitator set close to the bottom this may well not be the case even for small

patticles with settling velocities around 1 to 2 ecm/s.

From dimensional analysis Zwietering (1958) proposed the following

empirical cotrelation to fit his extensive expetimental data:

N =X (g — p )™
A pgss Do.ss

2.76)

where s is an agitator dependent shape factor, which also depends on the
geomettic ratios ¢/ T and D/T, d,is the mean particle diameter and X is the
petcentage weight of solids per weight of liquid. A great deal of work on solid
suspension has been done since Zwietering. However, the general consensus
from the references quoted at the beginning of this section is that Zwieteting
got it just about right and the Zwieteting equation is widely used with

appropriate “s” factors to design for solid suspension.

2.7.1 Scale-up for Solid Suspension

If geometric similarity is maintained then Equation (2.76) suggests that for a
given fluid-patticle system, then (assuming Po is independent of scale) at Ny,

the P/ 1/ decteases with scale up according to the relationship,
P/ =constant X T % (2.77)

Howevet, Zweitering only tested scaling rules on vessels between 0.15 to 0.6

m in diameter with particles in size range 125 to 850 micron and two solid
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densities 2160 and 2600 kg/m’, so some doubt must exist about the universal
generality of the equation. Oldshue (1983) cautions that his literature review of
power per unit volume for solid suspension scale-up yields almost as many

conclusions as investigators.

Hetrtinge (1979) showed a relationship between powet/unit volume, patticle
concentration and scale and concluded that on scale-up power per unit
volume either increases ot decteases depending on patticle size (see Figure
2-49). According to these telationships, small patticles requite lowet power pet
unit volume on scale-up, particles around 600 micron scale-up at constant
power per unit volume whilst particles of diameter 2 800 microns requite an
increase in powet per unit volume on scale-up. The decrease in power per unit
volume on scale-up for small particles was also found to be a function of

particle concentration.

Chapman ef 4/, (1983), using 1% sand particles in water, with a mean particle
size of 470 microns and scales from 0.3 to 1.8 m diameter, found power per
unit vatied on scale-up proportional to D%, This is in general agreement with

the trend showed by Herringe (1979).

Rieger and Ditl (2000) follow the Hettinge (1979) view that the scale-up of
solid suspension should be based on patticle size. They proposed a procedute
for designing mixing devices for particle suspension based on experimental
results involving plots of the energetic dimensionless criterion (/). This
expresses impeller efficiency on the ratio 4,/T, which they found are almost
identical for many axial impellers, within the relative vessel to impeller
diameter ratio T/D range from 2.5 to 4. 'This was confitmed expetimentally
for pitched three, four and six-blade tutbines opetating in flat and dished-
bottom cylindrical baffled vessels, for particle concentration of 2.5 and 10%

by volume respectively.

Bourman ez 4/. (1986) investigated scaling rules on two geometrically similar
vessels of diameters 0.48m and 4.3 m diameter respectively. They used sand of

mean diameter 157 microns, at concentrations up to 15% by volume. From
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their results, for similar degrees of homogeneity on the two scales, they
recommended scale-up at constant power per unit volume according to the

scaling rule:
Nc = constantx D 2 3 (2.78)

where N cis the agitation speed for complete off-bottom suspension (which is
not necessarily homogeneous). By comparison to equation (2.78), the scaling
rule of constant P/V and geometric similarity, means no effect of D or T on

the P/ V required for solid suspension.
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Figure 2-49: showing the relationship between power per unit volume,
particle concentration and scale, taken from Herringe (1979). Note that y is

the power index in the solid suspension scale-up relationshipP/V «<Dy.
For geometric similarity this is the same asP/V °c Ty.
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More recently Mak ez al. (1997) cartied out CFD and experimental studies of
solid-liquid suspensions in stitred tanks of diameter 0.30 to 2.67 m, to
investigate the effect of scale using a pitched blade turbine. Their results for
the just suspension condition were in agteement with the Zwieteting empitical
correlation. They also confirmed that constant powet pet unit volume
appeared to be the appropriate scale-up ctiterion to obtain the same degtee of
* homogeneity at different scales (which is a different ctitetion than Ny). They
found good agreement for concentration profiles determined by CFD

simulations and from experimental results.

Seichter e al. (1997) found different scaling rules for concentrated slutries of
fine particles of micro-milled limestone and precipitated gypsum, using sharry
concentrations up to 60%. The differences in scaling rules were atttibuted to
the rheological complexities of the suspensions. However, the ratio of impellet
speeds for the onset of sedimentation (INg) and the start of re-suspension

(N;) was found to be constant and was expressed as,

Ny =0.8N, 2.79)

Considering all of the above review, scale-up of a solid suspension system
should be satisfied conservatively, for most cases, by geomettical similatity and

constant powet pet unit volume.

Where surface aeration is problematic on scale-up, as desctibed for example
by Ditl ez al. (1997), then tip speed needs to be minimized. Scale-up at
conditions of geometric similatity and constant power per unit results in an
increase in impeller tip speed with scale-up that can result in surface aeration
on scale-up. These authors showed that sutface aeration scales at almost
constant tip speed. Surface aeration can affect the quality of the solid
suspension by increasing the just suspension speed and can effect pumping,
especially for small solids, which can form a stable emulsion with entrained

gas. Under such conditions it is wort’twvhile-exploﬁng whether the solids can
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be adequately suspended at a lowet powet per unit volume on the larger scale

following Herringe (1979) or Rieger and Ditl (2000).

2.7.2 Effect of Multiple Impellers on Solid-liquid Suspension.

Very little work has been tepotted on multiple impeller systems for solid
suspension. Atmenante ¢/ @/ (1992) and Armenante and Li (1993), studied the
effect of multiple flat-blade turbines on the minimum agitation speed to just
suspend solid particles in agitated vessel. The agitation system consisted of a
stirred tank provided with one, two, ot thtee impellets, and in which glass
particles, 110 im in diameter were suspended in watet. It was found that the
Njs for a given impeller diametet was neatly independent of the number of
impellets used. In all cases, the value of N; measured when multiple impellets
were used was eithet, neatly the same as that for the single impeller case or
higher. The cotresponding power consumption was always higher than for
single impellers. They concluded that the lower impeller plays the major role
in the off-bottom suspension of the solids, and the presence of additional flat-
blade tutbines either does not affect the suspension process or actually
interferes with it. The presence of more than one flat-blade tutbine is either
unnecessary for, or actually detrimental to, the achievement of the solid
suspension state. Therefore, their use is not justified if off-bottom solid

suspension is the sole mixing requirement.

Later work by Armenante and Uehara-Nagamine (1997) studied the effect of
the off-bottom impeller clearance on the minimum impeller speed for solid
suspension (N in single- and double-impeller systems using three different
impeller types; 6 blade Rushton tutbines, 6 flat blade tutbines and down
pumping 6 pitched blade turbines (PBT). It was found that N increased or
decreased when a second impeller was added, depending on the type of
impeller. The effect of the clearance of the lower impellet, on the flow pattern
produced by the lower impeller was also investigated for the case in which the
position of the upper impeller was kept constant. They reported that when

radial impellers were used in a flat-based vessel at low off-bottom clearances,
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which caused the loss of the lower citculation loop, the addition of a second
impeller increased N For a PTB at low clearance the addition of a second

PTB above decteased N

The conditions under which these conditions were achieved wete at clearances
where the pumping action was testricted by the low clearances. This flow

pattern change was observed for:

® Disc tutbines which change from only upper circulation loops to
upper and lower circulation loops at 0.76 < ¢/ T < 0.20

o Flat blade turbines that change from only upper citculation loops to
upper and lower circulation loops at 0.23 < ¢/T < 0.24

® For the down-pumping 6 blade PBT no change in flow patterns wete
observed down to C,/ T = 1/48.

where C, is the clearance from the bottom of the vessel to the lowest point of

the impeller.

2.7.3 Effect of Gas on Solid-liquid Suspension

Gas may be introduced into a liquid solid suspension by direct addition,
surface entrainment or vaporization. The introduction of gas affects the liquid
flow and can cause a large reduction in agitation powet and tequires an
increase in agitation speed to maintain solids suspension, (Nienow (1994).
Extensive studies of the hydrodynamics of 3-phase single impeller systems
have been reported by Wiedmann ef 4/ (1980), Chapman ef 2/. (1983), Bujalski
et al. (1988), Frijlink ez a/. (1990) and Patula and Ahmed (1997).

Chapman e 4/. (1983) compared a large number of single impellers in solid-
ltiquid, gas-liquid and gas-liquid-solid systems in flat-bottomed vessels of
diameters from 0.29 m to 1.8 m. They argued that many three-phase systems
required both good gas dispersion, as well as maintaining suspension. Hence,
conditions both for N, and N, have to be satisfied. Except for very small

density differences it was found that the agitation speed for N, occurred
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before Nj;, hence the design requirement is usually to satisfy N;. Down-
pumping agitators wete found to requite the least power to suspend solids in
solid-liquid systems but wete only suitable for handling very low gas flows. As
gassing rates are increased, down-pumping agitatots become unstable due to
gas and liquid flows in opposition. At high gassing rates they become
energetically inefficient for solids suspension compated to disc turbines and
up-pumping agitatots. Upwatd pumping impellers do not suffer from flow
instabiliies and ate hardly affected by gassing and are recommended by
Chapman ef /. (1983), and Bujalski ez a/. (1988). However, Frijlink ef 2/. (1990)
report that up-pumping pitched blade turbines show insufficient suspension
petformance with high concentrations of dense solids. All the above workers
tecommend disc tutbines for three phase dispetsions at an off bottom
clearance of T/4 as combining good stable operation with energetically

efficient solid suspension at high gas rates.

The use of a dished bottom to improve suspension petformance is
recommended by Frijlink ez 2/ (1990) for both liquid-solid and gas-liquid-solid

systems.

In practice, scale-up of gas requitements is generally at constant volumetric
flow rate of gas pet volume of liquid. This is expressed as VM (volume
gas/volume of liquid/minute); hence the effect of gas on solid suspension is
often consideted in these terms. The literature correlations for the effect of
gas on solid suspension performance for single impeller systems are listed in
Table 2-9. For a numbet of impellets (excluding down-pumping types) both
Frijlink ez a/. (1990) and Patula and Ahmed (1997) tepott that,

. -2
Pows _ (N 556 } (2.80)

Po Jsu N st

where Po’ is an appatent power number which takes in the effects of density

changes, due to solids and gassing, resulting from the following assumption:

96




Litetature Reviews

P =27aNM =Po" p,N’D’ (2.81)

Patula and Ahmed (1997) atgue that if the totque is equal at both gassed and
ungassed conditions for the just suspension case therefore, using the apparent

power number concept,

M = Pojg, p, N, D* = PO;SGP:NgsGDS (2.82)

Equation (2.82) reduces to equation (2.81) implying the experimental
relationship derived by these wotkets reduces to equal torque for the gassed

and ungassed case.

The constant torque rule to account for gassing was found to be not
applicable to the down-pumping case. This is possibly due to the unstable

flow noted for this case on gassing.

Figure 19 of Frijlink ez /. (1990) suggests the Smith type cutved blade agitator
is the most enetgetically efficient for solid suspension at high gassing rates. It
would be interesting to obtain some results for high efficiency curved blade
designs such as the SCABA 6SRGT ot the CHEMINEER BT-6.
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Literature source | Agitator | 7'(m) V¥M | D/T| /T | Correlation
Type
Chapman ef af. 6RT 029-18]0to1 | 05 | 025 N’ e = I\T] s + 094V TM
(1983) flat base
6RT 0318 |0to [05 [025 | Njo= Ny + 0.65T’M
e 35 _
Buyjal;ski e al. 6PBTD | 0.3-1.8 028 05 {025 I\T]sc - 1\7]: 0.83 +
(1988) 6PBTU | 03-18 | ,7% ©los |02 | 031 TM )
all flat I\TJ.SG: (1 +0.31 VVM)”‘”
base
6RT . -2
cre PO}SG — N JSG
Fx:l]]mk of al. 6CDT 0.44-12 | ? 0.4 0.17, P PO N
o
(1990) 6T flat and 0.25 BU Y
6PBTU dished and
bases 0.4
4PDTD :
. -1l
Poyss _{ Nysg
6PBID PC';su N sy
4PBTD
6RT 0.5, * -2
0.33 POJSG — N JSG
Patula and 04 Otol 0.25 P P N
(s
Ahmed (1997) 6CDT flat and 0.33 Jsu JSU
PBTU dished 0.5
bases s
Poys _ (N JSG }
Po, N
PBTD 0.5 Jsu Y

Table 2-9: Effect of gassing on the speed required to suspend particles in
agitated vessels from various studies. Note that Frijlink er al (1990) tested

pitch blade turbines (PBT) of pitch 30°, 45° and 60°. The other authots report
results for 45° only. The 6CDT impellet is the Smith curved blade disc turbine
of the van’t Riet (1975a) design. U and B refer to pumping up or down.
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2.8 Mass and Heat Transfer

2.8.1 Analogies

Mass heat and momentum transfer are analogous, as shown for example by
Tteybal (1968) by analysis of laminar flow past a solid surface. Thus for
analogous situations, with temperature and concentration profiles in
dimensionless form, the heat and mass transfer coefficients in the form of
dimensionless groups ate given by the same functions and are interchangeable.
The analogies can be used to convert equations or data cotrelations from heat
to mass transfer or visa versa by replacing the dimensionless groups of the

former with the corresponding groups of the latter, providing:
¢ The flow conditions and geometry ate the same.
® There is of no net mass transfer.

¢ The boundary conditions are also analogous.

The theory was developed from consideration of the elementaty physics of
simple gases and from this theory there emerge two dimensionless groups,

Cott = Pr = Prantl group and,
K
£ =Sc=Schmidt group.
PD

For the theory to be applicable both Sc and Pr must be close to unity. In
practice for gases, Pr lies between 0.65 and 0.90 whilst Sc is between 0.67 and
0.83. The values for liquids ate very much higher and consequently none of
the theory strictly applies to liquids.

Reynolds testricted his analogy to gases alone and stated simply Reynolds

analogy is:
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Momentum lost to sutface represented by skin friction

momentum lost if all of the fluid was at the surface velocity -

Heat actually supplied to the fluid
Heat required to bring all of the fluid to the sutface temperature

Mass transferred from the fluid
The total mass that could be transferred

The expansion and detivations of all these equations can be found in the many

textbooks on the subject for example Treybal (1968).

The Reynolds analogy assumed tutbulence everywhere, except at the actual
boundary layer. Prandtl and Taylor modified this by considering a turbulent
zone, a laminar layer and fmally a boundary layer. Later theoties include a

transition regime in the analysis.

2.8.1.1 Heat Transfer and j Factots

Among eatly standard recommended equations for flow in pipes are

Sieder and Tate (1936),

Nu = 0.027 Re®® Py (-“—J (2.83)
H,

and Chilton and Colbutn,

Nu = 0.023Re®® Pr®* (2.84)

In eq (2.84) the physical properties are taken at the mean film temperature,

temperature at the wall + temperature of bulk
2

These equations have the same structute and if they are divided by RePr a

basic equation is detived. For example using eq (2.84)
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N ]
= =St =——=0.023Re ** Pt/ (2.85)
RePr upCp

Note the inclusion of the Prandtl number that allows for the different physical
properties of liquids.

Chilton and Coburn then defined for flow in pipes,
j, =0.023Re™* =St Pr?/’ (2.86)

where j, can be thought of as the Stanton number for heat transfer , corrected
for liquids by the inclusion of the Pr group. A plot of j, versus Re gives
virtually the same shape as the friction factor chatt.

2.8.1.2 Mass Transfer and j Factors

The mass transfer equations are presented in a similar form to the heat
transfer equations and this led to an assumption that could be checked

expetimentally,
j. =St_Sc*? =j, =St, Pe*” (2.87)

From experiments in wind tunnels, in open air and on wetted walls, in a
vatiety of geometties and in the three flow regimes a number of cotrelations
have been presented which have firmly established the analogy of heat and

mass transfer.

A list of corresponding dimensionless groups of mass and heat transfer
applicable to agitated vessels is listed in Table 2-10.

Treybal (1968) gives examples of the use of these analogies to extend the very
extensive existing heat transfer information to produce corresponding mass
transfer data. Also, where local mass transfer characteristics can be easily
measured for example by sublimation or dissolution of solids, these can be
convetted to the analogous heat transfer coefficients that are difficult to

measure.
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Heat transfer

Mass transfer

Driving force (dimensionless) Driving force (dimensionless)
t = ¢ Ca=Ca
t, — 1 C.n—Ca
Reynolds Number Reynolds Number
2 2
Re= D" Np Re= D" Np
M U
Prandtl Number Schmidt Number
Pr= E_P_H_ Sc= ﬂ
K PD
Nusselt number Sherwood Number*
Nu = BT Sh= AT
'y D,
*Sherwood number can take a
number of forms dependent on mass
transfer.
Peclet Numbet: Peclet Number
2 2
Pe=RePr=2——I-v-p——g-P— Pe.=ReSc=DN
K AB
Stanton Number Stanton Numbetr
N b, T Sh k£, T
St, =—u=2)°— St, =—= '5
Pe D*NpC, Pe D°N

ih = Sth Pr2/5 3 jh = im = (1'09]111)

jll’\ = StﬂlSCZ/3

Table 2-10: Equivalent -heat and mass transfer dimensionless groups

applicable to agitated vessels.
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2.8.2 Heat Transfer in Agitated Vessels by Means of Jackets and Coils
Containing a Heat Transfer Fluid

The heat transfer literature is very extensive and many excellent standatd texts
are available for heat transfer in agitated vessels. For example, Heggs and Hill

(1998) cover the design of heat exchangers for batch reactors.

Heat transfer in an agitated vessel is dependent upon a tempetatute difference
(AT) between the heat transfer fluid and process fluid, the heat ttansfet atea
(A) and the overall heat transfer coefficient (U) such that the rate of heat
transfer () is:

Driving force _ AT (K)
Resistance R (K/W)

0, = UAAT = (2.88)

If the liquid phase mixing is good so that neither the temperatute of the
process fluid or the associated heat transfer coefficients vary significantly
throughout the bulk a change in heat transfer rate can be calculated due to the
result of changing any of the three parametets in equation (2.88).

For tubes and cylindrical vessels the heat transfer surface is curved and hence

the area over which the heat transfer coefficient relates must be defined.

The overall heat transfer coefficient (U) is governed by the sum of several heat

transfer resistances,

n F
Losr=-Lt yfo,p Sl 1 (2.89)
Ud 3 (hd)o 4o 4, (hd),

where subscript (0) refers to the outside the heat transfer fluid or to the
process fluid and (3) refers to adjacent to the heat transfer fluid (or inside). F is
a fouling factor and R, is the wall resistance due to the wall thickness and
material over a defined atea (#/xA4). The designer ot expetimenter defines the
televant area (4.) For tubular heat exchanger the heat transfer coefficient is

always defined on the outside atea and all other resistances ate cottected to

that value.
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Mechanical agitation affects only the outside coefficient and possibly the
process-side fouling factor. Oldshue (1983) claims that many heat transfer
applications ate limited by the process side heat transfer coefficient and hence
the effect of agitation on the overall heat transfer coefficient will usually be

significant.

The film coefficient represents the conductivity of thin layer of fluid next to
the heat transfer surface. This film is often represented as stationary for

analysis putposes. The basis of the analysis is Prandil’s boundary layer theory.

Prandtl stated that any viscous fluid in motion could be broken down into two
basic flow fields. The field close to the stationaty sutface (the boundary layer)
constituted an area where viscous forces are important and need to be
included in the analysis, wheteas the field beyond the boundary layer could be
considered as an ideal fluid whete viscous effects are minimal; and can be
ignored. For heat transfer putposes the propetties of the boundary layer is

very important and its characteristics will determine the film coeffictent.

Heat transfer through the boundary layer is mainly by molecular conduction;
therefore the thickness of the boundary layer is of patamount importance.
This is affected by the physical nature of the mainstream fluid, such as velocity
and viscosity and whether it tutbulent or laminar. In heat transfer this is
further complicated by temperature gradients in the boundary layer which
leads to viscosity gradients, the direction of which depend on whether the
duty is heating or cooling. Thus the benefits of mechanical agitation for heat
transfer can be summarized as to eliminate gross temperature gradients in the
process fluid in order to maximize the temperature driving force AT across the
resisting film whilst minimizing the film thickness by maintaining high

velocities close to the heat transfer surface.

In order to predict heat transfer rates in agitated vessels, the process side heat

transfer coefficient needs to be estimated as discussed in the following section.
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2.8.2.1 Forced Convective Heat Transfer in Agitated Vessels

Forced convective heating or cooling in agitated vessels is achieved in most
cases using jackets or limpet coils. Internal coils are primarily used to
supplement the heat transfer area of jacketed vessels or for cases where heat
transfer through the walls is impractical, for example in plastic tanks or rubber
lined vessels. Internal coils are often preferred for corrosive duty as greater
corrosion allowance can be allowed more cost effectively in coils than vessels
and they are easier and cheaper to replace. When the heating duty is large,
extra area can be found using baffles for heat transfer area, or even the
agitators as described for example Nagata etal. (1972) as heat transfer surfaces.
External heat exchangers are also used. The most common heat transfer

arrangements are shown in Figure 2-50.

HEATING COILS ALSO

HEAT-TRANSrER ACT AS BAFPIES

MEDIUM
HEM-}'RANSFER MED1JM

-Z?
Z: JACKETV Ir
(SECCND SHELL)

A. JACKETED TANK B.HELICAL CC1L C.TUBE BAFFLES

Figure 2-50: Common heat-transfer surfaces, from Oldshue (1983)

In order to predict heat transfer in a stirred vessel the process side heat
transfer coefficient h0 must be estimated. Using dimensional analysis of heat

flow and energy balance equations the heat transfer coefficient can be
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expressed in the Nusselt number as a function of the Reynolds and Prandtl

numbers as follows:
Nu=),T/x= f(RePt) (2.90)

This equation has been expanded to fit expetimental data in a form similar to
the classical fotced convection empirical equation for liquid flow through

tubes, as derived by Seider and Tate (1936), which is expressed as:

Nu = £, Re” Pr"(ﬂﬁ] faeometry) 2.91)

£)

The function of geometry can contain many dimensionless constants to
account for vessel, agitator ot coil geometty such as D/T, H/T, ¢/T, and so
on. The multiplicity factor £, depends on the type of impeller and the heat
transfer surface. £ Is the viscosity of the bulk fluid and /i is the viscosity at

the wall surface temperature.

2.8.2.2 Heat Transfer in Jacketed Vessels and Vessels Fitted with Coils

Uhl (1966) shows that over a wide range of impellets and Reynolds numbers
(300 to 6 x 10°), the exponents « and b are most usually found to be 2/3 and
1/3 trespectively. The exponent ¢ is most genetally taken as 0.14, although
higher values have been reported. From Uhl’s (1966), literature teview for

common cases where:

2 y % 0.14
bT k{D No ) 3(C~“J (ﬁ] 2.92)
K 2 x ) \u

In eq (2.92), the multiplicity factor &, vaties from 0.36 to 0.6 for paddles, 0.6
for twin cutved blade turbines, 0.54 for a disc tutbine in an unbaffled vessel

and 0.74 for the same disc turbine in a baffled vessel. Values of &, from

various studies at H/T= 1 fitted to equation (2.92) are also listed in Table
2-11.
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The exponent of 2/3 on Reynolds number is shown by Dunlap and Rushton

(1953) to be due to forced convection. Forced convection is the tesult of bulk

mixing by the agitator with turbulent flow at the heat transfer sutface. Under

poor agitation conditions due in insufficient agitation or highly viscous fluids,

natural convection dominates which tresults in a lower exponent on the

Reynolds number. At very high agitation rates the fluid becomes so tutbulent

that further increases in agitation has little further effect and the exponent on

Reynolds decreases again. Hence design conditions should preferably be in the

range whete forced convection dominates.

Agitator No No Re T |D D/T|Po | /T |k, |Ref
blades | baffles (m) | (m)

Disc marbine | 6 0 40- 05110152103 |? 0.33]1 0541
3x10°

Disc turbine | 6 1,24 {300- |051(0.152{03 |? 0.33]0.74{ 1
3x10°

Disc tutbine | 6 4 10> [045(0.15 [ 033 |55 [0.33]0.74] 2
4x10*

Disc tuthine | 6 4 10~ [0.45/0.15 [ 033 |58 |0.33]0.73| 3
4x10*

Convex disc | 8 4 10~ | 0.45|0.189| 042 [ 3.5 | 0.42] 0.68] 2

turbine 4x10*

Concave 8 4 10*- | 0.45]|0.189| 042 | 2.8 | 0.42] 0.62] 2

disc tarbine 4x10*

Flat blade 6 4 10*- [ 045|015 {033 |44 [0.33|057]3

tutbine 4x10*

w/D=0.2

Pitch blade | 6 4 10~ [ 0.45]0.15 {033 | 1.46] 0.33] 0.43] 3

turbine 45° 4x10*

w/D=02

Propeller 3 4 10~ [ 0.45]0.15 [ 0331033/ 033|029 3
4x10*

Table 2-11: Values for the constant k in equation (2.92), for non-proximity

agitators in Newtonian fluids: References cited ate from;

Brooks and Su (1959) — taken from Uhl and Gray, vol. I (1966}
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Karcz and Kaminska-Brzoska (1994)
Strek and Karcz (1997)

Similar relationships to equation (2.92) have been wused successfully to
cotrelate experimental data for helical or vertical coils. The viscosity is taken
either at the surface temperature (i) ot at the mean film temperature (14).
When the viscosity ratio tefers to the mean film temperature, the exponent on
the viscosity incteases. Shrek and Katcz (1997) compared geometrically similar
agitators in turbulent vessels heated with, (a) jacket and (b) with a vertical
tubular baffle. They found that the heat transfer was very similar for the two
heating arrangements and obtained neatly identical multiplicity factors when

the data wete fitted to equation (2.92) as shown in Table 2-12.

T (m) 0.45 0.60

Heat transfer surface Jacket Vertical tubular heating
baffles

Stirrer D/T Po k, D/T Po '}

Disc turbine 0.33 5.75 0.73 0.33 5.49 0.74

Flat blade turbine 0.33 4.35 0.57 0.33 4.42 0.58

Pitch blade turbine 0.33 1.46 0.43 0.33 1.58 0.47

Propeller 0.33 0.33 0.29 0.33 0.23 0.28

Table 2-12: Comparison of the factor kyin equation (2.92), for two types of
heating for four agitator types in a turbulent Newtonian fluid from Strek and
Katcz (1997).

Since in turbulent flow, for a given agitator and constant fluid propetties,
agitation power is proportional to N, it follows from equation (2.92) that the
effect of changing speed on the agitation power P, for a given agitator type

and diameter on the heat transfer is given by,
by o< P 2.93)

The effect of changing agitator type can be examined from the data for
D=T/3 agitators given in Table 2-11. At constant speed, and for a given

system, the heat transfer factor is proportional to £, whereas the power is
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proportional to the power number Po. A review the data, normalized to unity
for the propeller case (see Table 2-13), reveals that the paddle has twice the
heat transfer as that o f the propeller but draws 13.3 times as much power. The
relationship between heat transfer coefficient and power from this data is

approximately:
bQoc p 03 (2.94)

These data are presented graphically in Figure 2-51.

Agitator Normalized hQ Normalized power
Propeller 1.00 1.00
6MFD 1.48 442
Paddle 1.97 13.33
6DT 2.52 17.58
6DT 2.55 16.67

Table 2-13: Comparison of process side heat transfer coefficients with power
for various Z>=773 agitators.

Relative heat transfer versus power for D = 7/3 agitators

3

2.5 o -
DT

P tlb

02
156
1
PnftDer

0.5

0
0 5 10 15 20

Relative power

Figure 2-51: Comparison of agitators at constant speed for heat transfer
from jackets. The data is from Table 2-13.

Thus increasing the power input does not have a great effect on heat transfer

in stirred vessels.

109



Literature Reviews

The general consensus seems to be that under turbulent bulk flow conditions
baffling improves heat transfer as shown for example by the work of Brooks

and Su (1959).

The effect of gassing on heat transfer is not clear. Some wotkers claim it
improves heat transfer, others that it hinders heat transfer and there are those
that say it has little effect. The answer probably lies in the effect the gas has on
the liquid flow patterns, fluid mixing and velocities close to the heat transfer
surfaces. If the gas is introduced in a way that reinforces the liquid circulation
it is likely to be beneficial to heat transfer. If the gas opposes the agitator bulk

flows it is likely to reduce heat transfer.

For laminar flow conditions, close clearance agitators (anchors or helical
screws) are often used especially for heat transfer involving non-Newtonian
plastic or pseudo-plastic fluids where cavern formation (described in section
2.6.2.3) is likely with small high-speed agitators. Low speed, close clearance
agitators, promotes liquid movement close to the heat transfer surfaces, which
is beneficial to heat transfer. Edwards and Wilkinson (1972) describe the
addition of surface scrapers to enhance heat transfer and prevent sutface
build-up. These authots also review the design equations from a large number

of expetimentets covering a range of heat transfer surfaces and agitatots.

Because surface area to volume dectreases with scale-up maintaining geomettic
similarity, heat transfer can be quickly become limiting with increasing scale.
Extra heat transfer area can be obtained using finned tubes and plates as
described for example by Heggs (1999) and Sunden and Heggs (2000). A
novel way of inputting latge amounts of heat into a mixing vessel is by use of
induction heating, Heggs and Linn (1988) and Linn (1989).

2.8.3 Mass Transfer in Agitated Vessels

Gas-liquid mass transfer, solid-liquid mass and gas-liquid solid mass transfer is

considered in the following sections.
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2.83.1 Gas-liquid Mass Transfer and Interfacial Area in Agitated

Vessels

Mass transfer can be considered like heat transfer in terms of a film theory
with molecular diffusion controlling transfer through a laminar film whose

thickness depends on conditions in the bulk fluid. See Figure 2-52.

>
a

S

Figure 2-52: Interfacial behaviour for physical absorption according to the
two-film theory

It is assumed that a laminar film exists each side of the interface from which
transfer is by molecular diffusion alone. The concentration gradient is
therefore considered linear in these layers and zero outside. The rate equation

(r) for transfer across a contact area of A for this process is written as,

RA = kc.(Pr. ~ Pi)~ kL(C, ~CL) (mo1m2s’) (2-95)
where k(tand kL are the gas and liquid mass transfer coefficients (m/s)

For purely physical absorption the interfacial concentrations are assumed to

be equilibrium such that Ctis the solubility of the transferring species at its
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partial pressure. For a sparingly soluble species such as oxygen a linear
partition coefficient exists between the solubility of the dissolved gas and its
partial pressute. This is known as Henty’s law. The gas and liquid are

consideted to be at equilibsium at the intetface such that,
p; =HeC, (2.96)

whete He is the Henty’s Law partition coefficient. p, and Ci can be eliminated
from equation (2.95) to give,

Lo _¢
_(pe—Hc) _ Gy~ |
o=t = 2.97)

k. &,  k, Hek,

Oor

r,=Ky(ps —HeC,) =K, (%fg -C,) (2.98)
where,

KLG = é +/e£j (2.99)
and,

1
+

I _1 (2.100)
K, A& Hek,

where K; and K are the overall liquid and gas mass transfer coefficients.

For a sparingly soluble gas the gas film resistance is negligible and as &; > &
then 7/k; >>1/(Hek) thetefore,

k=K, (2.101)
If the gas phase resistance dominates then agitation of the liquid-phase should

not make much difference to the mass transfer process. Therefore, in this
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thesis only mass transfer where the liquid phase resistance dominates is

considered.
According to the film theory there is a direct dependency of &; on diffusivity,

_D,

5 2.102)

where & is the thickness of the liquid film.

Modifications of the film theoty, such as the penetration theoty or the surface
renewal or surface engulfinent theoty are also used in order to explain
experimental mass transfer results and build predictive models. These show a
different dependency of £, on diffusivity. For instance the sutface renewal

theory predicts (Danckwerts (1970)),
k=25 (2.103)

where ¢ is the exposure time, which depends upon the hydrodynamics of the

system.

The film theoty is normally considered adequate to desctibe the process by
which mass transfer occurs and is often preferred due to its simplicity.
Danckwetts (1970) showed that predictions based on this theoty ate normally
quantitatively very similar to those resulting from the more complicated

moaodels.

Like heat transfer the process of rate of mass transfer is controlled by the
products of a mass transfer coefficient an area and a concentration driving

force,
J =4k, aAC (2.104)

where [ is in molar rate of transfer per second per m® of liquid, 4, is the liquid

film mass transfer coefficient (m/s), “4” is the specific gas-liquid interfacial

area (m’/m”) and AC is the concentration driving force (mol/m’).

The volumetric rate of transfer per unit volume of liquid (r) is,
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r =k, aACl/, (mol/s) (2.105)
whete I} is the liquid volume

For gas liquid mass transfer in stitted vessels, the mass transfer coefficient
cannot be easily sepatated from the interfacial area. The gas hold-up is related

to the intetfacial area from:

(2.106)

whete &; is the hold-up fraction (m’ gas per m’ dispersion) and 4, is the mean
bubble size (m). Thus it is common to use a lumped parameter approach and

quote the mass transfer factor as £;  since this is what is often measured.

These & a data ate often correlated in a simple form in terms of energy
dissipation rates and gassing rates expressed in terms of the superficial gas
velocity such as that proposed recently by Gezotk ef 2/ (2001), who found
their data for a very wide of specific power inputs and gassing rates could all

be correlated by the following empirical equation:
&y a=0.0059(P /1) (2.107)

whete units of & zare s”, (P/V/) in W/m’ liquid and »;in m/s.
Hence to achieve a higher mass transfer factor requites an increase in the

specific power input and /ot the gassing rate. This however also impatts on

the driving force AC and the liquid volume 17, which may well dectease as a

consequence and thus reduce the overall benefit.

The data can be correlated in dimensionless groups relating heat and mass
transfer, for example by Calderbank and Moo-Young (1961) who obtained the

following correlations applicable to aerated mixing vessels:
For rigid spheres the cotrelating equation is,
/3

1
&, S = -—C—}!—i—cg-—(pt)Z/f‘ = o,31(£%‘ﬁ6£} (2.108)
(& C
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For bubbles >2.5 mm that do not behave like tigid sphetes they found,

1/3
k, Sc'’* = 0.42[93#) (2.109)
Pc

where the subscript . refers to the continuous phase. These equations, which

were obtained for a range of solutes, with a latge range of physical propetties,
suggest that the mass transfer coefficient is independent of the specific powet
input and agitator size, and depends solely on the physical properties of the
fluid. This is possible for a highly turbulent system. This in turn suggests that,
as far as gas-liquid mass transfer is concerned, the sole purpose of mechanical

agitation is to generate interfacial area for the mass transfer process.

Caldetbank (1958) had eatlier studied gas-liquid hold-up and interfacial area
using a pressure technique for gas hold-up and a light scattering technique to
estimate the interfacial area. He combined the results to estimate bubble sizes
using equation (2.106). He quotes his bubble sizes in tetms of the Sauter mean

bubble size, d;, which telates the volume to the sutface atea for transfer

according to,

N N
dy=>.dp, /> d;, (2.110)
=l 7=l

The bubble size estimates wete confirmed using a photographic technique. He
found that gas bubbles in pure fluids (coalescing) bubbles sizes have Sauter
mean diameters in the range 2 — 5 mm in agitated vessels that rise with a

constant velocity (v)) of 0.27 m/s. The intetfacial area (a) is given by:

04 .02 03
a=1.44[(PG/ [;LO_)G 2 ](:—5] @111)

!

where the expression in squate brackets was derived by consideration of a
force balance between surface tension forces and those due to turbulent

fluctuations, that is by using the Kolmogorov theory of local homogeneous
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isotropic tutbulence. Pg is the mechanical power input to the gas-liquid
dispetsion.

Sridhar and Potter (1980) also used the light attenuation technique to measure
interfacial atea and extended the above cottelation for higher superficial gas
velocities (up to 5 cm s-') and increased pressures, with gas density up to 18
kg/m’ and higher specific power inputs ((Po/V) up to = 10 W/kg) and
obtained the following modified cortelation:

N04 102 03 0.16
a= 144[%}(”_5") [ﬁ]{&} (2.112)
4 “ Pe NP

whete E; is the sum of the mechanical enetgy input P, and the gas energy

input P, The gas energy input is given by the following:
PQ =06(p, —Ps)gH  —cy) (2.113)
whete ¢is the height of the sparger from the bottom of the tank.

Thus the increase in interfacial atea is due ditectly to the increase in energy
input by the gas at higher superficial gas velocity and is also due to the
increased gas density. The 15 times increase in gas density used in this work is

predicted by equation (2.112) to produce a 54% increase in interfacial area.

The effect of the pressure or gas density on the interfacial atea appeats to be
linked also to the supetficial gas velocity. From bubble column studies
Wilkinson ¢ @/ (1990) and (1992) explained that this occurred due the
increased gas density delaying the transition from homogeneous to
heterogeneous flow. These authors found a relationship between gas-liquid

hold-up, interfacial atea and gas density with a propottionality of:
Increase in area ot hold-up is proportional to (0; /0,0

This is not too dissimilar to what Stidhat and Potter (1980) proposed for
mechanically stitred vessels. Othet wotkers have confirmed this effect in
bubble columns; for example Stegeman ez @/, (1996), who likewise confirmed

no effect of pressure on interfacial atea in the homogeneous regime. In an
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earlier paper Stegeman ef /. (1995) claimed no effect of pressure on hold-up
and interfacial area in agitated stitred vessels “except at extreme values of gas
inlet velocity”. In this work in a 0.156 m diameter vessel the maximum
superficial gas velocity was 0.02 m/s. Except at very high agitation rates this is
almost certainly operation in the homogeneous tegime. Note however that
scale-up at constant I'I’M would quickly raise the supetficial gas velocity to
values above the transition. Most latge-scale gas-liquid contactors operate in
the heterogencous regime where the effect of pressute on intetfacial area will

be significant.

Oyevaar (1991) measured interfacial atea, using the chemical absorption of
CO, into aqueous diethanalamine (DEA). They repotted a telative increase of
up to 200 % in interfacial area in a stirred tank contactor when the pressure
was raised from 0.15 to 8 mPa, dependent on specific power input and gassing
rate. This is consistent with a coalescence hindering theory for delaying the

transition to heterogeneous flow. They also claimed a distributor effect.

2.8.3.2 Methods of Measuring Gas-liquid Mass Transfer and Intetfacial

Area: A Critical Review

No subject in the stirred tank hydrodynamic literature seems to have courted
as much controversy as gas-liquid mass transfer coefficient measurements.
Gas-liquid mass transfer measurements can broadly be classified into two
main groups: transient methods and steady-state (ot pseudo steady-state)
methods. These are considered separately looking at the methods, the
underlying assumptions, any shottcomings and assessing their suitability and
applicability. Reviews of measuring methods for 4« have been covered
amongst othets by van’t Riet (1979), Keitel and Onken (1981), Linek and
Benes (1982), Sobotka et 4. (1982), Linek ez 4/. (1989), (1991), Nicontini (1990)
and Linek and Sinkule, (1993).
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2.8.3.3 Transient Gas-liquid Mass Transfer Measurements

These measutements ate generally made using a dissolved oxygen tension
(DOT) probe to follow the transient of oxygen transferred to or from the
liquid following a step change in the inlet conditions due to a step change in

either the inlet gas phase composition ot the pressure.

DOT probes obtained commercially are of two general types: galvanic or

polarographic.

Oxygen sensitive electrodes consist usually of two metal electrodes in contact
with an electrolyte and separated from the test medium by an oxygen

petmeable membrane.

The galvanic types are simple electro-chemical cells in which oxygen is

reduced at an inert cathode according to the equation,

%02 +H,0+2e" —20H"

with an accompanying anodic reaction of,
M*™ +20H  — M(OH), +2e”
whete (M) is a metal ion.

The cutrent produced by the galvanic reaction is limited by the rate of oxygen
diffusion across the membrane, which is propottional to the oxygen

concentration in the test medmum.

With the polarographic type electrodes a polatizing voltage is applied across
the electrodes and cutrent flows in the presence of oxygen, which is
propottion to the partial pressute of oxygen in the test medium. For example
a polarogtaphic probe with a silver anode, a platinum cathode and a potassium

chloride solution electrolyte causes oxygen to be reduced at the Platinum

cathode according to,
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%02 +H,0+2e” —20H"

whilst at the anode silver is oxidised,
24g > 24g" +2e”

then

Ag" +Cl™ — AgCl

The overall cell teaction is thus,

%oz +H,0+2.A4g +2CI" — 20H™ +2.AgCl (2.114)

The cell reaction sets up a current flow due to the conduction of electrons
from anode to cathode. The hydroxyl ions in the cell are entirely from oxygen
transported across the membrane since this is designed to be impermeable to

these ions.

The value of the applied voltages is such that that the current passed by the
cell in the presence of oxygen lies on the plateau (BC) (sketched in Figure

2-53) where (A) represents the decomposition voltage for a specific reaction.

(BC) lies between 0.5 and 0.9 V for the cell reaction shown in equation (2.114)
and for such an applied voltage the current passed is proportional to the rate
of oxygen diffusion across the membrane and hence to the oxygen

concentration in the test medium
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Cumer

Applied voltage

Figure 2-53: Current plateau for a polarographic probe

Some points to note that affect the analysis of the output from these probes

are given below:

* The probes have alag time. The probe dynamics are complicated and
depend upon the design of the probe (Spriet and Botterman (1984).
The dynamics have been variously modelled as a first order lag for
“rapid response probes” for examples Wisdom (1973), Davies et al.
(1985) or for slower probes, a second order lag consisting of a first
order diffusion film lag in series with a first order membrane lag as
proposed by Dang ef al. (1977). For second order behaviour, this
diffusion lag also depends on the local hydrodynamics and van’t Riet
(1979) recommends positioning these types of probe in the impeller
stream, if these effects are to be neglected. Other methods suggested
include using an auxiliary disc rotating in a direction parallel to the
probe membrane, Kipke (1977). However, this method has been

claimed to cause additional gas dispersion and affect the local
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hydrodynamics, thus artificially enhancing the measuted 4,2 value
according to Kénig ef 4/, (1979).

® The probes consume oxygen. This means that if the fluid turmover at
the membrane is not sufficiently fast then local oxygen depletion will
occur. This means that the probe position is important. Also the faster
the probe response is, generally, the more oxygen they consume and

the more they are sensitive to the local hydrodynamics.

® They measure a local concentration. This concentration may only be
representative of the whole vessel if the liquid phase mixing is fast
compared to the mass transfer. In eatlier work, Cooke ef 4/ (1988)
showed that the mixing had to be approximately three times faster
than the mass transfer in order for the “well-mixed” liquid with

respect to the mass transfer assumption to be realistic.

® The probe reading is propottional to the partial pressure of oxygeﬁ
which is required to produce the equilibrium oxygen concentration in
the solution, regardless of its solubility in the solution at a given
temperature. Hence, if the solubility changes, due changes in
composition of the solute, the equilibtium reading will not change.
This is important in systems like fermentations where changes in
glucose concentrations with time can have a marked effect on oxygen

solubility with a consequent change in calibration.

® TFollowing from the above, they do not differentiate between the
oxygen pattial pressute in the liquid and the oxygen partial pressure in
the gas. They measure both without distinction. Votruba and Sobota
(1976) showed that ignoring the influence of the gas-phase
contribution to the probe readings could lead to an overestimation of
the overall mass transfer factor £ 4 Votruba ez o/ (1977 and 1978)
suggested a method of correcting for the effect of local hold-up on the
probe. To minimise the effect of gas bubbles “seen” by the probe

membrane the probe needs to be otientated so that the probe
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membrane receives a positive liquid flow (high pressure at the

membrane), so that it “sees” predominantly liquid and not gas at the

membrane.

¢ The readings ate tempetature sensitive so temperature should be

controlled or compensated fort.

Dynamic tesponse analysis using DOT probes consists of analysing the
response of probes to a step change in either the inlet gas phase composition

or the pressure.

Some methods by which the step change in oxygen concentration has been

achieved are included in Table 2-14.

Although the dynamic method quickly gained considerable popularity it was
soon realised that undetr many conditions considerable etrots resulted from its

use.

It can be seen how these ertors arrive by consideration of the assumptions

behind the modelling.

2.8.3.3.1 Liquid Film Control

It is assumed that the transfer of gas to and from the liquid film is controlled
by diffusion of oxygen across the film at the surface of the bubble. This is a

reasonable assumption for a sparingly soluble gas.
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Method of Achieving Oxygen
step change:

1/ Stripping with nitrogen gas
with instantaneous switching to
air atconstant gassing and
stirring rates. Can be operated in
reverse direction switching from
air to nitrogen. In some variants
the oudet gas-phase
concentration with time is also
measured.

2/ Smpiping with nitrogen gas.
Nitrogen and agitation switched
o ff to allow bubbles to eseapie
then simultaneously switching
on air and agitation at the
desired gassing rate.

3/ Stripping with nitrogen gas.
Switching o ff nitrogen to allow
bubbles to eseapie with agitator
on, then suddenly switching to
air at the desired gassing rate.

4/ Similar to the above but
stopping by vacuum desorption
and then switching to oxygen

5/ Continuous air input.
Oxygen stnppied chemically
using a smallamounto f sodium
sulphite with cobalt catalyst.
When the sulphite is used up the
transient begins.

6/ Fermentation at steady-state
oxygen. Switch o ff air and
measure oxygen uptake rate by
fall in oxygen concentration.
Then when airis switched back
on k,a can be estimated from
absorption curve, as the oxygen
uptake rate is then known.

7/ Over-pressure used. A ttime
zero a sudden change m
pressure from steady-state
condition results in a transient
oxygen concentration change.

Reference example

Chapman (1981)
Chapman eta/. (1982)

Gibilaro etal. (1985)

Yagi and Yoshida (1975)

Smith etal. (1977)

Lmek etal (1982)

Wisdom (1973)

W iliams (1961)

Linek etal (1991) and
(1994).

Comments

The way the nitrogen gas
leaves the vessel depends upon
gas-phase mixing. The gas-
phase oxygen concentration
changes markedly with time.
Simultaneous dissolution and
devolution is occurring

Both P/V and the gas hold-up
vary with time during the initial
period after the gas and
agitation is switched on.

Both P /V and the gas hold-up
vary with time after the gasis
switched on.

Start-up time has to be
modelled but the gas-phase
composition does not change
with time. N ot suitable to large
scale tests.

System has to be dosed w ith
salts to prevent change in ionic
concentration effecting
coalescence, hence only
suitable for “non-coalescing”
“tests.

Problems associated with other
variants o fthe dynamic
method still exist

Gas volume and powerinput
changes initially until die new
equilibrium is established. For
pressure reduction, bubble
nucleation occurs Linek etal
(1994). Gas-phase com position
is constant

Table 2-14: Some dynamic ku t methods
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2.8.3.3.2 Henry’s Law

The oxygen concentration of the liquid at the gas-liquid interface is assumed
to be always in equilibrium with the gas phase as defined by Henty’s Law. This
implies that the rate at which oxygen is transferred across a single bubble of

sutface (§) is given by:
£k, J;(/?,CG —-C, ¥s (2.115)

whete Ais 7/He and He is the Henry’s law factot. Subsctipts G and L refer to
the gas and liquid phase respectively. Note that Henry’s constant changes with
changes in composition and temperature. With transient methods the

equilibrium value is measured at the end of the transient, hence calibration can

be achieved by normalizing with C” noting that at equilibrium C" = AC,,

2.8.3.3.3 Liquid Mixing

As stated by Bailey and Ollis (1986) the local oxygen transfet rate often vaties
with position in the reactor. For the output of a single probe to represent the
whole of the vessel requires an assumption that the liquid is perfectly backed
mixed. That is that the measured value of C; is independent of position. This
means that the liquid mixing must be faster than the mass transfer. Cooke ¢t @/,
(1988) showed that the liquid mixing needed to be three times faster than the
mass transfer for this assumption to be approximately valid. If the liquid is

well mixed with regards to the mass transfer then,

ac,

Vi, =k =k, [AC.dS -V kyaC, (2.116)

where S is the sutface atea of the bubbles, AC, = C and:

& a= 2.11
L4 % 2.117)

by, [ds
1.
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Usage of a2 number of probes in different positions still requites an assumption
that locally the liquid is well mixed and the imposition of a volume ovet which
the ideal liquid phase mixing is applied. For multiple agitated vessels this could
be the volume agitated by each agitator. In a recent paper by Lu ef 4. (2002),
the authors estimated £, 2 using a small DOT probe in many numetrous places
in a multiple agitation system and reported variations not only between
agitation zones but also within them? The authots show control volumes over
which they have assumed the liquid is locally well mixed. This apptoach
certainly demonstrated that the bulk liquid is not well mixed in this case, but
whether the 4;4 values estimated have any real meaning in this case is
debatable, although one could atgue a global average of all the tesults is likely
to be more representative of the vessel than a single value, when a global well-

mixed liquid is cleatly not applicable.
2.8.3.3.4 Probe Lag

Wisdom (1973) outlined a method whereby the response of the probe and
measuring system to a step change at the sensor could be tested for first order
response behaviour by plotting a graph of the logatithm of the concentration
deficit (C-C) against time where a resulting straight line confirmed a
reasonable fit to first order behaviour. Rapid response probes with time
constants (T,) of = 3 seconds can usually be adequately modelled as a first
order lag and this can be then be used to de-convolute the measured
concentrations in either the gas or liquid phase according to,

dC,u = (C _ CM)
dr Tp

(2.118)

Van’t Riet (1979) teports that the probe lag can be neglected when 7, <7/5

#; a as this produces an error in £ a of < 3%.
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2.8.3.3.5 Gas-phase Composition

For method 4 (ot method 5 used with pute oxygen) listed in Table 2-14, for all
times greater than # = 0, the gas phase consists of a single component gas
hence the oxygen concentration of the gas-phase does not change and
providing any start-up period can be reasonably modelled (as desctibed for
instance by Linek ¢ 2/ 1982), the method should give a good approximation

of a global & 2 when the liquid-phase can be considered well-mixed.

Fort cases involving oxygen transpott from ait then in otder to solve equation
(2.116) the cortresponding gas-phase concentration need to be estimated. For a
single probe representing a well-mixed liquid vessel this needs to be a global
estimate and this has vatiously been represented as no depletion, ideally back
mixed, ideal plug flow, non-ideally mixed using a dispersion model or by
measuring the outlet concentration with time (double response) analysis as

discussed below.

No depletion or simple model: The oxygen concentration is assumed to the
same evetywhere and equal to the inlet. The justification for this approach is
that oxygen is only sparingly soluble in aqueous systems. Therefore, providing
k; a is low and the gas phase residence time (7;) is very much shorter than the
time constant for £ 4, this approach has been shown to give very similar
results to more robust measurement techniques in air-water. The attraction of

the technique is that it is quick and simple to apply. The mass balance gives:

dC
—};L— =k, a(AC, —C,) (2.119)

where AC;; =C,” = the equilibrium liquid-phase oxygen concentration.

Integration of equation (2.119) yields:
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n Ci- —CL(’l)
CL _CL(tl)
(tz _tl)

This model has been vatiously used with methods 1 to 5 in Table 2-14.

kya=

(2.120)

In methods 1 to 4 it is usual to statt at time 7 about one third up the tesponse
curve to allow either all the tesidual nitrogen gas to have escaped from the
vessel or to establish the hold-up from the statt-up time. Method 5 can be
used from /= 0 = statt of transient but note in this case the presence of salts
means that the system is ionic and it will seen later that this poses its own
problems with dynamic measurements. The usual test for consistency of this
modelling is that In/{C; -C, 5}/ (G, -G, )} versus ¢ should fit a straight line with

an R? correlation coefficient of = 0.999.
This method only gives acceptable results if 7; <<7/k,a.

Van’t Riet (1979) showed that 7; =£;H, /»; and that as &; scales with »; at
constant (P/1/) then it follows that 7 increases with scale. Therefore, the

method is only suitable for small vessels where 7; is trmly <<7/ka If
methods 1 to 4, from Table 2-14, are applied by fitting equation (2.119) from #
= 0 and C; = 0, then it cannot be justified as the effect of the statt-up period
on either the gas-phase hold-up and energy dissipation rates or the effect of
tesidual nitrogen gas for quick change-over methods, leads to errors in fitting
the beginning of the response cutve. This leads to an underestimation of 4, ¢
even for values apparently < 0.04s” by this method as shown by Chapman
(1981) and again by Davies (1986).

In spite of the drawbacks and bad press; examples Dunn and Finsele (1975),
Dang et al. (1977) Davies (1986) Linek ez 4/ (1989), (1991), Nicontini (1990)
and Linek and Sinkule, (1993); the above method is still being used. A recent
example was Lu e/ «. (2002) using method 1 from Table 2-14 fitted to
equation (2.119), and ignoting the ptobe lag time. In this case it was probably
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justified as the wotk was done in air-water and for the conditions they used

both 7, < 1/5k aand 7, <1/ 5k a

Well-mixed gas and liquid-phase model: Dunn and Einsele (1975) pointed
out the danger of ignoring the probe and gas-phase dynamics and proposed a
model with a well-mixed gas and liquid-phase whete the probe lag was also
included. In order to apply this model, for example for method 1 in Table
2-14, requites some more genetalising assumptions. It is assumed that at any
time # the gas concentration is equal everywhete but in this case equal to the
outlet concentration, which 1s not necessarily the same as the inlet. Ignoting

nitrogen devolution from the liquid then from the perfect liquid mixing

assumption:
5’%- =k, a(AC,~C,) 2.121)

A gas-phase oxygen balance shows oxygen supplied with the sparge stream
and lost by gas leaving the reactor plus oxygen lost to the liquid stream by

transfer thus:

dCe _ 0C, —C.)-V k a(AC,.~C,) (2.122)

V.
<

with boundary conditions C,= C; = 0 at time #= 0.

Davies (1986), showed that this model (applied to method 1) consistently
overestimates &; # as it underestimates the oxygen driving force. It can only be

applicable in cases of very high gas recirculation rates.

Plug-flow gas phase model: A physically more realistic model of the gas-
phase, especially for larger vessels with higher superficial gas velocities, is ideal
plug flow. In this case the unsteady-state gas balance allows the gas-phase to
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change with position as well as time. A mass balance to describe method 1 in

Table 2-14 was given by Davies (1986):
Non-ideal (double response) gas-phase model;

Chapman ¢ a/. (1982) argued that by simultaneously measuring the liquid
concentration and the outlet gas concentration the gas-phase mixing term
could be eliminated. Initially, at time zero there is no oxygen in the system. At
some time later the amount of oxygen retained in the system is the difference
between the oxygen sparged in and that in the outlet gas. The authots
assumed a mono-sized gas dispetsion and negligible change in gas volume (or
that the amount of oxygen transfer from the gas phase to the liquid equals the
amount of nitrogen devolved). The gas and liquid concentrations were
normalized by dividing gas and liquid concentrations by the final steady-state

values to obtain the following mass balance:

*

on
i
* * V
;'Q—j:a-c,,)dt—cLU L +1]
v, v

G

b a= (2.123)

The off-gas was collected in an inverted funnel arrangement and measured
using an oxygen probe. The data were de-convoluted for probe lags using
equation (2.118). The lag in the sampling system needs to be modelled. In my
own expetience of the use of this method, this was modelled as a distance-
time lag assuming plug flow followed by a first order probe lag. The distance-
time lag was a fitted value as the flow was not easy to determine. It was noted
that for a large vessel, the “fitted” value was much longer than physics would
suggest from a lag from the free liquid surface to the probe, and would seem
to include the gas residence time from the liquid ptobe to the free sutface.
Nevertheless this method proved to be reasonably robust for air-water and in
agreement with steady-state methods of measuring &; 4 in the same system. In

the comparisons made by Davies (1986) the double tesponse method gave
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tesults that were higher though close to the ideal plug flow gas phase model.
By compatison the simple no-depletion model setiously underestimated £, «
undet some conditions, whilst under the same conditions the fully back-mixed
gas-phase model setiously overestimated & 4 and these effects were both non-

lineat meaning that the methods were not even viable for comparative tests.

2.8.3.3.6 Dynamic k;2a Measurements in Live Fermentation Cultures.

This is method 6 in Table 2-14

ac,
dr

*

=kalC," =Cp)=a, X 2.124)

X is cell constant and a,, is the specific oxygen uptake rate. Other terms have

their usual meaning. When air is switched off, the first tetm is zero:

C 1=t
L [dC == {a,, xat
dr ’ c, i
C-C,=-a, Xt (2.125)
C ==a, Xt+C,

The group a,, X. can be evaluated by Plotting “C” against tite.

When the air is switched on,

if% +ap, X =k alC" ~C) 2.126)

As the group a,, X is known, this expression can be evaluated to yield 4 4.
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2.8.3.3.7 Undesirable Effect of a Two-component System, Using

Transient Methods to Estimate £; 2 in Aerated Systems

For air-liquid systems othet than pute watet, expetimenters using transient
methods compared to steady-state evaluations have repotted some large
differences in estimated &4 values. Examples include Coocke ¢f 4/ (1991)
where it is found that for water containing either 20-ppm polypropylene glycol
(PPG) or 0.4% sodium catboxyl-methyl-cellulose (CMC), the transient & 4 is
around 20% of the steady-state values at the same conditions. Likewise Linek
et al. (1991) reported transient £, 4 by the gassing out technique as low as 15%
of values determined from the pressure swing technique in fermentation

medium.

Heijnen e a/l. (1980) identified the influence of the tiny gas bubbles in transient
two-component gas systems as the cause of these discrepancies. When
subjected to z transient change in the gas-phase composition these bubbles
have such a small gas-liquid equilibrium time compared to their residence time
that they act as a pseudo-liquid with the oxygen change in these tiny bubbles
mirroring the liquid-phase composition. However as oxygen at equilibrium is
approximately 30 times as concentrated in the gas phase as the liquid phase a
small volume percentage of these bubbles makes a large difference to the
oxygen up-take rate. The authors proposed a cotrection method for dynamic

4y a according to the following relationship:

kya=kya,(1+ Hee,) (2.126)
whete &4y is the dynamic mass transfer factor and &, (= 17,/17)) is the
volume fraction of tiny (two-component) bubbles. Taking a typical value of

He as 30 for ait-water, then a 3% hold-up of tiny bubbles is predicted to

decrease the “dynamic” value &, @ to 53% of the real “steady-state” value.
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2.8.3.3.8 Conclusions Regarding the Dynamic Methods of measuring
k,ain Aerated Systems

The transient method of & 2 measutement in air-water systems is only suitable
fot pure coalescing liquids except by the positive pressure swing method. For
fluids containing electrolytes or surfactants ot whose propetties give rise to a
fraction of tiny bubbles with a tresidence time >> equilibrium time, the

transient method will give an artificially “low” value and considerable etrors.

When used the method has include a “realistic” description of the gas-phase

dynamics as described above.

Method 4 from Table 2-14 is sound but is only suitable for small-scale work

where large quantities of oxygen are not demanded. Hence it cannot be used

to investigate scale effects.

N
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Figute 2-54: Testing the well mixed liquid phase assumption for air-water.
To be well mixed the ratio of the time constant for mass transfer (7(kra) =
1/k1a) should be = three times the time constant for mixing (Tmix).

Assuming first order mixing Tmix = to/In(10). The calculations were done
assuming an H=T baffled cylindrical vessel containing a single D=T/2,
Scaba 6SRGT impeller at a clearance of T/4.
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All methods (including steady-state methods) use a well-mixed liquid phase
assumption. It can be shown that this is only justified globally for modest
power inputs, scales and gassing rates. An examination of equations (2.54)
(mixing) and equation (2.107) (mass-transfer) shows that on a given scale
mixing times ate proportional to P’ wheteas £, 2 is propottional to P*'. Thus
as P/ 1/ increases it becomes less likely that the well-mixed liquid assumption
applies. With higher H/T and multiple agjtators the mixing gets wotse overall
but not the mass transfer. As scale increases the mixing gets worse. Fora 2 m
diameter vessel, calculations show that at almost all practical operating
conditions in air-water the well-mixed assumption is not justified even for a
single agitator in an H = T geometry. This is illustrated in Figure 2-54, by data
points below the “well-mixed line”. Even a small vessel of T = 0.3 m is not
well mixed with respect to mass transfer at a supetficial gas velocity of 0.1
m/s. On the 2 m vessel all £, 4 values above 0.07 s (a common fermentation

value) cannot be assumed to satisfy a well-mixed liquid phase assumption.

2.8.3.4 Steady-state or Pseudo Steady-state Gas-liquid Mass Transfer

Measurements

Steady-state methods have the advantage that they are not as dependent on
the gas-phase hydrodynamics when two component gas-phase systems are
used, since they involve sparingly soluble gases and in most cases the

differences between the inlet and outlet gas phase composition is small.

Konig et al. (1979) used a purely physical steady-state method feeding nitrogen
stripped liquid from a bubble column to a temperatute controlled aerated
stitred tank reactor. The liquid was continuously removed from the reactor
and fed back via a degasser to the bubble column where it the oxygen was
removed. The oxygen in the feed C;;and the oxygen in the stitred tank C;
were continuously measured. £, 4 is calculated from an overall oxygen balance.

For the gas-phase,
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In = out - transfer

06,Cs =0, +Vi K a(AC; —C))
For the liquid phase,

In = out + transfet

Q,,Cri = Q1o =V ik a(AC; = C))

whete Q is a volumetric flow rate and subsctipts G, L, 7 and o refer to gas,
liquid, inlet and outlet respectively and AC,; is the equilibrfium oxygen at the

interface = C; %
At steady-state, since oxygen is only sparingly soluble in water,

=0 =LProand O, =01, = 0o

Assuming a well-mixed liquid, then C; = (;, Thetefore:
Vika(Cr ~C)=0:(Coq =Cop) = L20.(CL. =Cy.) (2.128)
Thus £, 2 can be found by rearranging the above equation to give,

b oa= .QG(CG; _Cco)

- (2.129)
- VL (CL - CL )
The unknown Cg, can be found from equation (2.123)
C.,=C O, C,-C 0
GO — Gi_‘“‘“‘( L= L,-) (2-13 )
Os
which substituted back into equation (2.124) results in,
kya= g&ﬁ:_g_h_) (2.131)

VL (C; —-Cp)
Note that Q, /1, is the liquid tesidence time 7.
The oxygen driving force (C; — C, ) can be estimated for the following cases:

No oxygen Depletion: (C; —~C, )=(AC, —C,)
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Well mixed gas-phase: (C; —C, )= (AC4 =C,)

*

. - -{c’ - MC,.. -C
Plug flow gas-phase: (C; —C, ) = (C,:, C, )‘ (Cm CL) - ( Gl GO)
ln( CLi - C1L ] ln( CLi - CL ]
Cp—-C, Cio—Cy

This looks an elegant technique. In practice howevet, it is found that in order

to minimise errors C; needs to be well below the saturation value as shown
for example by Keitel and Onken (1981). This requites high liquid flows,
which limits the applications to small scale and may effect the well-mixed

liquid assumption as well as the local hydrodynamics.

Note also that here the “well mixed” assumption infers C* and C; are
independent of position and time. Bailey and Ollis (1986) teach us that in
practice these quantities vaty with position and should be considered the
summation or integration of point values within the system. Therefore the
oxygen probe should be used in a number of positions or multiple probes
should be used.

Chemical methods can be used to yield simultaneously the liquid side mass
transfer coefficient “%&;” and the intetfacial area “#”, according to the theory
given by Danckwerts (1970). This is based on the film theory, although it is
shown that other theoties result in almost identical predictions. The treatment
revolves atound the relative rates of gas-liquid mass transfer and reaction. The
reaction rate controls the overall rate if it is very slow. If it is fast the overall
rate is controlled by the mass transfer rate. Very fast reactions influence the
diffusion process, causing enhancement of mass transfer above the purely
physical case; this enhancement depends upon the reaction rate. In the
“instantaneous” reaction regime, mass transfer again controls the overall rate

of the process.
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Accotding to Danckwerts (1970), the use of a chemical reaction to
simultaneously measure “£&;” and “4” is dependent on a general pseudo-order

reaction scheme of the type:

nA+mB — products (2.132)

of order # in dissolving gas component .4 and » in liquid phase component B,

and whete #/m =g.

If C, and ;; represent the molar concentrations of A4 and B respectively in the

liquid, then the rate of reaction of A4 is given by,

r,=k

nnt

CCy moles/s/unit vol. of liquid. (2.133)

A reaction time (Ty) is defined as,

n+l1
Ty = | 2.134
“ (ue,,,,cf:")c;"J ey
The mass transfer of A into the liquid is described by,
r, =k a(C’, —C ,) moles/s/unit vol. of liquid (2.135)

where k; is the mass transfer coefficient, ‘4" is the interfacial area per unit

volume of teactor and C¥is the mterface concentration of 4.

A mass transfer diffusion time is defined as,

(2.136)

where D, 1s the diffusivity of the transferting species 4 in the liquid. If a
“fast” reaction is occurring within the diffusion film near the interface it will

enhance the teaction and equation (2.135) becomes,

ro=k *a(C,-C,) (2.137)

where
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jéL ¥ = ‘/ZDL'éwn (C:l — CA )”_1 (Cg )’” (2.133)

n+1

It is noted that £, * depends on the reaction rates not the hydrodynamics

conditions. Also for fast reactions C, is zeto as the gas reacts as soon as it is
transferred. The ratio of diffusion to reaction neat the gas-liquid interface is

expressed as the Hatta number (Ha) that is expressed as,

Ha =.[1, /7, (2.136)

The Hatta number determines the extent to which diffusion controls the

liquid phase reaction rate.

Diffusion control: For a pseudo 7" otder reaction where the concentration

of B in the film is approximately constant the following condition given by
Sharma and Danckwetts (1970) holds,

s+ Yl o
Ha=—- (2D’*'€’”’(C"‘) (cs) ]<< Cy (2.140)

k. n+1 qC",

For a pseudo first order reaction (first order in .4 and B with B >> A), which

is moderately fast so that,

0.02 < IED- <2 2.141)
Tr

then in this region,

no= aC;-\/DL.éng + &’ (2.142)

Thetefore, if Cp is vatied, a plot of (r;)* versus k,C3 has a slope of
D,(aC.)* and an intercept of (& C,)>. Thus, &, and 2 can be determined
simultaneously. This is known as a Danckwerts plot.

If the rate of reaction is sufficiently fast such that the Hatta number (Ha) > 3,

in which,
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= Y-l m
- [REETET) ot

&y n+l1

Then the reaction occuts in the film neat the liquid intetrface (no liquid film
resistance) and the rate of absotption of gas pet unit volume of dispession for

a pseudo first order reaction is given by,

7 =aC \[D £CC (2.144)

In this regime the interfacial area “a” can be determined.

The oxidation of sodium sulphite catalysed by small amounts of C#* or Co™*
ions in an aqueous phase has classically been used fot tnass transfer and
interfacial area determinations. However the presence of sulphite and sulphate
ions means that solution is non-coalescing and hence is not suitable for
studying non-coalescing systems. The chemical kinetics of the reaction must
be accurately known (difficult when small quantities ate involved) for reliable
measutements to be made. As the oxygen concentration in the liquid phase
tends to zero, the rate of absotption of oxygen is monitored by titration of the

unteacted sulphite with time.

Danckwerts (10-3, 1970) and Van’t Riet (1979) have reviewed the problems
with the chemical technique using the sodium sulphite oxidation scheme that
includes complicated kinetics, which are affected by ions, concentrations, pH
and impurities and these and other unfavourable reviews have led to the

dectease in the use of this technique for interfacial area and Aa

measutements.

Sridharan and Sharma (1976) give a comprehensive list of systems that have
been developed for the measurement of the “effective” interfacial area by the
chemical method, which allow the use of a wide range of hydrocarbon

solvents using the reaction between carbon dioxide and amines.

The term “effective” surface area for interfacial area derived by chemical

techniques atises from the fact that considerable differences in interfacial area
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determined by the chemical technique compared to physical techniques such
as light scattering have been reported by, for example, Stidar and Potter
(1978). The interfacial area determined by the chemical method is less than
that found by physical methods. This was considered to be due to variations in
mass transfer regimes in different regions of the vessel due to spatial variations
in energy dissipation rates. It may also be due to incorrect kinetics being

applied.

2.8.3.4.1 Respiring Yeast for Steady-state Gas-liquid Mass Transfer

Measurements

Biological systems containing living otganisms can be used to estimate &4
under steady-state conditions by measuting the dissolved oxygen
concentration and the oxygen uptake rate (OUR), which is determined by a

mass balance on oxygen. At equilibtium,
OUR = Q;(C —Ce)K'/ V= kalC*—C,) (2.145)
where (), is the volumetric gas flow and the constant K’ is determined from

the ideal gas laws, K'= L
RT

Note p; is the inlet pressute = (atmospheric + head + over-pressure).

However, as pointed out in section 2.8.3.3.2, the solubility of oxygen in
fermentation medium depends on composition, which is difficult to keep
constant. This makes determination of the correct Henty’s law constant to use

at any given time in the fermentation process somewhat problematic.

Hickman (1985) overcame this problem by using trespiting yeast in a model
fluid to estimate mass transfer coefficients in model fermentation broths.
Yeast has little or no effect on Henty’s constant and is equally happy under
aerobic and anaerobic conditions producing alcohol under the latter
conditions. By use of a limiting glucose supply he was able achieve steady-

state dissolved oxygen levels using the tespiring yeast, coupled with constant
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low glucose concentrations in the liquid (constant Henry’s law constant). He
was concerned with the effect of the rheological properties on the mass
transfer properties which he alteted using CMC additions. The liquid side

mass transfer factor was determined from equation (2.145).

2.8.3.4.2 The Peroxide Technique for Pseudo Steady-state Gas-liquid

Mass Transfer Measurements

This method was otiginally proposed by Hickman (1988) and investigated by
Cooke ¢t al. (1991). In its original formulation 30% hydrogen peroxide is

continuously added to the liquid phase at a molar feed rate O , where it

broken down by the enzyme Catalase (BDH Ltd ot Sigma Chemicals Ltd,
bovine liver extract, 2 x 10° enzyme units (EU) per ml The reaction scheme is

as follows,

2H,0,—%>2H,0+0, (2.146)
with a rate of,

r = constant X [H, 0, | [ear]” (2.147)

Muller and Davidson, (1992) and Martin ef 2/. (1994) used activated manganese
dioxide as an alternative catalyst. Vasconcelos ef @/ (1997) showed that the
same reaction kinetics could be applied for both methods of catalysis
(obtaining comparable results both methods), which are fitst order with

respect to hydrogen peroxide and independent of the catalyst concentration

over a wide range. That is, A=1 and B=0.

Oxygen is continuously produced in the liquid and stripped by the continuous
flow of air. Initially hydrogen peroxide and oxygen accumulate in the liquid
until a steady state is reached where the reaction rate is balanced by the

petoxide addition rate and the rate of oxygen production is equal to the
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oxygen transfer rate (OTR) from the liquid phase to the gas phase. For this

condition,

, =L, (2.148)
V.

and from the stoichiometty,

r C

L -0TR =4 a(C. —=5 2.149

2 La(Cy He ) ( )

The outlet gas concentration Cg, can be measured or may be calculated by

mass balance, once the outlet gas flow Q, is known. Assuning the ideal gas

law applies this is as follows,
OTRIV R ;
QO = (QG; + = T]’& (2.150)
pi Po
giving,
Co = (G +OTRY,) @2.151)
-QGo

Hickman (1988) claims the calculated outlet gas concentration is in good

agreement with the measured value.

Then assuming a well-mixed liquid phase, C; is constant and the driving force
(C,-C/ He) can be calculated according to,

For a well-mixed gas phase,
Ce=Ceo (2.152)
For a plug flow gas-phase,
. Ce,—Ce
(C.-Co)= _(_9.__,__9_)_ (2.153)

CL - C;a
Under the experimental conditions used, there is little difference between the

inlet and outlet gas concentrations and diffetences in £, 4 values between the
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two gas-phase models are generally < 5%. The difference in gas flow rates

between the inlet and outlet is also small, generally about 0.5%.

The hquid-phase mixing could be important as pointed out by Hickman
(1988); “If liguid mixing were poor, then the reaction kinetics are such that it would be
possible fo have point fo point variations of peroxide concentration and reaction rate.
Consequently there would be poiut to point variations of dissolved oxcygen concentration which
would prevent the measurement of accurate &, a values”. In extreme cases, vety viscous,
or large vessels where the liquid mixing is vety poor he recommends the use

of multi-point addition of hydrogen petoxide.

Catalase is quickly deactivated in strong electrolyte solutions containing salts
so manganese dioxide is prefetred in this case. The latter is also much more

stable.

The restrictions to the use of manganese dioxide ate when a dissolved species
may be absorbed by manganese dioxide and thetefore mote easily degraded by
oxidation. For example catbohydrates or polyhydroxy compounds such as
polypropylene glycol (PPG) as tepotted by Martin er 2/ (1994) and
Vasconcelos e al (1997). Martin reports the effect of the MnO, catalyst on
PPG solutions is to rapidly reduce the coalescence retardation properties of

the solution.

The hydrogen peroxide method with the choice of catalyst to suit the solution
is rapidly becoming “the standard” technique for mass transfer measutements

in gas-liquid systems.

2.8.3.5 Solid-liquid Mass Transfer in Agitated Vessels

For solid-liquid mass transfer, off-bottom suspension is usually all that is
required. Nienow and Miles (1978) found that the mass transfer coefficient at
the just suspension condition is almost independent of mixer type, size and

specific power input for a baffled vessel and a given solid-liquid system. Hence
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agitator configurations that are particularly efficient for particle suspension

require less mechanical power to achieve a given mass transfer duty.

Unbaffled vessels which utilise swirl to achieve just suspension conditions at
lower power inputs than baffled tank have been shown to have higher values
of particle-fluid mass transfer coefficients at the same power consumption as

baffled vessels for example by Grisafi etal. (1994).

It is concluded that for a batch system off-bottom suspension is generally all
that is required for particle-liquid mass transfer. However, in a continuous
system a bottom heavy suspension could result in a shorter residence time for
the solid phase, which would result in poorer mass transfer. Hence for a
continuous system the residence time distribution of the phases needs to be

considered for mass transfer purposes.

2.83.6 Gas-liquid-solid Mass Transfer in Agitated Vessels

A typical example of gas-liquid-solid mass transfer is an aerobic fermentation
where oxygen from the gas-phase must reach the surface of the growing cells
that are suspended in the liquid. The resistance diagram for this is shown in

Figure 2-55 from Levenspiel (1972 - Chapter 13, Fluid-Fluid Reactions).

Gas-liquid interface

Surface of oxygerv
absorbing ceils "

7. Kb

Figure 2-55: Resistances to oxygen absorption by cells in an aerobic
fermenter
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It is obviously mmportant for a designer to decide whethet the major mass
transfer limitation lies at gas-liquid or solid-liquid interfaces and this can be
ascertained by independently changing the gas-liquid interfacial atea and the

amount ot size of the solid.
A strategy using a semi-technical reactor could for example be:

Under isothermal conditions and with teactant gas at a rate where the reacting

gas leaves the reactor and with shurty concentration and patticle size

disttibution fixed:

Alter the ptessute to altet the equilibtium concentration(C"). Unless reaction is

instantaneous, this should affect the rate.

Alter the agitation rate at fixed temperature, pressute and gassing rate. This
alters £&; &;and “4”. No effect would suggest a slow reaction rate or major
mass transfer barrier at the liquid solid interface. If there was no effect, change
the temperature to determine whether it is diffusion at solid surface or surface

reaction that controls.

Altet the gassing rate. This changes 4 4, supetficial gas velocity, gas-liquid
hol&-up and power.

Alter the gas dilution (blend with nitrogen) but change total ptessute so that
the partial pressutre of reacting gas is constant. If this affects rates that could

indicate a gas-phase diffusion control mechanism.

Change the specific surface atea of particles ot volume of particles at fixed

size. An effect means that particle-liquid mass transfer is controlling.

Change the tempetature to find out whether it is solid-liquid reaction rates or

pore diffusion rates control.
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2.8.4. Literature Gas-liquid Mass Transfer Results and Correlations

Using dimensional analysis Sideman ez /. (1966) proposed a general form for
the gas-mass transfer equation in terms of a modified Sherwood number Sh’

as,

Sh' = é'gD 2 =k(Re)”(Sc)b(&Jr(££] (2.154)

L G J\HL

s ) is a gas flow

whete Re and Sc are defined in Table 2-10, the group (
g

number in terms the liquid phase viscosity, supertficial gas velocity and
interfacial tension and Mg,H, are the gas and liquid phase viscosities

respectively.

Unfortunately the physical propetties do not always reflect the mass transfer
behaviour and small quantities of impurities can have a marked effect on gas-
liquid mass transfer, intetfacial area and gas-liquid hold-up as shown by the

examples below.

The addition of small quantities of salts (around 0.1 molar concentration,
dependent on the ions) markedly hinders coalescence, decreases the mean
bubble size and increases gas-liquid hold-up and 4 4. The mechanisms for
this are discussed by Lee and Meytick (1970) and Lessard and Zieminski
(1971). The mass transfer factor (£;4) approximately doubles when potassium
chloride is added to watet in an aerated stirred vessel at 0.1 molar
concentration as repotted for example by Cooke ef 2/. (1991) and Van’t Riet
(1979). Mattin ef al (1994), repott an increase in k@ with increasing
concentration of sulphate ions. Machon ez 4/. (1997) repotted that regardless of
surface tension, the bubble sizes in solutons of -electrolytes were

apptroximately the same and much less than water. Machon and Linek (1974)
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investigated the effect of salts on the rate of mass transfer across a plane
interface between a gas and a mechanically agitated aqueous solution of
inorganic electrolytes. They tepotted that the liquid mass transfer coefficient
&, decteases with incteasing salt concentration. They attributed this to the
sutface film properties of the electrolyte solutions. The decrease in A&

howevet, is more than offset by the increase in interfacial area.

Antifoams also have a matked effect on coalescence at very low
concentrations, albeit by a different mechanism from salts [Lee and Meyrick
(1970)] due to adsotption at the gas-liquid interface. Silicone antifoams reduce

interfacial area and have been found to adversely affect &; a.

Plichon ef al. (1976) tepotts the addition of the anti-foam, silicon "Rhodorsil"
during fermentation provokes an impottant diminution of the dissolved
oxygen rate and an interruption of bactetial growth. Warmoeskerken and
Smith (1978) repotted that when smail amounts of silicone oil were added to
otherwise pure distilled water, which was absotbing oxygen from dispersed air,
the gas-liquid mass-transfer rate decreased even for microscopic quantities of
added oil. Tt was also established that several hours are needed before the

effects teach theitr maximum,

Van de Donk ez 2. (1979) reported that traces of silicone oil decreased &, 4 by

approximately 20% in a plunging jet contactor.

Polypropylene glycol (PPG) is also used as an antifoam agent. This produces a
very large increase in sutface atea. Cooke ez a/. (1988) reported that it enhanced
gas-liquid mass transfer in simulated fetmentation brews but showed a lower
mass transfer when added to pute water Cooke ¢ @/ (1991). Martin e al
(1994) reported that addition of traces of PPG to water gave similar mass
transfer coefficients to watet but caused foaming and a large increase in gas

hold-up and interfacial area.

Bruining ez al. (1986), examined the effect of small amounts. (0.5-1 vol. %) of
a dispersed organic phase, for example (hexadecane, decane, decanol,

cyclohexane), on the rate of gas-liquid mass transfer, using the sulphite
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oxidation technique, in a stirred cell. They reported that the mass-transfer rate
was enhanced by the presence of these materials when the drop diameter was
< the film thickness and the oxygen solubility in the otganic phase was larger
than that in water. They proposed a model that they claim predicts their

experimental enhancement factors with reasonable accuracy.

For constant fluid properties in mechanically stitred vessels equation (2.154)

reduces to the form,
k, a = constant X (P /17)*» " (2.155)
This is generally used for comparative data.

In this form it is generally reported, for constant fluid properties and
operation in the agitator-dominated regime, that the propottionality constant
and power law indices ate independent of agitator type. Using this form,
Cooke ¢f al. (1988) reported no effect of agitator type for 6 agitator types.
Bujalski ¢ 4/ (1990) found that up-pumping turbines gave equal &4 to
Rushton turbines when compared at the same specific power inputs and
gassing rates. Martin e 4/ (1994) at constant gas rate, shows very little
difference in the mass transfer performance of a Rushton turbine and a
Prochem Maxflo when the data is plotted against the energy dissipation rate
(P/ V). John ez al. (1997) also showed no effect of impeller choice and Whitton
and Nienow (1993) tepotted that the relationship was independent of scale.

The specific power input is sometimes quoted as total power, which includes
the specific gas power: The relationship between specific gas power
(Py ! p V. =Qc(p, = ps)g(H, —cg)! p,V,) and supetficial gas velocity
(v; = 4Q./7T") is appatent. For a standard vessel (I, = #zT°H, /4), thetefore
(whete the gas density (pg) can be ignored and providing c; =0, that is gas

sparged in at the bottom of the base),
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Fo 2.156)
oV, =40 (2.

Units of specific power input should be W/kg, although they are sometimes
quoted as W/m’. Some literature data on the basis of equation (2.155) are
shown in Table 2-15. Where necessary, the literatmre proportionality constant
has been adjusted to show the cottelation in terms of W/ kg In each case a
“std” 4 a has been computed for a mechanical P/I” of 1 W/kg and a
supetficial gas velocity of 0.05 m/s; noting from equation (2.156) that specific
gas power in W/ kgis go;

The standard (std) comparison for ait-water shows a large varability range
with predictions of 0.074 s™ to 0.159 s'. This is an average of 0.108 s™ + 47%.

The petéxide technique seems to give much higher tesults than the so-called
“good” transient results of Cooke ez 4/. (1988) and Linek ez 2/ (1987). It makes
one wonder whether there is some change in physical properties with pure
water for this system. The reaction is exothermic so perhaps there is a change
in the interfacial properties? Catalase is dissolved in methanol so this may
affect interfacial propetties. Finely divided manganese dioxide catalyst could
also be present at the interface causing a change in interfacial gradients. It has
been reported that small quantities of active catbon significantly enhance 4,
by for example Kats ¢f 4/, (1979) and Alper et 4/. (1980) and active MnO, could

act in the same way.

On the other hand the predictions for electrolyte are much mote consistent.
Ignoring the van’t Riet (1979) cotrelation that appears to give too low a value,
all the other data predicts (std) values between 0.231 s™ and 0.280 s, with an
average of 0.253 s + 10%. These are approximately double those for air-

watet.

It is noted that the range of powet law indices is quite remarkable, suggesting
that these types of correlations are only useful for comparative putposes. The
variations in these constants and indices, found by different expetimenters, are

pethaps not too surptising considering they cover a range of agitator and
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bubble hydrodynamic regimes. Davies (1986), following Smith ez 4/ (1985),
found different constants and indices for operation between the vortex and

the 3:3 cavity regimes for disc tutbines, although the data could be cozrtelated

together almost as well.

Lopes de Figueiredo and Caldetbank, (1979) using a transient, fully back-
mixed gas-phase model on two scales claimed a scale effect. Theit scale-up

equation for air-water was,

kyal’} = 151072 pO5*, 075 (2.157)

However, as shown eatlier a fully back-mixed gas-phase model is

inappropriate in most cases.
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Equation type: &, @ = lé(P / | Sk Whete agitation power alone has been used for P/V
in the correlation the data reference source is marked with a *.

Reference Scale (m) e Compare
tator . a3
source /Aspect tyf)ies Fluids -k a b st
/Method tatio kya (s
Smith ez a/ Tm) = 6RT
1977 0.61-1.83 D=T/3 Air-water | 0.111 0.69 0.23 | 0.074
Transient-No H/T=11 D=T/2
depletion
Van’t Riet 2-26001 Air-water | 0412 | 04 0.5 0.092
(1979)* ?
Various 2-44001 Adr- 0.252 | 0.7 0.2 0.138
electrolyte
Linek ez af, Air-water | 0.298 | 0.593 | 04 0.090
*
(1987) T=029m | 6RT
g‘““s‘e““ using | 49 D=T/3 | Aie- 0930 | 0946 | 0.4 | 0280
- pure Os
electrolyte
Hickman 0.6 m,
GRT
(1988)* 20m Air-water | 1.18 047 | 0.67 | 0.159
D=T/3
Peroxide H/T=1:1
Cooke et al T=029m | 3x6RT
(1988) H/T=31 | 6GF+ Ait-water | 0.2 0.7 0.3 0.108
Transient 2- 2x4PHF
probe D=T/2
Cooke ef al.
(1991) T=029m { GRT Air-0.1M
Transtent 2- H/T=11 | D=T/2 KCl 0.69 0.6 042 | 0.249
probe
Peroxide
T=0.61m
Vasconcelos of APV-B2 | Airwater | 0.353 | 066 | 034 | 0128
al, (1997) H/T=1:1
Gerzork of T=029m | 6RT Air-water | 0391 | 0.607 | 0.360] 0.133
¢
a/(2001) H/T=11 |6SRGT | Air-02m
Peroxide dual 6RT | NSO | 0656 | 0790 | 0349 0.231

Table 2-15: Compilation of £ra cotrelations for oxygen transfer to water and
electrolyte solutions.
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2.8.4.1 Effect of Temperatute on k;a

Temperatute has been found to affect the mass transfer factor 44 The

cotrection equations from various reference sources are in Table 2-16.

Refetence Source | System Cotrection equation

Air-water in aeration tank
at various aeration rates

Bewtra o al. (1970) 10°-30°C in 2.5°C steps | &, a = (k; a),,1.0192779

0.178m3  stirred tank
agitated by D=T/3
Rushton turbine. Two
Smith er 2/ (1977) speeds and two gassing
rates. Temperature range
°-36°C in approx. 1°C

increments.
General — for low k all
viscosity fluids —L = foust.
(T +273)
100(%; a
. (Bp.a)y = (*1.9),
Alr-water 100+ 2665(T - 20)
Air electrolytes _ 100('&1.”)8
(kLa)y =
100 + 2.609(T — 20)
Jackson and Shen Vatious air rates in 1.8m
(1978) vessel at depth of 13m.

No mechanical agitation. l{‘iLa = ( ,éL a) 20 I_OZO(T—ZU)

Table 2-16: Effect of temperatute on Lz for low viscosity flnids, where T'is
temperature in degrees Celsius,

For the general (low viscosity fluid) correlation of Smith ¢ al. (1977), note the
similarity to the effect of temperature on diffusion for low viscosity fluids
given by the Stokes-Einstien relationship for molecular diffusivity (Perry, 5th
edit. 3-234),

(T[-i;zl%) = constant (2.158)
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As fot a pute fluid, “4” is not likely to be effected much by a small change in
tempetatute, so this suggests that £; is ptopottional to D; as predicted by the
film theoty. Note that this telationship may not hold when sutfactants are
used. For instance with PPG there is a large effect of temperature on the gas-
liquid hold-up and intetfacial area, which incteases as temperature is reduced.
Thetefore, dropping the temperature decteases £; but increases “4” so the

total effect is unpredictable.

The equation of Jackson and Shen (1978) teportedly fits the Stokes-Einstien
relationship in conjunction with the surface tenewal model. Jackson and Shen
used both a ttansient method and the sulphite oxidation method for &«

estimation but do not make it clear which was used for the temperature work.
They cite Eckenfelder and Ford (1968) as giving, &, @ = (&, a), " 2" with

the value of the tempetature coefficientdd, for an impeller-sparger

combination, varying from 1.016 to 1.037.

2.8.4.2 Effect of Viscosity on k;a

The effect of viscosity on gas-liquid mass transfer is complex as it altets both
the liquid-side mass transfer coefficient k; and the interfacial area. Increasing
viscosity generally lowers the mass transfer rate, although initially it has been
found to increase 4; 4, probably due to coalescence suppression, Hickman
(1985). Tt has been found that the & 4 data can be correlated for viscosity by

adding a liquid viscosity term 2s shown below,
k,a=kP/V) 0 U (2.159)

Some literature values the viscosity power law indices “c” ate given in Table

2-17. These indices range from —0.43 to —1.17
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*Reference
Source

Method

System

Index on
viscosity

Cooke ¢t 2/(1988)

Transient 2-probe,
Steady-state
Peroxide.

T=0.29m and 1.83m
H=T, single (various
type) agitators.
H=3T, in 0.29m vessel,

various triple agitator
combinations.

Paper fibre suspensions,
fermentation culture
and CMC.

Hickman (1988)

Peroxide, pseudo-
steady-state

T=0.6m, H=T, 6RT.
CMC solutions

Nocentini of /.
(1993)

Transient

Multiple 6RT (3 and 4).
Water-glycerol

-1.17

0.75m vessel, H=2T
with 2- independently
driven impellers,
either dual 6RT or
lower 6RT with upper
Scaba 3SHP1.

Fluids air-A. Niger
fermentation broth

John (1997) Steady-state 043 .

Table 2-17: A selection of literatute indices for viscosity found in the fitted
equation, £, a = /é(P/V)“ysb,u'

Cooke ¢ al. (1988) reasoned that for shear thinning fluids, a viscosity index of
(-1) implied an effect of agitator power number, agitator D/T and scale on
k4, assuming similar proportionality constants (&) in the Metzner and Otto
(1957) relationship. This suggests at a given D, and specific energy input, low
power number agitators would give higher 4,4 providing that cavern
formation does not occur. They also noted that £ 4 halved at equal (P/1/) and
»; on scale-up from a 0.29 m to a 1.83 m vessel at geometric similarity in 0.4%
CMC solution. This was in agreement with prediction. Buckland e 2/ (1988)
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confirms an improvement in & 4 in mycelia fermentation after retrofitting to

latger, lowet power number Prochem agitators.

2.8.4.3 Effect of Solids on k;a

There are three mechanisms by which solids ate claimed to effect gas-liquid

mass transfer;
I. A viscosity effect — due to turbulence damping by the solids

II. In the heterogeneous regime, solids supplant small bubbles in the

dense-phase. This must affect gas-liquid mass transfer.

III.  An interface effect for very tiny active particles acting at the interface

to enhance &,

Joosten ef al. (1977) examined the effect of patticles size and concentration on
the relative viscosity of the dispersion and the gas-liquid mass transfer £«
Measurements wete made using a dynamic method by stripping helium from
kerosene with nitrogen gas. The measurement technique used a Cathrometer
coupled to a fast response recotder to measute the transient helium

concentration of the off-gas from a small mechanically stirred tank.

The data are presented for constant P/T7 (1.5 kW/m®) and superficial gas
velocity (2.5 cm/s) as plots of 4,4 versus telative viscosity and & 2 versus
volume % solids for a range of solids and patticle size fractions. The &4
remained steady (at approximately 0.2 s™) until a relative viscosity of 4ora
solids concentration of 20% by volume, from which point it fell rapidly with
increasing solids concentration ot telative viscosity. The fall off was quicker
with decreasing solids density and particle size. The mass transfer factor for
the smallest and lightest particles (polypropylene, size range 53 to105 microns)
dropped by an order of magnitude (to a value of 0.02 s) at a relative viscosity
around 30 and a solids concentration around 36%. It was noted that at high

solids concentration, gas holdup is low, with large gas bubbles.
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The effects noted do not seem to tally with either relative viscosity or solids
concentration as being the primary vatiable as neither accounts fot size and
density variations It is likely from temarks about gas-liquid hold-up that

mechanism II is the principal driver.

Chapman ef a/., Part IV (1983) report similar effect of solids on ait-watet, gas-
liquid mass transfer. They tepott no effect up to 3% by weight solids and 2
considerable effect at 20% by weight glass ballotini in ait-water (considerably
less by volume). The effect shown depends on P/l” and gassing rate,
increasing with an increase of either of these parameters. The authots suggest
this may be due to turbulence damping but again, in consideration of the fact
that it is P/ 1”7 and »; sensitive, the major effect probably occurs when the total
volume fraction of gas and solids satutates the dense phase and the solids statt

to displace gas from this phase. That is mechanism IT above.

Vety small quantities of tiny sutface-active solids (such as activated carbon
black) have been reported to enhance mass transfer due to intetface effects.
These effects have been reported for example by Kars ef @/ (1979) and by
Alper e al. (1980).

2.8.5 Gas-liquid Hold-up Cortelations

It is common to cotrelate gas-liquid hold-up in a similar way to mass transfer,

that is,

E, = constantx[LJ v’ (2.160)
VL
where,
e
E. = Y (2.161)
v, +17,
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The above type of cotrelation is sensitive to agitator hydrodynamic regimes
(see section 2.3.1) and also bubble tegimes (see section 2.3.2). As with mass
transfer some wotkers have included the gas expansion power in P, eithet

using the isothermal gas expansion expression,

Q.RT
P, =
(RMM)1n(ps / po)

(2.161)

where RMM is the relative molecular mass and p¢ and p, are the pressure at the
spatget and outlet tespectively or alternatively as the gas potential energy given
by equation (2.113). Both these methods yield very similar values of Py, It is
impottant to determine whether this has been done before comparing

cotrelations.

One might expect the hold-up behaviour to be different under flooded,
loaded and completely dispersed conditions. It would also be foolish to apply
a cortelation of this type across the transition from the homogeneous to the
heterogeneous regime, as the hold-up trends are totally different in the two

regimes (section 2.3.2).

Most of the literature tesults have been measuted on a small scale at
supetficial gas velocities that relate to the bubble or homogeneous regime.
Scale-up may well involve operation in the heterogeneous regime as scale-up
at geomettic similatity and constant volumetric gas demand inevitably results
in higher superficial gas velocities. These means that correlations need to be
treated with caution to ensure they apply to the design conditions. The
electrolyte cotrelation line of Smith e @/ (1978) cleatly shows a marked
deviation from linearity at high gas hold-up indicating the transition to

hetetogeneous flow behaviout.

Section 2.8.3.1 discussed how increased pressute effected interfacial area and
gas-hold-up by increasing the critical superficial gas velocity for the transition

to heterogeneous flow thereby increasing the dense phase hold-up.

Some literature correlations on the bases of equation (2.160) for air-water are

shown in Table 2-18. These references were tested against as standard (std)
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case (within the confines of the original correlation) and the agreement is
sufficiendy good for first approximation design applications and to establish

possible trends.

Predict
literature System Constant a b £6
Source in eq std*

(2.160)
RT
Smith etal. (1978) [50.005 to 0.05 m /s 0.559** 0.48 0.4 0.104
£t,1t0 5W /kg
T=0.91m and 183 m
MFU,MFD,RT
Chapman (1981) D=T/4 and D=T/2 1.79 0.31 0.67 0.107
rrup to 0.019 m /s
£70.2 to 2 W /kg
T=056m
MFU,MFD,RT
Bujalski etal. (1988) ps up to 0.048 m/s 211 0.326  0.776  0.081

£T,0.2t0 3 W /kg

T = 0.29, 0.45, 0.61
and 1.83 m

Table 2-18: Some air-water literature correlations for gas-liquid hold-up in
stirred tanks.

Notes: Fractional gas hold-up with P /V as specific gassed shaft power in

W/kg. The std* comparisons are made at : r=1W/kg and vs= 0.015 m/s (that
is within bounds of all the correlations used). ** The constant is estimated
from Figure 11 of that reference.

The change in the fluid can have a big effect on hold-up as will viscosity.
Smith etal. (1978) report the same values for the constants a, b in electrolytes
but a much higher proportionality constant When a viscosity term is added
the indices on viscosity varies from -0.17 for Rushton turbines in CMC
solution by Dawson (1992) to -0.42 for a range of agitators in paper fibre
suspensions, fermentation culture and CMC solution according Cooke et al

(1988).
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2.9 Reaction Kinetics

Knowledge of the rate processes are important in otder to make a sensible
choice of equipment for the process and enable processes to run at an

optimutmn rate (ideally to allow the chemistty to operate at its natural rate).

In some instances the rate processes and the chemical kinetics are not fully

understood and the first step is to try to detetmine the appropriate rate data.

Some aspects of gas-liquid kinetics were discussed in earlier sections. In
section 2.5.4 the importance of micto mixing on product distribution for
competing reactions was discussed and the Damkohler number (the ratio of
the time constants for diffusion/reaction) for assessing whether micro mixing

will influence the process was introduced.

In section 2.8.3.4 the theory of gas-liquid reactions was introduced. The Hatta
number (ratio of the time constants for diffusion/reaction)'’? can be used to
determine the interfacial conditions, whether reaction dominated with very
slow reactions (or high 4;4); mass transfer dominated with reaction in the
bulk; enhanced mass transfer with teaction in the film or, for very fast

reactions, at the interface.

Middleton, Chapter 15, in Harnby e a/. (1997) gives a useful table showing the

various regimes for isothermal reactions. This is reproduced as Table 2-19.
Middleton (1997) points out some of the salient features of this table:

Regime I: “4” is unimpottant providing it is adequate but high gas-liquid
hold-up is desirable so a bubble column reactor is suggested.

Regimes II, IV or V; need high “4” and £, so a stitred tank reactor may well be

appropriate if a more intense device cannot better match the chemical rate

process due to other limitations such as heat transfer or off-gas handling.
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Regime IIT; In this regime all the liquid should ideally be in the film suggesting
a thin film device such as a packed column should be used. Enhancement of

&, in this regime may also make the gas side tesistance significant and this
needs to be checked.

Exothermic reactions that occur in the film or intetface can make a big
difference to the enhancement factor. The rise in temperature near the film,
affect the gas solubility (decteasing the reaction rate) whilst incteasing the
reaction rate due the Arrhenius effect. The combination of these two effects
can lead to a multiplicity of steady-states as illustrated by Mann ez 2/ (1977) for
S0, reacting with dodecylbenzene. Boiling and exothermic teactions also

increase the risk of foaming,

Middleton (1997} highlights that the ideal design arises from measutement of
chemical kinetics unhindered by mixing ot mass transfer effects. That is
operation in regime I. For gas-liquid reactions this is not possible unless the
gas can be provided pre-dissolved in a liquid solvent (under high pressute).
Then there are rapid mixers that will allow us to measure kinetics of reaction

rates above 10 milliseconds.

A small continuous stitred tank reactor CSTR can be used to measute reaction
rates of 10s or longer without mass transfer effects operating within regime I.
For faster reactions, provided the reaction scheme can be simplified to one of

. known order, the small CSTR can be used to infer teaction rate constants for
fast reactions by utilization of regime III and IV rate exptessions in Table 2-
18. Middleton (1997) suggests this may be done as follows:

Change C,* by altering pressure or solvent concentration to distinguish
between the tegime unless » = 1. If # = 1, the agitator speed should be
changed. If this has no effect then operation in regime I is indicated. If
agitation has no effect, the temperature should be increased by say 70°C. If
the rate increases by a factor around 7.2 to 7.3 regime II is indicated but if it
increases by 2 to 5 times, regime III is indicated. Middleton suggests that this

experiment decides whether the effect of agitator speed was only on "a” or £, 4.
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A very small temperature effect may indicate gas-side resistance dominating

especially if the gas solubility is high or the gas is dilute.

This sort ofinformation can be used for scale-up.

REGIME CONDITIONS

1 Kinetic
controt

Stow
reaction

n Diffusion
/ ro

control 0Q2< /22 <2

Moderately J

fan reaction

inbuk of

liquid
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Design so that
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Reaction in 3 —0 <
*
Sim ra CAL
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Table 2-19: Various gas-liquid mass transfer regimes with
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Independent of * n(n
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L

isothermal

reaction. Reproduced from Middleton (1997).
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2.10 Scale-up or Scale-down.

Principles of similaries are used. These are dynamic, geometric and

kinematic.

Dynamic similarity requires that on two different scales, all relevant forces
ratios must have a common ratio. For a stirred vessel the most important
force is that input by the mixer, which is an inertial force. Three apposing
forces; viscosity, gravity and surface tension resist this. For scale up with the
same fluid at the same conditions then density and surface tension remain
constant with scale-up so it is apparent the only two of these force ratios can

be equal on scale up.

Geometric similarity is maintained when all relevant dimensions are similar
and have a common ratio. Geometric ratios should ideally be kept constant on

scale-up as illustrated in Figure 2-56.

Figure 2-56: Scale-up maintaining geometric similarity. Important
geometric ratios are kept constant.
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This is the easiest to achieve but in practice is not always adhered to because
of process limitations. For instance heat transfer limitations may require a
higher aspect tatio (H/T) in order to satisfy heat transfer area requirements
since scale-up at geometric ratio decreases the surface area to volume ratio. All
techniques of scale-up will require some correction if geometric similatity is

not maintained.

Kinematic similatity is satisfied when on two scales all velocities at equal
locations have a common ratio. Many expetimenters have shown that for a
given agitator, the hydrodynamics of a given impeller is independent of scale,
diameter and speed when normalized with either tip speed (example Costes
and Couderc (1982)), or the maximum mean velocity, Cooper and Wolf
(1968) and Koviacs (2001). Thus kinematic similarity is maintained for scale-
up at constant tip speed whilst maintaining geometric similarity.

Concepts of geomettic and dynamic similarity lead us naturally to the

dimensionless groups defined in section 2.2.1.

Common scale-up relations that have been recommended in the literature are:

¢  Scale-up at constant powet per unit volume.
¢ Scale-up at constant tip speed.
® Scale-up at constant torque per unit volume.

®  Scale-up using dimensionless numbers.
These scaling rules when used with appropriate scaling factors defined from

expetimentation allow reliable scale-up in most instances.
Some comments on the above scaling rules are:

When the design data is in the form: of dimensionless number cortelation then

the use of dimensionless numbers for scaling is suggested.

Power per unit volume is often recommended for drop size maintenance, gas-

liquid mass-transfer or particle size reduction.

Scale-up at constant torque per unit volume is the same as constant tip speed

if geometric similarity is maintained. It gives an extrta degree of flexibility to
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constant tip speed when D/T is vatied. Some agitator manufacturers favour

this method, as torque is 2 major cost driver.

Smit (1994) suggests that the general method of scaling up stirred vessels, by
use of a one-dimensional approach, fails in the case of complex mixing
processes, where multiple mixing-demands are present. He gave an example of
a fast coalescing liquid-liquid dispersion which needed a two dimensional
approach to successfully scale down the process so that it could be studied on
the small scale. Scale-down of the process at geomettic similatity and constant
power per unit volume did not exhibit the same coalescence behaviout of the
full-scale plant. This was because the circulation time was too shott fot
coalescence to occur. In order to make the circulation time and the P/1” equal
on both scales he had to alter D/ T giving equal tip speed as well as equal P/1”
on both scales. This gave a successful scale-down with similar behaviour on

the two scales.

2.10.1 Other Aspects of Scale

Some aspects of scale include:

The average shear rate in an agitated vessel depends on N and not D. See
equation (2.2). Scale up at constant £-and geometric similarity, reduces N on
scale-up and hence the average shear. This could reduce £; 2 in shear thinning
fluids (Cooke ef a/. (1988)). It has been suggested that scale-up or down can be
achieved by alteting D/T to obtain the same relationship between flow and

shear on the two scales.

For patticle size reduction or drop size maintenance, it is probably the
maximum shear rate that is important. According to van’t Riet (1975) this
occurs is the impeller vortex region and is proportional to N. This leads, for
scale-up at constant & and geometric similarity, to maximum shear is
proportional to T*" according to Middleton (1997). However as discussed in
section 2.2.4.1, Oldshue (1983) claims the maximum shear rate scales with tip
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speed and the experimental data on reduction in drop size found in the

literature for scale-up at constant €; and geomettic similarity would seem to

support this point of view.
Heat transfer atea reduces on scale-up at geometric similarity.

It is unlikely that liquid mixing can be maintained on scale-up as this requires

constant N at geometric similarity and this would be prohibitive on powet.

Agitator Reynolds is proportional to D? thetefore Reynolds number increases
with scale-up. Scale-down is particularly important for viscous fluids since this
may result in operating in a different hydrodynamic regime, for example from
fully turbulent to transitional. Conversely problems expetienced on the small
scale due to viscous effects may disappear on full scale because the flhud

becomes turbulent.

Gas residence time and residence time distribution ate likely to alter with scale.
For scale-up at constant 'I’M (most usual) then #; scales directly with T.
However &; increases with »; so the gas residence time increases. The gas

phase is likely to be mote plug flow on scale-up.

Many other aspects of scale are commented on in the body of this review.

2.10.2 Choice of Equipment for Gas-liquid Contacting

Although a mechanically stitred vessel may be the right choice at a small scale
it is not always the case at large scale, since as previously discussed the
supetficial gas velocity increases with scale-up at constant P/V and geomettic
similarity. =~ The  relationship  between  specific  gas  power
(Po/ pLVy. = Qaprg(Hy —¢5)/ pV,) and supetficial gas velocity (55 =
40./2TY is apparent. For a standard vessel (I, = 2T°H,/4), thetefore
(providing c; =0, that is gas sparged in at the bottom of the base),
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P_Q
PV

= g (2.161)

This means that if the superficial gas velocity is say 0.25 m/s (a not
uncommon value on a large scale) then approximately 2.5 W/kg is input by
the gas. This is often more than the impellor powet. Hence, on this scale a

bubble column may well be a more sensible choice.

2.11 Concluding Remarks about the Literature Review.

The literatute review is by no means exhaustive. However, it does attempt to
cover the critetia set out in the introduction. Thete are several standatd texts
that cover some aspects in mote detail. For mixing Uhl and Gray, parts I and
I, (1966) and 1967), Nagata, (1975), Oldshue, (1983), Tattetson, (1991) and
Harnby ef 4l. (1997) are recommended, who all bting their own perspective to

the subject.

Where possible and in the great majority of cases I have quoted from the
original reference. With some of the older references my knowledge is second-
hand. For instance I have not tead Kolmogov, (1941) and (1949) and owe
much of my understanding of tutbulence theoty to standard textbooks and
Nienow (1998). I confess also T have not read Stokes, (1880) though it seemed
a shame not to include the refetence and one day may be I will get to read it.
Similarly the poem by Lewis Richardson (1920) is second hand from
Middleton (2002) via the www.

Where equations have been involved, I have tried to assess their applicability
and implications for design or scale-up. Whete there was a conflict in the
literatute, for example whether the maximum shear rate scales with N or ND I
have tried to bting in independent literature to make a judgement on which is
more likely. There is a lot of conflicting literatute and I have not cited all 1

have read since other sources have alteady subjected them to critical review.
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Chapter 3 Experimental Equipment and Techniques

3.1 Equipment

The stitred tank equipment consists of three state of the art mixing rigs made
from Petspex with dimensions as detailed in Table 3-1. Pictures of these rigs
are shown in Figure 3-1 to Figure 3-4.

Diameter of cylindtical section Height of cylindrical section
28.6 cm (nominal 1£t) 61 cm (2ft) and 122 cm (4f)
61.0 cm (2ft) 152 cm (5ft)

91.4 cm (3ft) 137 cm (4.5£t)

Table 3-1: Tank dimensions

The cylindrical sections are fitted inside square jackets through which water
can be circulated for temperature control. The vessels are constructed from
Perspex and the square jackets provide distortion free viewing windows for

flow visumalization.

Variable speed motors drive the shafts with accurate speed control over a very
wide range. Shaft rotational speeds ate monitored using ferro-magnetic
proximity sensors coupled to COMPACT MICRO 48 tachometers. Shaft
powers are measured using torque strain gauges bonded to the shafts. These

strain gauges ate wited to ASTECH strain gauge bridges fitted with telemetry

readout connected to 2 LABVIEW data acquisition unit.
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Figure 3-1: The 0.286 m diameter stirred tank rig

Figure 3-2: Rotameter feeds to 0.286 m and 0.61 m diameter vessels
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Figure 3-3: The 0.61 m vessel fitted with dual LIGH TN IN A345 agitators
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Figure 3-4: An overview of the 0.914 m diameter stirred tank equipment
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Figure 3-5: A close-up of the 0.914 m diameter vessel showing the curved
blade agitator (6HBT) with shaft strain gauges above and details of bottom
bearing fitted with a Teflon sleeve.

The vessels contents temperatures can be monitored using thermocouples

inserted through the analysis blocks.

The analysis blocks allow other probes to be inserted for example:
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¢ Conductivity measurements (for mixing and local phase fraction

measurements)

® Dissolved oxygen probes for oxygen concentration measurements that

are used for gas-liquid (£, 4) measurements

® Sampling probes
® Local hold-up probes

Electrical Resistance Tomography (ERT) measutements ate made using
specially constructed sensor baffle cages and the ITS 2000 data analyser (see
Chapter 9).

The vessels are fitted with temovable bases and baffles. There ate choices of

base types — flat, dished, hemispherical and conical.

There is a wide range of agitators. Multiple agitators on the shaft can be tested
for aspect ratios (dispersion height/tank diameter) of up to 3 to 1.

Slit lighting and/ot flow followets can be used to aid flow visualisation.
3.2 Techniques
Several techniques are used and these are described in the following sections:

3.2.1 Flow Visualisation

The colour change tests were done using glacial acetic acid and sodium
hydroxide solution with phenolphthalein (pp) indicator to effect a colour
change induced by a pH shift with a 10% stoichiometric excess of acid or base
(determined by titration) added to the vessel. The method was scaled to the
vessel size. For example, for 150 litres of water in the 0.61 m vessel, 10 ml of
indicator and 2 ml of glacial acetic acid were used to acidify the vessel. This

gave a clear water solution at atround pH 4.0. The amount of sodium
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hydroxide solution requited to provide 10% excess was calculated. This was
then either injected at the feed location via an injection loop or added the
sutface dependent on whether it was feed mixing or bulk mixing that was
being evaluated. When fully mixed this turned the contents pink with a pH of
around 10. Injecting approximately 2.4 ml of glacial acetic acid to turn the
solution clear then reversed the process. The colour changes were recorded on

video.

3.2.2 Shaft Power Measurtement

Shaft torque (M) was measured using the shaft strain gauges coupled to the
ASTECH rtadio telemetry system. Data acquisition is at one-second intervals
using the LABVIEW data acquisition package. At least 60 data points are used
to evaluate each point. Details of the data treatiment and strain gauge

calibration are given in Appendix 1. Shaft power (P) was calculated from:
P, =27aNM (3.1)
Agitator Power numbers (P,) were calculated from:

P

3.2.3 Overall Gas-Liquid Hold-up

This was estimated by the level tise when gas was injected. The gas-liquid
hold-up was determined by measuring the heights of aerated and unaerated
levels. Levels were estimated from either time averaged calibrated video
records or using an ultrasonic hold-up probe. Details of calibrations are given

in Appendix 2. Volumes are calculated ignoting the volume of the internals
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(shaft, agitators and baffles). Thus the petcentage gas hold-up is calculated

from the calculated volumes estimated from the levels according to:

£, =100 x(%) (3.3)

D

whete |/ and 1}, ate the gas and dispersion volumes respectively.

3.2.4 Local Gas-Liquid Hold-up

Local hold-up fractions ate measured using a hold up probe. This measures
local hold-ups of non-conducting patticles in a conducting fluid. These can be
gaseous ot solid. This is a rod type conductivity probe, consisting of two 1.5
mm coppet rods; 15 mm long with centres 15 mm apart. These rods are
imbedded in a non-conducting block and attached to a hollow stainless steel
suppott rod through which the connecting wites are fed. This is attached to a
2 m stainless extension tube, which is fed down the vessel allowing an axial

scan to be done. A picture of the gas hold-up probe is shown in Figure 3-6.

This dimensionless conductivity output of this type of probe was found to be
neatly linear with volumetric hold-up between air (0%) and tap water (100%).
Assuming a linear relationship slightly overestimates the volume fraction of
the non-conducting phase. When cotrected using the Maxwell (1881)
equation, simplified using the assumption that the dispersed phase is non-
conducting, there is excellent agteement between the integration of the local
gas hold-up values measured by the probe and the overall hold-up measured
by the total volume inctease. The simplified Maxwell equation is:

E_D=._‘?f£_ (3.4

where %is conductivity and subscripts D and L refer to the mean conductivity

of the dispetsion and the pure liquid respectively. €; is the liquid volume
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fraction. In practice dimensionless conductance is used. This is the
conductance of the dispersion over the conductance of the liquid alone. The
Bruggeman (1935) equation was also tested but discarded as it overcorrects at
high dispersed phase fractions. It is noted that the original theories were
developed assuming volume fractions o f dispersed phase up to about 20% and
homogeneous conditions. In this work the local values are averaged over time

to approach a homogeneous value.

This technique will not work with demineralised water. Where this was being
used, local hold-ups were measured after the mixing experiments (salt

additions) to ensure the water was conductive.

The probe is constructed so that it can be used in an L mode to scan under

the agitators aswell asin adown pointing axial mode.

The data are collected on a LABVIEW data acquisition package at a rate of
1/s for around 300 seconds for each point The time-averaged data are then
entered into a spreadsheet to evaluate the actual percentage hold-up. Graphs
are drawn to show these profiles. An example of the data treatment is given in

Appendix 3.

Figure 3-6: Picture of Local Hold-up Probe
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3.2.5 Overall Liquid Mixing Times

The mixing time 0 (where 0 is a specified degree of mixing) is determined by
conductivity measurements. The conductivity is linearly related to the
concentration and so the measurement of the fluid conductivity gives a direct
indication on the concentration of the tracer in the vessel contents, and thus

indicates the amount o f mixing achieved.

The mixing probes used in this work are o f the Khang and Levenspiel (1976)

type. A typical probe construction is shown in Figure 3-7.

These probes have several advantages: They are small in size so the sample
volume is small. They have a fast response time, they are stable over a long
time and they give a continuous time history o fthe conductivity fluctuations at

the same point

6.35 mm od

Stainless steel

Figure 3-7: Khang and Levenspeil (1976) mixing probes used in tests
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The probes are used to measure the response to an addition of a conducting
tracet solution (typically 25 ml of 200 g/1 sodium chlotide solution in 100 litre
and dependent on the liquid volume to give a 0.05 g/l step change in the
vessel). For overall mixing times the mixing probe is sited in the base and the
tracet is added at the sutface. The mixing time for a specified degtree of mixing
is measured from the time of addition. Up to ten mixing time expetiments (a
minimum of six) are cartied out for each condition. These data are collected
using a fast data collection routine in LABVIEW, which allows a sampling rate

of up 100 times per second for up to 4 probes operated simultaneously.

‘The mixing data ate analysed by the method desctibed by Ruszkowski (1994),
using the concept of a mixing index. A 90% mixing time is the time from
addition until the last mixing index is 2 0.9. For this work the mixing index is
the root mean square of the deviations on a 32-point moving average. The
sampling rate and the total sampling time wete adjusted to allow mixing index
to be calculated from the variance calculated from a 32 point moving average

taken over time steps that ate << t (fnixing), as desctribed in section 2.5.5.3

A limited amount of data was collected for liquid mixing with tracer addition
at the feed. This gave comparative data to that collected by ERT. For these
tuns the tracer addition was sodium hydtoxide solution into a dilute acetic acid
solution containing phenolphthalein indicator in order to give a simultaneous
colour change expetiment that was recotded on video. An example of the

data analysis is given in Appendix 4.

3.2.6 Electrical Resistance Tomography (ERT) System

The ERT system used during this study was an Industrial Tomography

Systems (Www.itoms.com) P2000 instrument. The P2000 instrument is

driven by a Mictosoft Windows based software package that can be used for
both measutement and data analysis. Image teconstruction was petformed by

linear back projection, making use of a sensitivity map. Further data and
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statistical analysis features include pixel history which allows image pizels of
specific interest to be monitored, for example, the region close to 2 feed point,

bulk properties which cleatly show when complete mixing has been achieved.

The ERT assembly consists of 8 rows of 16 stainless steel electrodes (128),
each measuring 32 x 28 mm and terminating in 8 centronic connectors. On
the 0.61 m vessel the rows ate 8 cm apart designed to span an H = T
cylindrical section. An adjacent measurement protocol is used providing 104
individual measurements per plane and a total of 832 interrogative measures
of the liquid volume using the 8 planes. Because of the special design of the
model vessel, the tomography set-up needed to be an add-on unit that fitted
inside the vessel with minimum interference with flow visualisation and with
no interference to analysis ports and existing instrumentation. To achieve this,
the tomography sensors wete made to form an integral part of a specially
designed baffle cage. All electrical connections were sealed internally and were
made water and chemical proof. All exposed metal was minimised in order to
minimise distortion of the electtical fields. In ordet to avoid stray emf’s,
caused by dissimilar metals, only stainless steel metal was used. The baffles
and electrode-wire catriers were made from plastic. Three expansion tings
held the baffle cage in position. Pictures of the tomography baffle cage are
shown in Figure 3.9.

The P2000 mnstrument was obtained from ITS and I am grateful to their
engineet (Gary Bolton) who provided able assistance sorting out teething
problems and helped to process the data. More details are given in Chapter 9:
An Electrical Resistance Tomography (ERT) System as a Diagnostic Tool.
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Figure 3-8: Picture of Tomography baffle cage in the 0.61 m vessel.

3.3.7 Gas-Liquid Mass Transfer kla

The overall gas-liquid mass transfer factor k, a was estimated using the
hydrogen peroxide steady-state technique described in detail by Hickman
(1988), Cooke et al (1991) and Vasconcelos et al (1997). See also section
2.8.3.4.2 The Peroxide Technique for Pseudo Steady-state Gas-liquid Mass
Transfer Measurements. ELECTROSENSE fast response polarographic
dissolved oxygen tension probes (supplier Jim Young, Tel. Frodsham 09287
33800) are used to measure the liquid phase oxygen concentration. An

exploded view o f these is shown in Figure 3-9.

The technique briefly is as follows: As many as three DO T probes are sited
flush with the inner tank wall. Normally at least two DOT probes are used,
unless there is only a single agitator and separate tests had shown that the well-

mixed liquid phase assumption was valid. These are zeroed and spanned in
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the agitated vessel using sparged nitrogen and air for calibration. The air rate
and agitation rate are set at the desired rates and the vessel contents allowed
time to reach air equilibrium, as monitored by the DOT probes. The liquid is
then dosed with the requited amount of either CATALASE or finely divided,
activated manganese dioxide catalyst dependent on the system (see section
2.8.3.4.2). A metering pump was used to feed a steady flow of hydrogen
peroxide info the vessel where it is broken down by the catalyst to form
oxygen and water. Placing the feed vessel onto an electronic balance and
timing the additton of a measured weight with a stopwatch measures the
peroxide flow. At first the oxygen accumulates in the liquid phase untl it
reaches a new equilibtium whete the addition rate and the transfer rate to the
gas phase are in balance. The new equilibrium is measured and the 44
estimated from a mass balance. When the peroxide is switched off it is
checked that the air equilibrium is the same. The probes used are not
automatically temperature calibrated. Hence they are calibrated for

temperature and any temperature drift noted and compensated for.

When working with polypropylene glycol (PPG) systems it was found that the
gas hold-up is very temperature sensitive and it is important to operate the
experiments within tight temperatute limits. Also PPG is oxidised by
manganese dioxide so CATALASE is the best choice of catalyst for these
solutions. An example £ 4 calculation is given in Appendix 5. The hydrogen
peroxide used in these tests was BDH Ltd GPR 30% solution (assay 29% -
31%). The precise sttength is determined by permanganate titration in
accordance with Vogel (1961). Activated manganese dioxide was BDH Ltd
precipitated Manganese (IV) oxide. Catalase was BDH Ltd , bovine liver

extract, 2 x 10° units per ml.
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Figure 3-9: Views of the ELECTRSENSE DOT Probes. Thread on outside
ofthe body is 3« inch BSP to fit our standard analysis ports.

3.2.8 Viscosity Measurements

Viscosity is measured using the HAAKE Rotovisco RV3 viscometer as a
function of shear rate. This is a dual range machine fitted with 50g and 500g
heads. There is a range of sensors for this viscometer dependent on the
application, including impeller sensors for materials containing coarse
particles. Measurements and calibrations are in accordance with the
manufacturers instructions. A typical calibration and result is described in

Appendix 6.
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Apart from the studies on “real fluid” detailed in Chapter 5 most of the
modelling was done with air-water. Additives were added to the water whete
necessary in order to mimic important ptopetties of process fluids. Some

examples are given in the following sections.

4.1 Modelling of Filamentous Fermentations

The work on modelling filamentous fermentations was reported eatlier by
Cooke et al. (1988). The filamentous fermentation culture matetial was found
to have a yield stress with properties that wete dependent on the biomass
concentration. A paper fibre suspension consisting of short Celbi Fucalypt
fibre (from PIRA Leatherhead) was found to be a reasonable analogue.

4.2 Modelling of Paint

Many modern paints are shear thinning and viscous. The Herschel-Bulkley

model, as follows, usually describes non-drip paints:
=7, +Ky,¥' (4.1)

However, over the shear rates of interest, these (and most other paints) can be

simplified to the power law model,
T=Ky" 4.2)

whete 7 is the shear stress, K is the consistency factor and # is the average

shear rate.
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Modelling these on a small scale using transpatent analogues can be
challenging, since in order to mimic the behaviour on the full-scale, the test
scale should operate at the same powet pet unit volume, the same shear
thinning behaviour and the same Reynolds numbet. CMC solutions made up
from Hercules Powder Co, grade 7H4C, ate shear thinning and a power law
has been fitted for a tange of concentrations of this material as listed in Table
4-1. The variation of the consistency factor K and power law indices » with
CMC concentration was fitted. These fits are depicted in Figures 4-1 and 4.2
and allow us to predict these constants for any concentration of this CMC up
to 1.4% by weight.

Assuming scale down at equal Reynolds number and geometric similarity give
us equal power numbers on the plant and model scale then from equation

(2.11) it follows that to scale at equal specific power input,

P 3Iy2
=< pN'D 4.3)

Thus for a plant mixer speed Ny, the model speed Ny opp; is given by,

P /3 D 2/3
Noper. =N PLANT( FLANT J ( PLANT ] (44

pMODEL DMODEL

The average shear rate of the plant mixer is estimated from the Metzner and

Otto (1957) equation (2.2) ¥ = &N . &; ate used to calculate the average plant

shear rate at the plant operating speed. If a literature value for £ is not
available then for a first estimate it can be assumed it is 10 for the purpose of
scale down. The plant appatent viscosity for a given powet law fluid at the

operational speed is then,
= K(k,N)" (#.5)

H, (PLANT)

The plant Reynolds number is,

D’N
Re,pLant) = (p J (4.6)
Mo Jpant
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The model apparent viscosity is then found from,

M. QvopeL) G:;z[_) %“”“ @7
afPL't.XT)

Thus, knowing the required apparent viscosity, N SH and ksenables a match

of a CMC solution that will give the required apparent viscosity at the scale

conditions to meet the initial criteria of equal Reynolds number, P/V and

similar power law behaviour. This approach can also be used for modelling

fermentation broths.

7H4C CMC Measured Measured Predicted Predicted
% K n K n
0.015 0.0031 0.92 0.0030 0.87
0.03 0.0067 0.84 0.0068 0.86
0.1 0.0249 0.83 0.0248 0.81
0.2 0.0789 0.78 0.0789 0.75
0.4 0.5 0.6 0.50 0.66
0.8 41 0.53 411 0.53
14 16.6 0.41 16.60 0.41

Table 4-1: Experimental data from HAAKE RV3 viscometer showing a fit to
a power law

Hecules Power 7H4C. K versus % CMC

to 10 1
& 1b - y «-4.3949x*+ 5.97x‘ + 6.8808X3 -
14 - 1 0087X2+ 0.2856x - 0.0011
io— R2=1
12 -
10 -
1 ¢ K
& 8-
i Poly. (K)
o 4-
c
8 27
°© S

1.5
% CMC

Figure 4-1: Experimentally determined consistency factors for various
concentrations of CMC Hercules Powder grade 7H4C fitted to a 5th order
polynomial.
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CMC Hecules Power 7H4C.
1/n versus % CMC

3
y = 0.9475x + 1.1397
R2=0.9791
¢+ 1/n
Linear (1/n)
| 05-
0
0 0.5 1 1.5
%CMC

Figure 4-2: Experimentally determined power law indices for various
concentrations of CMC Hercules Powder grade 7H4C fitted to a linear
relationship to the reciprocal of the indices.

4.3 Modelling Non-coalescing Liquids

W ater can be made non-coalescing by adding low concentrations of inorganic
salts as described for example by Lee and Meyrick (1970) and Machon et
al.{\991). Lessard, and Zieminsld (1971) studied the coalescence behaviour o f
two touching bubbles in a stagnant pool. They found 100% of bubbles
coalesced in pure water. With the addition of small quantities of salts
coalescence rates decreased. They defined a critical coalescence when only
50% of the bubbles coalesced and found that the salt concentration to achieve
this depended on the valency of the ions. This varies from 0.04 molar for high
valency ion combinations for example 3-1, as in AICIlup to 0.2 mokr for 11
combinations such as KC1. Thus, water containing low concentrations of salts

can be used to mimic non-coalescing behaviour.
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44 Modelling Boiling Aerated Reactors

Boiling aerated reactors can operate at high volume fractions of gas, typically
50%. In order to study the effects of high gas volume fraction on for
examples liquid phase mixing or agitation power using cold analogue fluid
surfactants need to be added. Ideally it is required to study the system at the
same gas flow number (£E?/ND*) to mimic the process agitator hydrodynamics
and also the same process superficial gas velocity as this mimics the specific
power input of the gas. It was found that a low concentration of poly
propylene glycol (PPG) BDH Ltd, mol weight 2025, produce very high gas
hold-ups, typically 50% gas hold-up at 20 parts per million concentrations in
aerated whter. This material has a density of IOOOkg/W and a viscosity of

0.4Pa.s at 20°C. The effect of this additive is temperature sensitive. W ithin the
limits of 10 to 25°C it was found that the gas hold-up increases with
decreasing temperature. Data for bubble column results are shown in Figure
4-3. Temperature control controlled to atleast + 1°C is essential if consistent

hold-up data is required.

60.0 4

300 - ¢ Hold-up %
y =-2.2539x + 83.033

Linear (Hold-up %)
R2=10.9916

0.0 5.0 10.0 150 200 250

Temperature ( °C)

Figure 4-3: Effect of temperature on gas hold-up in 20-ppm PPG solution in a
0.61 m diameter bubble column, H /T = 1.3, superficial gas velocity =0.21m/s
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Chapter 5 Bubble Studies using the Buchi Rig

5.1: Background and Summary of Buchiwork
5.1: Background and Summary of Buchiwork

Gas-liquid mass transfer is an important unit operation carried out in bubble
Gas-liguid mass transfer is an important unit operation carried out in bubble

columns and stirred tank contactors. The transfer rate is strongly dependent
on the gas-liquid interfacial area, which in turn depends on liquid flow
patterns, bubble si2e distribution and bubble-nse velocity. This chapter
describes two techniques, dynamic gas disengagement and photographic to
HIGLRING 775 SR\ HP RUEDIR SBES 589 MBRIRE S84 RRERE AT\ Igliand

strial ima%g%moﬂuids.in bubble columnﬁheanq%temechanic@tux stirred

I<§1odnlfactors. IS” in the marble "ana regimes.
contactors. Operation is in the bubble and the heterogeneous regimes.

BiQqa mean Bubble, $iFRe PBTIAYY HO'HWa IRSIYNFo RelsPigdaM BoiARg

SH%%BI&%@%%Q@%Q%B%S“SG velocities are presented for cold sparged, boiling

and boiling sparged fluids.
Results are represented from work on two scales: (i) A 0.08 m Buchi glass

Results are represented from work on two scales: (i) A 0.08 m Buchi glass
reactor, double-jacketed with wall heating using transparent silicon oil. This is
operated from atmospheric up to 10 bar overpressure, (i) The 0.61m diameter
stirred vessel described in Chapter 3 is operated under “cold” atmospheric
conditions. The dynamic disengagement experiments are recorded on video

for analysis purposes.
The model fluids used are water and water with non-coalescing agents added.

The model fluids used are water and water with non-coalescing agents added.
“Real” pure liquids fluids are methanol, aniline and acetic acid and gases are
air, nitrogen and ethylene.

5.2 Introduction
5.2 Introduction

Many industrial processes involve the introduction of gases into liquid or
Many industrial processes involve the introduction of gases into liquid or

result in gaseous products through reaction, heat input or pressure reduction.
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Examples are oxidations, fermentations, carbonations, chlorinations and
hydrogenations. Operation on an industrial scale very often results in large
superficial gas velocities in the heterogeneous regime and high gas phase
fractions. Very often there is very litde information on the gas-liquid
behaviour of these systems due to hostile environments, high temperature,
pressure or the need to maintain aseptic conditions. The lack of “real data”
presents a credibility gap for physical or mathematical modelling. In order to
bridge this gap a glass Buchi has been used to study the gas-liquid behaviour
of some industrially important fluids at elevated temperature and pressure.
Measurements were also made using water based fluids at ambient
temperature and pressure, which were repeated on a larger 0.61 m diameter

vessel in order to test scale-up relationships.

A summary of the conditions used is given in Table 5-1 and Table 5-2.

Cod Boing Water Top Region 400 * 1447 rpm Atmospheric
- 0.2M Sodium Sulphate Bottom Region 0.0064 m/s
20ppm PPG

- Cold and boing Anine
0.106 m/s

0.144 m/s

Table 5-1: Conditions used in the 0.08 m diameter Buchi reactor
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Cold Water Top Region 0 tpm 0.0184 m/s MFU +2x12DT
- 0.2M Sodium Sulphate Middle Region 100 rpm 0.0334 m/s 6HBT+6MFU
20ppm PPG - Bottom Region 200 rpm 0.0448 m/s 3 x LIGHTNIN A345
280 rpm 0.08348 m/s
360 rpm 0.118m/s

0.201 m/s

0.233 m/s

Table 5-2: Conditions tested in the 0.61 m diameter sdrred tank.

The aim of this work is to determine how the operating parameters, fluids,
agitation rates, temperature, pressure and gas-in rates affect bubble sizes in the

vessels.

Two methods were used to estimate the average gas bubble size. The first
involved taking photographs of the vessel under the required conditions and
then measuring the size of those bubbles that were in focus. This was either
done by hand or using a semi-automatic method. The bubble photographs of
the systems tested were analysed to obtain the number average mean bubble
size (important for bubble rise velocities and gas retention time) and the
Sauter mean bubble diameter (d* (required to estimate surface area for mass
transfer). This approach, although relatively direct, is tedious and suffers from
the limitation that only bubbles close to the vessel walls are measured. It was
therefore necessary to use another method to obtain bubble size information
that referred to the whole vessel, rather than just the near wall region. For this
a dynamic gas disengagement technique was used. This relates the drop in gas
hold-up with time (after simultaneously switching o ff the agitation and the
gas) to the bubble rise velocity and allows average bubble diameter to be

estimated.
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5.3 Literature And Theory

De Swart ef al. (1995) and Krishna and Ellenberger (1995), studying bubble
columns, identified two basic hydrodynamic regimes:

The bubble regime or homogeneous regime, whete the bubble size is

small and controlled by the physical properties of the liquid and gas and:

The chum regime or heterogeneous regime, where the fraction of small
bubbles (dense phase) is fixed and incteasing the supetficial gas velocity only

incteases the fraction of latge bubbles.

Wilkinson ef a/. (1990) gives the fraction of large bubbles as,

Slargt =(”.ﬂ' “”Imn) ' »Vs 2)‘Jlm.'.r (5'1)
whete &, is the large bubble hold-up fraction, #; the supetficial gas velocity

and »

trun

the superficial gas velocity at which the transition from homogeneous

to heterogeneous flow occurs.

Gezotk ef al. (2000) showed similar behaviour in mechanically agitated gas-
liquid dispersions. For a mechanically agitated vessel the transition to the
heterogeneous regime may occur before the supetficial velocity equals the
dense phase rise velocities due to gas recitculation or coalescence in agitator
regions.

Wilkinson ¢f 4. (1990) showed that pressute increased gas hold-up by delaying
the transition from homogeneous to heterogeneous flow. Their data were

obtained for a range of gases from hydrogen to Freon 114 and at pressures
from 0.1 to 2 MPa. They concluded that:

¢ The influence of both pressure and gas molecular weight on gas hold-

up in a bubble column has the same cause.

® The effects of gas density are not due to any effects on bubble

formation at the gas spatger but are due to a dectease in the bubble
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stability with increasing density and these effects can be qualitatively
explained with a Kelvin-Helmholz stability analysis.

® Larger gas densities increase bubble break rates whilst having little or
no effect on coalescence. This tesults in increased gas hold-up for
operation in the heterogeneous regime due to a highet dense phase

fraction.

The significance of these tesults is not limited to water or bubble columns.
The gas density is an important parameter in design of other gas-liquid
contactots including mechanically stirred tanks.

Stitam and Mann (1977) first proposed the gas disengagement method to
evaluate models of gas-liquid flow within a bubble column. The method can
also yield bubble rise velocities and hold-up fractions. It can be extended to
bubble size distributions since bubble rise velocity depends on bubble
diameter and gas hold-up. The method depends upon measuring the profile of
liquid level drop versus elapsed time following the fast shut off of the gas
supply. Many other wotkers have used the technique in bubble columns and
mechanically stirred vessels. Mann ef /. (1981) used the method in an agitated
vessel to study gas-liquid flow parameters. For these tests the agitator was left
running because information was required regarding internal recirculation.
Schumpe and Grund (1986) and Patel ez 2l (1989) used a version of the
method in bubble columns to determine the transition from homogeneous to
heterogeneous flow, bubble fractions for two bubble classes and their
associated bubble tise velocities. In their analysis it is assumed that the bubble
structute remains undisturbed by bubble interactions after cutting off the gas
and that the gas is uniformly distributed. These simplistic approximations are
justified by the consideration that the information required has been simplified
to two distinct bubble classes. Gezotk ¢f 4. (2000) extended the Schumpe and
Grund (1986) method to estimate the transition from homogeneous to
transitional flow and to estimate bubble rise velocities in mechanically agitated

vessels by simultaneously shutting off the gas and agitator.
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In this work, for a bimodal bubble distribution, the analysis o f Schumpe and
Grund (1986) was used to yield the bubble size fractions and bubble rise

velocities. Figure 5-3 illustrates what is happening,

(a) Schematic description of the disengagement of two bubble classes

G1
.K R ta oflarge bubble r
X Ain
Ln
at(in jllbubble
0 Relative Hold-up 1

(b) The illustration of the local hold-up structure during period |

Figure 5-3: Disengagement illustrations from Schumpe and Grund (1986)
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Referting to (a) H, is the opetating level of the system. At time = t,, agitation

and gas are simultaneously switched off.

The gas escapes in two periods. In time period I, all of the large bubbles and
some of the small bubbles disengage. In time perod II, the temaining small
bubbles disengage (hence the slope is not as steep). When time = t,, thete is
no gas left in the system. The liquid in the system is then at a height H, from
the base. Figure 5-3(b) shows the distribution of hold-up between large
bubbles, small bubbles and the liquid (&, &; and &) as the operating level of
the system drops (during time periods I, I and the finishing level).

The Schumpe and Grund (1986) method of estimating bubble rise velocities
and hold-up fractions from dynamic gas disengagement (DGD) traces is as

follows:

The method assumes that at time = t, the bubbles rise at a constant slip
velocity relative to the liquid, which enables the liquid backflow to be

accounted for.

It is necessary to determine U, and its contribution to the overall supetficial
gas velocity ». However this cannot be found directly from the superficial gas
velocity in petiod I because the hold-up in period II differs from the initial
hold-up. Therefore, U, at steady-state operation must be found using the
continious operation hold-up. Calculating H, ;, which is the initial level of the
vessel excluding large bubbles, does this. Referting to Figure 5-3 (a), H,; lies
somewhere between H,; and H,. The logic for this is that extrapolating the
line in period IT back o t = tgwould assume that small bubble disengagement
took place in the same way during period I as in petiod II, when in fact it must

be slower due to the contribution of the large bubbles to the liquid backflow.

In the following explanations the parameters which differ from the steady-

state conditions which existed up to t = t, are denoted with an asterisk (*).

e Indices II and I refers to time periods I and I respectively.

® Subscripts L and G refer to liquid and gas respectively.
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® Subscripts s and /refer to small bubbles and large bubbles respectively.

o grefers to hold-up.

® During disengagement, the net down flow of liquid hinders bubble

motion.

e During continuous opetation, this is not the

® During disengagement, the local liquid superficial velocity equals gas
flow in the opposite ditection (L.e. U¥ = -U¥*,). Hence the mitial fall

(@h/ dt);is equal to the supetficial gas velocity at steady state (ug).

Accotding to Scumpe and Grund (1986) the relevant equations to solve the

mass balance are:

Superficial gas velocity at steady state:

(%)
$o\dr),

Hold-up fraction of latge bubbles:

£, =(Ho—Hy)/ Hy

Hold-up fraction of small bubbles:

€, =(H,; —H,)/ H,

Supetficial gas velocity of latge bubbles:
Ug, =Ug —Ug,

Superficial gas velocity of small bubbles:

U =(fi_li] =(_f{lij (Hyy —Hy)(H, —Hyt, /1)
“ dt 1. at Ju Ho(Hl_Hz).

Note that by definition,

H -H
dt Ls dt Ls tl

(5.2)

(5.3)

(5.4)

(5.5)

(5.6)
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Thus combining equations (5.6) and (5.7), teplacing (@h/dy),, H,; can be

expressed in terms of H,, H,, 7, and #;

i{H; —HI)HZ(HI —H,1/t,)

H. = £ I, =1 HO(HI _Hz)
13—
_1_+(H2 ~-H, )(Hl —-H, tl/tz)
f fy =1 Ho(Hx"Hz)
(5.8)
with(ff’i) SRCELily
4t ), t, —1
Knowing H,;, allows U, to be calculated in equation (5.6).
The Rise velocities of large and small bubbles are:
Uy, =Us;, /&g, (5.9
UB..S' = UG.s /eG,s (5'10)

These are standard equations so the derivations have not been provided.

Note that the above analysis can be extended to more than two bubble classes
using similar reasoning, however in view of the assumptions made this

probably is not justified.

Single Bubble class case: For a single bubble class (i.e. operations take place

in the homogeneous regime), then:

vy ==(db/ df) (5.11)

U, =vy/eg (5.12)

5.4 Equipment and Conditions

Two fully baffled vessels were used in this work.
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Figure 5-4: The Buchi 1 set-up. Top is assembled rig. Bottom shows
agitator and sparge assembly

196



Bubble Studies using the Buchi Rig

The Buchi rig is a 0.08 m diameter cylindrical glass vessel with a hemisphetical
base as shown in Figure 5-4. Heating or cooling of the vessel contents is by
clear silicon oil circulated through the glass jacket. The internals are titanium
for most of the work, to cope with boiling acetic acid, but are changed to
stainless steel for the methanol tests. The oil temperature is controlled using a
Churchill oil heater with a water cooler. Pressure is conttolled using an
adjustable Gall valve. It can be operated up to 200°C and 12 bartg. The larger
stirred tank rig as desctibed in Chapter 3 (see photograph in Figute 3-3) is 2
0.61 m diameter Perspex cylindrical vessel with a shallow dished base.

Both vessels have a vertical scale up the vessel wall for the dynamic gas
disengagement measutements. Graticules with 1 mm divisions are fixed on the
mner wall of the vessels for bubble sizing by photogtaphic techniques.
Agitator details are listed in Table 5-3. Tachometers are used to measure the
speeds of rotation of the shafts. Gas rates ate measured using calibrated flow
meters. Thermocouple probes accurate to = 0.1C are used to measure the

vessels liquid temperatures.

Gases used wete nitrogen, ethylene and air. Liquids employed were methanol,
acetic acid, aniline, 0.2 molar sodium sulphate solution, water and 20 ppm
polypropylene glycol solution (PPG) [mol wt = 2025]. Tests were done at

room temperature; hot spatged, boiling and boiling sparged conditions.

Pressute was atmospheric apart from water and methanol, which were also

tested at 10 barg.

The amount of fluid used in the rigs was chosen so that the gassed heights
were approximately constant at around one agitator diameter above the top
agitator to allow effective agitation of the vessel. For the Buchi rig this meant
that the liquid volume was approximately 0.65 litres ungassed tising to around
0.79 litres under gassed conditions. For the 0.61 m diameter rig the liquid

volumes were 200 to 400 litres.

Gas-in rates were chosen to give:

e Normal agitator gas loading.
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« A range of superficial gas velocities that encompass the transition
from homogeneous to heterogeneous flow, with an overlap of

superficial gas velocities on both scales.
* High gas hold-ups.

Agitation rates were chosen to give a range of specific power inputs up to 8

kW /m 3o fliquid on both scales.

Line Diagram Of Buchi Rig For 1Q Barg Operation

ToLEV

CoclmgWatef (Closed Circutf)

Lab

Nitrogen

MOT BOTH

ndl'ﬂ m 11 RGH\D

Bu

Figure 5-5:Line diagram of Buchi rig as set up for the 10 barg pressure work.
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Vessel diameter T (m) 0.08 0.08 0.61 0.61 0.61
Geometry key Buchi 1 Buchi 2 2fiR1 2fiR2 2fiR3
Operating levels H (m) 0.17 0.08 0.95 1.38 1.43
Bottom 6RT 6RT 4AMFU 6HBT A345
Agitator type Mid 12DbT A345
Top 6MFU 12bT 6MFU A345
D (m) 0.04 0.027 0.33 0311 0.344
Agitator diameters Bottom (m) 030 0.344
Mid (m) 0.30 0.310 0.344
Bottom (m) 0.04 0.04 0.2 0.26 0.2
Agitator clearances Mid (m) 0.44 0.62
Top (m) 0.125 0.680 0.83 1.04
Operating volume V (m?) 0.00079 0.00034 0.26 0.38 0.40

Table 5-3: Agitator geometries used in tests

5.5 Buchi Rig Agitator Hydrodynamics

In the introduction to this chapter the transition from homogeneous to
heterogeneous bubble behaviour was discussed. It is important to separate
this from the effects of agitator hydrodynamics discussed in Chapter 2, section
23.1.

For the flat 6-blade turbine, which has a low pressure region behind the blades
where gas can collect to form cavities, Smith ¢f /. (1988) identifies four main

hydrodynamic transitions:

Minimum Froude number for the tetention of stable cavities:

Fr=0.045 (5.13)
The maximum gas flow at which clinging-vortex cavities can be maintained

This is the 3:3 cavity — clinging vortex cavity transition line and is given by,

Rez 0.067 T 05
Fl, = 0.0038 (—) (5.14)
Fr D
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Maximum gas tate that can be recirculated through the vessel (defines the

loading-complete recitculation transition):

Flg, =13Fr? (%)_5 (5.15)

The Maxitmum gas flow that can be handled without flooding the impeller

This is the flooding-loading transition and is given by

Fl,_, =30F(l/, ] (5.16)

For the conditions used in these tests:

All agitator conditions wete above the minimum Froude number for stable

cavities to form.

All agitator conditions wete above the flooding-loading transition, meaning

the agitator was not flooded.

All conditions wete above the loading-complete tecirculation transition,

meaning the gas was recirculated through the vessel

Most of the conditions were in the large stable cavity region. At the lowest
gassing rate and with agitation speed of 1100 and above, the vessel went

through the clinging-vortex to 3:3 large or large plus clinging cavity transition.

In summary, all of the conditions used wete above the flooding point and
most wete in the same cavity region. This means that any transition between

regimes was unlikely to have been caused by the agitator hydrodynamics.

The estimated specific power input used for the various experiments and the
supetficial gas velocity of the inetts is listed in Table 5-4 for the Buchi 1
geometty. For these calculations it was assumed that the total Po = 6, volume

of liquid = 650 cm®with a liquid density of 1000kg/m’ and:
Low gasis £ 1.34 litres /minute, Pg/ Pz =0.6.
Medium gas is > 1.34 < 2.0 litres/minute, Pg/Px =0.5

Boiling or High gas is > 2litres / minute gas, Pg/ Px =0.4
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These figures are informed estimates only but considered fit for the purpose

of comparison.
Agitation speed Specific power input P/V (W/kg)
(RPM) Boilinga(;r High Medium gas Low gas

400 0.11 0.14 0.17

8 0.90 1.12 1.34
897 1.26 1.58 1.90
1100 2.33 2.91 3.49
1277 3.65 4.56 5.47
1300 3.85 4.81 5.77
1447 5.30 6.63 7.96

Table 5-4: Estimates of Specific Power Inputs Used in the Buchi Wotk

5.6 Experimental Details

5.6.1 Dynamic Gas Disengagement Experiments

A Panasonic SVHS video camera is used to recotd the drop in level when the
gas and agitation is simultaneously turned off. The disengagements ate
analysed using a Panasonic SVHS 4700 series, stop-frame video that allows
each frame to be frozen and analysed. The tape is paused at the instant that
the gas and agitation are turned off. This cotresponds to time = 0 seconds
(t). At each interval, the level seen by the video is noted. The camera is
placed in set positions with respect to the vessels and the level “scen by the
camera” is calibrated against the true level “seen by eye”. Hold-up fractions
and bubble rise velocities atre estimated in a spreadsheet program, according to
the theory developed by Schumpe and Grund (1986). The small bubbles rise
velocities ate affected by gas hold-up (&). In this wotk, the relationship
between small bubble rise velocity, relative to a stationary liquid, and tetminal
rise velocity of a small bubble in an infinite medium, proposed by Marrucci
(1965) 1s used to correct for this effect This 1s given by,
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= UB.:(]‘ - 8(5;/:3 )

(- )? 517

1

No cottections have been made for the rise velocity of larger bubbles. Krishna
et al. (1999) claim that a large bubble swarm can rise faster than a single
spherical cap bubble because of the interactions with the wake of the previous
bubbles. From the cotrected value of the rise velocity, the bubble diameters

are calculated using one of two methods.

For Reynolds number (Re) £ 2, Stoke’s law is used to estimate bubble

diameters as follows,

172
d,, =| —Ht_ (518
&P, —p,

where inertial terms (Re > 2) are impottant a drag coefficient is used to fit the

experimental data. The following analysis is from Valentin (1967):

_ 2R
pLAaU2

d

(5.19)

where R’ = total fluid resisting force and A, is cross-sectional area normal to

the direction of tise and p; is the liquid density. For constant velocity #,
R'=V,Apg (5.20)
where I is the volume of the rising bubble.

For sphetical bubbles .4, and 17, are simple functions of diameter. For
deformed bubbles 4, and 17, are expressed in termns of the equivalent diameter

of a sphere equal in volume to the bubble as follows,

1/3
d, =(6Vbj (5.21)

T

which when substituted yields,
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4 - d
C, = _(MI_%&] (5.22)
3 Pr “,
where p; is the liquid density, g, is the bubble density, 4, is the bubble
diameter, g is the acceleration due to gravity and #, is the terminal bubble tise

velocity.

Hill (1998) used two (empirical) curve fits to the drag coefficient versus
Reynolds cutve for pure water shown in

Figure 5-6 for the drag coefficient as a function of bubble Reynolds numbet.

These are:

For (Re, < 450),

In(Cq) = 2.699467-0.335816.In(Rey,)-0.0713561 7.[1n(RCb)]2 (5.23)
and for (Rey, > 450),

In(Cq) =-51.77171+13.16707.In(Re},)-0.82356. [In(Reb)]2 (5.24)

These equations are used in this work by applying the solution for a quadratic
equation (see appendix 7) to yield bubble diameters from tise velocities.

Referring to Figure 2-43, it is appatent that for bubbles in a low viscosity fluid,
a transition occurs at a bubble rse velocity of approximatély 0.3 m/s. In the
transition region the dynamic disengagement method is unsuitable for bubble
size analysis. This applies for bubbles with diameters between approximately
1 and 30 mm as Figure 2-43 illustrates. In this tegion only bubble rise
velocities and hold-up is estimated using the dynamic gas disengagement
method.
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Drag Coefficient - Reynolds Number Relationship
Clean Air-Water System

100 — e+ Single bubble **T— velocity (Habcmaxn i Mortem data)
Curve fined to experimeulal data

Cogte® O

01

0.01
1 10 100 1000 10000 100000

Bubble Reynolds Number

Figure 5-6: Drag coefficient as a function of Reynolds number from
Hill(1998)

5.6.1.1 Problems Encountered With the Dynamic Gas Disengagement

Method

Bubble retardation described by Gezork et al. (2000) sometimes occurs with
very small bubbles queuing at the surface during the latter stages of the
disengagement trace. This “queuing” produces high local gas hold-ups slowing
the bubble escape process down. This applies particularly to the smaller
bubbles as seen by a tail on the disengagement curve. To try to account for
this, when plotting the lines of regression, only the initial part of the curve is

used, before the ‘queuing’ begins. There is a judgement here since this “tail’

204



Bubble Studies using the Buchi Rig
might have been due in part to another class of tinier bubbles which if ignored

will not have been accounted for.

For the Buchi rig experiments at low hold-ups the surface bounce was
significant with respect to the change in level and this produced very noisy
traces on which only the initial part of the disengagement cutve could be
determined with any accuracy. Low hold-ups were avoided whenever possible,
but to help cope with this problem the liquid level was noted for several
seconds before the disengagement and an average value was used as the initial

aerated level.

The single regression (an assumed homogeneous disttibution) method was

used in 2 cases:

I. Where there obviously only one line corresponding to small bubbles
in the bubble regime.

II. If it was not possible to distinguish between the different tegions

because of “noise” ot suspected “bubble tetardation™.

5.6.2 Bubble Measurements and Counting Experiments.

Bubble photographs wete taken of selected ateas of the vessel wall using a
1/50,000 of a second flash and a fast film. The ateas photographed for the
Buchi rig are shown in Figure 5-7.

5.6.2.1 Manual Counting

The photographs ate printed to A3 size for bubble measuting and counting.
The scale is evaluated from the graticule. For a meaningful bubble size
distribution, at least 600 bubbles must be counted for each condition. To
obtain a fair distribution, all the “in focus” bubbles on each photograph are

counted. If the numbet counted in one photograph is less than 600, then all
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the bubbles in the next photograph for that condition, are also counted. All
bubbles are assumed spherical. For bubbles that were ellipsoidal an average
diameter was taken from several chords. Only bubbles judged to be in focus

are counted to minimi2e perspective errors.

shaftdiameter 10 mm Baffle width 10
k Top Region
6 blade pitched 100-140 ran
tn tiae pumping
Vesselfill level
c-125 mm H-170 mm
A .Bottom Region
6 blade Ruskton . . 20-60nn
. Hemisphericalbase
turbine v - 40 mm
c=40 mm
*
T=80 mm

Figure 5-7: Buchi agitator and photo region details

From this data, the number mean bubble diameter (df) and the Sauter mean

bubble diameter (d* can be calculated according to:

40=2X 7N (5-25)
N

A2 =XAM /5 (5.26)
=/ A

where dhi — diameter of each individual bubble and N — total number of

bubbles counted

5.6.2.1.1 Possible Sources of Error with Manual Counting
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¢ Some bubbles ate too small for the eye to detect amongst a bubble

cloud.

® Some bubbles being so small that they look in focus when they ate
not. A large bubble that is slightly out of focus could be discarded

when a small bubble that is a lot more out of focus is counted.
e Small bubbles ate more difficult to measute accurately

¢ At the edge of the photograph, bubbles ate generally less in focus

because of the vessel curvature.

® Large bubbles are very visible but smaller ones ate much harder to

spot, especially at high gas hold-ups.

¢ Human error caused by judgements changing when bubbles ate

counted over a long period of time.

e Slight changes in the picture due to photocopying (assumed to be
negligible).

e Non-spherical bubbles.

5.6.2.2 Semi-Automatic Counting

Some of the sets of photographs were sent to a specialist ICI Technology
laboratory where the bubbles were counted and measured semi-automatically
using a commertcial software package. This was done from a scanned
computer image of the photographs taken. It was assumed that this method of
counting bubbles is generally mote accurate. However, comparative tests

reported in Table 5-5, show reasonable agreement between the two methods.

Bubbles are tallied according to size, with the bubbles from 0-400 microns
recorded in classes of 100 mictons, and bubbles > 400 microns are recotded

in classes of 200 microns.
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Fluid Method dw dgz

20 ppm PPG at 1277 rpm and Hand Counted 166 625
2.54 |/min gas Semi-Automatic Counting 205 504
0.2 M Sodium Sulphate at Hand Counted 275 1229
1277 rpm and 2.54 l/min gas Semi-Automatic Counting 275 1229

Table 5-5: Compatison of bubble sizes by hand counted and semi automatic
counting methods.

5.7 Results Summary

Results for all fluids tested are summatrized in Table 5-6 to Table 5-11. Note
that nomenclature for these tables is as follows: DGD = dynamic gas
disengagement; d,, is the number mean bubble size from photographic bubble
size analysis; 4, is the Sauter mean bubble size from photographic bubble size
analysis; ». = superficial gas velocity based on inlet gas and vessel cross-
section; U, and Uy, are tise velocities of small and large bubble swarms; N =
agitation speed; &; & and & refer to volumetric hold-ups of gas, solids and
total (gas plus solid) respectively. Subscripts: 5 = smaller, /= larger, L. = liquid,
& = bubbles. R = region of vessel photographed. Solids are glass ballotini of

mean size 205 microns. For details of vessel geometries see Table 5-3.
A typical dynamic gas disengagement worksheet is appended in appendix 7.

A frequency count from the bubble counting is appended as Appendix 6,

which also contains a record of the video calibration.
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Vessel

Buchi 1
Nitrogen
Gas

2ft tank
R1
4MFU +
2 x12DT
Gas = air

2ft tank
R2
GF+6MF
Gas = air

2ft tank
R3
3 x A345
Gas =air

Bottom

Bottom

Bottom

Mid

N
RPM

897
897
897
1100
1100
1100
1277
1277
1277

280
280
280
280
280
280

280

0.0
252.0
252.0
252.0
3300
252.0
330.0
330.0
330.0

o O © o ©

120
180
240
300
360
120
180
240
300
360
120
180
240
300
360

vs

0.0044
00064
0.0084
0.0044
0.0064
0.0084
0.0044
0.0064
0.0084

0.0880
0.0337
0.0450
0.0585
0.0840
0.1182
0.2019
0.0840
0.1355
0.1353
0.0782
0.0342
0.0770
0.0771
0.0768
0.0768
0.0771
0.033
0.074
0.13
0.202
0.28
0.033
0.033
0.033
0.033
0.033
0.074
0.074
0.074
0.074
0.074
0.130
0.130
0.130
0.130
0.130

d,o
[Xm

208

242

184

246

d2
LT

551

627

564

463

DGDfDGDj.
|Im
200 539
222 529
135 403
173 392
308 480
258 504
113 400
125 464
131 481
623 14915
341 821
366 970
359 814
387 16485
350 1260
333 17108
387 16485
397 16018
402 17466
436 16205
479 17461
337 17381
346 17448
348 17234
389 17159
362 17449
615
566 14668
435 15051
434 14495
380 14943
705
609
516 15303
41 16062
455 17371
575 17364
515 17150
428 17413
416 17414
385 17450
497 14356
428 17368
356 17387
319 17409
302 17416

Table 5-6: Results from PPG experiments
pressure
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es

R

© © © © ©o o o o ©o

o ©o © © © o ©

0.00
0.00
0.00
0.00
2.49
2.56
5.00
7.7
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00

£cj

%

4.2
6.4
4.6

8.8
4.8
6.4
6.2
3.6

279
33.3
34.4
33.9
36.3
35
357
36.3
43
6.8
4.7
3.5
5.8
4.9
6.7
7.6
5.9
18.62
47.63
46.7
46.9
1.1
27.9
384
36.2
30.1
343
44.1
413
37.9
321
305
47.9
445
395
34.4
303

at 12 +

£¢J4  £G,+£GJ
% %
13.5 17.8
15.4 21.8
23.6 28.2
16.9 20.9
15.9 24.7
28.3 331
134 19.7
243 30.5
34.2 37.8
58.15 60.94
11.9 45.3
8.8 43.2
10.9 44.8
123 48.7
141 491
18.5 54.2
123 48.7
47.0 51.3
413 481
M.7 46.4
374 41.0
40.4 46.1
1.7 46.6
35.5 42.2
32.8 40.4
423 48.3
0.0 18.6
31 50.7
71 53.8
9.4 56.4
18.5 59.6
0.0 27.9
0.0 38.4
27 39.0
6.9 371
4.8 39.1
3.5 47.6
3.9 45.2
71 45.0
12.6 44.6
141 44.6
6.3 54.1
9.6 54.0
13.9 53.3
18.7 53.1
22.6 52.9
1°C and

er
%

17.8
21.8
28.2
20.9
24.7
33.1
19.7
30.5
37.8

60.9
45.3
43.2
44.8
48.7
49.1

54.2
48.7
51.3
48.1

46.4
41.0
48.6
491

47.2
48.2
48.3
18.6
50.7
53.8
56.4
59.6
27.9
38.4
39.0
371

39.1

47.6
45.2
45.0
44.6
44.6
54.1
54.0
53.3
53.1
52.9

P/vVL Lsb

kw/

19
1.6
1.9
23
29
3.5
3.7
4.6
5.8

0.43
4.73
4.32
4.17
3.93
3.90
3.7

3.93
0.90
2.84
2.56
2.37
5.50
3.02
5.90
6.77
5.07

0.35
0.78
1.37
2.19
2.99
0.64
1.23
2.24
3.40
4.90
1.06
1.66
2.58
3.72
5.43
1.64
2.23
3.1

4.35
6.04

Cm/s

1.24
1.28
0.58
1.10
1.75
1.20
0.48
0.48
0.45
224
1.67
1.79
1.76
1.85
1.67
1.54
1.85
1.65
1.93
2.1

2.58
1.47
1.45
1.61

1.84
1.63
5.25
251

1.73
1.7

1.63
5.57
3.48
2.80
2.28
241

2.79
2.50
2.05
2.23
2.07
2.04
1.78
1.55
1.50
1.53

atmospheric

V/b

cmis

2.82
3.87
3.53
2.68
2.68
244
2.55
3.17
2.88

142.9
12.6
18.0
124
38.2
343
44.2
38.2
109.3
59.0
36.5
54.6
50.0
53.3
46.3
45.0
53.4
0.0
151.1
138.5
157.1
142.0

0.0
130.6
35.7
66.4
66.7
75.4
64.0
63.9
61.1
161.9
66.5
65.5
64.2
63.8
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Vessel

Bucht 1
Ambient T
Nitrogen

Cias

Buchi 1
Boiling
Jacket

T =132°C

Buchi 2
T=69.7°C

2ft
R1

T=12+1°C

Gas = air

R N

Bottom 897

Top 897

Bottom 897
897
1100
1100
1277
1277
1277
1447

Top 1277
1447

Top 1082

Bottom 0

100

200

280

280

280

280

Mid 360

Top 360

(m/s)

0.0084
0.0084
0.0044
0.0064
0.0084
0.0681

0.1056
0.1437

0.0084
0.0084
0.0044
0.0064
0.0084
0.1437

0.0084

0.0084

0.0044
0.0064
0.(X)84

0.0044
0.0084

0.00015

0.0858
0.0828
0.0830
0.0186
0.0442
0.0832
0.1157
0.1991

0.2321

0.2321

0.2321

Pressure

latm

latm

latm

140 psig

latm

dto
Urn

404
332
371

394
464
233
232
244

451

243

262

297

236

461

562

866

280

483

449

1273
856

645

1173

1215

1409

1350

o DGDt
lim Urn
2222 748
1441 843
2751 810
2202 783
2016 822
1365 516
1375 450
1585 568
4242 748
4953 843
2277 810
3013 783
3364 822
1677 568

497
2411

535
3963 533
2888 527
3431 505
1574 543
1683 471
4478 505
3910 47
2363

1247

853

871

1082

920
2694 1037

1074

1027
2265 1114
3542 1114
2644 1114

DGDt.

Jim

1055
769

17449
1157

1147
16777
17332
17421
17456

17456

17456

27s
%

96
8.7
101
9.6
8.9
5.4
127

9.6
8.7
10.1
96

127

6.1

8.3
5.9
7.8
8.9
11.9

7.8
11.9

low

13.7
31
43
16.2

14.6
16
15

221

221

fir;./
°0

0.0
0.0
0.0
0.0
0.0
11.2
14.0
1.2

0.0
0.0
0.0
0.0
0.0

0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0

0.0
0.0

0.0
9.9
15.0
0.0
141
14.3
13.3
191
216

216

21.6

fir.r+fir./

o]

9.0
9.6
8.7
1041
9.6
20.1
19.3
23.9

9.0

9.6

8.7

101
9.6
239

61
6.0
5.0
8.3
5.9
7.8
8.9
1.9

7.8
11.9

13.7
13.0
19.3
16.2
221

28.9
29.3
34.1

43.7

43.7

43.7

Table 5-7: Results from demineralised water experiments

210

PN Vb VO,

kW /m*

13
23
55
4.6
3.7
53
52
5.1

13
23
55
4.6
3.7
5.1

19
1.2
35
22
5.4
53
4.4
5.1

5.3
5.1

0.9

0.90
0.82
201

4.68
4.16
3.66
3.65
3.95
6.63

6.63

cm/s

8.9
111
104
9.5
10.6
4.7
4.1
5.4

8.9
111
104
9.5
10.6
54

156.2
30.7
18.8
15.5
17.7
14.0
16.1
10.8

14.0
10.8

128
131

171

13.7
15.9
16.8
15.4
175

17.5

cm/s

17.64
8.54
3251

3251

33.3
53.4
27.3

26.7
40.5
48.5
51.7
54.1
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Vessel R ~N
RPM
Buchi 1 Bottom 897
@ 897
Ambient 897
Temp. 1100
1100
1100
1277
1277
1277
1447
897
1K)
1277
1277
1277
1447
2ft Tank  Bottom 0
Bubble
Column
T=12% 1C
2ft 280
R1
T=12% 1C
360
Mid 360
Top 360

1S

(m/s)

0.0044
0.0064
0.0084
0.0044
0.0064
0.0084
0.0044
0 0064
0.0084
0.0681
0.1056
0.1441

0.0084
0.0084
0.0044
0.0064
0.0084
0.1441

0.0187
0.0344
0.0464
0.0597
0.0876
0.12.30
0.2152

0.0184
0.03.34
0.0448
0.0586
0.0835
0.1175
0.2010
0.2263
0.23.30

0.2330

0.23.30

Pressure

latm

latm

latm

1atm

latm

latm

an

lim

333
329
317

331

288
294
275
326
246
216

254
249
274
302

247
273

274

268

271

257

o DGD DGD

lim

740
1274

879

903
1229
933
750
1061

1360
732
420
562

493
1794

422

501

798

444

lim

329
326
335
349
352
336
636
651

510
317
339
525

335
336
636
651

510
525

935
744
737
602
577
577
486

457
447
437
451

436
435
403
402
313

313

313

lim

611

719
686
629
675
722

1022
769
828
797
1071

686
722

1022
769
1071

1233

1176

913

960

1032
1089
1215
1209
1198

3.1
3.3
33
71
5.5

216
125
6.6
5.7
6.9
14.7

3.3

125
6.6
14.7

29
29
4.7
3.9
45
54
7.0

8.4
8.8
8.6
8.8
8.4
7.6
7.8
8.1
15.0

15

%

6.9
7.0
6.6
6.0
7.6
9.2

6.3

16.7
17.7
18.3
15.9

6.6
9.2

6.3
16.7
15.9

4.9
7.3
7.4
10.3
141
19.0
28.6

15.4
19.6
20.8
224
246
31.2
345
35.2
38.9

38.9

38.9

£G #£Cy

©

10.0
10.2
9.9
131
13.1
14.3
216
18.8
233
23.4
25.2
30.6

9.9
14.3
216
18.8
233
30.6

7.9

10.1

121

14.2
18.6
244
35.6

23.8
28.3
294
31.2
33.0
.38.8

43.3
53.9

53.9

53.9

P \V= o) \V/o)

kW/m1 Cm/s
1.9 250
1.6 246
1.3 256
35 254
29 257
23 237
5.5 5.24
4.6 5.76
3.7 3.56
5.2 259
51 275
5.0 4.38
13 256
23 237
55 5.24
4.6 5.76
3.7 3.56
5.0 4.38
0.19 15.63
0.36 9.87
0.47 9.38
0.63 6.66
0.92 6.14
1.30 6.04
224 4.49
4.49 4.00
3.95 3.84
411 3.73
3.66 3.89
3.81 3.74
4.07 3.78
3.94 3.39
4.02 3.36
5.02 214
5.02 214
5.02 214

Table 5-8: Results from 0.2 molar sodium sulphate solution experiments
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cm/s

6.09
8.07
7.47
6.04
6.83
7.54

14.21
7.16
9.22
8.45
16.75

7.47
7.54

14.21
7.16
16.75

75.83
41.43
76.75
3234
42.40
37.99
28.49

15.72
17.54
20.69
23.50
31.05
30.69
29.96
36.77
44.80

44.80

44.80
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Vessel ~N if Pressure av g2 DGDr DGDL =>4 PNV UL Db
RPM  (m/s) lim |im [Im [im % uo (0] KW/m’ cm/s cm/s
Buchi 1 Bottom 400 0.0066 latm 590 3393 451 10.3 10.3 0.1 9.036
Jacket at 800 0.0066 601 1901 477 18.4 18.4 0.8  9.098
196°C 1100 0.0066 446 1477 29.2 29.2 22
Boiling 1300 0.0066 473 1676 461 26.1 26.1 35 7.025
1.300 0.0033 749 1939 492 25.2 25.2 34  8.009
1300 0.0000 733 3335 514 329 329 33 9221
1300 0.0099 538 2401 561 26.5 26.5 34 1026
Top 400 0.0066 latm 628 1968 451 10.3 10.3 0.1 9.036
800 0.0066 429 1795 477 18.4 184 0.8  9.098
1100 0.0066 336 8071 29.2 29.2 22
1.300 0.0066 313 2620 461 26.1 26.1 35 7.025
1300 0.0033 465 1582 492 252 25.2 34  8.009
1.300 0.0000 568 2400 514 32.9 329 33  9.221
1.300 0.0099 362 4727 561 26.5 26.5 34 10.26
Buchi 1 Bottom 400 0.0066 latm 339 1503 1553 26 26 0.1 9.7
Jacket at 800 0.0066 416 777 978 7.7 77 11 46
ambient 1100 0.0066 213 401 1058 10.7 10.7 3.0 4.81
Temp. 1300 0.0066 197 360 1067 14.0 14.0 4.7 4.58
1.300 0.0033 161 281 927 9.9 9.9 59 4.13
1300 0.0099 147 223 1194 16.5 16.5 3.7 5.08
Top 400 0.0066 latm 232 482 1553 26 26 0.1 9.7
800 0.0066 214 378 978 7.7 7.7 11 4.6
1100 0.0066 187 388 1058 10.7 10.7 3.0 4.81
1.300 0.0066 159 261 1067 14.0 14.0 47 4.58

Table 5-9: Results from aniline experiments
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Region
Vessel 9! N

RPM

Buchi 1 Bottom 1277

Jacket at 1277
170C 1277
b<tiling 1277
1100

1100
1100
1100

897

897

897

897

IS

(m/s)

0.0084

0.0064
0.0044
0.0000
0.0084
0.0064
0.0044
0
0.0084
0.0064
0.0044
0.0000

Pressure

latm

do

lim

414

344

g2 DGDr

(Im  (Im

1048 516

547
534
603
487
982 531
658
581
496
510
1035 665
598

DGDL

(Im

753

748

760

£
0/0

8.8

120
9.2
17.8
9.1
10.3
252
16.9
6.5
9.7
19.2
13.7

£¢4

%

20.7

15.5
17.7

17.6

14.6

19.3
13.5

£3/Cey PV UED \V o)

2o

295

275
26.8
17.8
252
249
25.2
16.9
25.8
23.2
19.2
137

Table 5-10: Results from acedc acid experiments

Vessel Region

Buchi 2 Top

Hot

sparged

Table 5-11: Results from methanol experiments

\Y

RPM

(m/s)

Gas

Pressure

1082 0.00015 Ethylene 142

1082 0.00015 Nitrogen 142

Temp

°C

701

69.9

do

756

426

1650

1491

5.8 Presentation of Results, Discussion and Conclusions.

5.8.1 Bubble Pictures

%

very
low

very
low

kW /m1

3.5

35
3.5
3.5
22
22
22
22
1.2
12
12
1.2

PN

KW/m'

0.9

cm/s

9.63
9.66
10.74
8.02
9.35
11.47
10.03
8.7
8.71
13.17
11.36

Representative bubble pictures of all the fluids tested are displayed in Figure

5-8 to Figure 5-19. A study o f these photographs reveals:

The division ofbubbles into to a single class for the homogeneous regime and

two classes for the heterogeneous regime is a gross over-simplification. The

pictures of water with a Sauter mean bubble diameter around 3 mm show

some bubbles as small as 100 microns or less.
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cm/s

20.58

19.51
20.22

23.15

19.48

21.15
20.81
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The liquid fluid makes a very large difference to the bubble size distribution.
The salt solution and surfactant-laden solution have much smaller bubbles

than coalescing fluids such as water, methanol and acetic acid.

Heating and elevated pressure make surprising little difference to the observed
bubble size distribution, apart from aniline where the bubbles are noticeably

larger for the boiling case.

Vapour bubbles from boiling fluids look very similar to cold sparged gas

bubbles.

Changing the gas from nitrogen to ethylene did not produce any noticeably

different bubbles.

Figure 5-8: Nitrogen bubbles in cold acedc acid
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Figure 5-9: Gas bubbles in nitrogen sparged boiling acetic acid

Figure 5-10: Nitrogen bubbles in cold water
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Figure 5-11: Water vapour bubbles in boiling water

Figure 5-12: Gas bubbles in hot water sparged with ethylene at 10 barg
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Figure 5-13: Gas bubbles in hot water sparged with nitrogen at 10 barg

Figure 5-14: Nitrogen gas bubbles in cold aniline
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Figure 5-15: Gas bubbles in boiling aniline sparged with nitrogen

Figure 5-16: Nitrogen gas bubbles in a cold 20-ppm PPG solution
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Figure 5-17: Nitrogen gas bubbles in a cold 0.2 molar sodium sulphate
solution

Figure 5-18: Gas bubbles in hot methanol sparged with ethylene at 10 barg
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Figure 5-19: Gas bubbles in hot methanol sparged with nitrogen at 10 barg

5.8.2 Heterogeneous Bubble Behaviour in a Mechanically Agitated
Contactor

For bubble columns Krishna and Ellenberger (1995) describe the
heterogeneous regime as two bubble classes, a dense phase of small bubbles
which has a constant volume fraction with larger bubbles making up the rest
of the distribution. Above the transitional superficial gas velocity required to
trigger heterogeneous behaviour extra gas simply adds to the large bubble
fraction. For operation at constant agitation rate, the same behaviour for
mechanically stirred vessels is found, as illustrated by Figure 5-20 to Figure
5-22. The relative bubble fractions are very different for a 0.2 molar sodium
sulphate solution compared to that for a 20 ppm polypropylene glycol
solution in the same reactor geometry, but very similar for two 20 ppm PPG
results in very different geometries. However when 20 ppm PPG solution

results are compared at constant superficial gas velocity a large effect of
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agitation on the fractions of large and small bubbles is found, as illustrated by
Figure 5-23 to Figure 5-25. Greater agitation increases the fraction of large
bubbles at the expense of small bubbles. This suggests coalescence rates
increase faster than break-up rates with increasing agitation rates for this

system.

50

40

& 30
m Large bubbles
§ + Small bubbles
° 4 Total HU
10
¢ * > o
0
0 0.05 0.1 0.15 02 025

Superficial gas Velocity (m/e)

Figure 5-20: Gas hold-up by DGD analysis for a 0.2 molar sodium sulphate
solution in the 2ft vessel R1 geometry at 280 rpm: Operation is in the
heterogeneous regime

60

50
g 40
CL
? m Large
2 30 bubbles
X + Small bubbles
5 20 4 Total HU

10

0

0.05 0.1 0.15 0.2 025
Superficial Gas Velocity (m/s) Effect of Superficial Gas velocity

Figure 5-21: 2ft vessel R1 Gas hold-up by DGD at constant rpm for a 20-ppm
PPG solution at 280 rpom. Operation is in the heterogeneous regime.
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60

50

C: 40
3

¢ Small bubbles

% 30 m  Larger bubbles
1 A ADbubbles
w 20
(o]
10
0
0.00 0.05 0.10 0.15

Superficial gas velocity m/s

Figure 5-22: Gas hold-up by DGD in the 2 ft vessel R3 geometry at constant
300 rpm for a 20 ppm PPG solution. Operation in the heterogeneous regime

—+¢— Small bubbles
—a— Larger bubbles
—A—All buubles

0.0 100.0 200.0 300.0 400.0

Agitation rate rpm

Figure 5-23: 2 ft vessel, R3 geometry. Gas hold-up at vs= 0.033 m/s by
DGD for 20 ppm PPG
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60

—e¢— Small bubbles
Larger bubbles
—A—All bubbles

0.0 100.0 200.0 300.0 400.0

Agitation rate rpm

Figure 5-24: 2 ft vessel, R3 geometry. Gas hold-up at vs—0.074 m/s by DGD
for a 20 ppm PPG solution

60.0

50.0

40.0

-+— Small bubbles
m—Larger bubbles

-a— all bubbles

300

20.0

083><'-‘ .\).mm*

10.0

0.0
0.0 100.0 200.0 300.0 400.0

Agitation rate rpm

Figure 5-25: 2 ft vessel, R3 geometry. Gas hold-up at vs =0.13m/s by DGD
for a 20 ppm PPG solution.
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5.8.3 Bubble Rise Velocities from DGD Analysis

Bubble rise velocities for a 0.2 M sodium sulphate solution and in a 20 ppm
PPG solution at a fixed agitation rate are plotted against superficial gas
velocities in Figures 5-26 and 5.27. These data were obtained on the 2 ft vessel
R1 geometry for a fixed agitation speed. The data trend for the two systems is
remarkably similar. Small bubble rise velocities are effectively constant for the
range o f gas rates suggesting a constant bubble size for the dense phase. The
larger bubbles rise velocities increase with increasing gas rates. The shapes of
the larger bubble curves are very similar to the classical curves of terminal

velocity ofair bubbles in low viscosity fluids as a function o fbubble size (see
Figure 2-43

50

40

m Large bubbles
+ Small bubbles

> 10

0.05 0.1 0.15 02 025

EX CFDIS2.WK4 Superficial gas Velocity m/s

Figure 5-26: Bubble rise velocities versus superficial gas velocities measured
by the dynamic gas disengagement technique in the 2 ft vessel, R1 geometry
at 280 rpm, for a 0.2 molar sodium sulphate solution,.
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50.00 L
s L]
e ]
8 = Large bubbles
£ 3000 + small bubbles
=]
]
£
@
@ 20.00 .
2
2 L
F=)
a 10.00
. .
0.00 + *+ + .
.00 005 0.10 0.15 020 025

Superficial gas velocity (m/s)

Figute 5-27: Bubble rise velocities versus supetficial gas velocities measuted
by the dynamic gas disengagement technique in the 2 ft vessel, R1 geometry
at 280 rpm, for a 20 ppm PPG solution.

5.8.5 Effect of Agitation on Bubble Size.

Agitation appeats to have a surprising little effect on bubble size as illustrated
by the series of graphs of bubble size versus agitation rate or agitation power
in Figure 5-28 to Figute 5-37. What effect there is, mainly influences the
Sauter mean bubble size rather than the number mean. The Sauter mean is
weighted towards the larger bubbles. This suggests a shift in the distribution
towards the smaller bubble sizes as agitation is increased, especially for

operation in the homogeneous regime where this effect is more obvious.

A similar trend with the bubble sizes estimated from dynamic gas
disengagement is noted. By this analysis the small bubble sizes estimated show
reasonable agreement to the number mean determined from photographic
analysis. By the DGD technique, the size of larger bubbles in the transitional
regime (indicated by Figure 2-43) cannot be estimated.
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It appears that the sizes of the small bubbles are much more affected by the

physical properties of the fluid than by the effects o f agitation.

The bubble size graphs for water, determined by photographic analysis,
confirm the impression given by the photographs that temperature and
pressure do not have a dramatic effect on bubble size. However the dynamic
gas disengagement technique does detect a difference between the cold and
boiling water with cold water bubbles some 300 microns larger than boiling

bubbles (see Figure 5-37).

ex bubblesres1.xls

1200

o 1000
i 800

0)

g) 600 M0
:% 400 n"32
.a

§ 200

0.00 1.00 2.00 3.00 4.00

Approximate specific shaft power kW/m3

Figure 5-28: Boiling acetic acid dw and dyz from photographic analysis in
Buchi R1 geometry
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ex bubblesres1.xls

800 t
u
1 600
3
h][l 400 + DGD small bubbles
2 m DGD larger bubbles

200

0
0.00 1.00 2.00 3.00 4.00

Approximate specific shaft power kW/m3

Figure 5-29: Boiling acetic acid large and small bubbles from DGD analysis
in the Buchi R1 geometry.

4000
3500
3000
2500
2000

1500 "o

9 1000 n32
500
0

500 1000 1500
Agitation speed (ipm)

Figure 5-30: Boiling aniline dw and d& from photographic analysis at an
inlet vs 0f0.0066m/s in Buchi R1 reactor geometry.
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800
3T

| 600

(o]

£

a 400

Q + DSG small bubbles

9 200

500 1000 1500
Agitation speed (rpm)

Figure 5-31: Boiling aniline small bubbles sizes from DGD analysis at an
inlet vs 0f0.0066m/s in Buchi R1 reactor geometry.

4 dl0 BUCH
= 732 BUCH
B 300 Ki[o 2ftRi

200 > A32 2ft R

000 100 200 300 400 500 6.00
Specific power input (kW/m3

Figure 5-32: 20 ppm PPG solution; dwd&tid ds: from photographic analysis on
two sizes of equipment; the Buchi R1 and the 0.61 m vessel R1 geometries.
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800
700
| 600

|soo

¢ DGD smal BUCHI R1
= DGD larger BUCHI R1
A DGD smal 2ft R1

1 400

300

200

I 100
0.00 1.00 2.00 3.00 400 5.00 600

Specific power input (kWAn1)

Figure 5-33: Bubbles sizes in 20 ppm PPG from DGD analysis on two sizes
ofequipment; the Buchi R1 and the 0.61 m vessel R1 geometries.
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o8 mol):a Bbasz

Ot
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Approximate power input (kW/m )

Figure 5-34: Bubble sizes in the Buchi 1 geometry for 0.2 molar sodium
sulphate solution d/iand dxi are from photographic analysis
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+ small bubbles

400 m Larger bubbles

0.00 2.00 4.00 6.00
Approximate pogwer input (kW/m3)

Figure 5-35: Buchi R1 geometry. 0.2 molar sodium sulphate solution large
and small bubbles sizes from DGD analysis.

4500 4
g? Aipgo -
U Jouu X
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Figure 5-36: Buchi R1 mean bubble sizes. Cold, hot and boiling water at 1
and 10 atmospheres pressure at various vs showing djo and dj: from
photographic analysis
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900
800
700
600

500
+ small bubbles cold
94 400

Asmall bubbles boiling
300

200
100

0
000 100 200 3.00 400 500 6.00

Specific power input (kWtnx)

Figure 5-37: Buchi R1 geometry. Cold and boiling water, small bubbles
sizes from DGD analysis at various vs.

5.8.6 Effect of Superficial Gas Velocity on Bubble Size.

There is little effect of superficial gas velocity on the number mean bubble
sizes (dw) and the small bubble sizes determined by DGD analysis. This is
ilustrated by the series o f graphs in Figure 5-38 to Figure 5-47. However, the
effect of superficial gas velocity on the Sauter mean bubble size and on larger

bubble sizes estimated by D GD analysis is not clear from this series o f graphs.
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50.00
rg 40.00
m Large bubbles
30.00 + small bubbles
20.00
m 10.00
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0.00
0.00 005 0.10 0.15 020 0.25

Superficial gas velocity (ms)

Figure 5-27 suggests that larger bubble si2es increase with greater superficial

gas velocity in the heterogeneous regime.

1400
g 1200 .
& --¢— /10 1277 bottom
£ 1000
’ . . -m — 432 1277 bottom
g 800 +/ 1Q 1100 bottom
;_j 600 I / 32 1100 bottom
m o--my, 110 1277 top
i 400 A
j;% 4 4 32 1277 top
200
2
0

0.000 0.002 0.004 0.006 0.008 o0.010

Superficial gas velocity m/s

Figure 5-38: Buchi R1 geometry. 0.2 molar sodium sulphate solution djoand

dx from photographic analysis at fixed rpm and various superficial gas
velocities.
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DGDs 1277 rpm
DGDi 1277 rpm

DGDs 1100 rpm
DGD11100 rpm

1large bubbles
s = small bubbles
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Figure 5-39: Buchi R1 geometry. 0.2 molar sodium sulphate solution large
and small bubbles sizes from DGD analysis at fixed rpm and various
superficial gas velocities.
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Figure 540: Mean bubble sizes in the Buchi R1 reactor geometry. Cold
demineralised water, dw and du from photographic analysis at fixed rpm
and various superficial gas velocities
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Figure 5-41: Buchi R1 geometry. Cold demineralised water, mean small
bubbles sizes from DGD analysis at fixed rom and various superficial gas
velocities.
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Figure 5-42: Buchi R1 geometry. Boiling demineralised water, mean dw and
dxi from photographic analysis at fixed rpm and various superficial gas
velocities
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Figure 5-43: Buchi R1 geometry. Boiling demineralised water, small bubbles
sizes from DGD analysis at fixed rom and various superficial gas velocities.
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Figure 5-44: Buchi R1 geometry. Cold aniline, dio and d# from photographic
analysis at a fixed 1300 rpm and various superficial gas velocities
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Figure 5-45: Buchi R1 geometry. Cold aniline, small bubbles sizes from
DGD analysis at 1300 rpm and various superficial gas velocities.
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Figure 5-46: Buchi R1 geometry. Boiling aniline, dio and dj: from
photographic analysis at 1300 rpm and various superficial gas velocities.
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Figure 5-47: Buchi R1 geometry. Boiling aniline, small bubbles sizes from
DGD analysis at 1300 rom and various superficial gas velocities.

5.8.7 Gas Hold-up

Gas hold-up results for the various fluids tested are shown in previous Figure
5-20 to Figure 5-25 and following Figure 5-48 to Figure 5-51. Comments

worth noting are:

The percentage of small bubbles in the dense phase varies very significandy
with the fluids. For sodium sulphate it is around 8% (Figure 5-20); for water
(Figure 5-48) and boiling glacial acetic acid (Figure 5-51) it is around 10%,
whilst the 20 ppm PPG solution has a dense phase o f 30 to 48% (Figures 5.21
to 5.25). Boiling aniline at 33% hold-up appears to be still operating in the
homogeneous regime (Figure 5.50). Note that, as seen earlier in Figure 5-24

and Figure 5-25, the dense phase fraction is also affected by agitation.

The gas hold-up fraction is therefore not just a function of bubble size and

bubble rise velocity but also depends on the volume ofgas in the dense phase.
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One might speculate that a balance between break-up and coalescence rates
control the dense phase volume. In the heterogeneous regime the concept of

non-coalescing fluids are meaningless as coalescence is clearly occurring.
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Figure 5-48: Gas hold-up for cold water in Buchi 1 geometry: P/V varied.
Operation in homogeneous and heterogeneous regime/
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Figure 5-49: Total gas hold-up for cold and boiling demineralised water in
Buchi 1 as a function of superficial gas velocity.
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Figure 5-50: Gas hold-up for boiling aniline in Buchi 1 geometry. Operation
is in the homogeneous regime. P/V x aried.
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Figure 5-51: Gas hold-up for boiling acetic acid in the Buchi 1 geometry:
Operation in homogeneous and heterogeneous regime. P/V x aried.
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Initial disengagement rate data is compared with the steady-state superficial
gas velocity in Figure 5-52. Data is from the 2ft vessel, R2 geometry for a 0.2
molar sodium sulphate solution. The agreement between the initial
disengagement rate and the steady-state superficial gas velocity confirms that
the initial disengagement rate does indeed give a good indication of the vessel
superficial gas velocity even when applied to a mechanically agitated vessel.
This provides confirmation that the dynamic disengagement technique work
can be extended to the mechanically stirred reactor area. It also provides away
of estimating the superficial gas velocity for the boiling case. It could be

extended to provide boil up rates for heat transfer calculations.

Comparison of initial disengagement rate with superficial gas
velocity. 2ft R1 geometry. 0.2 molar sodium sulphate solution

mean superficial gas velocity (cm/s)

Figure 5-52: Test of equation (5.2) (dh/dt)(j) = r$at steady state

5.7.10 Effect of Solids on the Small Bubble Fraction

De Swart and Krishna (1995) showed that solids supplant small bubbles in the

dense phase in bubble column reactors operating in the heterogeneous regime.
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This work shows the same effect occurs in mechanically stirred contactors as
ilustrated by Figure 5-53. The total volumetric hold-up of gas plus solid
remained constant with increasing solids concentration, with the solids
replacing the gas in the dense phase. Solids were 205 micron glass ballotini
beads. The test fluid was a 20 ppm PPG solution that supports a large
concentration of particles in the dense phase. It is interesting to speculate on
the effect on other systems such as water or a 0.2 molar sodium sulphate
solution where 10% by volume solids would completely supplant the gas in

the dense phase, suggesting potentially a very large effect on gas-liquid mass

transfer.
50 ¢ . .
Q © > X o Large gas bubbles
7 o o +Totd sdidstgas
2 30 o Sl ges bubdles
)
X x Tad gas
ﬁ'> 20
J
0 10
] o . -
n
o 2 4 6 8 10

Solids concentration (volume %)

Figure 5-53: Effect of 205 micron glass ballotini solids on the dense phase
gas hold-up. Data from the 0.61m vessel R2 geometry. Superficial gas
velocity is constant at 0.07 m/s.

A selection of the work from this chapter was presented at Eurotherm 71,
“VISUALIZATION, IMAGING AND DATA ANALYSIS IN
CONVECTIVE HEAT AND MASS TRANSFER, October 28-30, 2002,
REIMS, FRANCE by Cooke e/a/. (2002)

241



Bubble Studies using the Buchi Rig

Acknowledgements

The author would like to acknowledge the contribution of Tom Phillips,
Mona Rafi and Bill Merideth in ICI technology group who assisted in the

experiments and bubble analysis

Also ICI Technology (ICT Research and Technology Centre, UK), Huntsman
Polyurethanes (3078 Everburg, Belgium) and DuPont (UK) Limited (DuPont
Polyester Technologies), who suppotted this work.

242




Chapter 6 : Single Phase Hydrodynamics
: Covering the Effects of Geometry and Scale on Flow, Mixing and
Agitator Power In Mechanically Agitated Vessels under Fully Turbulent

Conditions

6.1 Summary

This chapter describes power, mixing and hydrodynamics for single-phase
fluids using novel agitators or agitator combinations with comparisons against
conventional agitators such as the Rushton tutbine. The mixing literature is
reviewed and compared with the results of these studies. An equation is
proposed for the effect of scale and blade geometry on the powet number of

concave hollow blade agitatots.

Mixing, flow visualisation and power in single-phase tutbulent flow are
measured for five agitator types: two radial types - two different diameters of
disc turbines and a 6SRGT - and three mixed flow or axial types; a 4MFD,
4FMU and a Lightnin A310 as illustrated in Figure 6-1 (a to f). These are all
compared on a single scale (T = 0.288 m) as a function of agitation speed and
aspect ratio H/T.

Further studies compared the use of a single agitator with triple disc turbines or

triple A345 agitators for vessel geometries of H = 2T.
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(@ err (b) 6SRGT (©)4VFD
() 4AVRU (€) LIGHTNN A5 ©A310
(A315- w)

Figure 6-1: Types of agitators used in the mixing studies. Note A315 -up
rotates in anti-clockwise direction. The remaining agitators are rotated
clockwise.

Even for H — T geometries it is found that all the mixing time data cannot be
accurately described by a single correlation as claimed for example by
Ruszkowski (1994). With the disc turbines, the larger D/T is more
energetically efficient for mixing. This agrees with earlier published work of
Cooke et al. (1988) and Ruszkowski (1994). The LIGHTNIN A310 and the
4MFU are the least energetically efficient for mixing at the ¢ — T/4 clearance
used in this work. This is consistent with the flow visualisation and it could be
that optimising the clearance would improve the mixing which should be
considered in further work. All the other agitators can be described by a single

correlation.

The effect of H/T on mixing time was dependent on the flow patterns.
However it is demonstrated that a single agitator at a clearance of T/4 was
more energetically efficient than multiple disc turbines for mixing up to H —

2T. This is because the latter produces flow compartmentalization (see page

244



: Single Phase Hydrodynamics

13). For single agitators the effect of aspect ratio on mixing is shown to

apptoximate to a proportionality of (D/H)*’.

Mixing tests with multiple agitators confirm that the overall mixing depends
upon the flow patterns and the degree of compattmentalization (see page 15).
The triple A345 agitators with agitator and surface separations of < 7D wete

found to have excellent mixing capabilities.

Work on larger scales indicates that the mixing time constant (as defined in
section 2.5.5.5) has not scaled up. Results for the single 4MFD at H = 1.25T
and for the triple A345 show a larger Nt,, on scale-up, even accounting for any
small differences in D/T ratios. This effect has been noted by othet wotkets,
for examples, Kipke (1983) and Raghav Rao and Joshi (1988) have both
repotted that for geometrically similar vessels, Nt incteases on scale-up at
constant power per unit volume. This, nether the less, was a somewhat
unexpected result and is worthy of further study. Kipke (1983) argues this may
result from the larger turbulent eddies that exist on a latger scale that take

longer to decay. It may also be due to a longer lag time on scale-up.

Finally the ITS 2000 ERT tomogtaphy sensors on the 0.61m diameter vessel
are used to demonstrate the techniques for the study of mixing at selected
pixels and inter-zone mixing between sensor planes. The mixing times found
by tomography are favourably compared with those obtained using mixing

probes.

6.2 Aims of the Study

This study is aimed at extending the wotk on the standard geometty to
different aspect ratios and other agitator geometries including multiple agitators
in order to produce some guidelines on the effect of geometry on flow and

mixing. This means trying to link flow visualisation studies with power
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measutements and mixing measutements in order to gain an insight into the

mechanisms controlling the mixing process.

Much of the stitred tank literature is concerned with studies based on standard
tank geometties as desctibed in Chapter 2 (Figute 2-3). In the “real world”
vessel geometries frequently deviate from thJs geometty, both with respect to
the number, types and position of the agitators and also with respect to the
aspect tatio (H/T).

Hollow blade agitators ate finding incteasing populatity due to their ability to
handle gas without significant loss of power. However thete ate a number of
designs on offer and not much in the way of power number data. Therefore
these were studied to determine the effect of blade geometry and scale on the
power number. A correlation to desctribe the power number in terms of

geometry and scale is proposed.

6.3 Background to these Mixing Studies

An overview of mixing was given in Chapter 2, section 2.5. In earlier published
wotk (Cooke et a/. 1988) mixing at different scales was studied, comparing
single agitatots in vessels of aspect ratios H = T with multiple agitators in tall
vessels. It was shown that for single agitators in H = T vessels, disc turbines
and ICI Gasfoils, although widely differing in power numbers, could correlated

together using a common constant by an equation of the form,

NO.Po'*(D/T)? = constant 6.1)

where N is agitation speed, 0 a specified degtee of mixing, Po is agitator power
number (either ungassed or gassed providing operation was above the flooding

point); D is the agitator diameter and T the tank diameter. In that work for

90% mixing the powet law index (f}) was found to be 2.2 and the constant 3.9.

Mote recently Ruszkowski (1994) teported that equation (6.1) could be equally
applied to a range of pitch blade impellers, a disc turbine and a propeller
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agitator. For 95% mixing the quoted power law index (f) was 2.0 and the
constant 5.3. When compared at the same degtee of mixing, Cooke ez @/ (1988)
and Ruszkowski (1994) predict vety similar mixing times (see Chapter 2,
section 2.5.5) suggesting that specific power input (tather than circulation) may
be the dominant factor for mixing, in agreement with tutbulence theory (see
Chapter 2, section 2.4).

In terms of energy input equation 6.1 can be rearranged (chapter 2, Eq. (2.59))

to give

1/3 5/3 ~f
SRS

Not all workers agree that all impellers are equally energetically efficient. The
correlations of Khang and Levenspiel (1976) are similar to the Ruszkowsi
(1994) correlation, but do not contain a power number term. Howevet, the
powet number is introduced into the constant for calculation purposes. Their
correlations atre based on circulation time theory and imply that the propeller is
more energy efficient for mixing than a disc turbine by a factor of around 4,
when used with their power numbers of 5 fot the disc turbine and 0.6 for the
propeller. Shine and Wong (1984), using a thermal response technique to
measure t,; for a tange of agitators at a clearance of T/2 in a 0.4 m diameter
vessel, found that axial agitators were more efficient for mixing than radial
agitators. Raghav Rao and Joshi (1988) measuring close to complete mixing,
using a graphical conductivity tracer technique, found that pitch blade turbines
(PBTs) wete mote energy efficient than disc turbines, with down-pumping the
most efficient mode. The PBT down (4MFD) at D = T/3 was the most

efficient of all. Their cotrelation for the 4MFD was given as,
N6 o< (T / D)"* (6.3)

If the powet numbets wete constant with D/T, then from equation (6.2) this

would lead to, © o (D/Ty"', that is the mixing time would decrease with

increasing D/T at constant specific power input. The result that the smaller
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D/T gave the smallest mixing time at constant P/1”is thetefote surptising and
tesults from the fact that smaller D/T agitatot has the lowest power number,

ptobably due to this producing the most axial flow. However, the differences
were small and could be within the error bands.

In Chapter 2 (section 2.5.5.7) it was demonstrated using equation (2.59) or (6.2)

that the power law indices () found to fit equation (6.1) implies that latge
(D/T) agitators are more enetgetically efficient for mixing. When () =2, then
0 o< (D/Ty'” and for (f) =2.2, then 6 o< (D/T)"*”, assuming Po is constant
with changes in D/T.

However, increasing D/ T increases torque for a given power and that means
heavier shafts and bigger gearboxes resulting in increased installation costs.
With mixed flow agitatots, the power numbet can also be function of diameter.
Hence the optimum agitators for mixing are not obvious. The hydrofoil hollow
blade radial agitators such as the Scaba 6SRGT have power numbers relatively
independent of D/ T within normal limits. These ate attractive fot mixing since
their relatively low power numbers minimise the torque at the latger (D/T) for

a given power input compared to the Rushton tutbine.

For gas-liquid duties, radial hollow blade turbines (FIBTs) and up-pumping
impellers are often preferred for the dispetsion duty. Therefore one of the aims
of this study was to extend the agitator mixing compatisons to include up-
pumping impellers and another type of commonly used HBT; namely the
Scaba 6SRGT.

Equation (6.1) relates to H = T geometties. It is quite common to see single
agitators in highet aspect ratio vessels. A common configuration using a 2:1
elliptical base is to site the agitator at the bottom tan-line (cleatance ¢ = T/4)
and to operate at a liquid level equal to T above it, giving an overall H/T =
1.25. One might reasonably expect that the effect on the mixing time of the
increased head above the agitator would be different depending on whether o

not the main circulation loop reaches the sutface and this may well be agitator
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dependent. If the level is increased further the chances of the main circulation
loop reaching the surface will decrease.

Cooke ¢f al. (1988) found that mixing took considerably longer in tall vessels
agitated with multiple disc turbines when compared at equal specific energy
inputs. In order to fit data for a triple impeller agitated I = 2T vessel with the

data for the H = T vessel the equation proposed was,
Nt,, .Pol” (D / H)** = constant (6.4)

where H is the height of the gas-liquid dispetsion above the bottom of the
base, and Po,, is the sum of the power numbers based on a common
diameter. If agitators of different diameters are used it is common to base the
total power on the latger diameter. To correct the Po of agitator 1 (A,) to the

different diameter of agitator 2 (A,) then since fot the same power,

2

5
N3DS = D
Po, p ? 15 Po, pN’D}. Thetefore Po, = Pol(—lJ

The constant in equation (6.4) was found to be 3.3 for three Rushton turbines
and approximately half that number when the two top impellers were replaced
by down-pumping axial impellers (either Plenty hydrofoils or 6MFDs). The
increase of mixing time with multiple agitators is believed to be due to
compartmentalization especially when radial agitators are used. Colour change
mixing experiments on triple radial agitators showed that mixing occurred
rapidly in the stage where the tracer addition was made and this is then mixed
rapidly in the second agitator stage followed by the third. In each stage this
mixing was essentially complete befote the colour change started in the next
stage. Using axial-radial agitator combinations reduced the staging effect. Othet
wotkers have reported similar staging effects using multiple radial impellets for
example Cronin ef 4/. (1994) for Rushton turbines. Manikowski ez @/, (1994) and
Otomo ef al. (1995) confitmed that the overall mixing time reduced by about

50%, when the two upper turbine agitators were replaced with axial flow
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agitators. Note that feeding simultaneously to each agitator should eliminate
this staging effect and this is worthy of further study.

Thete is a paucity of information for mixing with single agitators at aspect
ratios greater than one, even though this is quite a common processing
configuration. Therefote tests wete included in this study with single agitators
at a clearance of T/4 with aspect ratios up to 2:1 for a range of agitatots.
Power measutements and flow visualisation studies were also cartied out. The
mixing results reported by Cooke ¢z o/ (1988) were weighted towards the
Rushton turbine data obtained in the latge 1.79 m vessel. This vessel had a fiat
base that meant that the volume is greater than for a dished vessel operated at
the same total depth of liquid. The flat bottom may also give “dead zones” in
the comers. For this eatlier wotk the taw data were analysed graphically to

obtain t,-mixing times and operation in some cases was above the onset of
sutface aeration giving noisy data. Also it is not cleat whether NO is scale

independent. Kipke (1983) reviewed scale-up anomalies and noted that the

exptession NO = constant, for geometrically similar vessels, does not
necessarily scale-up. He argued that this was because the macto-scale of
turbulence scales with impeller size. Thus latger eddies are found in large
vessels that result in larger variations and therefote the final state of mixing is
achieved later in larger vessels. Raghav Rao and Joshi (1988) reported that for
geometrically similar vessels, NO incteased on scale-up at equal specific energy
input (P/1’). For these reasons it was therefore deemed wise for these
comparisons to include disc tutbines in the ptesent study and to limit
operations before the onset of surface aeration so that a good comparative set
of mixing data could be obtained at the same scale.

The decision to do all the work at a single clearance requites justification. It
may well be that there is an optimum position of an agitator for mixing
purposes and this may also depend upon the type of agitator and D/T. Indeed,
this is what some expetimenters have found. Raghav Rao and Joshi (1988)
tested clearances of T/3, T/4 and T/6 and found that for Rushton turbines

and MFU agitators the mixing time decreased with decreasing clearance,
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whereas it increased with decreasing clearance for MFD agitators. For the
pitched blade agitators (MFD or MFU) this effect decreased with increasing
diameter as the component of axial flow decreased. These authors linked their

findings to the observed flow patterns.

The main circulation loop for up-flow agitators is known to turn over just
above the agitator with much poorer agitation above as shown for example by
Bujalski er 2/ (1988) and Harti-Prajitno ez a/. (1998). This might suggest that the
optimum position for mixing with up-pumping agitators may well be very
much higher up the vessel, as demonstrated by the videos shown by Nienow
(2003). However for processing putposes, a low clearance is often preferred
since this limits surface aeration and batch processes are often run at different
levels including quite low levels. Thus for these compatisons all this wotk was

done at a clearance of T/4.

Fot gassed vessels Chapter 2 (section 2.2.2.4.2) recommends multiple up-
pumping impellers or up-pumping impellers above a radial impeller to provide
stable flows. Mixing data are also repotted for these combinations, along with

comments about agitator positions and flow.

6.4 Details of Tests and Geometries

Chapter 3 gives details of the three Perspex vessels of diameters 0.286 m, 0.61
m and 0914 m and the techniques for flow visualisation, shaft power
measurement, mixing, and ERT measutements that have been used in these
studies. Also available to this study (courtesy of ICI Technology) was a 1.79 m
diameter polypropylene vessel with a flat bottom and Perspex portholes in the
side and base fot flow visualisation. This vessel was instrumented in the same
way as the UMIST - Dept. Chemical Engineeting, vessels with a torque strain
gauge on the shaft to measure shaft power, as previously described by Cooke e?

al. (1988). It is used in this study for scale-up work.
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6.4.1 Comparative Mixing Tests

For these tests the start fluids were water at conductivities (2) of about 100
nS/cm and finished at around 1000 pS/cm after some 10 additions before the
water was changed. Data wete collected in LABVIEW in a program that

allowed up to 4 probes to be sampled at a hundred times per second.

For overall mixing with a single agitator a single conductivity probe (see Figure
3-7 for probe details) was used. This was sited in the base towards the back of
the vessel. The tracer was added on the surface at the front of the vessel,

approximately midway between the baffles and midway between the wall and
shaft.

The procedure adopted for a single operator doing the tests was as follows.

® Setvessel conditions — agitatot, levels, and agitation speed.
e Simultaneously start the data acquisition at 100/s and the stopwatch.
e Add tracer to surface and simultaneously stop the stopwatch.

¢ Monitor data acquisition to equilibrium value and at least 10s at
equilibrium (typically 40s for small tank work)

¢ Save file
® Repeat process at least 7 times for each mixing time.

e Transfer data to MS excel files for analysis. These excel are attached in
the accompanying CD in the folder “Mixing”. The spreadsheet names
reflect the data. For example 1DT360HTS.xls ate the worksheets for a
single disc turbine agitated at 360 rpm in an H = 2T geometry.

The time from starting the data acquisition to addiﬁg tracet to the surface is
typically 7 seconds. Thetefore the base-line data are around 700 points for
each probe that is mote than sufficient to establish the base-line properties.
Equilibtium values were collected for a similar length of time. These data traces

wete then notmalised 0 to 1 befote analysing by the method desctibed in

Chapter 2, section 2.5.5.3.
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Tracet concentrations of 200 g/l occasionally proved problematic for
tomography measurements and concentrations as low as 50 g/l were
sometimes used with propottionally higher addition volumes. Checks found no
significant difference to the 95% confidence limits according to a Students t-
test between tesults for 50 g/l and 200 g/l when the final change in

concentration was kept constant.

6.4.2 Notes on Flow Visualisation

The aim was to establish major flow patterns, secondary flow and areas that are
comparatively pootly mixed. Decolouration expetiments desctibed in Chaptet
3 are useful for determining regions of relatively poor mixing. To look more
closely at flow patterns tracers wete used, either gas and/or polystyrene beads
to highlight flows whilst lighting the tank through a slit light at the side to
highlight a vertical slice.

6.4.3 Geometries of the Vessels and Agitators

The geometries of the vessels and agitators are detailed in Table 6-1 and Table
6-2.
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Vessel Diameter co 0.286 m
Material o f construction Clear Perspex
Type of base 2:1 elliptical
Depth ofdish T/4

Clearance of agitator ) T/4

Type of baffles *) Wall

Number of baffles («*) 4

W idth o fbaffles m T/10

Position of mixing probe Upwards at base
Position o f tracer addition Surface

Liquid level H Varied from H/T = 0.75 to 2

Table 6-1: Details of 0.286 m vessel geometry

Agitator Number Diameter Blade Actual Disc Angle of Blade Disc Power No
Type blades D length  blade width diameter attack thickness thickness Po
mm mm mm mm degrees mm mm total
6RT 6 143.5 36.0 27.8 108 90 2.5 2.5 4.70
6RT 6 95.7 24.8 19.5 72 90 1.0 1.5 5.11
6SRGT 6 149 37.5 19.0 90 90 2.0 2.0 1.63
4MFD 4 145 28.6 45 down 1.0 1.35
4MFU 4 145 28.6 45 up 1.0 1.08
A310 3 150 ? 1.0 0.3
3 x 6RT 6 144 36.0 27.8 108 90 2.5 2.5 11.98
3XA345 4 143 38 up 24

Table 6-2: Details of agitators used in the 0.286 m diameter vessel. Agitators
are shown in Figure 6.1.
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6.5 Results

6.5.1 Results for Comparative Tests on the 0.286 m Vessel

6.5.1.1 Agitator Power Numbers in Fully Turbulent Flow

Agitator Power Numbers for fully turbulent flow are listed in Table 6-2 and
Table 6-4. The results for various individual agitators as a function of Reynolds
number are shown in are in Figures 6-2 to 6-6. Note that the operating level

makes no significant difference to the power number when no surface aeration

occurs.
6
5 ¢ ¢ ¢ - + +
- °5 f>1*|]XXXXXXXXXXXXX
*
OHT: D=T2
I 2 lHﬁ%@%ﬂQ
o AHTEIS D2
HPR22 R .
*HT=1, DAI73
0

0 50000 100000 150000 200000 250000
Reynolds Number (-)

Figure 6-2: Power numbers for the Rushton turbines used in the mixing
work on the 0.286 m diameter tank.
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Figure 6-3: Power numbers for the D —T/2, SCABA 6SRGT obtained in
water in the 0.286 m diameter tank
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Figure 6-4: Power numbers for the 0.15 m diameter LIGHTNIN A310
agitator in water in the 0.286 m diameter tank for H=T.
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Figute 6-5: Power numbets for the 0.145 m diameter 4MFD agitator in water
in the 0.286 m diameter tank
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Figure 6-6: Power numbers for the 4MFU agitator in water in the 0.286 m
diameter tank

6.5.1.2 Flow Visualisation for Various Agitator Configurations in Fully
Turbulent Flow

Flow-fields in mechanically stirred tanks ate very complicated. The sketches in

Figures 6-7 (a), (b) and (c) and 6-8 (a), (b) and (c) are an attempt to capture a 2-
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dimensional picture of a vertical slice of flow between the baffles, for operation
in fully tutbulent flow.

Primary flow is that detived directly from the impeller. Secondaty flow is flow
induced by the ptimaty flow (in an opposing ditection). Compartmentalization
often exists when multiple agitators ate used. This compartmentalization
consists as boundaties between ptrimary flow-fields where interchange rates
between the primaty flow loops are much lower the mixing rates that exist

within the primary flow loops.

However, even when secondaty flow is dominant in much of the upper reaches
of the vessels (as it inevitably is when a single agitator located towards the base
is used to agitate a tall vessel) the baffles still play a major role in the axial
transport of fluid. This is patticularly important with radial turbines where
upward flow occurs before the baffles and down-flow behind the baffles

viewed from the perspective of the radial flow.

The single agitator sketches in Figures 6-7 illustrate that for H=T geometries
the disc turbine and 4MFD agitators are both fully agitated by primary flow.
Thetefore, these should mix better than the 4MFU agitator 6-6(c) that relies on

secondary flow to mix the top of the vessel.

When the liquid level is raised to H = 2T all the agitators tested relied on

secondaty flow to mix the op of the vessel.

The series of sketches (a) (b) and (c) 1 Figutes 6.8 represent some possible
ways of configuring a tall reactor with multiple agitators.

Even when 3 axial flow agitators are used at separations of < 1.2 D some flow
instabilities are present due to opposing flow at the interchange |[Figute 6-8a
(tight)]. If the separation is incteased to > 1.2 D, then zoning and

compartmentalization is likely (Figure 6-8b).

Secondary flow is responsible for some of the mixing when the agitator is >

1.2 D from the sutface.
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The geometry in Figure 6-8 ¢ shows good interchange between the agitators

with flow reinforcement at the interchange.

(?)

Flow patterns for Rushton
turbines and 6SRGT agitators.

Left; atlevels to H —\ .25 primary
agitation to top in single-phase
flow.

Right At // = 2T secondary flow
agitates the top of the vessel

O o (b)

Left 4MFD agitators and A310
agitators are reasonably well
agitated to the top at levels to H
= 125T7. As agitator D/T
increases the flow becomes more
radial and the flow-loops shorter.

It A ) Right At H —2T secondary flow
only reaches the top.

©

With the 4MFU (45°) agitator ata
clearance of T/4 even for a level
of H — T the main flow loop
does not reach the surface. It
turns over around at a maximum
of one agitator diameter above
the agitator. This also applies to
the axial up-pumping agitators
such as the LIGHTNIN A345 or
the APV BU30U agitators.

Figure 6-7: Flow patterns for single agitators at a clearance of 7/4, illustrating
the effects of agitator choice and H /T on the flow patterns.
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Multiple LIGHTNIN A345
agitators at a separation of 1D.
The flows loops work together
with some internal recirculation.

Left: A dual A345 with separation
between top Agitator and surface
= 2D. Strong flows in bottom
section, much weaker flows above.

Right: Strong flows to surface if
surface separation < 1.2D.

<b)

Multiple A345 (up-pumping) in
single-phase turbulent flow. If
separation > 1.2D then zoning and
compartmentalization occurs.

Note that on gassing the up-flow
o f gas destroys the zoning.

(©)

Left: A combination of a lower
radial turbine (shown here as a
hollow blade turbine) and an upper
6MFU (or other up-flow impeller)
produces a well-agitated vessel
with positive flow reinforcement at
the interchange.

Right: If top agitator > 1.2D from
the surface there is an extra flow
loop and radial type flow at the
top. This gives a higher Po and
longer mixing time. Atalarge D/T
this effect occurs at s/D < 1.2.

Figure 6-8: Flow patterns for multiple agitators: Effect of agitator separation
and the clearance of top agitator on the flow patterns.
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With the dual agitator system shown in Figure 6-8(a) (sketch on left) there is
some compartmentalization as shown in colour change experiment depicted in
Figure 6-9. A degree of compartmentalization also occurs for the hollow blade
arrangement shown in Figure 6-8(c), even for a 6MFU surface clearance o f one
agitator diameter, as illustrated by the video clip shown in Figure 6-10.
Although there is a good interchange of flow between the hollow blade upper
agitator flow loop and the 6MFU main flow loop, the portion of the vessel
agitated by the hollow blade agitator is essentially mixed before significant

transfer to the 6MFU agitated section occurs.

Figure 6-9: Dual A345 agitators. Caustic injected into the bottom zone:

(left) bottom zone pink (right) whole tank pink.

Figure 6-10: A 6HBT below a
6MFU as per Figure 6-7(c). The
6MFU is one agitator diameter
from the free surface. Video clip
from a colour change experiment
obtained by adding caustic at the
side of the bottom 6HBT.

Bottom zone well mixed before
significant transfer to top zone
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6.5.1.3 Mixing Times in Fully Turbulent Flow

A typical summary sheet for a given test is illustrated by Table 6-3. The
comparative mixing results on the 0.286 m diameter tank are listed in Table
6-4. Mixing time constants are quoted for both 90% and 95% mixing. For any
given agitator at a clearance of T/4 up to operating levels of H/T = 1.25,NO =
constant with no significant different between the results for different agitation
speeds. However for the Rushton turbines at H — 2T, with the single agitator,
NO # constant and the result at the lower speed is distincdy second order. All
the other results exhibit reasonable first order behaviour including the triple
Rushton turbine results with the 95% mixing being reasonably predicted by the
90% result Assuming first order there should be a factor of 1.3 between the

two mixing times. On average the experimental factor was 1.27.

Run N tgo 195 Ntgo Nt%
1 180 237 3.46 711 10.38
2 180 4.28 437 12.84 13.11
3 180 3.85 4.13 11.55 12.39
4 180 3.01 4.75 9.03 14.25
5 180 3.31 6.12 9.93 18.36
6 180 3.69 424 11.07 12.72
7 180 3.15 3.31 9.45 9.93
8 180 267 3.76 8.01 11.28
9 180 24 4.54 7.2 13.62
10 180 3.93 4.05 11.79 12.15

Predded t%(s) 4.246

Average 3266 4273 9798 12819
d 0665 07692 1995 2375
%sd 20.36 1853  20.36 18.53

Table 6-3: Results for mixing with 6SRGT at 180 rpm and H — T
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No Agitator N T D H D /T er H/T Po Ntgo Ntgs

tests V* o rpm m m m Wikg
n
7 6RT 240 0.286 0.096 0.286 0.335 0.159 1 5.11 17.01  23.21
7 6RT 420 0.286 0.096 0.286 0.335 0.821 1 511 16.41  21.51
7 6RT 120 0.286 0.144 0.215 0.502 0.173 0.75 4.48 591 7.46
7 6RT 120 0.286 0.144 0.286 0.502 0.135 1 4.69 7.30 8.50
7 6RT 150 0.286 0.144 0.286 0.502 0.269 1 4.69 6.31 8.76
7 6RT 180 0.286 0.144 0.286 0.502 0.452 1 4.69 6.55  8.39
7 6RT 240 0.286 0.144 0.286 0.502 1.085 1 4.69 7.50 9.39
7 6RT 120 0.286 0.144 0.358 0.502 0.103 1.25 4.71 8.16  9.61
5 6RT 120 0.286 0.144 0.572 0.502 0.058 2 4.63 1540 28.45
5 6RT 360 0.286 0.144 0.572 0.502 1.727 2 4.69 29.98 35.38

7 6SRGT 180 0.286 0.149 0.286 0.521 0.192
10 6SRGT 180 0.286 0.149 0.286 0.521 0.192
10 6SRGT 240 0.286 0.149 0.286 0.521 0.448
7 6SRGT 180 0.286 0.149 0.572 0.521 0.092

1.63 8.42 9.30
1.63 9.80 12.82
1.61 9.41 10.50
1.6 49.43 58.78

N a a a

14 4MFD 180 0.286 0.145 0.286 0.507 0.145 1 135 11.52 13.91

8 4MFD 240 0.286 0.145 0.286 0.507 0.324 1 133 11.60 14.29
6 4MFD 300 0.286 0.145 0.286 0.507 0.606 1 1.27  10.57 14.53
7 4MFD 180 0.286 0.145 0.358 0.507 0.123 1.25 135 14.62 18.65
9 4MFD 300 0.286 0.138 0.409 0.483 0.329 1.43 132 29.27
7 4MFD 180 0.286 0.145 0.572 0.507 0.073 2 135 71.84 93.87
9 4MFU 180 0.286 0.145 0.286 0.507 0.110 1 1.08 15.80 20.30
" 4MFU 300 0.286 0.145 0.286 0.507 0.513 1 1.08 17.30 20.66
7 4MFU 180 0.286 0.145 0.358 0.507 0.081 1.25 1.08 16.59 20.40
7 4MFU 180 0.286 0.145 0.572 0.507 0.056 2 111 47.30 64.58
7 A310 180 0.286 0.150 0.286 0.524 0.037 1 0.3 20.10 25.08
A310 300 0.286 0.150 0.286 0.524 0.167 1 0.3 23.43 27.67
7 A310 420 0.286 0.150 0.286 0.524 0.446 1 0.29 21.78 27.74

7 3 x6RT 90 0.286 0.144 0.572 0.503 0.071 2 11.98 45.31 55.01

8 3XA315up 300 0.286 0.143 0.486 0.500 0.604 1.7 2.4 16.65
8 3XA315up 450 0.286 0.143 0.486 0.500 2.037 1.7 2.4 16.76
8 3XA315up 600 0.286 0.143 0.486 0.500 4.828 1.7 24 16.73

Table 6-4: Mixing results for tests on the 0.286 m diameter vessel. Note that
n is number of tests comprising each mixing time. Other symbols take their
usual meaning.
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6.5.1.3.1 Mixing Times in Fully Turbulent Flow for /= T aspect ratio

6.5.1.3.1.1 Effect of Specific Power Input on Mixing

" The mixing time data for H = T geometries are shown on log-log plots of
mixing times versus specific powert mnput in Figures 6-11 and 6-12. These data
show approximately constant slopes of --1/3, indicating that:

0&; " is approximately constant.

The slopes for ty, vary from -0.273 to - 0.414 with a mean of -0.330 and a
standard deviation of 0.0506

The slopes fot t); vary from -0.292 to - 0.387 with a mean of -0.332 and a
standard deviation of 0.0386.

The same result would be achieved by a plot of log (N.0) versus log (Po) since

on a single scale for a given agitatot diameter & is proportional to N.Po'”

Therefore for a given agitator type and diameter,

N6.Po'”? = constant (6.5)
This is in agreement with equation (6.1). The group NO.Po'? may be
considered as a mixing power number.

The mixing versus energy input data divide into two main bands. The most
enetgy efficient band comptises the D = T/2 Rushton turbine, 6SRGT and the
4MFD. The least energy efficient band comptises the D = T/3 Rushton
tutbine and the D = T/2 A310 and 4MFU.
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Figure 6-11: Effect of specific power input on mixing to 90% in water for
various agitators in the 0.286 m vessel. Note that in all cases the D /T on the
figure is approximate. For example the actual D of the A310 is 0.5247*. The
actual D /T is used in all calculations. See Table 6-4 for precise D /T
information.
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Figure 6-12: Effect of specific power input on mixing to 95% in water for
various agitators in the 0.286 m vessel.

6.5.1.3.1.2 Effect of D /T on the Rate of Mixing

The effect of the D /T ratio on the rate of mixing could only checked to any

degree of accuracy with the Rushton turbines where the D/ T ratio was varied
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between T/3 and T/2. This was for 90 and 95% mixing as shown in Figure

6-13. The results correlated according to:

N twPo1/3(D /T Y*®¥ = constant. R" = 0.981 (6.6)

N t9%P0,/3(D /T )23 = constant R2= 0.992 (6.7)

The mean exponent on D /T is 2.3 which is identical to that found by Khang
and Levenspiel (1976) for Rushton turbines and also compares favourably with
the exponent of 2.4 found by Shiue and Wong (1984) and the exponent of 2.2
found by Cooke eta/. (1988).

100

¢ NtgoPo”3
m NtggPo1#

Power (NtgoPo’ 4 )
c — Power (NIgsPo’,3-)

~ 10 y =2438x'25 2
R2=0 981

y =2.8289x'23330

R2=0.9916
1

0.1 1
Agitator to tank diameter ratio (D /iy

Figure 6-13: Determination of the effect of agitator diameter on mixing for
Rushton turbines in water in the 0.286 m diameter tank. Power law fit.

6.5.1.3.1.3 Comparisons with Earlier Work for H=- T Geometries

The data for H = T geometries were tested against predictions from the

Cooke etal. (1988) correlation which for H — T geometries reduces to,
Nt*"Po13D/7)2= 3.9 (equation 2.54)

These comparisons are illustrated in Figure 6-14. This is interesting since the
only the data for the Lightnin A310 and the 4MFU correspond to the predicted

line. The data for the other four agitators line on a roughly parallel line below
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the 1988 prediction, that is, with a lower multiplication factor (mote energy
efficient mixing). A similar pattern emerges by a compatison of the data with
the Ruszkowski (1994) cotrelation given by equation 2.55 and depicted in
Figure 6-15). The lower multiplicity factor, compared to the earlier work, could
be due to the combinations of the low noise data achieved by opetating below
the onset of surface aeration, the data smoothing (working with a 32 point
moving average) and the small scale. The increase in the multiplication factot
for the 4MFU agitator is believed to be due to the flow patterns since the
primary flow patterns do not reach the surface, see Figure 6-7. The reason for
the A310 result is not quite as clear-cut although there is not a lot of sutface
movement until the onset of sutface aeration at 600 rpm and the latge diameter

(D =0.524T) means that the axial flow component is compromised.

All the H = T data for the two disc tutbines, the Scaba 6SRGT and 4MFD

could be well correlated according to,

Nt,,Po'/*(D/T)* =24 (6.8)
with a standard deviation of 0.178 and cottelation coefficient R2 = 0.955
and,

Nt,,Po'/*(D/T)* =3.1 (6.9)
with a standatrd deviation of 0.255 and correlation coefficient R2 = 0.954

Note that the power law index of (2.3) has only been confitmed for disc
turbines in this work. Also the difference in the constants between 90% and

95% mixing agrees with a first-order mixing model.
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Figure 6-14: Data for H — T geometries plotted against the Cooke et al
(1988) correlation (equation 2.54).
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Figure 6-15: Data for H — T geometries against the Rus: kowski (1994)
correlation (equation 2.55).

6.5.1.3.2 Mixing Times in Fully Turbulent Flow for all Aspect Ratios in

the 0.286 m Diameter Vessel

The mixing data (for cases where H /T was altered) are plotted on log axes as

values of the mixing power numbers (Nt*"Po13) against the H/T (liquid
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height/vessel diameter) in Figure 6-16. Each of the agitator types was subjected
to apower law fit and the equations of the lines and R2correlation coefficients
are all included on the graph. Finally the data for all the agitators was fitted to a

single power law fit

Effect of H /T on mixing for single agitators at c —7/4 in
the 0.286m diameter vessel

1000 -P 6RTOT/2
6RGT OT/2
4MFDOTfi
4MFUOT/2
all 0T/2
------ Fouier (CRT OT/2)
100 y* -H.227x,B*,
R“* 03135
------- PowerftRGT OT/2)
y« 12.857/'es

R~“0 98
--—-Power<4MFD OT/2)

® X D ¢

b T

y-14.7s2*®
FT-03678
....... Row er (4MFU OT/2)

y - 1QOSOxt 7*
R;« 08844

—  Rower (@WOT/2)

y* 15.200xiCCM

R2*0881
0.1 1 10

Heigh to tank dameter ratio (H/T)

Figure 6-16: The effect of H /T on the mixing power number (N tssPo1/3) for
single agitators at c = 7/4 in the 0.286 m diameter vessel.

The data does not fit particularly well but there is a clear message that
increasing H /T has a strongly detrimental affect on mixing. The overall fit for

all these data is:
N t9SP o 1/3(7¢ /H)2° =15.3 (6.10)

If you could mix a vessel using a single circulation loop you would expect the
bulk mixing to be direcdy proportional to H. The exponent on H/T is

therefore an indication o f how well the mixing approaches this ideal.
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Note that the exponents on D/T and T/H in the mixing equations are similar
(approximately 2.0) as found previously by Cooke et al. (1988) using multiple
agitators. This means that the effects of D/T and H/T on mixing can be
reduced to an effect of D/H. Following this earlier work, the data for the
single agitators were plotted as values of the mixing power number (N tjjP o 1%)
against the D /H (agitator diameter/liquid height) in Figure 6-17. The A310 and
the small RT agitators are included in these data sets as D /H ratios are altered

by the change in D.

Effect of H /T on mixing y =4.1598¢X 1971

R=08773
1000

¢ 6RT D=T/2
6RT D=T/3

100
6RGTD=T/2

4MFD D=T/2

4MFU D=T/2

o » X »

Nl 0o

A310D=T/2
10 dl dda

— Rawer (all data)

0.1

D/H

Figure 6-17: The effect of the liquid height on the mixing power number
(N tssPo‘/3 for single agitators at ¢ — 7/ 4 in the 0.286 m diameter vessel.

There is a strong effect of height on mixing and this is roughly proportional to
(D/H)2 Atavalue of H/T= 2 (D/H = 0.25) the 4MFD is the least efficient at
mixing. The flow visuali2ation shows that secondary recirculation is responsible

for mixing the top of the vessel at this height (Figure 6-7).
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Note that the correlation R? coefficient is quite low indicating that this type of
“catch-all” correlation has quite wide etror bats. Setting the exponent at —2.0

the correlation is rounded up to,
Nty Po'*(D/H)Y* =42 (6.11)

with a standatd deviation of 0.914 and correlation coefficient R* = 0.877

In spite of the crudeness of this cotrelation (low R* value) it is useful to focus
the mind on the important variables on scale-up. It may be, in some cases
whete mixing is particularly important, that vessel diameter is increased at

constant H so that D/H can be maintained.

In order to see whether single or multiple agitatots are the most efficient fot
mixing, the effect of the operating height on the mixing time constant Nt for
single agitators is compared against the prediction fot three Rushton turbines

due to Cooke ¢f 4/. (1988) in Figute 6-18.

The mixing time constants for the single agitators at aspect ratios are lower for
all cases above the aspect ratio of 1, than those predicted by Cooke ¢z a/. (1988).
Note also that the recent check data point for three radial impellers (Table 6-4)
is in good agreement with the earlier wotk. The eatlier wotk on the 3 turbines

at the 3:1 aspect ratio was also done on the 0.286 m mixing-rig.

The fact that a single agitator is more energy efficient for mixing than multiple
radial tutbines is interesting given that for the single agitator, the upper reaches
are mixed mainly by secondary tecirculation. The use of multiple radial flow
impellers is not tecommended in high aspect ratio vessels where overall mixing

rates are impottant, in spite of the fact that this is 2 commonly used geometry.

Triple A345 agitators are particularly efficient at mixing with a measured Nt,,,
approximately 1/3 of that predicted for the triple Rushton tutbines at the same
H/T.

271




: Single Phase Hydrodynamics

100 I

90 -Cooke €fa/.(1988)

80 m ORT, D=T/i
& 70 X a ORT, B=T1/2
%’J 60 X 6SRGT, D =rs2
£ 50 c - m?D,B=TA
§ 40 o 4MFU,D=T/2
5 30 x 1 ¢ ANO B=rr2

20 . A . d 3x6RT D =7/2

0 . a 3xA345

0

20 40 60 80 100
Nfe> Cooke et af. (1988) Prediction

Figure 6-18: Comparisons of mixing constants at different aspect ratios (H/T)
for single agitators in 0.286 m diameter vessel with the Cooke et al. (1988)
prediction given by equation (6.2)

6.5.2 Results of Comparative Tests on the 0.61m Diameter Vessel

The geometrically similar 0.61 m diameter vessel is used in conjunction with
the 2:1 elliptical base of depth T/4. Agitator geometries considered here are
single and multiple agitators in water under fully turbulent flow conditions:

+ Single 4AMFD-450. At H/T—1.25 to compare against the 0.286 m

diameter vessel work, Similar to 0.286 vessel design).

* Hollow blade radial agitator (6HBT) below a 6MFU-450(Figure 6-19)

« DualLIGHNIN A345 (Figure 2-27)

* Triple LIGHNIN A345.
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(a) curved parabolic blade agitator b) 6 blade 45° Pitched blade turbine
(6HBT) pumping up (6MFU)

Figure 6-19: dual agitators, a parabolic blade 6HBT below a 6MFU-450.

The geometries are listed in Table 6-5 and a summary of the mixing results is
given in Table 6-6. For the multiple agitators the Power number given is the
combined power number based on the diameter of the lowest agitator as
described in Section 6.3). Geometry 5 is used for a comparison with ERT
results with tracer at the bottom agitator and measurement in the base. For all

the other experiments the tracer is added at the surface.

Note that some of the geometries reported here were used for parts o f research
projects carried out under the terms o f confidentiality agreements that prohibit

detailed explanation ofwhy these particular geometries were used.
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Geometry Agitator c D D/T H/T S/D Vol. Po
Types (m)  (m o 0 0 (m3 o
1 AMFD-450 0.164 0.322 053 125 189 0208 122
6HBT 0.174 0291 048 1.13
2 6MFU-450 0422 0272 045 103 071 0.168 183
6HBT 0.122 0.305 0.50 1.14
3 6MFU-450 0432 0272 045 103 064 0168 183
6HBT 0.220 0.321 0.53 1.21
4 6MFU-450 0525 0272 045 14 117 0234 183
6HBT 0.220 0.305 0.50 1.12
5 6MFU-450 0.525 0.366 0.6 138 074 0230 269
A345 0.248 0.295 048 0.76
6 A345 0501 0.295 048 1.63 167 0276 0.76
A345 0.248 0.295 048 0.76
7 A 345 0.501 0.295 048 163 081 0.276 0.76
A 345 0.755 0.295 048 0.77

Table 6-5: Geometries used in the 0.61 m diameter vessel single-phase mixing
tests in fully turbulent conditions. 5 is the agitator separation from the surface.
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o N o N

6
6
6

Agitator Geometry N T D H DIT P/V H/T Po Nt90
Type RPM m m m Wikg
4MFD 1 100 0.61 0.322 0.762 0.53 0.09 1.25 122 23.2
4MFD 1 179 061 0.322 0.762 0.53 0.54 1.25 122 239
4MFD 1 250 0.61 0.322 0.762 0.53 1.47 1.25 122 264
6HBT 0.61 0.291 0.48
+ 6MFU 2 240 0.61 0.272 0.628 0.45 1.79 1.03 196 24.8
6HBT 0.61 0.305 0.50
+ 6MFU 3 240 0.61 0.272 0.628 0.45 1.97 1.03 225 221
6HBT 0.61  0.321 0.53
+ 6MFU 4 210 0.61 0.272 0.854 0.45 1.26 1.4 2.02 39.6
6HBT 0.61 0.305 0.50
+ 6MFU 5 120 0.61 0.366 0.841 0.6 0.72 1.38 7.84 11.8
2 x A345 6 274 0.61 0.295 0.994 0.48 1.18 1.63 152  29.9
3 x A345 7 180 0.61 0.295 0.994 0.48 0.51 1.63 234 216
3 x A345 7 274 061 0.295 1.013 0.48 1.76 1.66 2.27 20.2

Table 6-6: Summary of single-phase mixing results for the 0.61 m diameter
vessel.

6.5.2.1 Discussion ofthe Results ofthe Mixing Tests from the 0.61 m

Vessel

Comparing the results in Table 6-6 with the earlier results printed in Table 6-4

it is apparent that:

The mixing time constant has not scaled up. Results for the single
4MFD at H—\.2S Tand for the triple A345 show alonger mixing time
constant (Nt*,) on scale-up, even accounting for any small differences
in D/T ratios. Other workers have noted this effect; Kipke (1983) and
Raghav Rao and Joshi (1988) both reported that for geometrically
similar vessels, NO increased on scale-up. See section 6.2.

The dependency of mixing on H/T is confirmed for the dual agitator
(6HBT below a 6MFU) results. The difference between the mixing

times for H/ T —1.03 and H/T —1.4 is reasonably well predicted by the
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fotm of equation (6.11) - Nt,,Po'/*(D/ H)*® = constant .

* Assuming first order mixing, the constant in equation (6.11) is 3.22 for
the 90% mixed case. Using this constant and the power number and
agitator diametet based on the GHBT diametet predicts a mixing time
constant, Nt,, of 12.4 for the geometry 5, compared with the measured
value of 11.8, which is well within the accuracy of the expetimentation.

o The triple A345 agitators with agitator and surface sepatrations of < 1D
exhibit excellent mixing charactetistics. There is no zoning seen in the
colour change expertments and the mixing time constant is the lowest
for these comparative tests in spite of operating at the highest H/T.
Therefore if mixing is a primaty objective this configuration is highly
recommended. Note that for single-phase work it might not matter
whether these wete up ot down pumping (similar flow patterns would
be expected resulting in similar mixing times). However, for gas-liquid
multi-phase operations pumping upwards is the most stable mode as
gas up-flow reinforces the mechanically agitated liquid flow (see also
Chapter 2, section 2.2.2.4).

6.5.3 Mixing Studies using the ERT Tomography Sensors in the 0.61m

Diameter Vessel

The electrical resistance tomography baffle cage with 8 rows of 16 electrodes
described in Chapter 3, section 3.2.6 and in detail in Chapter 9 was used to
look at the mixing details for a tracer added close to the side of the hollow
blade turbine for the geometry 5 set-up shown in Table 6-5. This was a dual

agitator arrangement of a 6MFU above a 6 hollow blade tutbine.
The tomogtaphy data were analysed two ways:

I. 4-pixel time history. This monitors the conductivity at 4 selected
(any chosen) pixels. These ate averaged and compatred graphically. See

for example Expl3pixelHis.xls in the attached CD. This sort of
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information could be used for example to study a take-off position
with a tracer injected at a feed position to look at possible by-pass. A
graphical example for this is shown as Figure 6-20. The threshold
values are at 90 and 110% of the step change and ate added to illustrate
the 90% mixed point.

II. Mutual bulk resistance (MBR) for all planes. This is calculated
from the voltage measurements and injection current and is an invetse
measure of the mean conductivity time—histéry in each plane. An
example for geometry 5 is depicted graphically in Figure 6-21 and the
analysis of these cutves to give inter-zone mixing data is listed in Table
6-7.

The estimation of the mixing tites from the 4 pixel time-history and the MBR
results is done in an Excel spread sheet by normalizing the resistance data from
0 to 1 and determining the 90% mixing point graphically. This is teproduced
as Table 6-7. The MBR data are quite interesting as they provide infotmation
on zonal mixing. They might yield vety useful information on exchange rates

between multiple agitators and this would be a wotrthy topic for future work.

The 4-pixel data were for a point at the top of the vessel with the injection in
the feed. These gave an Nt,, mixing time constant of 19.4. This compares with
a mean value of 13.8 from the MBR data. However the MBR plane at the top
of the vessel had a mixing time constant of 18.0 and that is comparable to the
4-pixel data. The MBR data close to the mixing point have a mixing time
constant of 11.9 that is comparable to the result obtained by the bottom-

mixing probe for the injection at the bottom agitator.
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Geometry 5in Table 6.5.6HBT below a6MFU
Tracerinjection into water at6HB T. 4-Pixel History

u
JvWw y
1.2
Z ’
1.1
u 1
'O — — Average Conductivity
3 0.9 ---- 110 % ofstep change threshold
<3 — i 90% ofstep change threshold
0.B
10 20 30 40
Time (s)

Figure 6-20: Typical average 4-pixel conductivity-time history. From the
measurement file the injection first appeared at frame 21 and 150 data points
were collected in 33.0 s. From this data 90% mixing is achieved at frame 65.
Thus: t*) = (65-21) x 33/150 = 9.68 s

Geometry 5. A single liquid feed at HBDT and
2>20.6r 6MFU.

Pl
P2
P3
P4
P5
P6
P7
P6

0 5 10 15 20 25 30 35

time (s)

Figure 6-21: Typical mutual bulk resistance time history. Pl to P8 are the
tomography plane numbers, with 16 electrodes in each plane.
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Data from ITS excel files analysed to give t<imixing time

plane A~ zero Fgml. span O1span 11span 0.9span start end time 90% Ave t»  ave Nt»
rpm time s S time t90
1 120 1251 1039 212 0.212 10.602 10.178  3.96 1298 9.02 6.88 13.75
2 120 9.6 7.94 166 0.166 8.106 7.774 396 1232 8.36
3 120 895 7.47 148 0.148 7.618 7.322 396 121 8.14
4 120 9.05 7.57 148 0.148 7.718 7.422 396 6.82 2.86
5 120  9.19 7.64 155 0.155 7.795 7.485 3.96 9.46 55
6 120 927 7.64 163 0.163 7.803 7.477 396 9.9 5.94
7 120 9.04 7.55 149 0.149 7.699 7.401 3.96 1" 7.04
8 120 94 7.84 156 0 156 7.996 7.684 3.96 121 8.14

Table 6-7: Analysis of MBR data for geometry 5 for data shown in Figure 6-21

6.6 Power Numbers for Hollow Blade Turbines

The studies on the power numbers of the hollow (concave) 6-blade agitators
were prompted by the fact that these are finding increasing favour especially
for multi-phase work where their ability to deliver power and disperse gas
efficiendy for awide range of gassing rates makes them a obvious choice. The
shape of these blades varies considerably from simple pipe sections to
sophisticated streamlined curves as shown in Figure 6-22. The effect of these

changes on power number is studied.

Bujalski et aL (1988), found that the power numbers of disc turbines was a
power law function of scale (Po  y0@) and direcdy proportional to the ratio
of blade height to the swept diameter (a/Dr). This appears to be a reasonable
starting point for any attempted correlation of hollow blade turbines. The
power number data for a number of types of disc and arm-mounted turbines
are tabulated as Table 6-8. From this table, the average (a/D 7Y in this work was
0.168 or approximately DV6. The normalized power numbers (Pon) are

therefore obtained as follows,

Po
PON= 5 o0.(T)wes(a /B S ©6-12)
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(@) Chemineer CD-6

Similar to that described by Van’t Riet
eta/. (1976)

(b) Scaba 6SRGT

Curvature of blade ends in fold or

spline. See

Figure 6-23 section through “Y —Y”

for blade details.

(c) Parabolic blade mounted on disc

(d) Parabolic blade —arm mounted

Figure 6-22: Various hollow blade shapes and mountings. Shown as clockwise

rotation so concave to flow direction.
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The dimensions thought to affect the power number are identified in

Figure 6-23.

Bla 4fttails a»4 imouting arragftmecj&t f«r a SCABA 6SRGr'T

Adftafcor Flats OUL

L*r

N «to £3sis the swept ttm ettr which is larger thaa the flats diameter Dg

Figure 6-23: Concave hollow blade details referred to in Table 6-8.

The normalized power number (Pc”) increases as the ratio of the blade depth
(b) to blade height (a) decreases, that is as the blade becomes less streamlined.
This is illustrated graphically in Figure 6-24. Regression analysis established that
a power law could adequately describe the affect of the blade aspect ratio on

the power number as indicated by the R2correlation coefficient values.
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Agitator . Overall Overall
vessel Blade Disc Aspect .
6HBT R swept . . . blade blade . Normalized
Diam. . thickness thickness . ratio
Type Diam. Height depth
T D ft td a b D/T alDj b/a Po PoN
i m v <m) (m) Hi r> ()

*

Data from Kovacs (2001) - Po normalized to swept diameter
** Data from Saito et a/ (1992) - assumed that Po was given for swept diameter
*** Data from Van’t Riet (1976) - Po normalized to swept diameter

6SRGT 0.286 0.149 0.002 0.002 0.022 0.018 0.521 0.148 0.795 1.60 1.96
6SRGT* 0.800 0.292 0.045 0.037 0.365 0.155 0.826 1.77 1.93
6SRGT**  0.610 0.200 0.030 0.025 0.328 0.150 0.833 1.5 1.72
Spined 0.286 0.151 0.002 0.002 0.028 0.020 0.528 0.185 0.714 1.97 1.92
Parabolic  0.305 0.144 0.002 0.002 0.022 0.020 0.472 0.152 0.913 1.44 1.70
Parabolic  0.610 0.248 0.0025 0.003 0.037 0.050 0.407 0.149 1.351 1.28 1.48
Van’t Riet*** 0.440 0.176 0.002 0.036 0.012 0.400 0.205 0.333 3.95 3.39
Van't Riet 1.790 0.5842 0.007 0.007 0.125 0.042 0.326 0.214 0.336 4.1 3.08
Spined 0.286 0.15 0.002 arm-mount 0.024 0.029 0.524 0.158 1.202 1.21 1.38
Parabolic  0.286 0.145 0.002 arm-mount 0.022 0.024 0.507 0.150 1.083 1.28 1.54
Parabolic  0.286 0.145 0.002 arm-mount 0.022 0.028 0.507 0.153 1.279 1.14 1.35
Parabolic  0.610 0.3048 0.003 arm-mount 0.045 0.060 0.500 0.147 1.337 1.17 1.37
Parabolic  0.914 0.4148 0.002 arm-mount 0.088 0.074 0.454 0.213 0.843 2.43 1.91
ave 0.168

Table 6-8: Power Numbers and geometries of various types of 6-blade
concave hollow blade turbines (6HBT)

There are two types of mountings: disc and arm-mounted (where the blades
are attached directly to the hubs) and three types of blade shapes: spined (like
the 6SRGT where the blade profile ends on a fold) parabolic blades (where the
blade section is described by a parabolic curve) and the Smith type (where the
blade section is a section of circular pipe). The data for the disc-mounted types
were considered separately from the total data set. The arm-mounted data were
not considered separately, due to the limited data. Figure 6-24 (a) illustrates the

fit for the disc-mounted types of 6-hollow blade turbines.

The equation of the line is,

PoN = 1.6746 - (6.13)
\a)
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Therefore, all the 6-hollow blade disc turbines listed here can be described by

the equation,
Po =10.05(T)* (a/ D )(b/ a)™*% (614
The R?correlation coefficient is 0.972

All the data, including the disc and atm-mounted types can be desctibed by the

equation,
b -0.6193

Po, =1 ,6406(—) (6.15)
a

ot,

Po =9.84(T)***(a/ D, )(b/ a)™"* (6.16)

with an R*correlation coefficient is 0.973.

The fit to all the data 1s no worse than for the disc types alone. Omitting the
scale term (T°*®) does however result in a worse fit. The constants are

rounded-up without significant loss of accuracy to give,
Po=9.8XT)"*(a/D,)(b/a) " (6.15)

The standard deviation on the propotrtionality constant is 0.477, which means it
fits all the power number data to within = 10%. This is accurate enough for

design purposes.
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Effect ofblade aspectratio onradial hollow blade
agitator powernumbers

AN 1
¢
>§ 30 - _
+ Disoed
A ~ » Armmounted
g 20 - o il — Power (Disoed)
>
ﬁ %—6 ’ aTV
y = 1.6746X*05%
10 R2=0.9721
z OA
oo T
013 015 1J0 115

Aspectratio (» /a ) (B Data fitis to discmoused data

Effect ofblade aspectratio onradial hollow blade
agitator power numbers

an:
E.
E 7
2 o \ + Disoed
a: = Ammounted
o — Power (Disoed)
§ " y = 1.6746X05%8
g R2=0.9721
o.0 G& 1.0 15

Aspectralio (b /a) (b) All data fitted to singe equation

Figure 6-24: Fitting the normalized Power numbers of hollow 6-blade turbines
to the aspect ratio of the impeller; (a) - best fit for disc type hollow blade
turbines; below — (b) fit for all types of concave hollow blade turbine
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Chapter 7 Multi-phase Hydrodynamics

This chapter covers high gas fractions, high superficial gas velocities and
specific agitator powet inputs from zero (bubble column) up to ~10 W /kg.
Mixing in two-phase (gas-solid and gas-liquid) and three-phase (gas-solid-
liquid) is measured and discussed. A solid-liquid interface is found to
dramatically increase overall mixing time. When gas is introduced to this
system, it destroys the interface and reduces the mixing time to the liquid only
value,

Gas-liquid mass transfer, gas-hold-up and hydrodynamics are studied and
correlations proposed. These are compared with the literature.

The “flooding-loading” transition is studied for a number of types of hollow
blade agitators. These compate favourably with the Rushton tutbine
particulatly as their low power numbers mean that they achieve the minimum
Froude number for dispersion at a lower energy input than a similarly sized
Rushton and the gassed powert factor stays close to unity, resulting in minimal
loss of power and pumping efficiency on gassing. However, no evidence was
found to suppott the literature claims that they ate more energetically efficient
for dispetsion above the minimum Froude number. A simple method,
resulting from these studies, is proposed to avoid “flooding” for radial
turbines, including the hollow-blade types, under gassed conditions.

A method for assessing the effect of changes in process conditions (agitation
rates, gassing rates, and pressute on mass transfer using experimental data is
proposed.

Rules for avoiding foam out at high phase fractions are developed.

Solid suspension with novel agitators for two and three phase systems are
tested and relationships developed. The cutved hollow blade agitator is shown
to be more enetgetically efficient for solid suspension than most common

alternatives, especially under gassed conditions.
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7.1 Scope

The chapter compates hollow blade tutbines; agitator combinations of hollow
blade tutbines with up flow agitators and multiple up flow agitatots with more
traditional choices such as the Rushton tutbine, particularly at extreme

conditions of high phases fractions and specific powet.

Phases of intetest in this work are:

*  Gas-liguid
® Solid-liquid
*  Gas-liquid-solid.
Areas of study are:
®  Gassed power measurement and hydrodynamics.
®  Gas-liquid hold-up - both local and overall.

* Mixing in 2 and 3-phase systems with compatisons against single-phase
mixing.

® Solid suspension in 2 and 3-phase systems.
®  Gas-liquid mass transfer

e Use of experimental data to assess the effect of changes in the overall
mass transfer coefficient, driving force and liquid volume on the overall
mass transfer rate.

7.2 Gas-Liquid Power and Hydrodynamics

For gas-liquid dispetsions the Rushton turbine (RT) traditionally has been used
as the main gas disperser due to its cost effective ability to disperse gas. Latterly
the hollow blade turbine (HBT) designs which apply varying degrees of
streamlining behind the blades, are finding' increasing favour especially under
intense operating conditions with aeration numbets above 0.1 and, or high
solids loadings. A number of these designs are now commercially available
(Figute 7-1) fot examples the CHEMINEER CD-6 and BT-6, the SCABA
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6SRGT and the IC| Gasfoil designs disclosed in US patent 5,198,156. It is
claimed that at high aeration numbers the HBTs are able to handle more gas
than the RTs, without the power loss associated with the latter, see for example
Saito etal. (1992). The data of Frijlink etal. 1990 suggest that the HBT design is
the most energy efficient impeller for solid suspension at aeration numbers
above 0.08. Hjorth (1994) found the suspension characteristics of the 6SRGT
to be dependent on diameter and position relative to the base, but when these
parameters were optimised it could suspend 65% magnetite very economically
compared with other impellers and the agitation speed required to just suspend

the solids is virtually independent o f gassing rates.

a) 6SRGT b) CD-6 ¢) BT-6 d) Parabolic disc- e) Parabolic arm-
type mounted 6HBT
6HBDT

Figure 7-1: Selection of hollow blade agitators

The up-pumping high solidity hydrofoil agitators have been shown to be very
effective at dispersing large quantities of gas without the instabilities that are
associated with down-flow agitators, where the up flow of gas opposes the
agitator flow as reported for instance by Chapman etal. (1983), Cooke (1989)
and Nienow et al. (1994). Hence these have been studied along with
combinations of hollow blade radial agitators (6HBT) below an up-pumping
pitched blade turbine (6MFU) —a combination which gives stable operation at

H /T > 1where asingle agitator is often undesirable.

Comparisons are made as the ratio of gassed to ungassed power as a function
ofgas flow number both with a fixed agitation rate and variable gas rates and

also at fixed gas rates and variable agitation rate.
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From the flow visualisation work, using ait-watet, the gas-loading point
(flooding -~ loading transition) and the complete dispersion (loading — complete
dispersion transition) are identified and compared with literature predictions
for Rushton turbines and hollow blade agitators and the literature claims made

for the improved gas handling abilities of the latter are critically examined.

7.2.1 Cavity Structure of Radial Turbines under Aerated Conditions

The literature review in Chapter 2 (Section 2.3.1) showed the relationship
between the gas cavities behind the blades and the reduction in power on
gassing. The cavity structures for disc turbines and their affect on gassed powet
are described, for example, by Nienow ez 4/ (1985). The hollow blade agitators
have also been shown to have a cavity structurte under aerated conditions.
However because of the streamlined shape of these blades, the attached gas
bubble does not affect the drag in the same way as it does with a flat blade and
hence the power loss is much less. For the SCABA 6SRGT (Figute 7-1a) Saito
et al. (1992) describe these cavities as vortex cavities in air-water changing to
vortex-clinging cavities at high gas rates or in CMC solutions. These authots
claim that the gas-liquid flow spills out from the inside of the hollow blades at
all gas rates and this gives tise to the trailing vortex cavities in aerated watet.
This description is not easy to accept, sinice it might be assumed that the high-
pressure area inside the blades would naturally exclude gas, which is mote likely
to be entrained into the vortex from the lower pressure region behind the

blades in a similar manner to the Rushton turbine.

Cavity formation for hollow blade agitators was studied by the author, whilst at
ICI, in the late 1980’s. The stills shown in Figure 7-2 and Figure 7-3 ate from a
digital copy of a video made of the 0.286 m vessel fitted with a2 0.144 m
diameter Scaba 6SRGT. Date of the otiginal video is 27/11/87. The agitator
clearances were T/3 and H = T and the fluid was 0.4% CMC (grade Hercules
powder grade 7H4C). The CMC solution was used because it proved very

difficult to film the cavities in air-water with this equipment. The main problem
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being that at realistic agitation and gas rates, it was like ttying to film through a
fog.

Air was introduced through the bottom beating (sitnilat to a central point pipe
sparge). The original film was made on a high-speed video and the time shown
is real time. The first part of film is shot through the base at agitation speeds
of 120, 240, 360, 480 and 600 tpm with gas at 5, 10, 20 and 40 litres per minute
of air. The last part of film is shot through the side at 480 rpm and 5, 10 and 20
littes per minute of air. Note that even with CMC it proved difficult to get

good pictures at high gas and agitation rates.

The apparent viscosity of the 0.4% CMC is desctibed by the law,
i, = 0577 (7.1)

where the average shear rate () is approximately equal to 10N (see Chapter 2,

section 2.6.2 and Chapter 4. Table 4-1. The relevant flow conditions for this
work are listed in Table 7-1.

The stills from the video shown in Figure 7-2 ate shot from below and cover
the full range of agitation rates chosen. Vortex-clinging cavities can be clearly
seen at all agitation speeds used and when viewed from below it does indeed
look as if the agitator is pumping a gas-liquid mixture. Gas cavities can also be
seen behind the blade. In picture (f) there appeats to be a large wedge shaped
gas-filled cavity behind a blade.

The stills shown in Figure 7-3 are viewed from the side and show what
happens in the first four seconds after 5 litres per minute of gas is introduced
at an agitation speed of 480 RPM. There is no evidence from these pictures to
support a gas cote inside the blades, although gas can cleatly be seen going
over the blades. Looking clockwise from the open view of the blade to the
view behind the preceding blade it appears that cavities are developing behind
the blades. Obsetvations from these pictures do not suppott the proposal of a
gas core inside the blades, although gas can clearly be seen going over the
blades. Looking clockwise from the open view of the blade to the view behind
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the preceding blade, it appears that cavities ate developing behind the blades. It
is concluded that even in highly gassed liquids the hollow blade agitator pumps
essentially liquid and that the gas is entrained and broken up by the liquid jet.
Similar cavities behind the blades have been seen for other hollow blade
turbines, in particular for the ICI Gasfoil desctibed by Cooke ¢f 4/. (1988) and
the atm-mounted parabolic blade design. .

Gas flow o Apparent
rate Agrgfgg)n vispc%sity = Re Fl s VVM 2Fr
Q N (rps) 0.5(10N)%* Q/ND N*D/g
m°/s Pa.s
0.000333 2 0.151 275. | 0.0558 1 0.059
0.0005 2 0.151 275 0.0837 1.5 0.059
0.000167 4 0.114 726 0.0140 0.5 0.236
0.0005 4 0.114 726 0.0419 1.5 0.236
0.000333 8 0.087 1915 | 0.0140 1 0.942
8.33E-05 8 0.087 1915 | 0.0035 0.25 0.942
8.33E-05 10 0.079 2617 0.0028 0.25 1.472

Table 7-1: Conditions used in the flow visualization work with the Scaba
6SRGT agitator in 0.4% CMC.
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a) 120 RPM 20 litres / min air nun air
(c) 240 RPM 10 litres / min air d) 240 RPM 30 litres/min air
min air (f) 600 RPM. 5 litres/min air

Figure 7-2: Pictures of flow from a D —7/2 SCABA 6SRGT in aerated 0.4%
CMC, viewed from below. T - 0.286 m. Agitator clearance was 273. For flow
conditions see Table 7-1.
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Figure 7-3: Same as Figure 7.1 but viewed from the side. Agitation rate is 480 RPM.
Still (a) is as the gas is introduced. Subsequent pictures are shown in real time as
shown on the video clock. Flow conditions are given in Table 7-1.

7.2.2 Hydrodynamics of Radial Turbines —Literature and Discussion

When considering the hydrodynamics of Rushton turbines, the flow
visualizations attributed to Wisdom (1973) are frequently used to define the
various operating regimes as described in Chapter 2, section 2.3. The first

sequence of Wisdom’s drawings, which are now taken as representing
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operation under “flooded” conditions, with the original annotations, are

reproduced as Figure 7-4, (a), (b) and (c).

(a) Low Speed (b) Low speed W Medium speed
Very N0i gas rale Low gas Medium gas rate

Figure 7-4: From Wisdom (1973), depicting the effect of agitation and air rate
on gas distribution using a Rushton Agitator under “flooded” conditions

Figure 7-5 (a), (b), (c) and (d) is a commonly used representation of the effect
of agitation speed (N) and the gassing rate (Qg cm the transitions between

“flooding” to “loading” and “loading” to “complete dispersion”.

Constant QG Increasing N

h -V 35/

Constant N Increasing QG

Figure 7-5: Showing the transition between “flooding” and “loading” (Aft) and
“loading” to “complete dispersion” (Arcs for radial turbines
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Whilst accepting that these pictutes represent conditions found for air-water in
small laboratory type vessels at modest power inputs and aeration tates up to 1
ot 2 I’V M, they ate not tepresentative of conditions applicable on large-scale
plant that often opetate supetficial gas velocities in access of 0.1 m/s. In
Chapter 2, equation (2.113) the gas buoyancy powet due to potential energy in

a cylindrical vessel was shown to equal,
Fy =06(p, ~ Po)g(H —cg)

where cg was the height of the sparger. Note that considerable energy can be
expended at the sparger in terms of kinetic energy. However, this energy is not
usefully employed due to the compressible nature of gases (Middleton e 4/
(1994)). .

Thus for a cylindrical vessel when the gas input is at the base and the gas
density can be ignored, the specific gas power input is,

P _40sp. 8,
pVy  pal’H,

W/kg) 7.2)

As superficial gas velocity s,

Vg = —4—.9—(2}— (m/s) (73)
aT

It follows that specific gas power is approximately,

o _\e W/ a4

pLL

Therefore, the specific power input (W/kg) due to the air rising through the
vessel is approximately ten times () the supetficial gas velocity, which means
the power input at a supetficial gas velocity of 0.1 m/s is approximately 1
W/kg. This enetgy is sufficient without any mechanical agitation at all to
produce flow mote like that shown in Figute 7-5 (c) than Figure 7-5 (a).
Therefore under intense operating conditions Figure 7-5 can no longer be used

to define “flooded” or “loaded” conditions. By compatison 2 "M gas on an
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H =T, 30 cm laboratory scale cylindrical vessel (vety high gas rate by Wisdom

(1976) definition) has a supetficial gas velocity of 0.01 m/s ot a gas specific
energy input of 0.1 W /kg.

Also, when small bubbles ate ptesent due to the presence of sutfactants ot
salts, the transition from loaded to complete dispetsion cannot be distinguished

even at low supetficial gas velocities as the tiny bubbles are always dispersed.

How then can the “flooding” — “loading” point be recognized at these high

supetficial gas velocities?

In Chapter 2, section 2.3.1 it was claimed the flooded regime could still be
recognized from obsetrvation of the sutface where the flooded tegime is
distingnished by gas bypass with gas spouting up near the centre. However,
this gas spouting could also be attributable to a transition from homogeneous
to heterogeneous flow, hence great care must be taken in the interpretation of

the flow visualization. The literature is reconsidered in the following sections.

7.2.2.2.1 Literature studies on Flooding of Rushton turbines

The prediction of the point at which gas is adequately dispersed in
mechanically agitated vessels is a paramount design parameter and one that has
attracted considerable academic study. The flooding-loading (F-L) transition
for disc tutbines has been linked to transitions in cavity types. Below the
loading point only ragged or clinging cavities are found. Warmeoskerken and
Smith (1985) claim that large cavities cannot exist below a Froude number (Fr)
of about 0.045 and below this value the agitatot is always flooded. This makes
some kind of physical sense since gravity has to be overcome in order to

capture the gas cavity.
Fr = N°D/ g (7.5)
Ft represents an agitator “g” force.

The actual “g” force, at the rotating agitator tip is,
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(2aN)* D
2g

"t (7.6)
Therefore by comparison of equations (7.5) and (7.6), 19.74 “¢” = Fr and
therefore 1.0 “g” = 0.05 Fr (close to the 0.045 Fr proposed for stable cavities).

Warmoeskerken and Smith (1985) defined flooding, as a regime in which there
is an axial flush of gas through the impeller plane up to the liquid surface. The
loading point occurs when the agitator statts to act as a pump and disperses gas
to the impeller wall. This was measuted using a small propeller flow meter.
There is a significant step in the rate of radial outflow at the F-L transition.
This N, transition was also marked by a significant positive step in the gassed

power curve related to a change in cavity formation.

Warmoesketken and Smith (1985) gave an extensive literature review of the
flooding of Rushton type disc turbines. They compated the metits of theoties
based on a minimum tip speed (agitator shear rate) required for dispersion and
those based on agitator pumping rates. From an energy balance between gas
buoyancy driven flows and agitator dtiven flows, it was shown that (providing
the disc turbine gassing factor could be assumed to be constant at the F-L

point for a range of gassing rates) the variables could be atranged to give an
equation of the type,

Fl; = AFr; .7
Where Fl; 1s the gas flow number (aeration number) at the flooding point

(Qu/NyD?), Fr;. is the Froude number at the flooding point (N;°D/g) and A is

an agitator specific proportionality constant.

The data obtained for the D = 0.4T disc tutbines on 3 scales wete fitted by

equation (7.7) and the specific proportionality constant was found to be 1.2.
Thus,

Fl, =1.2Fr, (7.8)
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Other workers had previously shown that F-L data could be adequately fitted

in the form of equation (7.7).

Analysis of the data of Warmoeskerken and Smith (1985) for Rushton turbines
of D = 04T in vessels from 0.44 m to 1.2 m diameter teveals the maxima in
the values of Nyand O listed in Table 7-2. If it is assumed (sensible estimate)
that the gassed powet number of a Rushton turbine is 3.0 at the flooding point
for modest power inputs, the maximum specific agitation power and gas power
at the (F-L) transition is of the order of 0.52 W/kg. The equality of the gas and
agitation powers is plausible since in order to disperse the gas it could be

argued that the agitator power must at least equal the gas power.

. . . Est Pg [Specific shaf
1ameter olume * | Max. |Maximum aX(r-‘-L) Gas vel. ower Py/Pg Pg/ [)]_J/
P =06 | gassed
M m litres -} o) s mis! ms! W/kg W W/ke
0.44 0.176 66.90 0.3 0.36 4.09 0.00803 0.053 0.52 34.64 0.52
0.64 0.256 205.89 0.2 0.24 2.77 0.01115 0.035 0.34 | 69.99 0.34
1.2 0.48 135717 | 017 | 0.204 1.86 0.04205 0.037 0.36 495.04 0.36

Table 7-2: Maximum Froude and Gas flow numbers extracted from the data
of Warmoeskerken and Smith (1985) and used to calculate NV and @ and to
estimate the specific power inputs by the agitator and by the gas.

The precise equality of the gas and agitation powets at the flooding loading
point (Table 7-2) found by Watmoeskerken and Smith (1985) is not
coincidental. The form of the equation was derived from an energy balance

between the gas buoyancy driven circulation and agitator driven circulation.
The specific gas buoyancy is approximately vyg (equation 7.4). The specific
agitator powet & = P¢/p, ;. Thetefore equation (8) can be detived from
£, =v,gto give,

4Pop,N'D* 40,

= (7.9)
p, T’ zT? £

€y =V g =

The equation can be reduced further by cancelling the common denominators

and substituting T = 2.5D to provide the following expression:
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0 Po N?D
D35 g (710

The substitution of the gassed power number = 3.0 at the flooding condition

into equation (7.10) reproduces equation (7.8).

Nienow et a/. (1985) obtained F-L data for a range of Rushton turbine D/Ts
from 0.22 to 0.5. They found that the inctease in gassing rate, which caused a
transition from loading to flooding, is accompanied by a change from 3 large
plus three small clinging cavities to 6 tagged cavities for D/T of < 0.4. At the
same time there is a step inctease in the powet dtawn. When D/T = 0.5, the
transition was from clinging to ragged cavities, accompanied by a step decrease
in the power drawn. However, in this case the F-L transition is reported to
occur below Fr = 0.045. The step decrease in power at the flooding point does
not appeat to be a general rule for D = T/2 disc tutbines. In eatlier work,
Nienow e# /. (1977) and Smith ef 2/ (1977) stated that flooding was matked by
a minimum in the gassing factor when plotted against Fl at constant N (O
vatied). Similar obsetvations wete obtained for their D = T/2 data (power
increased on flooding). However, in these cases the Fr was greater than 0.045.
It is notoriously difficult to determine the F-L transition by eye on a small
vessel with a large D = T/2 tutbine. From the treasoning given in the
development of equation (7.6), it is wise to assume that all cases below Fr =
0.05 (1 “¢”) are in fact flooded. Note that not all workers agree that the
minimum in the gassing factor curve matks the F-L transition. Westerterp
(1963) states that, “the minima in the curves occur in the neighborhood of the

minimum agitation rate” (for dispersion) “but do not coincide”.

The F-L data for Nienow ef 4/ (1985) wete fitted by the form of equation (7.7)
and the constant 4 in this equation was found to be a function of D/T. From
a double log plot of A versus D/ T, which included the Warmoeskerken and

Smith (1985) constant, they detetmined an ovetall equation as follows:
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5
Fl, =30(§;-J Fr (7.11)

The Nienow ef a/. (1985) analysis of this equation showed that at constant scale,
equation (7.11) infers that to disperse a given amount of gas, then the grouping
N.D*is constant, They argued that is close enough to ND?, which is constant
for pumping rate and so one can presume that agitator pumping rate is a

controlling vatiable.

No etror analysis is provided on equation (7.11) in the Nienow ef 2/ (1985)
paper. A back calculation of equation (7.11) to predict of .4 for comparison
with the original values indicates a poor fit, especially for D = T/2 turbines.
For these, equation (7.11) predicts a value of A of 2.65 compared with an
original value of 4.7. However, as eatlier stated, it is difficult to judge accurately
the F-L point with large tutbines and it may well be that some sort of weighting
was used in the orginal analysis, but a simple un-weighted analysis of the
otiginal (A) vetsus D/ T results in a better fit for,

4.0
Flp = 54[2) Fr (712)
T
with an R® correlation coefficient of 0.9634 (see Table 7-3 and Figure 7-6).

Analysis of equation (7.12) results in N.D > required to disperse a given

amount of gas at a single scale (even closer to the constant pumping rate case).

. This work
Rushton turbine | Experimental Nienow f ol (1.985) eq. (7.12)
D/T constant "A" (eq 7.11) pt?,dlﬁted predicted
constant " A' constant " A"
0.22 0.13 0.15 0.13
0.22 0.17 0.15 0.13
0.3333 0.48 0.64 0.67
0.4 1.2 1.21 1.38
0.5 4.7 2.65 3.38

Table 7-3: Data from Nienow et al (1985) showing measured and predicted
constants in eq. 7.8. Fit vety poor for D/T = 0.5. See graphical fit in Figure
7-6.
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Refit Neinow etal. (1985) data

10
y = 54.047X3 9686
R2 = 0.9634
| ¢ Constant "A"
— Power (Constant "A")
0.1

0.1

D/T

Figure 7-6: Refitoffor D /T in equation 7.5 from Nienow et al (1985)

Nienow etal (1985) also found no effect ofliquid height on the F-L transition,
which they explained is contrary to the original theory, which was based on an
energy balance. The specific gas energy is independent of height whilst the

agitator specific energy decreases in proportion to the liquid height.

1.2.2.2 Flooding of Hollow Blade Turbines

It is claimed that the hollow blade turbines are capable o f handling much more
gas than the Rushton turbine. CHEMINEER claim on their website
(www.chemineer.com) that the CD-6 can handle about 2.4 times the maximum
gas capacity of the D-6 (Rushton turbine) impeller and that the DT-6 can

disperse nearly six times the gas handling capability of the D-6.

Saito etal. (1992) showed that a 6SRGT wiill handle around 3 times the gas as a
similar diameter Rushton turbine when compared at the same ungassed power.
However because of the disparity in gassing factors, the actual operational
power is much higher with the 6SRGT. These authors also claim that the

disparity in ungassed power numbers between a RT and HBT allows a bigger
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HBT to be retrofitted with an added benefit to the pumping rate, which is
higher at the same power input for the latger agitator. From Bakker (2004) it
appears that the CHEMINEER claims of improved gas dispersion with their
HBT’s are also based on retrofits from Rushton turbines to latger diameter
HBT’s operating at the same ungassed power but with a significantly higher

gassed power input.

Saito ¢t /. (1992) compated D = T/3 Rushton and SCABA 6SRGT tutbines in
air-water and air-CMC systems. They reported that with the 6SRGT in an ait-
water systemn, the F-L transition was accompanied by a considerably enhanced
up-ward step in power and a hysteresis loop. This hystetesis occuts because
once cavities are formed, at a given agitation speed, they petsist even when the
gas tate is teduced. They did not find an up-watd step for the 6SRGT with the
air-CMC system and this they argue [citing Machon ef &/ (1980)] is due to the
binomial bubble distribution with a fraction of very tiny bubbles which are
dispersed at all agitation speeds, making the concept of “flooding” difficult to
apply. However, it could be argued that this applies also to air-water systems at
high supetficial gas velocities. When they used a slightly different constant in
equation (7.11) they claimed the upper transition line for the 6SRGT followed
the same trend as the RT (though this is not cleatly apparent from their Figure
9 (teproduced here as Figure 7-7) that represents their data).

Gezotk et al. (2000) compared a 0.15 m diameter RT with a 0.161 m diameter
6SRGT in an air-acetic acid solution and illustrated on a plot of N versus
supetficial gas velocity that the F-L data for both agitators fitted on a line
predicted for the 0.15 m diameter RT from equation (7.11).
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Rushton
turbine
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0.1 Flooded B 6SRGT
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1 'Loaded
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Figure 7-7: Data of Saito et aL (1992) relating Gas flow number and Froude
number for D =T/3 Rushton and 6SRGT turbines in air-water.

Curve A is loading to flooding. Curve B is flooding to loading.

7.23 Experimental Studies of the “Flooding-Loading” and “Loading-
Compete Dispersion” Transitions with Rushton and Hollow Blade

Turbines.

In this section the hydrodynamic regimes o f the Rushton turbine are confirmed
by visual observations on the 0.9144 m and the 1.79 m diameter vessels and the
results of studies on the “flooding-loading” point for various hollow blade
turbines are compared. For the hollow blade turbines, the “flooding-loading”
point is determined both by analysis of the gassed power curve looking for the
enhanced up-ward step in power and hysteresis loop in air-water as reported by
Saito etal. (1992) for Scaba 6SRGT turbines. In the experiments reported here,
these have been found at low specific power inputs for hollow blade designs
tested of the types (b), (c) and (d) in Figure 6-22. By inference the behaviour of

type (a) - not tested here - would be expected to be similar. The “flooding-
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loading” point is also estimated from visual obsetvations. The “agreement”

between these two methods is discussed.

7.2.3.1 Experimental Studies using Rushton Turbines

The “flooding-loadings” and “loading-complete dispetsion points ate estimated
from visual inspection with reference to Figure 7-5. It is much easier to discern
the “flooding-loading” transition in larger vessels, fitted with agitators of D <
0.4T than in small vessels especially when these ate fitted with D = T/2
turbines. Therefore the data included for the 0.9144 m and 1.79 m vessel are
considered the most accurate — this in spite of the fact that the 1.79m vessel is
constructed from spun polypropylene with viewing through strategically sited
Perspex port holes in the walls and base. The experimental data show
reasonable cotrespondence to the transition equations proposed by Nienow ef
al. (1985), equations (2.25) and (2.26). The comparisons are shown in Figure
7-8. Hence these equations appear to give a reasonable prediction of Ny and
N¢p in ait-water at scales up to 1.79 m. Note that flooding point at 240 RPM
on the 0.9144 m vessel was determined by observation of the surface looking
for evidence of gross gas bypass. The supetficial gas velocity at which it
occurted is around the transition from homogeneous to heterogeneous flow
and may be due to this transition. It is also very difficult to gauge the transition
points at high supetficial gas velocities so by observation it is really only

possible to judge the transitions at modest gas rates.

It was not possible to confirm loading at Froude numbers below 0.045, which
Smith and Smit (1988) identify as the minimum for the retention of stable
cavities. This Froude number equates to a “g” force at the agitator tips of 0.9.
Realistically loading is not expected to occur at agitation speeds below a “g” of
1 ot Fr = 0.05. As a general rule applicable to all agitators it is expected that gas

dispersion will depend on the following operating parameters:
®  Agitator pumping rates (which depends on agitator type, N and D).
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+ The ratio of agitator power to gas buoyancy power.

« The “g” forces on blade tip.

+ The bubble size, slip velocity and the ratio o f the bubble rise velocity to

agitator induced liquid velocities.

Cavity Formation Map for Rushton Turbin* in Air-Wat*r
T-0.9144 m. H* 0.9144 m.D = 0.3048 m. ¢ » 0.3048 m.

300 :-Liiedcled
250
£ Ft-*.«4S
a 200
LCD Tuinitkxi
150
33 cmurm)
100 tavMes
ttthnsMon
50 a F-L observed
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0 001 0.02 0.03 0.04 0.05 006 0.07 QOB
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Cavity Formation Map for Rushton Turbin*: Air*Wat*r
T*1.79mMH* 1.68 m.D m0.648 m Cu0584m.
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Figure 7-8: Observed “flooding-loading” and “loading-complete dispersion”
transition: comparison with theory of Nienow ez stL (1985). Top (a) is for the 0.9144
m vessel and bottom (b) is for the 1.79 m diameter vessel.
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7.2.3.2 Experimental Studies on the Flooding of Hollow Blade

Tutbines.

The agitator and vessel geometries for these studies are listed in Table 7-4. The
agitator types ate depicted in Figure 6-22. Where possible the flooding-loading
transition was checked by visual inspection. This visual method is not reliable

at high supetficial gas velocities as the gas energy itself gives dispersion.

Key to Agitator] . Overall] Overall
Agitator | 6HBT V?SSCI swept ﬂllizlligzss ﬂﬁD]:C blade | blade Asp;_cct
Type | Type | 2™ | diam, KNS | Height | depth ratio
T D h Td a B Ds/T\| a/Ds | b/a | Po

) | (m) (m) (m) m | m | @1 0100

A GSRGT | 0.286 | 0.149 | 0.002 0.002 | 0.022 | 0.018 | 0.521 | 0.148 | 0.795 | 1.60

B Parabolic| 0.610 | 0.248 | 0.0025 0.003 | 0.037 | 0.050 | 0.407 | 0.149 | 1.351 | 1.28

arm-
Parabolic| 0.286 | 0.145 | 0.002 | mount | 0.022 | 0.028 | 0.507 | 0.153 | 1.279 | 1.14

Parabolic| 0.914 | 0.4148| 0.002 mount | 0.088 | 0.074 | 0.454 | 0.213 | 0.843 | 243

Table 7-4;: Power Numbers and geometries of the types of 6-blade concave
hollow blade tutbines tested to determine the Flooding-Loading transition.
Note that for all cases the liquid height equalled the vessel diameter. Type A
and B wete operated at an agitator clearance ¢ = 7/4. Type C and D were
operated at ¢=77/3.

For all four hollow blade agitator types (A, B, C and D as listed in Table 7-4
and depicted in Figure 6-22); plots of gassing factors (P;/P = the ratio of
gassed to un-gassed power or power numbets) against agitation speed at fixed
gas rates produce very similar sets of data for all four agitators tested, in spite
of the difference in blade shapes (spined vetsus parabolic) and mounting
arrangements (arm-mounted versus disc mounted). These are illustrated in

Figure 7-9 to Figure 7-12.
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Figure 7-9: Type A: Gassing factors versus agitation speed for the 0.149 m
diameter 6SRGT agitator in the 0.286 m diameter vessel for air-water. (Note
thatin these figures the gassing rates are given at oudet conditions).
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Figure 7-10: Type B: Gassing factors versus agitation speed for the 0.248 m
diameter parabolic 6HBDT agitator in the 0.61 m diameter vessel for air-
water.
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Figure 7-11: Type C: Gassing factors versus agitation speed for the 0.145 m
diameter parabolic 6HBT agitator in the 0.286 m diameter vessel for air-

water.
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Figure 7-12: Type D: Gassing factors versus agitation speed for the 0.4148 m
diameter parabolic 6HBT agitator in the 0.914 m diameter vessel for air-

water.
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Characteristics of these data sets ate:

The gassing factor exceeds 1.0 at low agitation speeds (low specific

power).

The enhancement in the gassing factor can be as high as 2.5 times the
ungassed power at high gas rates.

The enhancement of the gassing factor at low speeds increases with

increasing gas rates.

The gassing factor cutve is very flat for air-water at agitation above the
loading point (assuming this coincides with the lowest agitation speed

coincident with a gassing factor of 1.0).

The parabolic blades give improved petformance (higher gassing factor
at high agitation speeds and high gas rates) than the spined-back blades
of the 6SRGT, which may suggest that the parabolic blades are more
streamlined.

It is noted that the enhancement of the gas factor occurs at low specific
shaft-power inputs. This is illustrated n Figure 7-13 by a plot of the
gassing factor data (shown in Figure 7-10) for the 0.248 m disc type
parabolic hollow blade agitator against specific powet. The highest
specific shaft power coincident with the transition is 0.2 W/kg, which
is much lower than one would normally design a system for gas-liquid

agitation.

Why does an enhancement of the gassing factor occur under flooded

conditions and why does it increase with increasing gas-rate? A plausible

explanation is that the energetic gas flow, rising in the close proximity of the

agitator blades, offers an extra resistance to radial flow, which has to be

overcome by developing a higher pumping head. This resistance is temoved

when the gas is fully dispersed. This explanation tallies with the
Warmoeskerken and Smith (1985) findings that in gassed conditions a critical

minimum agitation speed must be exceeded befote the radial flow can be
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detected and this corresponds to the “flooding-loading” transition.

250
50 ymin air

o0 100Whninair
! 200 Mninair
A 190 300 Kninair
o 400 ftninair
A 500 Hninair
o 100 600 Mninair
v
5 0.50

0.00

0 1 2 3 4

Specific Shaft Power (Wkg)

Figure 7-13: Type B: Gassing factors versus specific shaft power for the 0.248
m diameter parabolic 6HBDT agitator in the 0.61 m diameter vessel for air-
water.

Agitator ey iator  Vessel  Agitator et N FL) v el N (R
Refer to Table diameter diameter Gasrate Nienow er Observed Graph
7-4 type c al. (1985). P
T>Pe T(m) D(m) litres/min RPM RPM RPM
8.3 57.9 102 79
A 6SRGT 0.286 0.149 16.7 73.1 102 112
24.7 83.3 108 110
48.6 70.7 100 115.5
97.2 89.1 115.1 127
194.4 112.2 149.7 149
B Parabolic 0.610 0.248 291.6 128.4 150.1 160
388.9 141.4 180 180
486.1 152.3 180.2 180
583.3 161.8 180. 187
49 52.1 117 120
. 99 65.7 117 155
C Parabolic 0.286 0.145 19.3 82.7 123 160
39.5 104.3 126 180
83.1 37.5 91 94
. 379.5 54 106 106
D Parabolic 0.914 0.4148 424.2 64.5 116 120
1255.2 92.6 121 123

Table 7-5: Comparison of observed “flooding —loading” speeds with those
observed from the power curve transitions and those predicted using the disc
turbine equation [eq. (7.11)] proposed by Nienow et al (1985).

309



Multi-phase Hydrodynamics
The transition points were extracted from Figure 7-9 to Figure 7-12 and
compared with visual interpretations of the loading points in Table 7-5. The

transitions were obtained from an expanded view of the transition region as

revealed for example in Figure 7-14.

5%
2.20 D lmin ar
2.10 10 Vrin air
gf&o) 20 lmin ar
18 30 Vrin air
170 400 Vmin air
1% 50 lImin arr
o 1
® 130
o 1.20
1.10
1.00
090

Agitation speed (RPM)

Figure 7-14: An expanded view of the “flooding- loading** transition for data
from Figure 7-8 - Type B: Gassing factors versus agitation speed for the 0.248
m diameter parabolic 6HBDT agitator in the 0.61 m diameter vessel for air-
water.

It is concluded, considering Table 7-5, that there is a strong correlation
between the observed “flooding-loading” point and the transition in the gassed
power data where there is a sharp rise above unity in the gassing factor even
though these points are not always coincident. This maybe due to experimental
error as the error bars on power measurement is larger when low powers are
measured and the precise flooding point by observation is difficult to evaluate
and is subject to operator interpretation. Also hysteresis (described by Saito et
al, (1992)) occurs and this blurs the transition. However, the equation
proposed by Nienow etal. (1985), for disc turbines, consistendy underestimates
the flooding-loading point. In many cases the more serious underestimations

using this equation resulted in Froude numbers below 0.045, considered by
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Smith and Smit (1988) as the minimum for the retention of stable cavities and
below which it is suggested that loading does not occur. However, eliminating
predictions below Froude of 0.045, a clear trend of undetestimation of the
“flooding-loading” point emerges, using the disc turbine equation (7.11) when

compared to experimental data for the hollow blade agitatots.

Clearly then, in the loaded and dispersed state they produce a much flatter
power versus gassing relationship than the Rushton turbine. Also because of
their low power they exceed the minimum Froude number required to produce

dispersion at a lower powet

In Table 7-2, for D = 0.4T Rushton tutbines the equality of gas buoyancy
power and agitator power at the “flooding-loading™ transition was apparent. It
is pointed out in the discussion that agitator pumping-rates also plays an
important role in the dispersion role and that large agitators are more energy
efficient at dispersion than smaller agitators of the same type. However, it is
interesting to compare the specific gas buoyancy power with the specific shaft
power at the “flooding-loading” transition for all the hollow blade agitatots
tested here and this is done in Figure 7-15.

Note that for very low gas rates (very low gas buoyancy power) it may be
necessaty for the shaft power to be considerably greater than the gas power in
order to overcome gravitational forces (minimum Froude number for
dispersion). However, for the most patt, as one might reasonably expect, there

is a strong cotrrelation between the shaft power and the gas buoyancy power.
Generally the amount of specific agitator power (&) to just disperse the gas is

slightly less than the specific gas buoyancy power (£,). For the data plotted in

Figure 7-15 a tegression analysis of the transition gives,

Ergrty = 0.82E 5y, (7.13)

with a regression coefficient, R* = 0.856.

The low value of the regression coefficient reflects the reality of a faitly poor

fit, which might be expected since the D/T ratios vary between 0.4 and 0.52
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between the four agitators tested and it is known the pumping rate depends
upon D/T. However, there is more to it than this, since the type D with aD/T
of 0.45 appears to perform worse than the type B with a D/ T of 0.4. The main
difference between these two blade types is the degree of streamlining,
reflected in the ungassed power numbers (see Table 7-4). However, the
differences are small, considering the errors in the estimations, and an
assumption that in all these cases that the gas and agitator powers are equal at

the F-L point (above a Froude number of0.05) would not be far from reality.

0.35
« 0.30 ¢+ Type A observed
o Type A graph
£ 025 A Type Bobseived
*  Type B graph
o 0.20 o Type C observed
e Type C graph
3 D Type D observed
£ 010 0% m  Type D graph
linear
0.05
n nn

0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35 0.40
Specific Gas Power (W/kg)

Figure 7-15: Comparison of the specific gas buoyancy power with the
specific shaft power at the “flooding-loading” transition for the various
hollow blade agitators described in Table 7-4. The dotted line represents
equal gas and shaft power at the transition. Data for both graphically and
visually determined transitions are included.

The behaviour of the hollow blade turbines, at the D /T ratios tested here, is
similar to that found by Warmoeskerken and Smith (1985). That is an
approximate equality of gas and agitator specific power at the F-L transition.
This suggests that the Rushton and HBTs of like diameters require a similar

amount of power to overcome flooding. It was earlier shown that equal

diameter RT and 6SRGT agitators compared at equal D and §-had very similar
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pumping rates (see Chapter 2, section 2.2.4 Agitator Pumping Rates). This may
be taken as confirmation that at a given scale, equal pumping rates are required
to disperse a given amount of gas. Consequently when the agitators are
compated on a gassed power basis and similar diameters, no real evidence was
found to suppott the literature claims [for example Saito ez 2/ (1992)] that the
hollow blade agitators will handle a lot more gas than a Rushton turbine before
unloading (flooding).

How do the Saito ef @/ (1992) and the Gezork et 2/ (2000) RT and 6SRT

compatisons fit with the above conclusion?

The Saito ¢f al. (1992) data are quite difficult to compate because the plot is F1
versus Fr and the cutves for the RT and the 6SRGT have different slopes
(Figute 7-7). Their agitators were of a diameter 0.2 m in a 0.61 m diameter
vessel. The highest Fr for the Saito ez al. (1992) 6SRGT expetimental data using
the upper curve A (of their Figure 9) is around 0.28, which is equivalent to N =
3.67 and a specific enetgy input of 0.15 W/kg. The cottesponding flow
number is 0.1. The back calculation of the gas rate gives a supetficial gas
velocity of 0.01 m/s and a gas power input of 0.1 W/kg. This cannot be
compared directly with a disc turbine, because the power numbers and gassing
factots are different. However when the equation of the line given on the
graph is used, then for the same size disc turbine with a gassed power number
of 3 (assumption made eatlier) a Froude number of 0.21 would give an N of
3.2 and a specific power input of 0.18 W/kg. A back calculation using the
equation of the line results in a gas flow number of 0.119 that equates to a
supetficial gas velocity of 0.01 m/s and a specific gas powet input of 0.1 W/g.
‘Thus, although claimed to handle more gas than a conventional Rushton
turbine, when compared at (confidently measurable) approximately equal

gassed power they appear to be similar.

The Gezork data were presented as a plot of Ny versus »; in their Figure 5. The
data for both the RT and 6SRGT cotrespond closely to the line predicted for
the RT from equation (7.11).
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® Taking a typical »; of 0.06 m/s, theit Figute 5 teveals that both the
6SRGT and the ORT require an agitation speed of 177 tpm to
overcome flooding (the data ate on the line predicted using equation
(7.11) and 177 tpm is the back-calculated value that agrees with the
estimate from the axes).

® Ungassed power numbers (given) ate 1.58 for the 6SRGT and 5.15 for
the 6RT.

® At 177 tpm and a #; of 0.06 m/s the gassing factors (estimated from
Figures 10 and 11 of Gezork et al. (2000) are 6SRGT = 0.9 and 6RT =
0.4.

® Diametets (given) ate 6SRGT = 0.161 m and fot the 6RT = 0.15 m.

» Liquid density is approximately 1000 kg/m’.

6SRGT Power = 1.58 x 0.9 x 1000 x (177/60) x 0.161° = 3.95 W

6RT Power= 5.15 x 0.4 x 1000 x (177/60) x 0.15° = 4.02 W

Hence the estimated power draws for the 2 agitatots, at this flooding — loading
condition, are very similar. Note also that the 6SRGT is a slightly bigger
diameter than the 6RT and this means that it will have a bigger pumping rate
than it would have at an equal diameter (equation (7.11)).

Therefore the literature data are not in conflict with the findings here.

The parabolic blade agitators generally have a lower Po than the 6SRGT, which
perhaps explains why equation (7.11) does not fit these data. With the 6SRGT
and G6RT, the ungassed power number times the gassing factor can be
approximately equal for equal diametetr agitators under some conditions
explaining why equation (7.11) approximately fits both agitators. A fit based on
equation (7.7) could undoubtedly be found to account for all the agitators
tested here. It does not appeat logical to do this as the theoty on which it is

based is shown by Nienow e #/. (1985) to be flawed. These authots argue that
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at a given scale, equal pumping rates to handle a given amount of gas appeats

to be consistent with their data.

7.3 Recommendations for the Design of Radial Tutbines for Dispetsion.

The important features for gas dispersion by an agitator based on this and
eatlier work suggest that a simple design procedutre for avoiding flooding with
radial agitatots (including hollow blade agitators) would be:

Agitator “g” force = @D/ 2g21otFr 1) > 0.05. (7.14)

Since in order to disperse gas in horizontal plane gravity must be overcome.
Erro1y 2 Eg(r-1) (7.15)

Specific agitator power equals or exceeds specific gas buoyancy power. This is

important to ensure that the system is not gas dominated.

As this condition is also shown to be loaded, for tutbines of diameters = 04 T
in an H = T geometry, this is all that needs to be ensured for any of the radial

tutbines considered here.

7.3.1 Consideration of H/T, D/'T, Impeller Clearance and Multiple

Impellers for Gas Dispersion

Nienow et al. (1985) show no effect of impeller clearance or liquid height on
the F-L transition. Thetefore for H < T, the assumption that H = T in

calculations based on equation (7.15) will suffice.

For H > T, equation (7.15) is still recommended if thete is a single agitator to
ensure the system is not gas dominated. For multiple agitators it is
recommended that the calculations be based on the main gas dispersion

agitator and an assumed H = T.

Fot smaller D/T agitators it is suggested that the agitation energy needs to be
increased in accordance with a constant pumping case, in a ratio to the D =

0.4T case.
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7.4 Conclusions Regarding F-L with HBT agitatots

The findings of this work is that at very low gassing rates the HBT are more
energetically efficient at dispersing gas than a RT of the same diameter because
it achieves the minimum Froude number needed to disperse gas at a lower
power. Above the minimum Froude condition, when compared at equal
diameters and gassed agitation powers, the HBT and RT require a similar
gassed power to overcome flooding. This is believed to be because under these

conditions the pumping rates are equal.

When compatisons of the hollow blade turbines with the Rushton turbines are
made on an “ungassed” power basis, as is the usual literature case, then the
HBT designs are more efficient because of their ability to dispetse gas without

significant loss of power.

7.5 Gassed Power

The reduction of power under gassed conditions is an important design
consideration. Often 2-speed geatboxes are used to maximise the gassed powet
and as this can lead to problems if the power losses on gassing are less than
predicted and will lead to motor ovetload trips. Also it is known that the
specific power input effects mass, heat and momentum transfer rates. The loss

of power on gassing is attributed to a number of patameters, which includes:

® Type and position of agitatots.

® Types and positions of gas inputs.

* Amount of gas input/output.

* Amount of gas local to the agitators.

¢  Geometrical considetations such as D/T, H/T, agitator clearances,
baffles and agitatot separation.
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® Physical properties of the fluid that influences bubble size, gas

recirculation, bubble break-up and coalescence rates, gas recirculation

and gas hold-up and distribution.

This latter point is often neglected and often designs done on the basis of air-
water literature correlations are wide of the mark when applied to “real”
industrial fluids.

In this section the reduction in power on gassing is examined for a number of
different agitators using air-water at different levels of agitation defined by the
specific energy input. The effect of physical properties is then exploted on a
selection of the above by adding a surfactant to the water (polypropylene glycol
[MW 2025] which inhibits coalescence and gives a very latge reduction in
bubble size with a cortrespondingly large increase in gas hold-up.

Agitators and vessel details tested for the ait-water work are listed in Table 7-6.
The gassing data for the 6 cases listed are plotted at two (ungassed) agitation
levels approximating to 0.5 and 3 W/kg in Figure 7-16 and Figure 7-17

respectively.

Figure 7-18 is a plot of the gassing factor for a hollow blade turbine (6HBT)

for air-water and an air-20ppm PPG solution.

Figure 7-19 is a plot of the gassing factot for two Rushton turbines (6RT) at
two different scales, at constant ungassed powet against the supetficial gas

velocity.

The types of agitator affect the gassing factor, the scale and the specific energy

input levels as follows:

e Gassing factors depend on the gassing rate and decrease as the gas rate

increases

o Gassing factors depend on the agitation rate and decrease with
increasing agitation. This is because the gas recirculation increases with

increasing agitation.
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Gassing factors depend on agitator type. The 6RT agitatots show a big
drop of power on gassing. The gassing factors for the 6GHBT type of
agitators remain close to unity even under highly aerated conditions

with up to 25% gas hold-up in air-water.

The gassing factors depend on scale and ate highet on the larger scale
when compared at the same gas flow number and energy input level.
This is very noticeable for the 6RT agitatots that suffer the largest loss
of power on gassing (see Figute 7-16), making scale-up of these

agitators more problematic.

The fluid system also affects the gassing factor, which is significantly
lowered when sutfactant is added (see Figute 7-18). Howevet, using a
parabolic hollow blade turbine the gassing factor does not drop below
0.7 even for an overall gas hold-up of 50% and a gas flow number of
0.3. On a similar scale the disc tutbine-gassing factor dropped to 0.3 in
air-water with an overall gas hold-up of 20%. For an air - acetic acid
solution Gezotk ez 4/ (2000) found a RT gassing factor to drop as low
as 0.2.

The data for the Rushton turbine gassing factots do not merge when
re-plotted at constant ungassed power, against supetrficial gas velocity
(see Figure 7-19). The difference between the curves is judged to be
due to the decrease in alpha factor (ratio of recalculated to spared gas

at the agitator) on scale-up) as desctibed by van’s Rite (1976).
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| leight to Total Data source
. Vessel Agitator Agitator Vessel . 9 ungasscd  Agitation
Agitator . . diameter MS Excel
Diarn Diam. clearance bottom . Power speed
Types T(m) D(m) ratio number V (RPM) Spreadsheet (see
( type HIT s attached CD)
p:ﬁg"T"c 0286  0.145 TI3 flat 1 1.14 300  12KGFHU.xls
6RGT (11BDT) 0 286 0.149 T/4 dish 1 1.6 240 6RGTPOW1.xlIs
Parabolic ¢4 0.248 Ti4 flat 1 1.28 240  KAGFPHUIxIs
6lIBDT
ICI Gasfoil
61IBDT 179 0.9144 T/4 flat 0.94 22 70 GF-Power.xls
6RT "
0.61 0.305 T/3 dish 1 4.88 121 GassedpowZxls
Rushton
6RT + 0.305 T/3 .
6MFU 061 0.305 1.25T dish 2 8.65 120 GasscdpowZxls

Table 7-6: Agitation details for the air-water gassing factor comparisons

1.2
1
€
6 ParaboSc 6 HBT
SCABA 6SRGT
’g 0.6 ParaboSc 6hBDT
4 ICI GASPOIL
6RT
0.4 6RT + 6MFU
ff
(@)
0

0 02 0.4 0.6

Gas flow number

Figure 7-16: Gassing factors as a function of gas flow number for various
agitator types and scales at an ungassed specific power input of
approximately 0.5W/kg in air -water
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Figure 7-17: Gassing factors as a function of gas flow number for various
agitator types and scales at an ungassed specific power input of
approximately 3 W /kg in air -water.
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Figure 7-18: The effect of adding surfactant to the water on the gassing factor
for the same hollow blade turbine (6HBT), at a specific energy input of
approximately 3W /kg
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Figure 7-19: Gassed power data for Rushton turbines on two scales plotted
against the superficial gas velocity, at an ungassed specific power input of
approximately 3 W/kg.

7.6 Gas Hold-up

The gas-liquid hold-up is an important design parameter for gas-liquid
contactors. Since the ullage is generally fixed, the gas hold-up determines the
liquid volume and for steady-state operation the liquid residence time, both of

which are important considerations for mass transfer and reaction engineering.

Providing the operating regime is known, simple performance criteria can be
used to judge the effects o f process changes such as agitation (types or speeds),

gassing rates and operating pressure on the gas hold-up.

Knowledge of the operating regime is very important, because in Chapter 5 the
gas hold-up behaviour was shown to follow different trends in the bubble
regime and the homogeneous regime. If the bubble size and rise velocity of the

bubbles pertaining to the “dense phase” (homogeneous regime) bubbles are
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known then a simple performance ctiteria is that if the gas superficial velocity
exceeds the rise velocity of the homogeneous bubble class then operation must
be in the heterogeneous regime. Here, as was noted in Chapter 5, the effect of
agitation and gas rates on the gas-liquid hold-up is small, since any extra gas

goes into to latge bubble diameter formation.

In Section 7.2 it became cleat that in order to distribute the gas propetly the
agitation power should at least be equal to the potential power input of the gas.
Thus if gas input power is large, it may be arguable whether a mechanical
agitator is necessary ot whethet a bubble column design might be mote

approptiate.

Air-water bubbles in agitated vessels are genetally between 1 mm to 6 mm in
diameter in the bubble regime and these all tise at a velocity of around 0.25
m/s, as illustrated by the Hagerman and Morton, (1956) plot of terminal
bubble rise velocities for air-water reproduced in Figute 2-43. Thus, undet
most normal operating conditions, operation is likely to be in the

homogeneous regime for air-water.

In the following section therefore air-water is used as an example to show how
the overall air-water hold-up can be simply cotrelated to tepresent the effects

of gassing rates and agitation rates (in terms of specific enetgy input).

Similar cotrelations can be applied to other systems providing the operating
envelope is fully understood or the cotrelations are not extrapolated beyond

the experimental conditions.

Finally, the axial distribution of local gas hold-ups are compared for two
different agitator combinations for an ait — 20 pip PPG solution using
measurements obtained from the local hold-up probe described in Chapter 3,

section 3.2.4.
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7.6.1 Overall Gas Hold-up

In this work gas hold-up is measured by level tise which is estimated from
either time averaged calibrated video records or using a time averaged signal
from an Enders and Hauser (UK) Ltd, DU13 ultrasonic level probe as
described in Chapter 3, section 3.2.3. Only data pertaining to conditions above
the loading point are considered. The data collection analysed in this work
mcludes data from other sources as indicated in Table 7-7. These cover scales
from 20 litres to 20 m®, supetficial gas velocities from 0.0017 to 0.127 m/s and
specific power inputs from 0.1 to 6.7 W/kg.

Agitator types include Rushton turbines, hollow blade tutbines (disc and atm-

mounted types) and 4MFD’s at bottom agitator clearances at T/4 and T/3.

Height toj Agitation| Data source
Agitator Vgssel Ag'itator Agitator | Vessel diameter{ Speed MS Excel
Diam. { Diam. | clearance | bottom N
Series types T(m)| Dm) c type ratio range | Spreadsheet (see
P HIT [N (RPM)| attached CD)
BRT 0.762
1 aMFD | 21 | o915 dish 3 124 10162 TOTHUAW WK4
4MFD 0.915
2 6RT 179 | 0149 | T4 fiat | 0.4 |60 to 100| TOTHUAW.WKA4
3 'CéH%al‘jsf“ 179 | 09144 | TH4 fiat | 004 | 70-130 |TOTHUAW.WK4
4 6RT | 0.914 | 0457 | T/ flat 1 |100-220 | Davies (1986)
5 6RT 061 | 0305 | T4 flat 1 | 150-300 | Davies (1986)
6 6RT | 0303| 0144 | T4 flat 1 |200-503| Davies (1988)
“BRT
7 “"‘“g::ws 179 | 0.648 /3 flat | 094 | 58160 | TOTHUAW.WK4
distributors
8 Parebolic | 0286 | 0445 | T3 flat 1 |180-630| 12KGFHU.Xs
9 Pé‘;'asb§¥0 061 | 0248 | T4 flat 1 | 100482 | KAGFPHU1 x5

Table 7-7: Details of agitators and vessel geometries included in the overall gas
hold-up cortelation
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Gas distribution range from a central pipe, off centre-pipe, multiple sparge
pipes at the impeller centte-line, to a sparge ting below the bottom agitator.
Tank aspect ratio (H/T) is from 0.94 to 3.0. Data soutces are published work
or analysed from data obtained in this study, recorded in spreadsheet form in
Lotus 123 (wk4) ot MS excel format (see attachment CD).

Smith etal. (1977), Davies (1986) and Middleton, Chapter 15, in Hamby e o/
(1997) among other workers, indicate that air-water gas hold-up can be simply

correlated with specific power input and supetficial gas velocity in the form;
£; = a€elve (7.16)

where & is the gas hold-up as defined by equation (3.3), &, is the total specific
energy input from the shaft and buoyancy powet in W/kg and 4, 4 and ¢ are the

multiplicity factor and the exponents for €rand #respectively.

The collection of 388 data sets was subjected to a multi-linear least squares
regression to determine the best fit for the constants. The data was made linear
by taking logs. The results are tabulated as Table 7-8. This yields the
exptession,

£ =76.6,7v5% (%) (7.17)
with a cortelation coefficient of 0.971.

The standard deviation on the propottionality constant for the data is 9.6 ot
12.5%.

This 1s similar to the correlation proposed by Middleton, Chapter 15, in
Hamby et a/. (1997) for a much smaller data set.

(Constant 76.64
Std Exr of Y Est 0.1288
IR Sguared 0.9708
No. of Observations 388
Degrees of Freedom 385

X Coefficient(s) 0.3882 0.5563
Std Err of Coef. 0.006499 0.008272

Table 7-8: Cortrelation of air-water gas hold-up data
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These data are plotted against eq. (7.17) in Figure 7-20. Equation (7.17) fits the
data well, although there are some deviations at the highest values, possibly due
to the onset o f heterogeneous flow.

100
o}
o
0.1 1 10 100
Fit= 76.6(Fr/ VL" ys**

0 6RT*2x4MFD T-21 m  * 6RTT“1.79m o 6HBDT ¢ 6DT T*1.79 m
A 6RTT-0.914m * 6RT T-0.61 m + 6RT T=0 3Q5m
* 6RTD-T/3, T-1.79m - 6HBT T-0 286 m « 6HBDT T«0.61 m

bestlt 00000 e 20% « e + 20% It

Figure 7-20: lllustrating the fit of the air-water hold-up data for various
agitators and vessel geometries to eq. (7.13).

7.6.2 Local Gas Hold-up

Knowledge of the distribution of gas hold-up is important for modelling
purposes. In this work the axial distribution of gas hold-up for a bubble
column is compared with different two multi-impellor systems using the local
hold-up probe described in Chapter 3, section 3.2.4. The local hold-up probe is
supported from two parallel rails above the top of the vessel by a vertical 0.5-

inch diameter stainless steel tube that carries the conductivity cables. The
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vertical tube is marked in centimetre divisions to enable the probe to be located

i known vertical positions. The probe was connected to a WPA CM35

conductivity meter and the output was collected as a digital data file in

LABVIEW. The system used in these tests was an aerated 20-ppm PPG

solution, which produces small bubbles, high gas phase fractions and which

tends to foam. The geometties compared ate listed in Table 7-9

The results are compared graphically in Figure 7-21 to Figure 7-23 respectively.

. . Height to| Agitation| Data source
Agitator Vessel| Agitator | Agitator | Vassel diameter| Speed MS Excel
Diam. | Diam. | clearance | bottom . i
Series Types T D (m) (m) ratio range | Spreadsheet (see
m)| Bm) | em | wpe | g INRPM)| attached CD)
1 none 0.61 naone dish 25 - bubcollhu.xls
0.25
2 3xA345 0.61 0.295 0.51 dish . 1.65 275 A345lhu.xls
0.76
8HBT 0.305 0,172 . ,
3 6MFU 0.61 0.305 0.67 dish 17 300 GFEMFUIhu.wk4

Table 7-9: Geometries compared for the axial hold-up scans

These graphs illustrate some interesting featutes:

The bubble column data (Figure 7-21) have the highest mean gas hold-
up around 60% (due in patt to the foamy nature of the medium), and
the local axial profile shows the gas hold-up fraction to increase lineatly

up the column.

The profile for the three up-pumping LIGHTNIN A345 agitators
(Figure 7-22) is much flatter especially in the region encompassed by
the agitators. There is a peak above the top agitator (recirculation),
above which the gas hold-up follows a bubble column type profile. The
lower overall hold-up is atitibutable in part to the operating
temperature that was 18°C (this was deliberate to match the model

overall hold-up to a known plant hold-up as part of a modelling study),
compared with 13°C for the bubble column wotk (again the latter was
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part of a commissioned modelling study). As previously mentioned the

gas hold-up in PPG solutions is very temperature sensitive (see Figure
4-3)

® The gas-hold-up profile for the hollow blade tutbine below a 6MFU
(Figure 7-23) is also flat in the agitated region, but thete are two distinct
hold-up peaks above the tips of both agitators, again due to
recirculation. These illustrate a compartmentalization of the flow,
which is not seen with the ttiple up-pumping impellers where the gas
and liquid flows atre acting in vnison to produce a single citculation
loop. Above the top impeller the gas-hold-up increases steeply showing
bubble column type behaviout. The gas hold-up peaks above the
agitators indicate strong tecirculation patterns where bubble

coalescence rates are likely to be high.

From these experiments it is concluded that mechanical agitation strongly
influences the gas distribution and hence gas break-up and coalescence
rates. For mass transfer putposes these facts have significance beyond the
gas hold-up fraction that may be as high as or higher in a bubble column
than a mechanically agitated vessel at the same gassing rates. Since gas-
liquid mass transfer is seen to increase with increasing agitation, the
interfacial atea (linked to gas hold-up) is not the all-controlling factor;
surface renewal rates (bubble break-up and coalescence) also play a big

role.
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Figure 7-21: Comparison of overall gas hold-up with local axial values for a
0.61 m diameter bubble column. Local hold-up probe is 9.5 cm from the
vessel wall. Fluids are air-20 ppm PPG. The superficial gas velocity is 0.06
m/s
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Figure 7-22: Comparison of overall gas hold-up with local axial values in the
0.61 m diameter vessel agitated with three LIGHTNIN A345 up-pumping
agitators at 274 RPM and a superficial gas velocity of 0.05 m/s in aerated 20
ppm PPG solution. Axial profile is taken 7 cm from the vessel wall, midway
between 