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' t i i  a

THE UNIVERSITY OF MANCHESTER

ABSTRACT OF THESIS submitted by M  Cooke fo r the degree o f D octor 
o f Philosophy and entided Design of Mechanically Agitated Contactors 
or Reactors with “Attitude” August 2005.

IT iis study is concerned w ith the design o f reactors w ith  “ A ttitude”  
addressing questions as how to experimentally study “ real reactors”  using real 
fluids o r good analogues at appropriate specific energy dissipation rates (up to 
lO W /kg) and superficial gas velocities (up to 0.25m /s). The experiments were 
carried out in single, two-phase and three-phase systems in a range o f fu lly 
baffled agitated vessels o f diameters ranging from  0.08 to 1.79 m in  order to 
test and study scale-up relationships

Techniques are developed to measure shaft torque, m ixing, gas-liquid mass 
transfer, and local phase fractions, overall phase fractions, bubble 
measurement techniques and ERT (Electrical Resistance Tomography). 
Model fluids are used to m im ic the behaviour o f real systems. The bubble 
measurement techniques developed are used to  study bubble behaviour in 
industrially im portant fluids at elevated temperature and pressure.
Single and multi-phase systems are studied fo r vessels agitated by a large range 
o f agitator types and sizes and fo r single and m ultip le agitators. Shaft power is 
measured fo r a range o f agitators under single and multiphase conditions. An 
equation is proposed fo r the effect o f scale and blade geometry on the power 
number o f concave hollow  blade agitators. L iquid phase m ixing studies are 
undertaken fo r a range o f agitator and tank geometries along w ith  
complementary flow  visualisation work. Scale-up relations relationships are 
developed and discussed. Gas-liquid mass transfer, gas-hold-up and 
hydrodynamics are studied and correlations proposed. These are compared 
w ith  literature correlations. The “ flooding-loading”  transition is studied fo r a 
number o f types o f hollow  blade agitators. A  simple method, resulting from  
these studies, is proposed to avoid “ flooding”  fo r radial turbines, including 
the hollow-blade types. Rules fo r avoiding foam out at high phase fractions 
are developed. Solid suspension w ith  novel agitators fo r two and three phase 
systems are tested and relationships developed. Compared at equal diameters, 
the curved hollow  blade agitator is shown to be more energetically efficient 
fo r solid suspension than most common alternatives, especially under gassed 
conditions.

Foaming is studied and a method o f contro lling foam based on an inverted 
hollow  cone rotating on the agitator shaft above the normal aerated liquid 
level is developed. This is tested successfully on industrial fermenters.
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a Acceleration -2m s

a Interfacial area 2 -3m m

A . Heat transfer area 2m“

B Baffles

Bd Agitator blade depth m

c Clearance from  centreline o f agitator to bottom  o f vessel m

cs Clearance o f sparger from  bottom  o f tank m

C Concentration km ol m 3

C * Equilibrium  concentration km ol m 3

CA Concentration o f component A km ol m 3

Ch Concentration o f component B etc km ol m 3

c * Drag coefficient

dP Diameter o f particle m

dw Num ber mean bubble size m

dj2 Sauter mean bubble size m3 m 2

d, Diameter o f bubble m

D Dimension, Im peller diameter m

Diameter o f cavern or cone m

Ds Diameter o f sparger m

Da Damkohler number =  rD/  rR

d l D iffusion coefficient o f gas in liquid m2 s ’

Br, Volume fraction o f gas

£ r Total energy input by agitator and gas W

F Fouling factor

Flo Agitator gas flow  number = Q ^JN D 3

Fr Froude number =  N 'D /g

g Gravitational constant m s 2

T Ratio o f centrifugal force to gravitational force =  Dof / 2g

H Height m

h l Liquid height m

H P Pumping head m

Ha Hatta number =  J td / tr

H c Height o f cavern m
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h Height o f cone above the liquid level m

bo Process side heat transfer film  coefficient W  m 2K 1

I Specific intensity o f turbulence

K Consistency factor Pa s

k Wave number

h Constant in eq (2.13)

k 1 and k2 Reaction rate constants

K Proportionality factor fo r m ixing equations

K Ratio o f tangential flu id  velocity to im peller tip  velocity

ks Agitator shear rate constant

k\. Liquid side mass transfer coefficient -im s

kc, Gas film  mass transfer coefficient m s

k,a Liquid side mass transfer factor -is

*L Overall liqu id side mass transfer coefficient m s

K . Overall gas side mass transfer coefficient m s

He Henry’s law partition coefficient (consistent units)

M Torque N  m

M M ixing index =  1 -
N Agitation speed s

K : Agitation speed fo r complete suspension o f solids s

n q
Agitator liqu id  flow  number =  Q ^JN D }

N j, Agitator just suspension speed fo r solids -is

N ss Agitation speed fo r the onset o f sedimentation is

P Power W

pa Power input by gas w
Ps Shaft Power w
Pr Theoretical cone power w
Pc Shaft power under gassed conditions w
Pi Partial pressure o f transferring species at the interface A tm

Pc, Partial oxygen pressure A tm

Po Agitator power number = P / (p N ’D*)

Q Volum etric flow-rate m 3 s '

Q ' Volum etric flow-rate o f recirculating gas m 3 s 1

Qs Volum etric flow-rate o f sparged gas m s

Q h2o2 M olar feed rate o f hydrogen peroxide m ol s 1

O h Rate o f heat transfer W s 1



Q Stoichiometric ratio

Re Agitator Reynolds number =  N D 2 p /  j i
Red D rop Reynolds number =  id f i / / /

r 4 Rate o f reaction o f A m ol s 1
R Radius m
R Gas constant J m o l1 K 1

Ri Richardson Num ber — Static head/dynamic head.

s Shape factor in Zwietering equation

S Agitator separation m

s Surface area o f bubbles m~
Tay Cone Reynolds number = p a y  / p
t Time s

*c Circulation time s

t™ Colorim etric based m ixing time s

*9r> 90% m ixing time s

*95 95% m ixing time s

T Temperature °C
AT Temperature difference °C o rK
T Tank diameter m

U Velocity m s 1

", Term inal rise velocity o f a bubble in an in fin ite  medium m s '

u . Overall heat transfer coefficient W  m  2K 1

V Volume m3

V Velocity _  -im s

Va Tracer volume m3

Volume o f gas per volume o f liquid per minute m in 1

*s Superficial gas velocity m s 1

*, Velocity o f material leaving the cone — 2 ltN rt o 1m s

*>, Agitator tip  velocity _  -im s

IF Power Watts

We Weber number =  pN *D ’/  (7
X IFeight o f solids per weight o f liquid

x, Agitator disc thickness m

w Agitator blade w idth (height fo r radial type) m

Greek letters
a D istribution coefficient between fresh and recirculating gas



s F ilm  thickness m

a Surface tension N m

<*c Standard deviation on concentration fluctuations

Angle to  the vertical 0

P Density kg /m 3

K Thermal conductivity W  ra 'K '1

X 1/H e

z Conductivity mS cm "1
k Kolm ogorov length scale m

T Shear stress N m 2

..s. _
Y ield stress N m "2

Tim e constant =  1/rate constant s

Characteristic d iffusion time constant s

Characteristic reaction tim e constant s

% Tim e constant o f D O T  probe s

M Viscosity Pa s

A, Apparent viscosity o f non-Newtonian flu id Pa s

e Specified degree o f m ixing

Exposure time s

0) Angular velocity radians s’1

ĜpLpS Volum e fraction o f dispersed phase

&T Energy dissipation rate W  kg'1

V Kinem atic viscosity 2 -1 m  s

y Shear rate -is

y Average shear rate -is

Subscripts
G Gas

D Dynamic

B orb Bubble

HB Herschel-Bulkley:

P Just suspended

L Liquid

N N N on Newtonian

r Applies to submerged radius (cones work)

S Solid o r specific

tb T iny bubbles
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/ Inside or in let conditions

o Outside o r oudet conditions

u Ungassed

IV Water

Abbreviations
A345 L IG H T N IN  high solidity up-pumping hydrofo il

6CDT 6 Curved blade Disc Turbine (van’t Riet o r Smith type)

6HBT 6 H ollow  Blade Turbine

6H B D T 6 H ollow  Blade Disc Turbine (includes Smith type)

c:c d Chaiged Couple Devices

CFD Computational Fluid Dynamics

CD Complete Dispersion

CSTR Continuous Stirred Tank Reactor
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D G D Dynamic Gas Disengagement

ERT Electrical Resistive Tomography

F Flooding

L Loading

LD A Laser Doppler Anemometry

L IF Laser Induced Fluorescence

PBT Pitched Blade Turbine
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PPG Poly Propylene G lycol

P IV Particle Image Velocimetry
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RPD Relative Power Demand

rms Root Mean Square
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Chapter 1 Introduction

In  24 years w orking as an experimental flu id  mechanic in  the IC I M ixing and 

Reactions Team it  always seemed as I  was working on the m ixer o r reactor 

design w ith  “ A ttitude” . W hen I  firs t started it  was in  a “ blue sky”  team called 

“ The Process Intensification G roup”  w ith  objectives o f finding new ways o f 

doing things, developing new processes; intensifying o ld processes, preferably 

using “ gizmos”  — cyclones, tee je t mixers and static mixers. Latterly, as 

manager o f The Experimental F lu id Dynamics Laboratory a t IC I Widnes 

Experimental Centre, it  was bo iling  reactors w ith  high gas phase fractions (up 

to  60%), high solids concentrations, (up to 30%), high stirring intensities (up 

to  10 kW /kg), high superficial gas velocities (typically 0.25 m /s) giving 

foaming and carry-over problems, high temperature, high pressure, corrosive, 

explosive, toxic (all o f which make flow  visualisation o f reaction brews very 

d ifficu lt); o r i t  was high viscosity, non-Newtonian fluids as found in  

fermenters o r paint mixers. M ixing was also a b ig  issue when scaling up 

reactors where competing reactions were m ixing sensitive. In  that period, the 

m ixing literature seemed to  be concentrating very much on air-water systems 

at low  power inputs w ith  specific energy dissipation rates, (£r) up to  ~2 W /kg  

and gas flow  rates o f up to  ~2 W M  o r superficial gas velocity, vs, o f 

<~0.01 m /s and was not always a useful guide to dealing w ith  the problems. 

A t high gas hold-ups even prediction o f shaft power is d ifficu lt as operation is 

way outside published correlations.

This PhD  is therefore dedicated to the study o f the design o f reactors w ith  

"A ttitude ”  and addresses questions such as how to  experimentally study “ real 

reactors”  using real fluids o r good analogues at appropriate specific energy 

dissipation rates (up to 10 W /kg) and superficial gas velocities up to 0.25 m /s. 

Chapter 2 gives a critical literature review on topics, general to  multi-phase 

m ixing and reactor design w ith  mechanical agitation, w ith  more specific 

reviews in  the fo llow ing chapters as appropriate.
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The general experimental equipment is described in  Chapter 3. These are the 

1 ft  (0.29 m  diameter), 2 f t  (0.61 m  diameter) and 3 ft  (0.91 m  in  diameter) 

m ixing rigs, w ith  the shaft torque measuring systems and techniques 

developed to measure shaft torque, m ixing, gas-liquid mass transfer, local 

phase fractions, overall phase fractions, bubble measurement techniques and 

Electrical Resistive Tomography (ERT).

M odel fluids are described in  Chapter 4 along w ith  scale-up and scale down 

techniques.

The Buchi rig  is described in  Chapter 5 along w ith  its use in  obtaining data 

on “ real fluids”  w ith  the effect o f boiling and pressure on bubble size and 

phase fraction. The effect o f solids on the gas phase fractions is also 

investigated. Data fo r cold and boiling water, aniline, acetic acid and 

methanol are included. Tw o techniques are developed and discussed to 

estimate bubble sizes and phase fractions (photographic and dynamic 

disengagement).

Chapter 6 describes power, m ixing and hydrodynamics fo r single-phase fluids 

using novel agitators or agitator combinations w ith  comparisons against 

conventional agitators such as the Rushton turbine.

Multi-phase w ork is presented in  Chapter 7. This covers high gas fractions, 

high superficial gas velocities and specific agitator power inputs from  zero 

(bubble column) up to ~ 10 W /kg . M ixing, gas-liquid mass transfer, gas-hold- 

up and hydrodynamics are studied. Rules fo r avoiding foam out at high phase 

fractions are developed. Solid suspension w ith  novel agitators fo r two and 

three phase systems are tested and relationships developed.

Chapter S describes and characterizes a novel device (spinning cone) fo r 

controlling foam and its leveL The literature is also studied.

In  Chapter 9, ERT is studied as a diagnostic tooL The literature is examined 

and the re tro fit o f an 8 plane x 16 elements ERT in to  the 0.61 m  diameter 

stirred tank rig  is described. Teething problems are discussed and eliminated. 

The use o f ERT to study m ixing and phase d istribution in  high phase

2
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fractions at high specific energy dissipation rates is demonstrated and some 

interesting results presented and discussed.

In  Chapter 10 an overview o f the w ork and the main conclusions are given 

along w ith  recommendations fo r further work.

Appendices containing data, calculations and addition in form ation fo llow  

Chapter 10.
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Chapter 2 Literature Reviews

2.1 Scope

The multi-phase stirred tank literature is very extensive; hence the follow ing 

review concentrates on the aspects considered most pertinent to  this study as 

defined in  Chapter 1. This study is therefore confined to  the hydrodynamic 

understanding and the design o f mechanically agitated contactors and reactors 

fo r single (liquid) and multi-phase (liquid-solid-gas) systems. Typical industrial 

im portant examples o f gas-liquid reactions carried out in  mechanically stirred 

contactors are organic oxidations, carbonations, hydrogenations, 

fermentations, nitrations and chlorinations. Many o f these involve a boiling 

solvent that contributes to  the vapour loading and many also include solids 

either as a reactant, catalyst o r a product.

The purpose o f gas-liquid contacting in  mechanically agitated vessels is to 

cause mass transfer between the phases. In  purely physical absorption o r 

stripping processes, mass transfer rates w ill often determine the equipment 

size needed fo r a given duty. Where the transferred species has to undergo a 

chemical o r biochemical reaction the mass transfer rate is often the lim iting  

step. Break-up o f bubbles to  provide the in ter facial area is thus an im portant 

consideration. The understanding the hydrodynamics o f the bubble break-up 

— coalescence and m ixing processes and how these are affected by the vessel 

and agitator design is paramount to  good design and reliable scale-up.

This chapter presents a critical review o f the literature on mechanically agitated 

gas-liquid and gas-liquid-solid contacting w ith  special attention to  the purpose 

o f mechanical agitation, agitator choice, design, hydrodynamics and scale-up 

and also the tools available to experimentally study these systems. L iquid- 

liqu id  is recognized as an im portant branch o f multi-phase contacting but is 

not covered in  any detail by this study, as the breadth would become too wide.
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Over the years many reviews have been published in  the gas-liquid m ixing 

area. Examples include Sideman et a l (1966) and van’t  R iet (1979) who 

published critica l reviews o f mass transfer in  gas-liquid contacting systems. 

General reviews have been published by Joshi et a l (1982), M idoux and 

Charpentier (1984) and more recendy N ienow (1998) published an excellent 

review o f the hydrodynamics o f stirred bioreactors.

The general consensus is that an optim um  design and scale-up o f a reactor 

depends on an understanding o f the underlying hydrodynamic principles and 

the ir interaction w ith  the agitation, the dependence on the flu id  properties and 

reaction k inetics where a reaction is involved.

Mathematical studies are increasingly popular because o f the low  cost o f 

computation, due to the recent staggering increase in  computational power 

and speed. The physics and chemistry can be linked together in to  a single 

package. Computational flu id  dynamics (CFD) is one such too l that is an 

increasingly popular method fo r studying the hydrodynamics o f single and 

multi-phase systems. W hilst recognizing the increasing importance o f these 

tools, especially when dealing w ith  complex systems, this study is more 

concerned w ith  physical experimentation.

2.2 Outline

Factors considered im portant fo r multi-phase contacting and reactor design 

include (in  alphabetical order), agitation, agitator power prediction, baffles, 

bubble behaviour, heat and mass transfer, hydrodynamics, kinetics, m ixing, 

phases, physical properties, theology, scale, time scales, turbulence and vessel 

design. These are considered in  the follow ing sections. Firstly, however, the 

dimensionless numbers used in  the text are introduced and defined.

2.2.1 Introduction to the Dimensionless Groups

Dimensionless groups are commonly used in  the m ixing literature to  correlate 

data in  terms o f physical properties, scalar quantities and time. These are 

described in  the fo llow ing sub-sections.

2
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Commonly accepted nomenclature used in  these groups are shown in  

Table2.1

i

a Interfacial area 2 -im  m

c Im peller clearance from  bottom  o f base to  im peller centreline m

D Dimension, Im peller diameter m

& G ravitational constant m  s~2

Metzner and O tto  (1957) shear rate constant

a Volum etric flow-rate m 3 s'1
N Agitation speed s 1
t Tim e s

T Tank diameter m

U Velocity m  s'1

V Volume m

w Agitator blade w idth m

K A xia l coordinate m

G Surface tension N m

P Density k g m 3

P Viscosity Pa s

0) Angular velocity tads s l

r Shear rate s'1

Table 2-1: Nomenclature used in  the dimensionless groups used in  
hydrodynam ic studies

2.2.1.1 Agitator Reynolds Number, Re.

In  m ixing the Reynolds number is an im portant group. I t  is the ratio o f inertia l 

to  viscous forces. For an agitator the Reynolds number is defined as:

N D 2p
Re = ------- £  (2.1)

M

Three agitation regimes are described by the agitator Reynolds number,

•  Laminar, Re < 10

•  Transitional 10 >  Re <104

•  Fully turbulent Re > 104

3
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The im pellor Reynolds number in  a non-Newtonian flu id  uses an apparent 

viscosity j l a calculated using the Metzner and O tto  (1957) approach. They 

proposed that fo r the laminar regime, the average shear rate [ y ) was related to 

the agitator speed according to:

y = ksN  (2.2)

whettf ks is an agitator specific constant.

2.2.1.2 Agitator Power Number, Po.

The agitator power number Po is analogous to the fric tion  factor in  pipe flow. 

I t  represents the ratio o f the pressure differences producing flow  to inertial 

forces and takes the form :

Po =  — E (2.3)
p N  D

2.2.1.3 Agitator Flow Number, N Q.

The flow  number is a discharge coefficient used to define the liqu id 

volum etric flow  (Q j) from  the im peller blades in  dimensionless terms:

N q = - £ ± t (2.4)
Q ND3 v

where fo r a radial turbine

+ ii. ' / 2

Q ^ kD  \U rdK (2.5)
- w  / 2

i.e., the integral o f the velocity over the blade height through the area swept by 

the blade tips. R evill (1982) reviewed die data fo r Rushton turbines (see Figure 

2-9) and recommended that Ns  =0.75 ±  0.15 should be used for design for Re 

> 104for 0.2 <  D /T < 0.5 and for 0.3 < c /T <  0.5.

The velocity p ro file  is bell shaped as depicted in  Figure 2-1, w ith  a maximum 

velocity around 0.8 o f the tip  speed, Oldhue (1983). The entrained flow  is up 

to 2.5 times this flow.
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For a SCABA 6SRGT (see Figure 2-12) the velocity profile  is much more 

focused giving a pronounced peak, Kovacs (2001) as shown in  Figure 2-2, 

where it is compared to his Rushton turbine profile. From this w ork the 

maximum discharge velocity fo r the 6SRGT was 0.79 o f the tip velocity.

For axial impellers the flow  is defined through the swept circle immediately 

below the lower edge o f the impeller fo r down pumping (opposite fo r up- 

pumping). Again the entrained flow  is much greater than the direcdy pumped 

flow. Typical discharge coefficients fo r high solidity axial impellers are around 

0.7 to 0.8 and are similar to the Rushton turbine. For Re < 103 the discharge 

coefficient falls. In  laminar flow  (Re <10) the discharge coefficient can be an 

order o f magnitude lower.

entrained

directly
pumped

entrained

Figure 2-1: Discharge flow  from  a Rushton turbine. From  N ienow (1998)

80RPM 
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Figure 2-2: Normalised velocity profiles, a) Rushton turbine, b) 6SRGT 
from Kovacs (2001).
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2.2.L4 Gas Flow Number,

The gas flow  number F1G (sometimes called aeration number) is the ratio o f 

gas flow -ra te j^c to  the agitator pumping rate

(2-6)

2.2.1.5 Froude Number, Ft

H ie  Froude Num ber (Fr) is the ratio o f inertial to gravitational forces:

=  ^  (2.7)
£

Another way o f expressing this ratio is in  terms o f “g 3 forces

Q r n f D m ^ D

%£ 2g

where j?”  is the ratio o f the actual centripetal force at the agitator tip  to the 

gravitational force. This is useful when deciding whether agitation effects or 

gravity w ill dominate in  fo r example a gassed system. I f  “g* is <  1 then it  is 

obvious that gravity w ill dominate. When “g* is >1 then the agitator w ill 

dominate. This effect is no t always obvious from  consideration o f a Froude 

number. By comparison o f equations (2.7) and (2.8), 19.74 “g* =  F r and 

therefore 1.0 “g* =  0.05 Fr.

2.2.1.6 Weber Number, We

The Weber Num ber represents the ratio o f applied to surface tension forces 

and is used to  correlate particle, drop and bubble size.

p N  D
We =  2 l  (2.9)

<T
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2.2.2 Agitation

Agitated vessels come in  many shapes and sizes and this has implications fo r 

all facets o f m ixing. Much o f the literature w ork has been done on “ standard 

vessels”  so this standard has to be defined, as deviations w ill obviously effect 

the literature conclusions

The “ standard”  tank shown in  Figure 2-3 has a centrally mounted vertical 

shaft to  m ount the impellers. In  low  viscosity fluids, baffles are used in  to 

eliminate a central vortex, to make fu ll use o f the agitator power and as a 

means o f converting rotary m otion in to  vertical turnover patterns. Many 

baffling arrangements are possible. The standard used here (designed to apply 

fu ll agitator power) is four vertical fla t baffles o f w id th  T /10, 90° apart and set 

o ff the w all by a distance T/60. The amount o f baffling w ill obviously effect 

the power. Many vessels are supplied w ith  a baffle w id th  o f T /12  and here the 

power w ill be reduced by about 10% (U hl and Gray, 1966). For agitator power 

prediction any deviations from  standard have to  be allowed for. Bujalski et a l 

(1987) found an effect o f scale on Rushton turbines to T^067, also a strong 

dependency o f power number on the disc thickness X [f

For viscous m ixing (Re < 300) baffling is probably unnecessary. Here, the 

absence o f baffling w ill have little  effect on power as apparent from  power 

curves o f Po versus Re. See later, fo r example

Figure 2-29.

Mechanical agitation and the choice o f agitators are obviously very im portant 

since it  impacts directly on the operation and influences many o f the factors 

listed above. The role o f the agitation is to create turbulence and flow  fo r 

bubble break-up, transport o f material, heat and mass transfer, bulk m ixing 

and homogenisation (m inim isation o f concentration and temperature

7
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differences) o f the phases. The choice o f agitators depends on the duty 

required.

Tank diameter T 1 m

Baffles B 4

Baffle w id d i T /10

Baffle clearance from  w all T /60

Tank bottom T /4  D ish

Im peller diameter D T /3

Blade length L D /4

Blade w idth W D /5

Blade thickness X

Disc thickness X ,

D isc diameter A 3 D /4

Im peller clearance c T/3

Submergence s 2T/3

Table 2-2: Dimensions of the standard tank configuration

8
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N

< r>

T/10Sk -  T/60

G as
3D/4 
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r - ^ r
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Figure 2-3: Standard Rushton turbine agitated vessel
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Agitators can be broadly classed into three types, those producing radial flow, 

axial flow  and mixed flow.

2.2.2.1 Radial Flow Agitators

Refer to pages 17 to 20.

Typical radial agitators are disc turbines and paddles. In  cylindrical vessels at a 

clearance c above the base > 1 /5  o f the vessel diameter T, these agitators give 

two main circulation loops above and below the centre-line o f the impeller as 

shown in  Figure 2-4.

Figure 2-4: Main flow loops with a 
Rushton turbine

Figure 2-5: Main flow loops with an 
axial flow impeller

For gas-liquid duties, the radial Rushton turbine (see Figure 2-9) has 

traditionally been a popular choice. However, this has the disadvantage that 

the gas adversely affects the performance. Under gassed conditions, the

10
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agitation powef falls due to gas cavities that attach to the low-pressure region 

behind the blades. These cavities are described in  detail by Warmoeskerken 

and Smith (1985) and N ienow et a l (1985).

Many workers have linked mass transfer coefficients to  agitation power, fo r 

example, van’t  Riet (1979), W hitton and Nienow, (1993) and Gezork et al. 

(2001). W ith  radial agitators m ixing is also adversely affected by this loss in  

power as shown by Cooke et al. (1988) and C ronin et al. (1994). There may be 

some exceptions to this case fo r operation in  the flooding regime (see later 

text on agitator hydrodynamic regimes) as w ith  high gassing rates the 

recirculation caused by the rising plume o f gas can actually im prove the 

m ixing, Cronin et al. (1994). As noted however by N ienow (1998), operation 

in  the flooding regime is not a desirable design. A t high gas rates the energy 

imparted by the gas can also be significant and i f  the gas and liqu id  flows are 

harmonized (act in  the same direction) then m ixing can be im proved on 

gassing.

The blade profile  is usually flat, though other profiles have been used to 

im prove the performance. Examples are the arrowhead disperser and the 

curved blade impellers investigated by Rushton et al. (1950). The power 

characteristics o f these are sim ilar to the fla t blade equivalents. In  recent years 

a number o f new radial agitators have come on to  the market designed to 

prevent power loss on gassing and these are claimed to  handle more gas than a 

Rushton turbine before flooding. Amongst these is the concave design 

attributable to van’t  Riet (1975a), now marketed as the C H E M IN E E R  CD-6 

(Figure 2-10), and the more streamlined versions such as the SCABA 6RGT 

(Figure 2-12) which N ienow (1998) claims w ill handle approximately 3-times 

as much gas as the same size Rushton turbine before flooding. A  new 

asymmetric design has recently by introduced by C H E M IN E E R  and 

marketed as the BT-6 (Figure 2-11). The manufacturers claim this to  have 

nearly six times the gas handling capability o f the Rushton im peller and to 

unload less than the CD-6. They also claim that the unloading (lowering o f the 

gassing factor) is nearly a ll due to the change in  effective density o f the gassed
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liquid. However, in  this w ork, w ith  sim ilar agitators, gassing factors as high as 

0.8 have been measured in  systems w ith  50% gas hold-up, therefore the 

explanation fo r the fa ll in  power on gassing is not as simple as tha t This is 

discussed in  greater detail in  the section on agitator hydrodynamics. They also 

claim that d ie mass transfer capability o f the BT-6 is on the order o f 10% 

better dian the CD-6 and that, unlike many other gas-dispersing impellers, die 

BT-6 is relatively insensitive to viscosity.

2.2.2.2 Axial Flow Impellers

Refer to pages 20 to 23.

A xia l impellers pump axially and hence are intended to  produce a single 

circulation loop throughout the vessel as shown in  Figure 2-5. Hence top to 

bottom  m ixing is better than w id i radial flow  impellers especially when 

m ultip le agitators are used. Typical axial flow  impellers are marine propellers 

and the proprietary hydrofo il equivalents such as die L IG H T N IN  “ A ”  series 

(for example Figure 2-19), the C H E M IN E E R  HE3 and the SCABA SHP 

impellers. The power curves fo r these agitators tend to be steeper in  the 

transitional regime and thus are not as flexible as radial impellers over a 

viscosity range. Propellers are not often used on a large scale and independent 

literature power data fo r propriety agitators is scarce and rudimentary, leading 

to  undue reliance on manufacturers’ recommendations. There is a lack o f 

reliable comparative data fo r such agitators. In  general however, because o f 

die flow  patterns produced, lower velocities close to the w all ate expected in  

comparison w ith  radial flow  impellers, hence w all shear w ill be lower which 

may have im portant implications fo r heat transfer. The power numbers fo r 

axial flow  impellers are considerably lower than fo r radial flow  impellers 

reducing torque requirements.

12
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2.2.23 Mixed Flow Impellers

Pitched blade turbines ate typical o f this classification. They o ffe r a 

compromise, producing components o f axial and radial flow. I t  should be 

noted however that even the so called axial flow  impellers w ill produce some 

radial flow  and many o f the propriety agitators such as the L IG H T N IN  A310 

should be classed as mixed flow  agitators. The im peller-jetting angle becomes 

shallower as the viscosity increases. This may explain why the shape o f the 

transitional regime is steeper, in  that the power number w ill increase as the 

component o f radial flow  increases. The term mixed flow  im peller has also 

been used by Mann (1983) to describe the double acting impellers such as the 

E K A T O  M IG  and IN T E R  M IG  impellers. These all reverse the direction o f 

the pitch at the tips to give a reverse pum ping action at the outer edge. The 

net effect w ill be to prom ote better top to bottom  m ixing by reinforcing the 

axial flow  streams.

2.2.2.4 Multiple Impellers

In  vessels w ith  high aspect ratios, operating height H  /  vessel diameter T  >  1, 

m ultiple agitators are often desirable. The use o f m ultip le radial agitators 

results in  compartmentalization and long overall m ixing times according to 

Cooke et al. (1988) and Cronin et al. (1994). Overall m ixing times can be 

reduced by using axial agitators or axial/radial combinations, as shown fo r 

example by Cooke et al. (1988) and Hari-Prajitno (1999).

2.2.2.4.1 Down-pumping Axial or Mixed Flow Agitators

A  popular combination has traditionally been down-pumping axial agitators 

above a radial disperser. For single phase operation the im peller size and 

spacing is an im portant consideration i f  im proved bulk blending is to be
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achieved as incorrect combinations are inherendy unstable because many flow  

scenarios are possible, see Figure 2-6 (a), (b) and (c).

Figure 2-6(a) illustrates ideal flow  from  a bulk m ixing po in t o f view, which my 

own experience suggests, is rarely achieved and requires the D /T  o f the axial 

flow  agitators to be greater than the D /T  o f the radial flow  agitators and 

impeller spacing o f 0.5D  to ID . Also as viscosity increases, the radial 

component o f flow  decreases and makes the ideal more d ifficu lt to achieve.

Figure 2-6(b) depicts compartmentalized flow  and in  Figure 2-6(c) there are 

unstable flows, which are in opposition to each other.

(a) - Ideal R ow (b)-
Compartmentalized

Flow

(c) — Apposing flow

Figure 2-6: Possible flow  combinations w ith combined radial below down-
pumping impellers.

When gassing occurs the situation is worsened by gravitational affects as the 

rising plume o f gas is acted on by dow n-flow  o f liquid from  the agitator. I f  the 

gas flow  number is very small and the liquid viscosity is low  then the agitator 

w ill dominate. However as gas flow  numbers increase the gas w ill coalesce in 

the dow n-flow  form ing large bubbles which periodically break-through 

causing instabilities and the risk o f mechanical damage. F rijlink  et al. (1984) 

described a sim ilar mechanism as the switching from  direct to indirect loading.
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For gassed w ork w ith  down-pumping impellors, the agitator choice is a critical 

factor. The agitator solid ity (the ratio o f the projected area o f the blades to the 

swept area), Oldshue (1989), is also im portant. To  maximise the gas handling 

capabilities a high solidity im peller should be chosen. A  high solidity is also 

preferred fo r agitating viscous material. The choice o f the gas input is 

im portant MacFarlane et a l (1996) recommend a sparger o f diameter Ds =  

0.8D w ith  a clearance o f csjc — 0.6, when used w ith  a M A X FLO  T  o f D /T  — 

0.45, fo r optim um  gas handling. This sort o f inform ation can be most reliably 

obtained by physical modelling, though even this is fraught w ith  uncertainties 

unless an exact process flu id  analogue is used.

I f  solids require suspending in  a three-phase system, the gas can severely affect 

the suspension, Chapman et a t (1983). Thus the chose o f an agitation system 

where gas flows and liqu id  flows are in  opposition appears to  be nonsensical

I f  the gas can be introduced in to  the up-flow , the gravitational problems 

associated w ith  direcdy loading an up-flow  agitator can be avoided, though 

some loss o f gas dispersion could result

2.2.2A.2 Up-pumping Axial Agitators

A  much more rational solution to m ultip le agitators is to  use up-flow  agitators 

fo r axial m ixing in  gassed duties. Radial /  axial combinations can be 

configured to give positive flow  reinforcement at the interchanges 

(shown in  Figure 2-7) which is im portant fo r bulk m ixing. For axial/axial up- 

pumping configurations the gas and liqu id  flows w ork in  unison encouraging 

good top to  bottom  flow . In  IC I Technology the concept o f positive 

reinforcement o f flows has been used fo r a number o f years fo r in-house 

designs and there is now  plenty o f literature support fo r this approach. 

Examples are Chapman et al. (1983) who showed that solid suspension was 

more efficient w ith  up pum ping than w ith  down-pumping turbines under 

gassed conditions. Bujalski et a l (1990) found that up-pum ping turbines gave
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equal gas hold-up and k t a to Rushton turbines when compared at the same 

specific power inputs and gassing rates.

Axial up-flow /dow n-flow  combinations which results in a stable figure-of- 

eight flow  loop, w ith  positive flow  reinforcement at the interchange, have also 

been recommended, N ienow (1998).

Figure 2-7: Stable flow with flow reinforcement at the interchange for a 
radial plus up-pumping agitator combination.

2.2.2.S Selection of Agitators

For a given agitation duty there w ill be invariably many ways o f achieving the 

desired aim. Therefore the choice o f agitators should be on practical and 

economic grounds. Practical considerations may be in  relationship w ith  the 

vendor trust, reliability, and the availability o f spares, back up and inter­

changeability (e.g. i f  a m otor o r gearbox is common to a number o f items o f
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equipment then it decreases the need to carry spares). Economic 

considerations should address running costs as well as installation costs.

There are a bewildering number o f agitators available on the m arket A  

selection o f these from  our own collection and from  the W EB sites o f 

L IG H T N IN , C H E M IN E E R  and SCABA are shown in  Figures 2-8 to 2-28. 

Where a proprietary agitator is shown the description o f the suitable agitation 

duty is taken from  the manufacturers sales material w ithout comment and is 

marked w ith an * C H E M IN E E R  and **  L IG H T N IN . I t  should be noted that 

not all claims have been tested in the open literature

2.2.2.5.1 Selection of Radial Flow Agitators

Paddles or flat blade turbines are the simplest designs o f radial flow  agitators 

and have the benefits o f being cheap and non-propriety. They are often 

preferred fo r batch duties. Simple 2-blade designs are used in  paint mixers at 

low  transitional Reynolds numbers and have the benefit o f being easy to clean. 

A  4-blade version from  C H E M IN E E R  is shown in Figure 2-8.

M s

S-4 or Straight Blade Impeller 
Favourable Applications: *

A cost effective impeller for operation very near 
the floor of a tank for agitating the heel in solids 
suspension applications. Also an effective impeller 
in laminar flow applications, especially when 
impeller Reynolds numbers drop below 50

Figure 2-8: 4 blade-turbine

D-6 or Rushton Impeller 
Favourable Applications: *

Good cost effective impeller for low concentrations 
of immiscible liquid or gas. Two very strong 
trailing vortices are shed from each blade. These 
areas of high shear are responsible for breaking the 
larger droplets to smaller droplets. Maximum 
aeration numbers should be limited to 0.1.

Figure 2-9: 6-blade Rushton-turbine
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CD-6 Impeller 
Favourable Applications: *

The C D -6  is a second-generation gas and im m isc ib le  
liq u id  d ispersion im peller. T he  C D -6  can handle about
2.4 times the m ax im um  gas capacity o f  the D -6  
im peller. T he  C D -6  is s im ila r to  the S m ith  im pelle r, b u t 
there are substantial pow er and gas d ispersion 
capability  d ifferences available. T h is  im pe lle r has been 
used at aeration num bers as h igh  as 2.1.

Figure 2-10: C H E M IN E E R  CD-6 impeller

BT-6 Impeller 
Favourable Applications: *

H ighest gas dispersing capability  available. Can disperse 
nearly six times die gas hand ling  capability  o f  the D -6  
o r  R ushton  im pelle r. U n loads less than the C D -6 . In  
fact, the un load ing  is nearly all due to  the change in  
e ffective  density o f  the gassed liqu id . T he  mass transfer 
capability  is on  the o rde r o f  10%  be tter than the C D -6 . 
U n like  m any o the r gas d ispersing im pellers, the B T -6  is 
relatively insensitive to  viscosity.

Figure 2-11; C H E M IN E E R  BT-6 impeller

POW ER, GAS D ISPERSION 
A N D  H O M O G E N IS A T IO N  
C H A R A C TE R IS T IC S  OF S C A B A  
SRGT A N D  R U S H TO N  
T U R B IN E  IM P E LLE R S

SATTO eta/. (1992)

SCABA 6SRGT Impeller

T he  Scaba S R G T  ag ita to r w ith  six blades w hen  gassed 
draws betw een 1 and 0.8 tim es the ungassed po w e r in  
flu ids  o f  lo w  and m oderate  v iscos ity  respectively. 
U n d e r s im ila r cond itions , the gassed R ush ton  tu rb ine  
draws 0.5 to  0.4 tim es the ungassed pow er. In  add ition , 
some three tim es m ore  gas can be handled  at the same 
ungassed p o w e r by th is S R G T  be fo re  flo o d in g  occurs. 
T he  increased h o ld -u p  achieved by  the 6 S R G T  is 
com m ensurate  w ith  the increased p o w e r in p u t and i t  is 
argued tha t the p o ten tia lly  extra  p o w e r available shou ld  
be able to  g ive a s im ila rly  enhanced k La. T he  6 S R G T  
ag ita to r also gives an equ iva lent hom ogen isa tion  
pe rfo rm ance  to  a standard R ush ton  tu rb in e  ag ita to r o f  
the same size at the same gassed p o w e r in p u t. W h e n  
gassed reactors are fit te d  w ith  m o to rs  o f  su ffic ie n t 
p o w e r to  be capable o f  ru n n in g  at fu ll speed w hen  
ungassed, T h is  ag ita to r o ffe rs  s im ple  re tro fit t in g  
poss ib ilities  po ten tia lly  lead ing  to  considerab ly  

enhanced pe rfo rm ance .

Figure 2-12: SCABA 6SRGT agitator
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R 500 S A W T O O T H
Recom m ended for: High-shear applications with  
elem ents that are difficult to disperse * *

Provides the h ighest shear o f  a ll L IG H T N IN  im p e lle r 
designs E xce lle n t fo r  h igh-shear, so lid -liq u id  and 
liq u id - liq u id  applications. These are typ ica lly  used w ith  
d ifficu lt-to -d isp en se  p igm ents

Figure 2-13: L IG H T N IN  R500 (Sawtooth) agitator

ChemShear Impeller 
Favourable Applications: *

C hem Shear Im pe lle rs  are m ade in  4 d iffe re n t styles. 
Style 1 has the w idest blades and style 4 the narrow est 
blades. V arious processes requ ire  d iffe re n t ratios o f  
shear and pum p ing . T he  w id e r blades p u m p  m ore , and 
the n a rro w e r blades have the h ighe r leve l o f  shear. 
T hey  w o rk  w e ll in  app lica tions w h ich  requ ire  
m odera te ly  h igh  shear b u t also some leve l o f  pum p ing . 
M any h igh  shear devices are ve ry  lo w  in  p u m p in g  
capab ility  and requ ire  an aux ilia ry  im p e lle r to  p ro v id e  
tu rnove r. Chem Shear im pelle rs o fte n  overcom e the 
need fo r  an aux ilia ry  p u m p in g  im pelle r. Chem Shear 
im pelle rs  have been used in  m icroencapsu la tion  
processes p ro d u c in g  partic les in  the 2 -m ic ro n  range.

Figure 2-14: ChemShear Impeller

Vaned disc impeller

Vaned disc agita tor v iew ed fro m  below . D isc  prevents 
rec ircu la tion  fro m  above. Used in  gas-liquid duties where 
recircu la tion o f  the gas is deemed undesirable. Can be used 
as show n as a re flux  slinger to  d is tribu te  re flu x  to  the walls.

Figure 2-IS: 8-vaned disc agitator

PFAUDLER Glass-coated retreat curve impeller

R ecom m ended by  vendors  fo r  b lend ing  and heat transfe r, 
gas d ispers ion  and suspension, especially usefu l fo r  
suspension o f  fr iab le  particles. Glass lin in g  enables use in  
hostile  env ironm en ts .

Figure 2-16: PFAUDLER Glass-coated retreat curve impeller
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Anchor Impeller
Relative Impeller Size: O f  the o rd e r o f  95%  o f  the T an k  
D ia m e te r
Favourable Applications: *

T he  anchor im pe lle r is d ie  m os t econom ica l lam inar f lo w  
im peller. I t  is m ost effective  in  squat batches where vertica l 
pum p ing  is n o t as im p o rta n t as m  tall batches. B lend  times 
are som ewhat longer than helical r ib b o n  type im pellers. I t  is 
d ie easiest h igh  v iscosity im pe lle r o n to  w h ic h  scrapers can 
be m oun ted  fo r  ve ry  d if f ic u lt  heat transfe r applications.

Figure 2-17: Anchor

2.2.2.5.2 Selection of Axial Flow Impellers

Single Flight H elical Ribbon with Screw  
Relative Im p e lle r Size: A p p ro x . 9 5 %  o f  the T ank  

D ia m e te r
Favourable Applications: **

A  reasonably e ffic ie n t h ig h  v iscos ity , lam ina r f lo w  
im pe lle r. B le n d  tim es are abou t the same to  som ew hat 
longer than the doub le  f lig h t he lica l r ib b o n  im pe lle r. T he  
cen tra l screw  can e ffe c tive ly  p u ll d o w n  solids and liq u id s  
fro m  the surface w hen the he lica l r ib b o n  is p u m p in g  up. 
G enera lly  used fo r  app lica tions w here  v iscosities are 
o rd in a rily  greater than 30,000 M Pa. H ea t transfe r 
coe ffic ien ts  are o n ly  s ligh tly  less than  the doub le  helica l 
r ib b o n  im pelle r.

Figure 2-18: Single Flight Helical Ribbon with Screw

A 3 1 0 /A 5 1 0  (L o w  S o lid ity  R a tio )

Recom m ended for low-viscosity flow-controlled 
applications **

V a ry in g  angle op tio ns  op tim ise  processes by  changing the 
im p e lle r d ia m e te r/ta n k  ra tio  M ax im izes f lo w  w ith  a b ility  
to  add shear op tions. S tandard o n  the L IG H T N IN  L F D  
F loccu la to r

Figure 2-19: L IG H T N IN  A310/510 Impeller
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H E -3 Impeller (low Solidity Ratio)
Favourable Applications: *

A n  extrem ely e ffic ie n t tu rbu len t f lo w  im pe lle r fo r  b lend ing, 
heat transfer and solids suspension. M o s t e ffective  fo r  
Reynolds num bers ove r 50. D eve loped to  m in im ize  the 
creation o f  tra iling  vortices and inco rpo ra ting  the otherw ise 
wasted energy in to  m acro -flow .

Figure 2-20: C H E M IN E E R  H E-3 Impeller

A100 P ro p e lle r
Recom m ended for applications requiring moderate 
pum ping action and powder-wetting capabilities**

Super-p itch  design
1.5 p itch  ra tio  fo r  greater m ix in g  capabilities 
Standard axial f lo w
O p tio n a l r ing  guard prevents damage fro m  d ip  tubes, 
tem perature probes and o th e r in -tank  devices

Figure 2-21: L IG H T N IN  A100 Propeller

A 200 o r  4 M F D
R ecom m ended for low- to m edium -viscosity, flow- 
controlled applications **

Classic 45° p itched  blade design. Produces a desirable 

balance o f  f lo w  and shear. T he  im pe lle r o f  choice in  m any 

standard applications in c lud ing  so lid  suspension.

N o te  these are also produced in  six blade versions -  6M F D  

and in  up -pu m p in g  versions denoted as 4 M F U  and 

6 M F U , dependent o n  the num ber o f  blades...

Figure 2-22: L IG H T N IN  A200 45° pitched blade impeller or 4MFD

C H E M IN E E R  SC-3 Impeller 
Favourable Applications: *

T he  new  C hem ineer SC-3 Im p e lle r features an 
advanced design engineered fo r  deep tanks. I t  produces 
f lo w  characteristics o f  m uch larger im pellers, w ith o u t 
the added w e igh t, o r  the resulting loss in  p um p ing  
effic iency. The  h igh ly  e ffic ie n t SC-3 Im pe lle r’s reduced 
w e igh t a llows fo r  the use o f  longer shaft extensions fo r  
deeper tanks, and resolves associated critica l speed 
lim ita tions. T he  use o f  an SC-3 im pe lle r can p roduce an 
overa ll ag ita tor cost savings as m uch as 33%.

Figure 2-23: C H E M IN E E R  SC-3 Impeller
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L IG H T N IN  A315 ( H ig h  s o lid ity )
Recom m ended for gas-liquid dispersion and m ass 
transfer-controlled applications**

Can im p ro ve  mass transfe r by  30%  com pared  w ith  
R ush ton  turb ines. Decreases shear rates u p  to  75% . Can 
reduce energy costs up  to  45% . Im p ro ve s  yie lds in  shear- 
sensitive processes.

Figure 2-24: L IG H T N IN  A315

f

C H E M IN E E R  Maxflo W Impeller ( H ig h  s o lid ity )  
Favourable Applications: *

T he M a x flo  W  im pelle r, w ith  about 10%  m ore 
effectiveness in  pum p ing  e ffic iency, is an im p roved  
vers ion  and fu ll replacem ent im pe lle r fo r  the M a x flo  T . 
E xce llen t in  abrasive solids suspension, solids suspension 
in  d ie presence o f  small am ounts o f  gas in troduced  o r  
generated in -s itu , and in  b o ilin g  o r  near bo ilin g  
applications

Figure 2-25: C H E M IN E E R  Maxflo W Impeller

L IG H T N IN  A340
Recom m ended for up-pum ping applications **

Ideal fo r  m ulti-phase applications, such as ferm entation , 
po lym erisa tion  and hydrogenation  H ig h  gas induc tion  
fro m  surface.

C on tro ls  foam ing

Figure 2-26: L IG H T N IN  A340

L IG H T N IN  A 345 ( H ig h  s o lid ity )

Recom m ended for up-pum ping applications

4-bladed version o f  A340. M o re  stable fo r  h igh  gassing 
operations

Figure 2-27: L IG H T N IN  A345 impeller
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APV-B2-30U ( H ig h  s o lid ity )

R ecom m ended for up-pum ping applications

A P V  version o f  L IG H T N IN  A345. C la im ed im p ro ve d  
stability, h igh gassing fac to r and lo w  torque fluctuation .

Figure 2-28: APV B2-30U impeller.

2.23 Agitator Power Prediction

The engineer needs to be able to predict agitator power and torque in  order to 

ensure the desired mechanical energy levels are achieved and fo r installation o f 

the m otor, gearbox and shaft.

2.23.1 Ungassed Agitator Power Prediction

This is based on the approach developed by Rush ton et a l (1950). They used 

dimensional analysis techniques to show that the agitator power characteristics 

in geometrically sim ilar vessels can be expressed as:

p
Po =   —r = constant x Re axFri (2.10)

pN D v 9

The work o f Rushton et a l was extended by Bates et al. (1963). Extensive data 

in the form  o f plots o f Po versus Re are available in  the literature, examples 

are Uhl and Gray (1966) and Oldshue (1983). These cover a wide range o f 

agitators in baffled and unbaffled vessels.

In  fu lly baffled vessels the influence o f the Froude number on the ungassed 

power number is negligible and the index (b) in  equation (2.10) approaches 0. 

The Po is constant fo r homogeneous fluids in  fu lly turbulent flow  (Re > 104). 

This means that the indices (a) and (b) in  equation (2.10) are zero. Hence in 

the turbulent regime, the agitator shaft power Ps is given by:
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Ps = Po pM - D 5 = 2JtNM  (2.11)

where Ad is the shaft torque.

In  the laminar regime (Re <10) the index (a) in equation (2.10) is —1, w hilst (b) 

=0. For the transitional regime (10 >Re <10^ index (a) varies and the curve is 

usually fitted to a polynomial.

A  typical power curve fo r a Rushton turbine is shown in Figure 2-29

AGITATOR POWER NUMBERS FOR SINGLE 
6-BLA0E0 DISK I RUSHTON) TURBINE
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Figure 2-29: Power curve for a Rushton turbine. Baffled curve (1) diverges 
from unbaffled curve (2) above Re = 300. Below Re =300, baffling does not 
effect Po.
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For m ultiple impellers the power depends on the agitator spacing S. When 

S /D  is >  1 then the total ungassed Po is generally constant, though not 

necessarily equal to the sum o f individual power numbers defined fo r a 

“ standard”  tank. For axial impellers the combined power is usually less than 

the sum o f the individual power numbers up to S /D  — 4. When radial 

impellers are set too close together S /D  <  1, the total power number can 

exceed the sum due to the two impellers acting as one w ith a combined radial 

flow. This is shown in Figure 2-30 reproduced from  Bates et al. (1963) and 

taken from  Uhl and Gray (1966). Here P2is the dual agitator power and P, is 

the single agitator power fo r a flat blade turbine in each case. This figure also 

illustrates dual pitched blade turbines draw less power than a single fla t blade 

turbine.

u

as uso

Figure 2-30: Effect of dual impellers on power. From Gray (1966). Reference 
power Pi is a flat blade turbine in each case

2.23.2 Prediction of the Power of Gassed Agitators

The prediction o f the power fo r gassed systems is only possible when the 

agitator and the process hydrodynamics are understood and predictable.
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Although much w ork has been done to understand the agitator 

hydrodynamics (see Page 41), most o f this work has been done on a relatively 

small scale in air-water systems. The data are generally expressed as plots o f 

relative power demand (RPD), or ratios o f gassed to un-gassed power (PG 

/P U ) versus the Gas Flow Number. Typical plots fo r a Rushton turbine are 

shown in Figure 2-31.

0 •< . I » » i i ___  i______ ;—_-
0 0 0 2  0  04  0  06  0 .0 8  0 10 0  12

FI = ( Q/ND3)

Figure 2-31: Gassing curves for a Rushton turbine in air-water. From 
Nienow (1998).

These curves at constant JV illustrate that gas flow  number alone w ill not 

correlate the gas power data. The fam ily o f curves shown are due to gas 

recirculation through the impeller region at higher N  as demonstrated by 

B ru ijn  et al. (1974). By using a large vessel w ith a small impeller (effectively 

elim inating recirculation through the impeller) they discovered that a single 

gassing curve plotted against FI is obtained fo r a wide range o f N .

For Rushton turbines, the empirical correlation o f M ichel and M ille r (1962) is 

often quoted fo r estimation o f the gassed power in  turbulent systems. This 

correlation is,

Pc =  0.721
( Pl2N D V>45 

<2 g05\
(2.12)
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However, N ienow  (1998) shows that the apparent success o f this correlation 

is in  fact an artefact o f the data treatment and is N O T  recommended. Q uoting 

directly, “ such an approach can he used to “correlate”  ary set o f PG/P V against gas flow  

rate, t t f  Js, data, no matter how different they are, from aty impeller configuration; or

even i f  random numbers are usedfor Pcf  Pv andQ]G”.

2.23.3 Power Draw in a Boiling and Near Boiling Reactor.

Smith (1994) investigated agitator power draw in  boiling, boiling sparged and 

hot spatged reactors. He found that mechanical agitation o f boiling liquids is 

controlled by cavitation rather than the mechanisms o f gas dispersion. The 

relative power demand, (RPD), is higher than would be associated w ith  a cold 

gas sparged at a sim ilar volum etric throughout The w ork was done on a 0.44 

m  fu lly  baffled vessel agitated by a 0.18 m  diameter Rushton turbine. For 

boiling water, w ith  this system, he correlated his results as:

Pr.
R P D = -£ - =  

!]■
(2.13)

where S is the agitator submergence and v, is the agitator tip  speed. The term  

in  brackets is defined as a sim plified form  o f the cavitation number. For this 

system it  was determined that the value o f constant kb — 0.74 w ith  the 

exponent h — 0.4. The value o f the critical cavitation number (above which 

the power — PL) fo r this agitator is therefore 2.12. N ote that equation (2.13) 

has no effect o f boiling  rate. W ith  a purely boiling system the gas boils where 

the system pressure is lowest which is close to the liqu id  surface and in  the low  

pressure regions behind the agitator blades (cavitation).

W hen an inert gas is sparged in to  a boiling liquid, it  lowers the temperature o f 

vapour generation and also shifts the relative power demand characteristic 

towards gassed flooding conditions. This is due to  vapourisation in to  the inert 

gas bubbles. The temperature drop occurs due to the reduction in  the vapour
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pressure in  accordance w ith  D alton’s law o f partial pressures. L iquid 

temperature measurement o f the boiling sparged system can therefore be used 

to estimate die total gas phase loading o f the impeller.

H o t (non boiling) gas sparged water systems behave like cold sparged systems 

and the power level fo r the agitation o f sparged ho t water correlates ditecdy 

w ith  the tota l volum etric flow  rate o f gas saturated w ith  vapour at the bulk 

liqu id  temperature.

In  an earlier paper, Smith and Smit (1988) claim d ia t when turbine impellers 

operate in  boiling o r nearly boiling liquids die blades develop cavities sim ilar 

to  diose in  sparged gas-liquid systems.

2.2.4 Agitator Pumping Rates

M uch w ork has been done on the theory and measurement o f impeller 

pumping. The derivation o f Gray (U hl and Gray, Chapter 4) (1967) is included 

here because o f its generality to  agitator types and because it  links direcdy the 

torque on the blades to the pum ping rate and head. Gray used the follow ing 

basic principles to obtain a relationship between im peller speed and the flow  

rate o f flu id:

1) The rate o f change o f angular momentum o f the flu id  passing through an 

im peller is equal to  the torque required to rotate the im peller

2) The theoretical flu id  head induced by an im peller is equal to die static 

head plus the kinetic head o f the flu id  at the exit o f the im peller

Assuming the angular momentum o f the flu id  entering the im peller is equal to 

zero then the rate o f change o f angular momentum w ith  tim e o f flu id  passing 

through the im peller equals the torque (M) applied to  the flu id  by the impeller 

blades. That is,

M  = Qpm J^r1 (2.14)
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where CO is the im peller angular velocity =  2/cN  and kr is the ratio o£ the 

tangential flu id  velocity leaving the im peller to the tip  velocity. Therefore 

combining these w ith  equations (2.10) and (2.11) results in ,

The ratio P o /N Q was used to define a pum ping efficiency by Nagata et a l 

(1958). This reduces to,

Thus, the ratio is proportional to  the power required per u n it flow  rate o f flu id  

through the agitator whenp, N  and D  are the same fo r a ll impellers. A lthough 

this statement quoted from  Gray (1966) is undoubtedly correct, it  does no t 

tru ly represent the picture. Consideration o f the literature data fo r Po and N q , 

shown in  Table 2-3, enables fo r example a comparison o f the Kovacs (2001) 

data fo r the Rushton turbine and radial SCABA 6SRGT. P o / N Q is >  2 times 

higher fo r the Rushton im plying it  takes more than twice the power per u n it to 

produce un it flow  o f flu id  than the 6SRGT. This is because the comparison is 

at the same N  and D. However at the same tip  speed the Rushton is drawing 

more than three times the power as the 6SRGT. Kovacs (2001) states that the 

Rushton turbine pumps about 20% less flu id  than the 6SRGT at the same 

power. This is only true because the diameter o f the Rushton turbine was 

smaller than the 6SRGT in  his experiments. I t  has already been shown that 

reducing D  reduces pum ping at the same power in p u t

M  _  Po p N 3D 5 _ Q p xk rN D 2
(2.15)

2 x N 2

In  this case,

Po _  j2
(2.16)

kr7T2 N D 3

Combining equation (2.13) w ith  (2.4) gives

Po
(2.17)

Po P ND? P

N q p N sD 5 * Q  p N 2D 2 Q
(2.18)
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A fairer comparison is at equal D and equal power. This reduces the speed o f 

the Rushton in the ratio o f (Po(Scaba)/P o (Kushton)) ' 3 =  0.67 from  equation (2.10). 

I f  you do that you find the pumping rates are almost identical, see Table 2-4. 

However, even though the pumping rate is the same, the velocity is ~ 40% 

higher fo r the 6SRGT, because o f the higher tip velocity. This is due to the 

more concentrated jet (see earlier, Figure 2-2) produced by the 6SRGT. This 

means the jet is more energetic and therefore should be more suitable fo r 

suspending solids than the Rushton turbine. For three-phase duties, where it  is 

required to disperse gas and to suspend solids, this makes the concave agitator 

a much better choice as the main disperser than the conventional Rushton 

turbine.

Im peller Po
n q PO/ N q K Reference

Rushton Turbine 5.2 0.75 6.93 0.70 A

Rushton Turbine 5 0.74 6.76 0.68 B

Rushton Turbine 6 0.81 7.41 0.75 C
Rushton Turbine 5.2 0.72 7.22 0.73 D

Rushton Turbine 5.5 0.75 7.33 0.74 E
SCABA 6SRGT 1.84 0.52 3.54 0.36 C

4 blade 45° PBT 1.27 0.79 1.61 0.16 D

4 blade 45° PBT 1.25 0.7 1.79 0.18 E

6 blade 45° PBT 1.7 0.73 2.33 0.24 B

L IG H T N IN  A315 0.75 0.73 1.03 0.10 D

L IG H T N IN  A310 0.3 0.56 0.54 0.05 D

C H E M IN E E R  HE-3 0.3 0.41 0.73 0.07 B

C H E M IN E E R  HE-3 0.3 0.46 0.65 0.07 F

C H E M IN E E R  HE-3 0.27 0.5 0.54 0.05 E *

Table 2-3: Power Numbers and Flow Numbers for various agitators at Re !> 
10*

References: A = Revill (1982), B= Nienow (1998). C= Kovacs (2001), D  = 
Weetman and Oldshue (1988). E = Myers e t aL (19%) - Chemineer data, *  
agrees with reference F if  D / T of 0.2 is chosen. F= Fascano e t a l  (1994) - 
Chemineer data for D = T /2  HE-3

In  Table 2-4, the discharge rates and velocities are compared at equal D and 

equal agitation power. The comparison is on an arbitrary scale applied by
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setting the Revill (1982) Rushton turbine data fo r pumping and velocity at 

unity and comparing all other results w ith  it- I t  makes an interesting 

comparison fo r it  shows that the same agitator diameter and specific power 

inputs produces a wide range o f pumping rates and velocities, dependent upon 

the agitator type. Thus the agitator can be tailored to the process requirem ent

Impeller Po n q Qp/Qpi I/ t ip /  Vtip, Hp/Hp, Refs

Rushton Turbine 5.2 0.75 1.00 1.00 1.00 A

Rushton Turbine 5 0.74 1.00 1.01 1.00 B
Rushton Turbine 6 0.81 1.03 0.95 0.97 C
Rushton Turbine 5.2 0.72 0.96 1.00 1.04 D
Rushton Turbine 5.5 0.75 0.98 0.98 1.02 E
SCABA 6SRGT 1.84 0.52 0.98 1.41 1.02 C
4 blade 45° PBT 1.27 0.79 1.69 1.60 0.59 D

4 blade 45° PBT 1.25 0.7 1.50 1.61 0.67 E

6 blade 45° PBT 1.7 0.73 1.41 1.45 0.71 B

L IG H T N IN  A315 0.75 0.73 1.86 1.91 0.54 D

L IG H T N IN  A310 0.3 0.56 1.93 2.59 0.52 D
C H E M IN E E R  HE-3 0.3 0.41 1.41 2.59 0.71 B
C H E M IN E E R  HE-3 0.3 0.46 1.59 2.59 0.63 F
C H E M IN E E R  HE-3 0.27 0.5 1.79 2.68 0.56 E *

Table 2-4: Relative pumping rates (Qp/Qpi)>  velocities ( Vtip/Vdpi) and 
theoretical pumping heads (H p /H p j) at constant fluid properties, constant 
power and D  for Re ^ 104. References as for Table 2-3.

Note that at constant flu id  properties, constant power and D  fo r Re>104 from  

equation (2) w ith  base case N , and Po, fo r disc turbine

NPo — N,Po,

N  =
Po, 
Po

. 1 / 3

N,

Relative liquid pumping rates —_ Qp _ n q N  _  n q (Po,
Qpi n q1^ N Q1V Po
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A gitator speed tip  speed =  7tND

   Vtip xND N  fPo.
Relative tip velocity — ---------= ----------- =  =  ------

F y Vtip, N, V Po ^

From  Table 2-4, it  m ight be reasonably concluded that fo r turbulent blending 

duties the low  solidity impellers (such as the A10 or HE3) are the most 

efficient, as these give die highest pum ping rates compared at equal P / V. The 

circulation theory o f Khang and Levenspiel (1975) claims that m ixing is 

effectively complete after 5 circulation loops. However, in  practice a whole 

range o f equal D /T  impellers in  H = T  aspect ratio vessels give sim ilar m ixing 

times at equal P / V  (see page 77). I t  appears that turbulent m ixing occurs in  

the universal equilibrium  regime o f the stirred tank energy spectrum, which is 

independent o f agitator type. (See section 2.4.1 The Kolm ogorov Theory o f 

Local Homogeneous Isotropic Turbulence: The Eddy Spectrum)

Gray (1966) related the power draw from  an agitator to the theoretical velocity 

head (H) according to,

P = QpgK  (2-19)

Equation (2.19) is substituted in  (2.18) to  obtain:

Po _  QpgU  __ gH

N Q p N 2D 2Q  N 2D 2
(2.20)

Therefore, the ratio is also proportional to  the theoretical velocity head o f the 

flu id  discharged i f  the tip  speed (xND) is kept constant. However, in  these 

comparisons, the agitator power number is not constant. Comparisons o f the 

relative theoretical velocity heads ate also given in  Table 2-4. This shows that 

compared at equal power, D  and flu id  properties the SCABA 6SRGT and die 

Rushton turbines are identical. The axial impellers all produce a lower head.
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2.2.4.1 Effect of D / T on Agitator Pumping Rates and Shear Rates

In  the section above, the comparisons were w ith  constant D /T .  W hat happens 

when this is changed?

Equation (2-2) shows us that fo r a given im peller type, the average shear rate 

y depends only on N  and not on D.

Oldshue (1983) however, claims that the maximum shear rate at the agitator 

tip  depends upon the tip  velocity and is proportional to  N D . H is maximum 

shear diagram is fo r shear close to the tip.

Van’t  R iet (1975a) found that the maximum shear rate (o f the order 90N  fo r a 

Rushton turbine in  the fu lly  turbulent regime) occurs in  the vortices behind 

the blades and his data, which fits his proposed model, have been made 

dimensionless by dividing the shear rate by N  and the radius by D , w hich 

infers that the maximum shear-rate is independent o f D  and depends only on 

N . I t  is noted however, that the author did his measurements on a single 

agitator hence D  was not varied. A lso the liqu id-liqu id  dispersion literature 

shows that as D  is decreased at constant N  the drop-size increases as shown 

by Musgrove and Ruszkowski (2000) who used a silicon-o il in  water 

dispersion- Their data are reproduced fo r Rushton turbines in  two vessels at 

d ifferent D /T  ratios as Figure 2-32. However, a good correlation o f the same 

data can be obtained by re-plotting it  against tip  speed where all the data 

approximate to the same line, see Figure 2-33- The data o f Zhou and Cresta 

(1998) also illustrate (in Figure 2-34) that drop sizes can be correlated w ith  tip  

speed, fo r a given type o f agitator.

A  reasonable assumption is that the equilibrium  drop-size is a function o f the 

maximum shear-rate, therefore these data suggest that the maximum shear 

rates do increase w ith  tip  speed as claimed by Oldshue (1983), contrary to the
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argument that the maximum shear-rates are independent o f D  and dependent 

only on N.
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Figure 2-32: Drop-size data fo r silicon o il in water agitated w ith  various 
diameters o f Rushton turbines in two vessels. Data from  Musgrove and 
Ruszkowski (2000) is shown against impeller speed.
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Figure 2-33: Same data as for Figure 2.32, only this time correlated against dp 
speed
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Figure 2-34: Data from Zhou and Cresta 1998 showing drop size correlates 
with tip speed for a given agitator type.

I f  Oldshue (1983) is right by saying that the shear-rate at the tip  increases w ith 

diameter at constant N  and van’t Riet (1975a) is righ t to assume that the 

maximum shear-rate in  the vortex is about 90N  and depends only on AT, what 

happens on scale up at constant geometry and constant P / V? N  decreases so 

maximum shear-rate in the vortex decreases but N D  increases so the 

maximum shear-rate at the tip increases. This suggests that the tip  shear-rate 

exceeds the vortex shear-rate at a certain scale?

Is it  possible to resolve this paradox by considering the turbulence at the 

Kolm ogorov length scale (see Section 2.4) which are independent o f scale? 

The shear rate is related to energy dissipation rates and fo r water at an energy 

dissipation rate o f 1 W /kg , the shear rates are 1000 s ' at this scale (using the 

equations given in section 2.4). This is much higher than the shear rates 

proposed by Oldshue (1983) or Van’t Riet (1973). So in essence, fo r scale-up 

at geometric sim ilarity and equal power per un it volume the shear rates 

responsible fo r break-up mechanisms should remain constant However, a 

further study o f the liquid-liquid literature indicates that average energy 

dissipation rates do not correlate drop sizes either between agitators or scales. 

In  fact, scale up a geometric sim ilarity and equal average energy dissipation 

per unit mass results in decreased drop sizes on scale-up as found by 

Colenbrander (2000) and by Musgrove and Ruszkowski (2000). Even more
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remarkable, they found the so called low  shear impellers such as the 

L IG H T N IN  A310 produce smaller drops than the supposedly high shear 

Rushton turbines when compared at equal mean energy dissipation rates. A  

better correlation is found when the maximum energy dissipation rate in  the 

agitator region is used. However, this does not altogether correlate different 

types o f impellers as shown by Musgrove and Ruszkowski (2000). In  order to 

obtain a good correlation these authors found that a local per-blade 

dissipation rate had to  be used. The smaller drop-size fo r the 3-blade 

hydrofoils was explained in  terms o f the energy dissipation per blade, which 

was higher fo r these impellers, because they had fewer blades.

I t  w ould appear logical then that changing D /T  at constant power changes 

both the average shear and the maximum shear in  the vesseL The maximum 

shear-rate however, also depends on the head, which from  equation (2.19) is 

proportional to P//2- Thus fo r given power a small im peller w ill produce a 

comparatively high shear (low  J0 , w hilst a large im peller w ill give more flow  

but less shear. The pum ping to the velocity head can be related by linking 

equations (2.3), (2.4) and (2.19)

For a given agitator type in  a given fluid:

P ocN jD* °cQ H  ocN D 3H  

N 2r fo c H  

Q N /D o c H

Thus, Q o c —  (2.21)
H  N  K J

j2 /H  is also proportional to  (D /7 )8/3 at constant power. Therefore, fo r 

example, halving the D /T  fo r the same power results in  the ratio Q /H  

decreasing by a factor o f 0.5R/3 ~  0.157. This means that altering either D /T  

fo r a given agitator o r alternatively changing the agitator type can adjust the 

ratio o f pum ping to flu id  shear rate. On scale up at geometric sim ilarity and
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constant power per volume, D  increases and N  decreases therefore Q J H  must 

increase.

In  order to  choose the best option o f im peller type, im peller speed and 

diameter fo r a given duty it  is necessary to focus on the duty. Lots o f 

applications, such as blending and suspension, can be argued to rely mainly on 

flow. Thus agitators producing high flow  w ith  a low  head would be most 

efficient fo r this duty.

Applications relying on shear fo r particle drop or bubble size reduction, 

require high shear. Providing the tota l contacting time is sufficiendy large, and 

there is no agglomeration o r coalescence involved, then the highest shear is 

the optim um  requirement as eventually all the material w ill pass through the 

high shear region. W hen break-up and coalescence are involved, then an 

optim um  may exist between maximum shear and circulation time (flow).

For gas-liquid mass transfer using the sulphite oxidation method (where salts 

w ill in h ib it coalescence) Oldshue Chapter 13 (1983) claims that the optim um  

D /T  fo r the most energy efficient transfer depended on the specific energy 

input and the gas-liquid hydrodynamics. According to these data, low  energy 

inputs and large gassing rates (gas dominated) are favoured by laige D /T  

agitators. This is because in  this case flow  is the most im portant factor. This 

seems highly sensible. As agitator energy inputs are increased and we move to 

agitator-dominated conditions the kLa is increasingly favoured by the higher 

shear from  the smaller D /T  agitators. A t very high P / V  there is so much 

energy it  is irrelevant how it  is supplied and all D /T  ratios are equally e ffic ien t 

This a ll looks very plausible. However, this literature search has no t revealed 

any other credible claims that D /T  is im portant to gas-liquid mass transfer in  

low  viscosity fluids. M ost experimenters claim that it  is P / V  that counts, not 

the agitator, provided the gas is fu lly  dispersed.

I f  the system had been highly coalescing a different pattern may have emerged 

as the tim e spent outside the high shear area would then have a larger
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significance and the optim um  balance between break-up and coalescence 

requires an optim um  balance between circulation and shear.

The biggest cost driver in  the selection o f agitation equipment is torque. H igh 

torque means thicker shafts and large gearboxes. Therefore, given a choice, 

the agitator manufacturers w ill invariably o ffe r to supply the lowest torque 

equipment fo r a given duty in  order to be competitive, even i f  the option uses 

more power. However, fo r gas-liquid-solid duties flow  is very im portant and 

remembering agitator flo w /u n it volume decreases w ith  scale-up then larger 

D /T ’s are often a much safer option. When considering options, the cost o f 

any extra power over a reasonable life  span o f the equipment should also be 

considered.

For many design applications, equivalence between shear rate and the time in  

the high shear zone is assumed. For processes where both shear and 

circulation are im portant it  would be useful to quantify whether a shorter time 

in  a high shear zone is as beneficial as a longer time in  a lower shear zone fo r a 

given tota l energy input.

Comparing a single im peller type at d ifferent options o f D /T  and agitation 

speed is relatively easy. However, when a different agitator type is involved it  

becomes more d ifficu lt as the power number needs to be taken in to  account 

and a suitable basis o f comparison needs to  be defined. Oldshue, Chapter 8, 

(1983) suggests that the best evaluation would be to  compare torque, power, 

flow , flow /pow er etcetera on the bases o f maintaining say flow  and agitation 

speed (or any other parameter) constant. He produced a useful table showing 

the functional relationship o f variables fo r a range o f bases in  his Table 8-4 

and this is a useful reference when considering options.

2.2A.2 Effect of Gas-phase and /or Solid-phase on Agitator Pumping 

Rates

Techniques successfully used to  measure the mean and fluctuating velocities 

close to the impellers and in  the bulk o f the vessel are shown in  Table 2-5.
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Laser D oppler Anemometry (LD A) is now the m ost w idely used tooL O ther 

techniques such as Particle Image Velocim etry (PIV) and Laser Induced 

Fluorescence (L IV ) are becoming increasingly common. None o f these 

techniques lend themselves readily to  evaluations at high phase fractions o f gas 

o r/and solids. Therefore data to evaluate the effect o f the 2nd phase on 

pumping are scarce and lim ited to low  phase fractions.

Technique Literature examples

Streak photography Sachs and Rushton (1954) 

Cutter (1966)

Neutrally buoyant flow  followers to 
measure circulation times;

Example: radio p ill

Bryant etal (1979) 

M iddleton (1979) 

by N ik ifo rak i et al. (1999)

H o t W ire Anemometry (HW A) Bowers (1965)

3-D P ito t tubes and H o t F ilm  
Anemometry (HFA)

Nagata etal. (1975) 

F ort and Mala (1982)

Laser D oppler Anemometry (LD A)

Van der M olan and van Maanen 
(1975),

Dyster et al. (1993)

Jaworski and N ienow, (1994)

Particle Image Velocim etry (PIV) W ittm er etal. (1997)

Laser Induced Fluorescence (LTV) D is te lho ff and Marquis (1999)

Table 2-5: Techniques successfully used to measure the mean and 
fluctuating velocities close to die impellers and in the bulk of the vessel

Many workers have suggested that the effect o f gas on the pum ping rate is 

proportional to the decrease in  power. Tragardh (1988) and Bakker et al. 

(1991) assumed, Qjq/Q, ~  d^us seems unlikely since velocity profiles

are normalized using tip  speed and since power is proportional to N 3 then Q  is 

proportional P,/J and you therefore would expect a more reasonable estimate 

to be,
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(2.22)

Patterson (1991) reported some experimental results fo r a Rushton turbine at 

very low  gassing rates, F1G= 0.015, where only a small effect was seen on die 

im peller power number and also found only a small effect o f the gas on the 

radial discharge velocities. However, he did find  a greater effect on velocities 

away from  the agitator, particularly above the agitator near die tank wall.

Rousar and van den Akker (1994), follow ing Tragardh (1988) and Bakker et a l 

(1991), suggested that that the liqu id  flow  rate w ith  gas is kinematically sim ilar 

to  that w ithout gas and can be related at any po in t in  the vessel to  the relative 

decrease in  power due to  gassing according to,

(2.23)

where u}g and ut denote local velocity components under gassed and ungassed 

conditions. From  their L D A  results they found that at the im peller tip:

ur—mss- =  0.747
f  \  0.34

5 l (2.24)

where urma>: is the maximum radial velocity. The exponent on equation (2.24) 

agrees w ith  what was predicted by equation (2.22). They further found that the 

mean and tms velocity profiles at the im peller tip  a ll fa ll on one curve fo r all 

single and m ultiple impellers providing that the relative power draw o f each 

im peller is considered. In  the bulk, close to the impeller, sim ilarities o f liqu id  

velocity profiles were observed and the velocity profiles, at various agitation 

and gas-rates, can be compressed in to  a single curve w ith  die scaling factor 

(PG/P f,)^3. In  regions far from  the impeller, the bubble swarm was found to 

drastically affect the liqu id  flow  patterns.

Warmoeskerken et a l (1984b) studied the effect o f solids on the Rushton 

turbine hydrodynamics, using a strain gauge vane sensor close to the agitator.
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Using sand, in  the range 0.1 to  5% by mass, o f size range 80% between 100 — 

160 Jim, they report no measurable effect on the form ation o f gassed filled  

cavities on the gassed power demand.

In  the heterogeneous regime, solid particles supplant small gas bubbles in  the 

dense phase (see Section 2.3.2). This must affect the agitation power.

Harrop et a l (1997), found that solids can increase the liqu id  m ixing time by a 

factor o f 6 fo r a L IG H T N IN  A315 impeller, when operation is below N jS, at 

sand concentrations between 10 and 20% by mass. This is due to a zoning 

effect when a solid-liquid interface is present

Pantula (1997), found that the increase in  speed required to  re-suspend solids 

when gas was introduced was related to  the torque. I t  is claimed that the 

agitator torque required to suspend the solids is independent o f the gassing 

rates fo r radial turbines and up-pumping pitch blade turbines. This did not 

w ork w ith  down-pumping turbines, presumably because the liqu id  and gas 

flows are in  opposition. Chapman et a l (1983) found that down pum ping p itch  

blade turbines were unstable when gassed from  below and inefficient at 

suspending solids under these conditions.

2.3 Hydrodynamics

Both the agitator and bubble hydrodynamics are considered.

2.3.1 Agitator Hydrodynamics under Gassed Conditions

U n til recently, radial flow  disc turbine agitators were generally recommended 

fo r gas-liquid operations. I t  is therefore not surprising that most o f the 

literature data fo r the effect o f gassing concerns the Rushton turbine. The 

introduction o f gas in to  a Rushton turbine agitated system is accompanied by
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a large reduction in  the power drawn by the agitator, as illustrated earlier in  

Figure 2-31.

U n til the early 1970’s it  was believed that this power reduction was due mainly 

to a reduction in  bulk density o f die flu id. Indeed, many agitation 

manufacturers s till design agitators on that premise. Valentine (1967) and 

Rennie and Valentin (1968) produced photographs o f attached gas bubbles 

behind the m oving turbine blades and described the tw in  tra iling vortices. The 

modem conception o f die flow  around turbine blades has resulted from  the 

detailed studies by a number o f workers, notably; van’t  R iet and Smith (1973), 

van’t  Riet et a l (1975a and b), Sm idi (1985 and 1988) Warmeosketken et a l 

(1984 and 1985) and N ienow  and his co-workers (1978 and 1985). As a result 

o f this w ork the importance o f die trailing ro ll vortexes form ed behind the 

blades o f the rotating turbine is now  fu lly appreciated. These vortexes ate 

shown schematically in  Figure 2-35.

In  turbulent flow  high shear rates (up to 90 N ) are found w ith in  these vortices, 

van’t R iet (1975a). This is an order o f magnitude greater than the average 

shear rate in  the vessel. When gas is introduced in to  the system, the centrifugal 

forces cause it  to  migrate to the low-pressure area inside the vortices. I t  then 

travels along die vortex core u n til it  is expelled at the end as small bubbles as 

shown in  Figure 2-35. Thus, provided the centrifugal forces are sufficient to  

overcome buoyancy effects, a gas filled cavity is formed. The m inim um 

Froude number at which stable cavities can form , was found by Smith and 

Warmeosketken (1985) to  be 0.045. A  number o f distinct cavity regimes have 

been identified as shown in  Figure 2-35 and Figure 2-36.

These are claimed to  coincide w ith  d ifferent identifiable hydro dynamic 

regimes.

Three hydrodynamic regimes are o f particular importance and these are 

shown in  Figure 2-37. These are:

Flooded, loaded and complete dispersion.
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Figure 2-35: The vortex structure and cavities behind the blades of Rushton 
turbines from van’t Riet e ta l  (1976)
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Figure 2-36: Change in  the cavity regime w ith  increasing a ir rate for a 
Rushton turbine in  low viscosity flu ids from N ienow (1985).
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Figure 2-37: The flooding - loading — complete dispersion transitions for a 
Rushton turbine from N ienow  et al. (1985)
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F l =  QfND

Figure 2-38: Power curves at constant Qg for a Rushton turbine from 
Nienow c t sU. (1985)

The flooded regime (Figure 2-37a) corresponds to the operating region in 

which a large part o f the gas bypasses the agitator and breaks through the 

surface as large bubbles around the im peller shaft This regime is gas flow  

dominated and should obviously be avoided. I t  can result from  increasing the 

gas rate (j2c) at constant stirrer speed (N) o r decreasing N  at constant In  

this regime ragged cavities are formed. A t high superficial gas velocities the 

flow  patterns are not as shown in  Figure 2-37a as the energy input from  the 

gas is considerable and hence the gas may be recirculated throughout the 

vessel, as shown in Figure 2-37c. However the regime can still be recognized 

as flooded, since observation o f the surface indicates bypass w ith  gas spouting 

up near the centre.

Loaded regime (Figure 2-37b): Increasing N , o r decreasing causes more 

o f the gas to be distributed outwards. The loading po in t is defined as the point 

at which all the gas is just distributed, flow ing out horizontally to  the walls 

before rising in bubble column type behavior. This region is agitator
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dominated. N ote there is no circulation o f the gas in to  the bottom  loop at this 

stage. N ienow  et aL (1985) found that the increase in  gassing rate, which 

caused a transition from  loading to flooding, is accompanied by a change from  

3 large plus three small clinging cavities to 6 ragged cavities fo r D /T  o f < 0.4. 

A t this transition there is a step increase in  the power drawn. When D /T  =  

0.5 the transition is from  clinging to ragged cavities, accompanied by a step 

decrease in  the power drawn. The flooding-loading (F-L) transition was found 

to occur at,

“ I t  is like ly d ia t this transition is dominated by the Froude number and w ill be 

approximately the same fo r all fluids”  N ienow (1998). However, very tiny 

bubbles w ill be dispersed at very low  agitation rates and when these are 

present die “ flooding-loading”  transition is not easy to  define. N ote that fo r 

constant and T  i t  is easily shown that oc jy 2J so, since power is oc 

N 3D \  then substituting D 2* fo r N  gives that power to  overcome flooding as oc 

D 75 D \  which is also ^  to  D 2S. Thus a small (D /T ) agitator w ill require m ote 

power to  overcome flooding than one w ith  a large (D /T ). A  sim ilar analysis 

shows that scale-up at geometric sim ilarity and constant P / V  means a greater 

likelihood o f operation in  die flooding region, i.e. more power is requited to 

avoid flooding on a larger scale.

C om plete D ispe rs ion  (Figure 2-37c): A fte r loading, furd ier increases in

N  w ill eventually result in  circulation o f gas throughout the region below the 

im peller and recirculation o f gas through the impeller. The po in t at which gas 

is distributed to the base o f the vessel is called the complete dispersion po in t
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(N o ). This transition depends largely upon the mean bubble size and one 

would not expect it  to be generally correlated by a simple Froude number 

relationship. For very tiny bubbles the complete dispersion po in t can coincide 

w ith  the loading po in t w hilst fo r large bubbles the speed w ill have to be 

increased considerably above JVF.L to obtain complete dispersion.

N ienow eta l (1985) fo r Rushton turbines in  air-water found that,

F1cd = 0 ,2(D/T)°-5 Fr0'5 (2.26)

Equation (2.26) was analysed in  order to judge the effect o f D / T. This analysis 

gives N cd oc jy 2 and power fo r compete dispersion is j y 1, This means that it  

requires less energy to  obtain complete dispersion w ith  a larger im peller at a 

given scale. Combining equations 2.11 and 2.26 also shows that more specific 

energy is required to achieve complete dispersion on a geometrically sim ilar 

larger scale.

The cavity form ation maps at two scales in  Figure 2-40, illustrate the effect o f 

scale on the flooding-loading and the loading-complete dispersion transition.

Gross recirculation of gas N R (Figure 2-38): Further increases in  N  above 

CD, at a fixed gas rate, results in  an increasing amount o f gas recirculating 

through the im peller and a corresponding rise in  power draw. This rise in  

power peaks at N R (see Figure 2-38). The power then starts to  fa ll again as 

gross recirculation occurs giving a w ell m ixed gas phase. The peak N R has 

been defined as the onset o f recirculation by N ienow  et a l (1978) and fo r 

standard vessels containing Rushton turbines in  air-water systems as,

F l^ n C F r ^ C D /r )5 (2.27)

Analysis o f this equation fo r constant and T  gives N R °c 1 /D 2 and P oc D '1, 

which means that you need more power to achieve N R w ith  a smaller agitator. 

Scale-up at constant geometry and W M  results in j ^  06 D 3 and gives;
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N R oc D444. A s  power per unit volume, w ith  geometric sim ilarity, is 

proportional to N ’D2 then substituting fo r N R results in  P /\  '  oc (DJI4)3 x D 2 -  

iy i s which im pli es that more power is required to achieve recirculation on 

scale up.

Van’t Riet et al. (1976) compared gassing curves w ith  and w ithout recirculation 

to estimate the ratio o f gas recirculation. See Figure 2-39.

They defined an external distribution coefficient (alpha) as

O x
a = -----  (2.28)

a

where (91 is the recirculating gas volume andj2  is the sparged gas volume.

They estimated alpha fo r a number o f d ifferent agitators on 2 scales. They 

reported alpha factors up to 3, i.e. three times as much “ old”  gas as fresh gas 

recirculating through the impeller.

1.0

r  oyND
without

— 0.5

i with recircu la tionoo

Gas flow number

Figure 2-39: Calculation of coalescing recirculating gas flow. From van’t 
Riet e ta l  (1976)
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Nienow et a l (1979) used a tracer technique to estimate alpha factors fo r a 

standard disc turbine agitated vessel and found that the volum etric flow  o f 

recirculating gas through the im peller can be >  3 times the sparged gas flow. 

This has implications fo r gas-liquid mass transfer driving force when inerts are 

present and the oudet concentration o f the “ reactant”  gas species is 

significantly below the in le t concentration.

Smith and Smit (1988) acknowledge that the distinctions between some o f the 

cavity regimes ate no t as clear-cut as earlier w ork suggested. They identify 4 

regimes o f importance described by the follow ing equations,

a) M inim um  Froude number fo r the retention o f stable cavities.

F r=  0.045 (2.29)

Note from  equation (2.8) this is equivalent to 0.9 “ g”  so this makes some sort 

o f sense. U n til the “ g”  force approaches unity, you would expect gravity to 

dominate. Note also that this defines a m inim um  gas loading po in t fo r any 

agitator, because u n til the agitator “ g”  force approaches unity gravity w ill 

dominate and under these circumstances the agitator must be flooded.

b) The maximum gas flow  at which clinging-vortex cavities can be maintained 

This is the 3:3 cavity — clinging vortex cavity transition line and is given by,

Fl3;3 =  0.0038(Re2/F r) 0067(T /D )05 (2.30)

c) The maximum gas rate that can be recirculated through the vessel

This defines the loading-complete recirculation transition and is described by 

equation (2.26).

d) The Maximum gas flow  that can be handled w ithout flooding the im peller

This is the flooding-loading transition and is given by equation (2.25).

These ventilated cavities can give rise fluctuating forces on the shaft Shedding 

o f cavities from  the agitator blades can also lead to  large torque fluctuations
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and mechanical vibration, which in  some cases can be severe, Chapman et a l 

(1983), Cooke (1989) and N ienow et a l (1994).

Pearce and Thomas (1990) have observed the structure o f these shedding 

cavities and measured the force transients. By fitting  a drag force transducer to 

a Rushton turbine blade they identified large amplitude bursts in  the time 

record. They used these bursts to trigger flash photographs that showed that 

they were caused by the rupture o f large bubbles attached to  the blade.

N ienow  et a l (1985) and Warmoeskerken and Smith (1985) used 

dimensionless flow  maps based on the equations given above to  show the 

operating regime. Flow maps are constructed using equations 2.25, 2.26, 2.29 

and 2.30 in  Figure 2-40 fo r D —T /3  Rushton turbines on two scales. N ote how 

the scale up at equal P / V  and W M  moves the curves upwards, so that the 

transitions occur at a higher specific power on the larger scale. This illustrates 

the increasing likelihood o f operating under flooded conditions on scale-up.

The gassing (PCJ Pf) depends upon the type o f gas cavities formed hence 

prediction o f these aids gassed power prediction. As far as satisfactory 

operation is concerned the most im portant transition is the flooding-loading 

transition as operation under flooded conditions is n o t desirable. The 

equations used to construct the flow  maps are claimed to be scale 

independent, though there is no evidence to suggest they have been tested at 

scales above 1.83 m  vessel diameter.

The data used to  derive equation 2.25 fio m  N ienow  et a l (1985) is 

reconsidered here. These authors found that the flooding-loading transition 

fo r a given Rushton turbine D /T  could be described by the equation:

F1F-l =  a constant x FrF_L where the constant depended upon D /T  only.

A  p lo t o f these constants versus D /T  on log: log axes produced an 

approximately straight-line graph, which was interpretated as equation 2.25. 

The data that constituted this analysis is represented here as Table 2-6. The f it  

o f equation 2.25 to  the data is poor in  some cases. For a D /T  o f 0.5 the
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experimental constant was 4.7, w hilst equation 2.25 predicts a constant o f 

2.65.

O f the form  given by equation 2.25, the overall constant taking an arithmetic 

mean is 33 (10% higher than that given) w ith  a standard deviation o f 12. In  

fact a power law fit o f the experimental constants versus D /T  produces a 

much better f it  to (D /T )4 rather than (D /T )35. These discrepancies are 

discussed in  greater detail in chapter 7.

C a v ity  F o r m a t k m  M a p  fa r  a  R u s h a n  T  u k n e  In  A k - lb le r

H = T  = 0Mm,D=  c = T/3.

mm ra k W  c a v ia u

5 to 
4 ^
3 
2 £

1
-33

cu

S*3
3

0 0.2 0.4 0.6 0J8 1 1.2 1.4 1.6 1J8 2

Gassing xate ( W M )

C a v ity  F o rm a t k in  M a p  fa r  a  R u s h to n  T u r b in  in  A ir -V P a ie r

H  -  T -  1.83 m, D -  c = T /3 .
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Figure 2-40: Flow maps for a gassed Rushton turbine, D=- T / i , at two scales
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D / T
F1f-l ”  constant x FrF-L 

constant from 
Nienow et al (1985)

Constant 
predicted 

by Eq 2.35
constant/ (D /T )35

0 .2 20 0 .13 0 .15 2 6 .03

0 .2 20 0 .17 0 .15 3 4 .0 4

0 .333 0 .48 0 .64 22 .46

0 .400 1.20 1.21 2 9 .65

0 .500 4 .7 0 2 .6 5 5 3 .17

Average 33 .07

Stdev 12.03

Table 2-6: Analysis o f flooding-loading data from Nienow e t  al. (1985)

The Rushton turbine has been used as an example in  this section to show the 

complications o f dispersed flow  around agitators. Sim ilar literature is available 

illustrating cavity structure and flow  around other agitators and selections o f 

such references are shown in  Table 2-7.

J
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Reference
source

Agitators Key Measurements

B u ja lsk i et al (1988)
45° P B T  u p -p u m p in g  and 
d o w n -p u m p ing

F o r 3-phase
Ju s t suspension speed
F lo w  pa tterns
H ydrodynam ics
-Nf and jVcd

P ow er num bers
U p -p u m p in g  recom m ended fo r
gassed so lid  suspension

B u ja lsk i et al (1990) 45° u p -p u m p in g  P B T
k}a s im ila r to  R u sh to n  a t same 
p o w e r and gas.

C ooke et a l (1988)

V a rious in c lu d in g  IC I 
Gas fo il, n o n -N e w to n ia n

M od e l flu id s

M ix in g , P ow er, kLa

G a s fo il kLa and m ix in g  s im ila r to  R T  
w hen com pared  a t the  same size and 
pow er.

Saito  et a l (1992)
F o u r and s ix b lade S C A B A  
S R G T  com pared  w ith  a 
R ush ton  tu rb in e

F low ,

P ow er N um bers

G assing facto rs

F -L  characteristics

Scaba has h ig h e r gassing fa c to r and 
handles 3 tim es the  gas be fo re  
flo o d in g  than  R T

4-blade S R G T  su ffe rs fro m  flo w  
in s ta b ilitie s .

D aw son, M .K ., (1991)
R ushton  tu rb in e  and 
In te rm ig  com parisons in  
n o n -N e w to n ia n  liq u id

F lu id  dynam ics and kLa

H ig h e r k^a w ith  In te rm ig  a t same 
P ow er and gas due to  lo w e r 
apparent v isco s ity

H a ri-P ra jitn o  (1997),

S ingle and dua l h y d ro fo il 
im pe lle rs  p u m p in g  u p  and 
dow n. A P V  B 2-30 and B 2-45 
com pared to  L IG H T N IN  
A 315

P ow er characte ristics and m ix in g  
tim e. F ou n d  th a t dua l A P V  gave 
lo w e r re la tive  p o w e r flu c tu a tio n s  
th a n  the  A 315 and R ush ton  tu rb in e  
and also gave a sh o rte r m ix in g  tim e.

G ezo rk  et al (2001)

Mass T ra n s fe r and h o ld -u p  
characteristics in  a gassed, 
s tirre d  vessel a t in te n s ifie d  
ope ra tin g  co n d itio n s

kjjt, G a s -liq u id  h o ld -u p , in  
hom ogeneous and heterogeneous 
regim e

Table 2-7: Some literature comparisons o f agitators
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2.3.2 B ubb le  H ydrodynam ics

Gas-liquid systems are generally classed as coalescing or non-coalescing. Low  

viscosity pure fluids liquids are generally coalescing system and as such die 

bubbles created in  the agitator region coalesce as they move to  less energetic 

regions away from  the agitator, decreasing surface area. Coalescence requires 

bubbles to come in to  close proxim ity; hence coalescence rates increase w ith  

increasing gas-liquid hold-up. This means that coalescence is enhanced in  

regions where gas hold-up is highest, fo r example in  a recirculating flow  due to 

gravitational effects. In  the firs t instance die rate o f coalescence is dependent 

upon liqu id  surface properties. Aerated surfactant solutions o r salt solutions 

have a highly polarised gas-liquid interface; therefore two approaching bubbles 

have to overcome a higher energy level before coalescence can occur. When a 

solute is present at the interface, stretching o f the film  as it  thins may set up 

interfacial tension gradients sufficient to prevent any further stretching (Lee 

and M eyrick (1970) thereby inh ib iting coalescence.

In  dispersed gas-liquid flow  two regimes are possible, the homogeneous or 

bubble regime and the chum -turbulent or heterogeneous flow  regime. In  a 

bubble column the transition from  bubble flow  to heterogeneous flow  occurs 

when the superficial gas velocity exceeds die rise velocity o f the bubbles in  the 

bubble regime. A t this stage local gas concentrations are so high that the 

excess gas coalesces in to  larger bubbles to satisfy the material balance. The 

literature on this subject is considered in  m ote detail in  Chapter 5.

Krishna and Ellenberger (1995) and De Swart and K risna (1995), studying 

bubble columns confirm ed the transition criteria and found that fo r the:

• B ubb le  reg im e  the bubble sizes are small and controlled by the 

physical properties o f the liqu id  and gas.
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•  Heterogeneous regime, the fractional hold-up o f small bubbles 

(dense phase) is fixed and increasing the superficial gas velocity only 

increases the fraction o f large bubbles.

•  In  the heterogeneous regime, solid particles supplant gas in  the 

dense phase on a volume fraction basis. Hence, the tota l volum etric 

hold-up o f solid plus gas remains constant in  the dense phase.

Gezork et al. (2000) showed sim ilar behaviour in mechanically agitated gas- 

liquid dispersions. For a mechanically agitated vessel the transition to the 

heterogeneous regime may occur before the superficial velocity (/\) equals the 

dense phase rise velocity due to gas recirculation. They found the transition 

fo r the 6RT and 6SRGT impeller, when operated at almost complete 

dispersed gas conditions, to be largely dependent on the solution used. 

Transitional gas velocities o f rfrM/~0.03 m /s  fo r the non-coalescing 0.2 M  

Na2S 0 4 and r,nws~0.04 m /s fo r the coalescing water were found. This 

compares w ith  typical values o f m /s fo r air-water, shown by

Krishna et a l (1995). A  schematic o f the transition process is shown in

Figure 2-41.

Figure 2-41: Homogeneous a) and heterogeneous flow  b), c) and d) in a 
gassed, stirred vessel. From Gezork et al. (2000)
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Gas-liquid hold-up is controlled by bubble size, bubble rise velocity and 

bubble recirculation. O nly very small bubbles o f diameter < 1 mm are 

spherical. The relationship between bubble size and shape is given in  Table 

2-8. The equivalent diameter o f irregular shaped bubbles is defined in  terms o f 

the volume:

Equivalent diameter (mm) Shape

<1 Spherical

>  1 < 6 Oblate spheroids

>  6 < 17 Irregular ellipsoidal

>17 Spherical cap

Table 2-8: Bubble shape versus size in free rise. From Valentin (1967)

Pictures o f air bubbles in  tap water are shown in  Figure 2-42 that illustrate the 

non-spherical nature o f the bubbles.

The change in  shape w ith  size has implications fo r the bubble drag 

coefficients and fiee-rise velocities. Experimental data fo r term inal free rise 

velocities o f air in  water are shown in  Figure 2-43.

/ 3

(2.31)
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Figure 2-42: Air-water bubbles in 0.91m diameter vessel, agitated with a 
Rushton turbine of diameter D — T / i
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Figure 2-43 Terminal velocity for air-bubbles in tap water as a function of 
bubble size, (Haberman and Morton, 1956)
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2.4 Turbu lence

Anyone who has flow n has almost certainly experienced turbulence. 

Nevertheless, it  is a d ifficu lt thing to define. A quote by Lewis Richardson, 

erstwhile professor o f mathematics: [summarising his paper “ The supply o f 

energy from  and to atmospheric eddies”  1920] sums it  up poetically,

Big whorls have little  whorls,

That feed on their velocity;

And litde whorls have lesser whorls,

And so on to viscosity.

To understand turbulence its properties need to be considered.

•  Turbulence is a property o f flow  at large R e y n o ld s  numbers.

•  The random nature o f turbulence makes it necessary to describe it  in 

statistical terms.

•  Turbulence is rotational and three-dimensional. Deform ation occurs 

by the utilisation o f turbulent kinetic energy through viscous shear 

stresses and requires a supply o f energy to be maintained.

•  Turbulent d iffusion enhances rates o f heat, mass and momentum 

transfer.

•  Turbulence is described by the equations o f flu id  dynamics.

Turbulence in  fluids is charactered by three-dimensional random fluctuations 

in  velocity as observed at a single point (whether fixed in space or moving 

w ith  the fluid). I t  is usually measured using LD A  or H FA  techniques (as 

described in  section 2.2.4.2).

From N ienow (1998), fo r a statistical description, the m otion is commonly 

described in  terms o f its deviation from  the time average values, so that,
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it; =  u +  u (2.32)

where

1 f'
u — ~ \  (2.33)

in  which /is  large, w ith  sim ilar expressions fo r v and ii'in  thejy and ^  direction.

Homogeneous turbulence is when, at all points in  the system, the same tim e 

averaged fluctuations occur at all points.

Isotropic turbulence at a point is when deviations are sim ilar in  all directions, 

averaged in  time and using a roo t mean square fo r the averaging.

The specific intensity o f turbulence, I, is defined in  terms o f these variations 

such that, fo r the case when the mean flow  u is in  a defined direction, then

i  =  v
v  2n\U  + V + W )

  (2.34)
u

For isotropic turbulence, the deviations are direction independent such that

—2 —2 — 2 
u ~ v ~ iv

and

/  =  w ^ 2 = m21L

Turbulent flow  also gives rise to turbulent Reynolds shear stresses due to  the 

interaction between velocity fluctuations in  d ifferent directions, that

is, — pu v . This product relates to the transfer o f momentum due to 

turbulence, just as viscosity transfers momentum due to velocity gradients in

laminar flow . There are two other turbulent shear stresses —p u w  and

— 2 — 2
pv w and three norm al stresses, pu pv  a nd /w  .
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By suitable treatment o f the data from  a ho t film  or laser D oppler 

anemometer, m icro and macro scales o f turbulence as w e ll as local energy 

dissipation rates can be obtained.

2.4.1 The Kolmogorov Theory of Local Homogeneous Isotropic 

Turbulence: The Eddy Spectrum

The com plexity o f the turbulent flow  in  stirred makes analysis d ifficu lt. 

However, N ienow  (1998) states that provided the Reynolds number o f the 

main flow  is high enough, the Kolm ogorov (1941) theory o f local 

homogeneous isotropic turbulence can be used to give some insight in to  its 

structure, and has therefore been used extensively fo r the analysis o f stirred 

reactor problems. Turbulent m otion can be considered as a superposition o f 

a spectrum o f velocity fluctuations and eddy sizes on an overall mean flow. 

The large prim ary eddies have large velocity fluctuations o f low  frequency and 

are o f a size comparable w ith  the physical dimension o f the system, fo r 

example, the im peller diameter D  (see Figure 2-44). These eddies are non­

isotropic and contain the bulk o f the kinetic energy. Interaction o f the large 

eddies w ith  slow-m oving streams, produces smaller eddies o f high frequency 

that further disintegrate u n til finally they are dissipated in to  heat by viscous 

forces. There is a transfer o f kinetic energy down the scale from  larger eddies 

to smaller eddies, the directional elements o f the main flow  being 

progressively lost in  the process.
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Figure 2-44: Kolmogorov eddy size spectrum
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Figure 2-45: Turbulent Energy Spectrum

Kolm ogorov’s firs t hypothesis was that, fo r large Reynolds numbers in  any 

flow  system, there is a range o f wave numbers (k) where all statistical 

quantities are functions o f the energy dissipation rate /u n it mass, £r  and the 

kinematic viscosity (l^  only. This range is known as the viscous subrange. 

The eddies are independent o f the bulk m otion and are locally homogeneous 

and isotropic in the viscous subrange.

The Kolm ogorov length scale Xk occurs where inertial and viscous forces are
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in  balance, that is, the eddy Reynolds number (Re^,) fo r the Kolm ogorov 

length scale is unity,

Ret  =  V t / v  =  l  (2.36)

The condition A ̂  Akis die viscous subrange.

Kolm ogorov’s second hypothesis was that, when the Reynolds number is very 

high, there is another range o f wave numbers above Ak where the eddies are 

s till small enough so that locally the turbulence remains homogeneous and 

isotropic. However, these eddies are still too large to dissipate energy by 

viscous forces. This range is known as the inertial subrange. Together w id i die 

viscous subrange these make up die universal equilibrium  range. Eddies in  the 

inertia l subrange receive energy from  the larger eddies and then pass diis 

energy to  the small eddies in  die viscous subrange where it  is dissipated as 

heat Figure 2-45 shows this structure.

From  dimensional reasoning, Kolm ogorov proposed the fo llow ing velocity, 

length and tim e scales,

) Ui (2-37)

At = (v3/ e T)w  (2.38)

* i = ( v / £ T)m  (2.39)

and the shear rate is,

7 k = ' > t / K  =  {!!T (2.40)

For an energy dissipation rate o f 1.0 W /kg  in  water, equation (2.38) gives:

Ak — (1018/ 1)1/4 — 32 m icrons w ith  a shear rate o f (1/ 1045)0 5 =  1000 s4 at the 

Kolm ogorov length scale.

For the inertia l sub-range, A >  Ah the energy is a function only o f the wave- 

numb er and the energy dissipation rate and is independent o f viscosity, so

62



Literature Reviews

again from  dimensional reasoning,

vk ~  ~  (£7-^ ) (2*41)

and the shear rate is,

yh =  » k l h  =  / M )  =  (et  / % ) ' /3 (2-42)

Kolm ogorov also postulated the follow ing spectrum law fo r the inertial 

subrange

E(k )  =  constant.£2/3/&_5/3,(>£ « l / A k) (2*43)

For the viscous subrange, Xk >  A,

vx =  /  (sTA  =  K er  /  v)1/2 (2*44)

and the shear rate is,

7k = M *  i A  (2*45)

By im plication, N ienow (1998) points out that processes which are 

particularity dependent on turbulent eddies and their associated forces are 

likely to  be w ell correlated by energy dissipation rate. Gas-liquid mass transfer 

rates, liqu id-liqu id  drop sizes and gas-liquid hold-up fa ll in to  that category. 

However, processes which are dependent on the non-isotropic main flows 

and fo r which the non-homogeneous nature o f stirred tanks turbulence is 

significant, fo r example, the flow  rate o f air that an im peller can disperse, are 

not w ell correlated that way.

Kom ogorov (1949) and Hinze (1955) applied the theory o f isotropic 

turbulence to the prediction o f the maximum drop-size in  non-coalescing 

liqu id-liqu id dispersions, fo r drops o f low  viscosity, whose diameters fa ll 

w ith in  the inertia l subrange o f turbulence. This expression is,

j o  —0 6 _ 0.4 —0.6 //■% yf/'N
= C xa  £t Pc (2-46)
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or expressed as a Weber number this gives,

=  C  W e-0'6 (2.47)
D  

p N 2D 3
where Cx and Cy are constants and W  « =

o

I t  was however found that this equation does not scale as predicted. 

Podgorska and Baldyga (2001) argue this is due to the phenomenon known as 

“ fine-scale interm ittency”  or the m ulti-fractal theory o f turbulence based on 

scaling invariance o f the Navier Stokes equation as developed by Frish and 

Patisi (1985), The effect o f interm ittency on the break-up rate was deduced by 

Baldyga and Podgorska (1998). They used their model to  predict the effect o f 

scale-up fo r 4 d ifferent scale-up criteria:

•  Equal power per un it mass and geometric sim ilarity.

•  Equal circulation time and geometric sim i l a r i ty .

•  Equal power per u n it mass and equal circulation time

• Equal tip  speed and geometric sim ilarity.

They did this fo r two cases, fast and slow coalescence.

Their predictions would indicate it  is better to  scale up at equal power per un it 

mass, though the drop size is predicted to  increase slightly w ith  scale up by 

diis method, even fo r the equal circulation time case. Equal circulation time 

and equal tip  speed both predicted very different drop-sizes on scale-up.

H ow  do these predictions match w ith  experiments?

Colenbrander (2000) and Musgrove and Ruszkowski (2000) both report drop 

sizes decrease on scale-up at constant power per un it mass. A lso equal tip

speed scales w ell fo r a single agitator type. See Figure 2-33 and the data o f

Zhou and Cresta (1998) that was reproduced in  Figure 2-34. In  fact in  order to 

correlate drop-size w ith  energy dissipation rates fo r a range o f agitator types, 

Musgrove and Ruszkowski (2000) found they had to  consider the maximum
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energy dissipation rate per agitator blade. From  this it  is concluded that 

although the interm ittency theory helps explain the shortcomings o f the 

Kom ogorov (1949) approach to drop size prediction, it  is insufficiently 

developed at present to predict accurately the effect o f scale and agitator 

selection on drop-size distribution.

Podgorska and Baldyga (2001) have used the interm ittency theory to predict 

the transient drop size distributions by solving the population balance 

equation fo r a single-circulation-loop model o f agitated tank. W hen used w ith  

fitted  constants fo r the break-up and coalescence parameters, the transient 

predictions were in  good agreement w ith  the reported data o f Konno and 

Saito (1988). Sim ilarly Baldyga et a l (2001) show that they can f it  the ir data on 

two scales to the interm ittency modeL This is encouraging bu t apparently not 

yet fu lly  predictive.

2.5 Mixing

The term m ixing describes processes by which non-uniform ities o f 

composition, properties or temperature o f materials are reduced in  the bulk o f 

the flu id. Mechanical agitation provides the deform ation and flow  required fo r 

the m ixing to occur, due to the mechanisms o f diffusion, convection and bulk 

movement

For co-mixed fluids, m ixing quality is described in  terms o f scale and intensity. 

U h l and Gray (1966) define scale as the average difference between centres o f 

maximum differences in  properties. In  turbulent m ixing scale corresponds to 

the size o f the turbulent eddies and is reduced by eddy break-up. In  laminar 

m ixing, scale is reduced by thinning layers, stretching threads o f the 

components and flattening lumps. Intensity is defined in  terms o f the variance 

o r range o f properties existing in  a m ixture. W hen fluids o f d ifferent 

compositions are in itia lly  brought together, the difference in  properties or
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spread is at its maximum. In  practical terms, intensity does not decrease un til 

the scale o f the non-uniform ity becomes smaller than the sample size.

2.5.1 Diffusion

I f  two materials ate brought together in  a container then, in  time, the 

molecules w ill interm ingle, as a result o f concentration gradients and random 

molecular m otion, to form  a uniform  m ixture on die sub-micron scale. This is 

called molecular diffusion. This process can take a very long time. Im posing 

velocity gradients can considerably enhance diffusion rates as high velocity 

streams entrain low  velocity streams.

In  turbulent flow , the transfer o f flu id  is gready enhanced by the random 

nature o f the velocity ductuations. Thus, eddy diffusion effects can be used to 

gready enhance the m ixing process by generating turbulence.

2.5.2 Convection

Convection is the m otions imparted to the flu id  by inertia l forces. A n  agitator 

causes m otion in  a vessel at some distance from  die stirrer due to  convective 

forces and the inertia l effects o f the agitator. Viscosity has a big effect on 

convection. H igh viscosity damps down inertial forces so it  is more d ifficu lt to 

move flu id  to all parts o f the vessel. This can lead to dead zones o r in  extreme 

cases “ cavern”  form ation as shown in  Figure 2-48. I t  is im portant therefore 

to design mixers to avoid stagnation regions, as tiiis  leads to  ine ffic ien t m ixing. 

Increasing agitator D /T  and using high solidity agitators is the best way to 

avoid stagnation regions.
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2.5.3 Bulk Movement

M ixing o f fluids by bulk movement results from  the interm ingling o f fluids by 

cutting, d ividing and recombining. This happens in  a ll mechanically agitated 

processes bu t in  fluids o f very high viscosity, where turbulence generation 

would be energetically prohibitive, this becomes the main mode o f m ixing. 

For example, a kneading m otion using a process o f separation and 

recombination is used fo r th ick dough mixing.

2.5.4 Macro-scale and Micro-scale Mixing.

Macro-scale m ixing is m ixing in  the bulk o f the vessel brought about by 

turbulent d iffusion and back m ixing. For m ost blending operations and fo r 

m ixing involving relatively slow reactions where homogenisation down to  the 

molecular scale (m icro m ixing) takes place before any significant reaction 

occurs, this is a ll that is required. For two fluids to  react they must be brought 

together at a molecular scale through molecular diffusion. I f  there is only one 

product then, providing the contact tim e is longer than the sum o f the 

residence time, calculated from  the reactions kinetics, plus the m ixing tim e 

required fo r bulk m ixing to occur (macro-mixing), then the reaction w ill 

proceed normally.

However, in  some cases com petition between reaction and m ixing results an 

undesirable product spectrum and in  these cases m icro m ixing is extremely 

im portant. Bourne et a l (1981) and Bourne (1982) used fast, competing 

consecutive reactions schemes w ith  a stoichiometry,

jA +  B —}  R,

R  +  B —}S,
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w ith  a product d istribution given as,

X s =  2Cs/(C r-2Cs) 

fR~ k x[A ]{B ] ~ 7.3 x 103 m3m ol'1 s'1 

fs—̂ /K J lB ] ~ 3.5 m3m ol'1 s'1,

The above constants fo r the diazo-coupling reaction (used by Bourne to  study 

m icro m ixing) are given by M iddleton et a l (1986). The maximum yield o f the 

intermediate R is obtained when species A  and J3 can be brought together at 

the molecular scale before significant reaction has occurred. When however, 

the reaction is instantaneous compared to m ixing, the reaction goes to 

com pletion and die yield o f R approaches zero. This w ould happen fo r 

example i f  A  were added slowly to B. I f  B is added to  A ,  then the ratio o f the 

products w ill depend on the relative rates o f the two reactions.

Consider a concentrated volume o f B being added to  a reactor containing a 

w ell m ixed volume o f A .  Molecular d iffusion w ill transfer some B in to  A  and 

some A  in to  B. The B that moves in to  A  w ill reaction to form  R  while the A  

that moves in to  B w ill form  S as B w ill be in  excess. In itia lly  die surface area 

w ill be small so no t much reaction w ill occur. However, as turbulent diffusion 

and bulk flow  breaks the clumps up, the surface area w ill increase and become 

smeared out by molecular d iffusion u n til m ixing is complete. For a fast 

reaction, the reaction w ill occur at the interface o f A  and B and the product 

d istribution w ill depend on the balance between reaction and d iffusion and the 

ratio o f the reaction rate constants k j  k2.

The process o f turbulent diffusive m ixing is continuously being interrupted 

because eddies have a fin ite  lifetim e. I t  is im portant to  note that the reaction 

cannot occur u n til the clumps have been ground down to  a scale o f the order 

o f the distance die reactants can diffuse in  die lifetim e o f an eddy. Therefore, 

the im portant parameter is the ratio o f the reaction tim e to  the time taken fo r 

material to  diffuse through the thickness o f an eddy. The ratio, sometimes 

called the Dam kohler number (Da) is,
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(2.48)

Bourne (1997) takes the characteristic reaction tim e as the half-Hfe o f the 

lim iting  component B, after which ha lf o f B has been consumed by reaction, 

assuming this is not m ixing lim ited. Therefore, when k, »  k 2 and the 

stoichiom etric ratio o f reactants =  1, i t  follows that,

where C0 is the concentration o f A  and B in  the bulk after m ixing, assuming 

no reaction.

The characteristic d iffusion time depends on the lifetim e o f a typical eddy 

diffusion, which depends on the kinematic viscosity, the rate o f energy 

dissipation and the diffusion coefficient and has been described as follows,

agitator where £T is at its maximum and m ultip le feeds should be considered.

More recendy Buchmann (2000) described a rather clever tomographical dual 

wavelength photom etry technique to study simultaneous macro and m icro 

m ixing, measured at a m ultitude o f points, inside a stirred reactor. A  m ixture 

o f an inert and a reacting dye are injected in to  the vessel. The inert dye serves 

as a tracer fo r the macro m ixing, whereas the vanishing o f the reacting dye 

shows the m icro m ixing. The concentration fields o f the dyes are measured 

simultaneously by trans-illum inating the vessel from  three directions w ith  

superimposed laser beams o f d ifferent wavelengths. The ligh t absorption by

(2.49)

= ( V / St ) ' /2(V / DI.) (2.50)

Dj  is the diffusion coefficient and v /  DL is the Schmidt number.

The theory o f this approach w ith  detailed m odelling is given by Bourne (1997) 

and the references therein.

A  m ajor conclusion from  the above is that where m icro m ixing is im portant 

then addition points and m ixing energy becomes a critical design parameter. 

Specific Power input needs to be high. Feed addition should be at the main

69



Literature Reviews

the dyes is measured w ith  CCD-cameras and these projections are used fo r die 

tomographical reconstruction o f the concentration fields. Low  Reynolds' 

number measurements w id i a Rushton turbine showed better macro and 

m icro m ixing fo r a dye injection closer to  the stirrer shaft compared to a 

position closer to  the main vortex. They claim CFD predictions compared 

w ell w ith  the experimental results after implementing a new model to  describe 

the deform ation o f small flu id  elements and the molecular exchange between 

these elements and the surrounding liquid. This model is implemented 

dirough two transport equations in to  the CFD software and yields the local 

m ixing quality at a m ultitude o f points through the vessel This was necessary 

as the CFD software does not resolve below the fin ite  volume size o f the grid 

and this is larger than the molecular scale.

2.5.5 Mixing Times

This thesis is lim ited to the blending o f m iscible liquids, which may be 

complicated by the effects o f density and /  o r viscosity differences, viscosity 

and the presence o f gas and /  o r solid phases.

The m ixing tim e tm is a function o f the liqu id  properties and the geometry o f 

the m ixing vessel. In  the dimensionless form  the m ixing tim e constant N t,n is a 

function o f Re, Fr, £y and geometrical parameters such as D /T , H / T  and c/T. 

In  fu lly  baffled vessels fo r the turbulent regime where no density differences 

exist the m ixing time constant is independent o f Reynolds and Froude and 

depends solely on energy input and geometric parameters.

Bulk m ixing (macro m ixing) has been studied in  d ifferent ways. Examples are:

Colorim etric methods:

•  By dye addition, Example — Mann et a l (1987).

•  By pH  sh ift using an indicator, o r decoloutisation o f a starch 

iodine solution by sodium thiosulphate, Examples, C ronin et al, 

(1994) and HarLPrajitno (1997)
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Conductivity:

•  By addition o f a conductivity pulse m onitored by conductivity 

probe(s)/meter(s). Examples, Khang and Levenspiel, (1976), Cooke et 

a l (1988) and Ruszkowski (1994).

Transient pH  shifts:

•  Example, Singh et al. (1986)

Temperature transients:

•  Using thermocouples fo r example, Shiue and W ong (1984)

• L iquid  crystal thermography as reported by Lee and Ytanneskis.

(1997)

Tomographic, fo r examples:

•  D ual wavelength photometry, Buchmann (2000)

• ERT (electrical resistance tomography) Cooke et a l (2001).

Flow  followers to measure circulation times, Example:

•  Bryant and Sadeghzadeh (1979).

2.5.5.1 Decolourisation Techniques

The decolourisations methods are very useful fo r looking at in ter zone m ixing 

and fo r determining stagnation regions. However, some doubts must exist 

about the precise level o f m ixing that is being measured by colouration 

/decolourisation techniques. The tota l decolourisation po in t is subject to 

operator bias and depends upon stoichiometry. I f  fo r example the 

decolourisation agent is 10% in  excess, then it  follows that the vessel w ill be
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totally decolouted when the vessel is 90% mixed. Hence to make any 

meaningful comparisons the excess needs to  be precisely known.

The technique is also useful when a second phase is present which w ill affect 

conductivity probes. However, it  is s till necessary to ascertain what effect the 

second phase has on the reacting species. For example a common 

decolourisation technique is to  use glacial acetic acid to decolourise a weak 

solution o f sodium hydroxide containing phenolphthalein indicator. In  an 

aerated system the air w ill strip acetic acid from  the system; hence carefully 

planned stoichiom etric ratios can be easily thwarted.

2.5.5.2 C o n du ctiv ity  Techniques

Earlier w ork (Cooke et a l 1988), standardised on the conductivity technique, 

using conductivity probes based an a design used by Khang and Levenspiel 

(1976) because,

•  The measuring volume is small and known.

•  The probes have a very fast response time.

•  The response o f the probes is linear over a wide range o f liqu id 

conductivities

•  The conductivity probes are stable over long time intervals.

•  The probes give a continuous time history o f the concentration 

fluctuations at the sample points. These concentration-time histories 

can readily be analysed to obtain m ixing tines fo r a specific degree o f 

mixing.

However, this was combined w ith  decolourisation techniques to look at 

zoning effects and to identify stagnation regions.
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2.5.5.3 Degree o f M ix in g

The degree o f m ixing is no t always given in  the literature results. For analysis 

o f responses from  step changes in  the input a specified degree o f m ixing is the 

time token from  the pulse injection u n til the concentrations fluctuations are 

just w ith in  specified lim its o f the fina l step change. Thus, fo r example, a 90% 

m ixing time is the tim e token from  injection u n til the firs t po in t that a ll 

values are w ith in  ±  10% o f the equilibrium  step change.

As m ixing is a chaotic process and the m ixing tim e is dependent, amongst 

other factors, on the precise flow  conditions at the tim e o f the tracer addition 

then it  follows that m ixing times are no t repeatable. The experimenter has to  

average a number o f runs (usually a m inim um  o f 6 bu t preferably 10) to  obtain 

an average m ixing time. W hen the data is collected electronically, i t  is 

convenient to analyse the data statistically, using identical criteria, to  obtain 

reproducible self-consistent data.

Khang and Levenspiel (1975) used fou r probes connected in  a ring around the 

im peller to measure the m ixing time that they fitted  to  a decay constant using 

R TD  theory.

The Cooke etal. (1988) trip le  agitator data was obtained using 3 probes sited at 

the walls opposite the agitators. The tracer was added to the surface. The 

responses were analysed graphically to obtain a 90% m ixing time fo r each 

probe and a vessel average was obtained from  the 3 probe results. The m ixing 

time fo r a particular operating condition was the average o f several repeats. 

For H ~ T  w ork a single probe sited at the w all opposite the agitator was used. 

Additions were o f concentrated potassium chloride solution, w ith  the addition 

size weighted to give a 0.05 g/1 step change in  concentration. Several additive 

additions were made before the solution was changed. Solutions changes were 

dictated by “ noise”  increase as the solution became more concentrated. Some 

o f this “ noise”  can be attributed to a it bubbles in  the system. The higher the

73



Literature R eview s

background conductivity, the greater the effects o f low  conductivity 

contaminants such as air.

Ruszkowslti (1994) used sim ilar probes to the above to determine m ixing 

times from  the average o f 8 runs. Three probes were used in  a baffled H —T  

geometry vessel, one in  the im peller stream, one close to a baffle and a th ird  in  

die m iddle o f the tank at d ifferent heights, radial positions from  the shaft and 

at d ifferent sides o f the vessel in  order to sample as representatively as 

possible. The tracer was added at the impeller. The data was normalized and 

the ro o t mean square o f the conductivity o f a ll three probes was calculated 

from ,

C-rms =  - J l/ 3  (C * + C f2 + C j3 (2.51)

Using three probes provides a more representative view  o f the tank 

concentration variance and is probably essential to  obtain a vessel 

representative m ixing time when addition is at the impeller. One would expect 

the mean m ixing time from  such an analysis to be weighted towards the 

longest m ixing time. The effect o f averaging 3 probes reduces the variance and 

increases the sample volume. This enables one to measure more repeatedly a 

higher degree o f m ixing. I t  should provide a better picture o f the overall 

concentration variance in  the vessel. I f  however, you take th is to  the extreme 

o f an in fin ite  number o f probes o f in fin ite ly  small volum e you fin ish up 

measuring die sample inpu t time rather than the m ixing tim e as once the pulse 

has been injected the average vessel concentration does no t change.

A  m ixing index was calculated from  the variance calculated from  a 8 po int 

m oving average taken over time steps that are very much smaller than the 

m ixing time,

1
(2-52)

8 j=«

where,
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cfc(p) is nth value o f <?c

Cj is the concentration at the Jtb data po in t

C (°°) is the fina l average concentration — 1 fo r a perfectly m ixed system.

For the above, the variance is time-averaged over 8 points and space-averaged 

over 3 points giving a total variance over 24 data points.

A  m ixing index was then calculated from ,

time constant to be determined which can be related to any degree o f m ixing.

2.5.5.4 Comparisons of Mixing Results with Different Methods

Although the method o f Ruszkowski (1994) looks very d ifferent from  the 

graphical method o f Cooke (1988), in  practice it  yields very sim ilar results. 

For a single probe 8 data points are not enough to calculate the variance, 

hence the sample frequency is increased and the variance is calculated over a 

32 po in t m oving average w ith  the sample frequency chosen so that the time 

averaging step is «  shorter than the m ixing time.

Figure 2-46 compares a single probe m ixing trace as a p lo t o f normalized 

concentration versus time fo r a 32 po in t m oving average w ith  the same data 

plotted as the m ixing index calculated according to equation (2.52). Quite 

clearly the 90% m ixing time and the m ixing index o f 0.9 are reached at the 

same time when the same averaging process is used. N ote that these results 

were obtained w ith  a surface addition and measurement by a single probe in  

the base to measure an overall m ixing time. Had, fo r instance, the tracer been 

added at the im peller there would have been a big overshoot on the graphical 

ou tpu t However, from  experience, the 90% tim e and the M  =0.9 po in t would 

still be coincident

(2.53)

assuming that C  (°°) — 1 fo r a perfectly m ixed system.

They found that variance decays exponentially w ith  time, allow ing a firs t order
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2.5.5.5 M ix in g  T im e  C onstant

I t  is generally found that fo r geometrically similar vessels, in the turbulent 

regime, N t^  (or N 0) is a constant, where 0 is a specified degree o f mixing. 

The exception to this is when the m ixing vessel is compartmentalized, either 

due to a significant poorly agitated region, or to a poor interchange between 

numbers o f well-m ixed regions. In  these cases there can exist a different 

relationship between the agitation speeds for interchange rates compared w ith 

m ixing times in the well-m ixed zones and then N 0 ^  constant.

Kipke (1983) reviewed scale-up anomalies and noted that the expression NO  

— constant, fo r geometrically sim ilar vessels, does not necessarily scale-up. He 

argued that this was because the macro-scale o f turbulence scales w ith 

impeller size. Thus larger eddies are found in  large vessels that result in larger 

variations and therefore the final state o f m ixing is achieved later in larger 

vessels.

(a) Ungassed Mixing Addition at surface

• 32pt m
 -*10%
 10%

0.50

0.00

(b) Ungassed Mixing: Addition at surface
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Figure 2-46: (a) top Graphical m ixing tim e, (b) M ix ing  index
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2.5.5.6 Effect of Agitator Type (standard tank H=T) on Mixing

Compared at equal P f V  and D /T  there appears to  be very little  to choose 

between different impellers. O ur own data, Cooke et a l (1988), found little  

difference between a Gasfoil and a Rushton turbine under turbulent 

conditions:

The results could all be described by,

N t^P o ’^ D /T )22 =  3.9 (2.54)

where Po represented the power number both in  ungassed and gassed 

conditions.

Ruszkowski (1994) comparing 4 and 6 blade pitched turbines, Rushton 

turbines and propeller agitator, claimed that a ll his results could be correlated 

by a single equation fo r single phase turbulent m ixing such tha t

N 0P o1/3(D /T )2 =  5.3 (2.55)

where 0 represent a m ixing index M  =  0.95.

N ote that equations (2.54) and (2.55) are very similar. Assuming firs t order 

m ixing, then 95% m ixing is 1.301 times longer than 90% mixing. Hence, 

compared at the same degree o f m ixing, the constant in  equation (2.54) 

becomes 5.07.

Comparing the 95% m ixing time fo r a D —T /2  Rushton turbine, o f Po =  5.5, 

at 2 revs per second, gives,

From  Cooke eta l (1988), 0 =  5.07/ (2*5.51/3*0.522) =  6.6 s 

And Ruszkowski (1994), 0 =  5 .3 / (2*5.51/3*0.52) -  6.0 s

Thus the Ruszkowski (1994) equation predicts a sim ilar but slightly shorter 

m ixing time to Cooke et a l (1988). This could be due to data smoothing and
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averaging the three probes, o r may be due to differences in  scale.

N ienow (199B) shows a comparison o f the data o f Hass and N ienow  (1989) 

comparing an equal diameter, Prochem M axflo T  im peller w ith  a Rushton 

turbine and also the Saito et a l data o f 1992, comparing a Rushton turbine 

w ith  a equal diameter Scaba 6SRGT. The m ixing data, which was measured 

by the decolourisation technique, in  gassed and ungassed conditions, showed 

good agreement w ith  the Ruszkowski (1994) equation (2.55).

N ote that not all workers agree that all impellers are equally energetically 

efficient. For example the correlations o f Khang and Levenspiel (1976) (that 

ate sim ilar to  the Ruszkowsi correlation, but do no t contain a power number 

terms and is based on circulation time theory) implies that the propeller is 

more energy efficient fo r m ixing than a disc turbine by a factor o f around 4. 

However, when compared at the same degree o f m ixing the Cooke et a l 

(1988) and the Ruszkowski (1994) do predict very sim ilar m ixing times. The 

main conclusion from  the above is that, in  turbulent conditions, i t  is power 

rather than the agitator type that is the most im portant parameter fo r m ixing. 

This is in  agreement w ith  turbulence theory (Section 2.4).

2.S.5.7 E ffe c t o f Im p e lle r D iam eter on M ix in g

M ost workers agree that at Re >  104, N 0  = constant x (T /D )2̂ w h e re  A  takes 

values o f 0 to  0.3.

Khang and Levenspiel (1976) found the exponent A  =  0 fo r propellers and 

0.3 fo r turbines

Cooke et a l (1988) found A  =  0.2 fo r turbines,

Ruszkowski (1994) found A  — 0 fo r a range o f agitators

Equations (2.54) and (2.55) can be rewritten as,
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InApo tJ (2.56)

where, —  = 
Po

1 _  p N hD b 

3o P
(2.57)

For H —T and a fla t base

p  _  sTpKT

4
(2.58)

Substitute equations (2.57) and (2.58) in  (2.56),

(2.59)

Thus, i f  /? —5/3 , there would be no effect o f D /T  ratio at constant P /V .  For

The above implies that a larger diameter agitator mixes more efficiently than a

2.5.5.8 Effect of Aspect Ratio H / T on Mixing

This is the most uncertain area. There has no t been a lo t o f w ork done. 

Cooke et al. (1988) compared 1:1 w ith  3: 1 aspect ratio tanks, fitted  w ith  disc 

turbines or IC I Gasfoils and found that N t^  increases dramatically w ith  

increasing H , due to compartmentalization effects according to.

P =  2, then 0 °c (D /T )1/3and fo r P =  2.2, then 0 «= (D /7 )"0533.

smaller one. M ost workers have only tested these relationships up to D  =

0.5T.

Also from  equation (2.59) at constant P / V and geometric sim ilarity, 

0 a T 2/3 (2.60)

(2.61)
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Thus when die aspect ratio is changed from  1:1 to 3:1 the m ixing time 

increases by a factor o f approximately 10. W hen the top tw o disc turbines 

were replaced by 6M FD  agitators t ,0 decreased by a factor o f 2 at the same 

power in p u t O ther workers have reported sim ilar staging effects using 

m ultiple radial impellers fo r example Cronin et a l (1994) fo r Rushton turbines. 

The reduction in  the overall m ixing time by about 50%, obtained by replacing 

the two upper turbine agitators w ith  axial flow  agitators, has been confirm ed 

by M anikowski et a l (1994) and O tom o et a l (1995) according to N ienow

(1998),

The dramatic increase in  overall m ixing times fo r the turbine m ultiple agitators 

in  high aspect ratio vessels, are due to compartmentalization. Where this can 

be avoided, then from  circulation time theory, the increase in  m ixing tim e w ith  

height m ight be expected to be directly proportional to operating height at 

constant P /  This hypothesis is w orth  testing. However, even i f  th is is true, 

the overall m ixing tim e w ill increase w ith  an increase in  batch height For 

processes that rely on m ixing to supply v ita l reagents o r nutrients to all parts 

o f the vessel the effect o f H / T  on m ixing could therefore be a v ita l factor. 

Aerobic fermentation processes could w ell fa ll in to  that category.

Oldshue (1983) shows that fo r laminar m ixing (Re < 50) w ith  a continuous 

ribbon agitator (see Figure 2-18) the m ixing tim e is directly proportional to

(H /D ).

2.5.5.9 Effect of Viscosity on Mixing

Below the transition po in t m ixing times increase dramatically and 0 —f  (Re). 

For Newtonian fluids Khang and Levenspiel (1976) show a transition at 

around Re ~ 3300 fo r turbines and Re ~ 104 fo r propellers. Cooke et al. (1988)
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found fo r Rushton turbines in  non-Newtonian systems the constant in  

equation (2.61) was 1174Re'07 w ith  the transition at Re =  4400.

In  the laminar regime it  is d ifficu lt to  get good top to  bottom  m ixing. Nagata 

(1975) proposed the helical ribbon as the most efficient method o f m ixing 

such fluids. A  popular geometry is the tw in  bladed ribbon pum ping upwards 

w ith  a double central down pumping screw. Oldshue (1983) gives the 

follow ing preferred geometry fo r these agitators:

Double helix (up-pumping) (tv — D /6 ), and D  =  0.92T and double inner 

screw (D i =  D /J )  down pum ping w ith  p itch = h /D  =  1.0 and H /D  =1.0, 

where:

h — height o f helix fo r 1 revolution,

D  — helix swept diameter 

D i — screw swept diameter 

tv — w idth o f outer ribbon 

H  =  liqu id height

Then,

PoRe — 255 (2.62)

N tm =  30 (2.63)

f
N t « 30

D
(2.64)

Oldshue (1983) indicates that there are approximately three flu id  turnovers 

(circulations) per m ixing time. That is,

“  3 N te (2.65)

where tc is circulation tim e and t m is a colorim etric based m ixing time.

N tc = 10 (2.66)
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2.5.5.10 Effect of Gas and Solid Phases on Mixing

See also section 2.2.4.2.

Cooke et a l (1988) found that the same equation correlated die data fo r liqu id 

and gassed liqu id  m ixing (2.54) providing the operation is in  the agitator- 

dominated region.

Harrop et a l (1997) found that solids can increase the liqu id  m ixing time by a 

factor o f 6 fo r a L IG H T N IN  A315 im peller when operation is below N jS at 

sand concentrations between 10 and 20% by mass, due to  a zoning effect 

when a solid-liquid interface is present

Takenaka et a l (2001) studied a 3-phase liquid-gas-solid system at solids 

concentrations up to 40% by weight and gas flow  rates up to 2 W M .  They 

used two d ifferent radial flow  impellers, a Scaba 6SRGT and a Rushton 

turbine plus a six-bladed mixed flow  im peller w ith  p itch angle o f 45° that was 

operated in  both downward and upward pum ping modes. They confirm ed the 

Harrop et a l (1997) trend o f increased m ixing time fo r the solid-liquid case 

compared w ith  the liqu id  only case. However, fo r the three-phase case the 

increase in  m ixing time was relatively small, especially w ith  the SCABA and 

6M FU impellers. I t  appears die gas-phase prevents a stable solid-liquid 

form ing.

2.5.5.11 Effect of Tracer Properties (Volume, Density and Viscosity) on 

Mixing

The effects o f tracer properties (volume, density and viscosity) on m ixing were 

recently studied by Pandit et a l (2000). They used tracer viscosity (fl^ to  the 

bulk flu id  viscosity ((/4) ratios ( f l j  (jLL̂  up to 150 and tracer density to bulk 

density ratios \[pa - p ,)/p /] up to 0.145. They varied the tracer volume (Va)
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ratio from  V'aj V  — 0.005 to  0.075. They found no effect o f viscosity ratio on 

m ixing, but d id find  an effect o f the tracer volume and density difference due 

to  buoyancy effects. They correlated these effects in to  a m odified Richardson 

number (Ri), which is the ratio o f static head o f liqu id  to dynamic head o f 

flow ing liquid. Since the buoyancy o f the tracer also depends on its volume, 

the m odification they proposed was to  m ultip ly the Richardson number by the 

factor V a j V  to give the follow ing m odified Richardson number RJq,

kpgH Va
R i0 —  (2.67)

°  pN 2D 3 V K ’

For an agitators tested they found critica l Richardson numbers above which 

the effect o f the tracer volume and density increased the m ixing tim e and they 

proposed a generalised correlation to  account fo r these effects. The degree o f 

m ixing was not given in  this paper. This prevents easy comparison w ith  other 

published data so this generalised correlation is no t reproduced here.

2.6 R heology

Below the flow  transition point, Re <  104, the flu id  theological properties need 

to be considered as they can drastically affect the m ixing and dispersion 

process.

2.6.1 N ew ton ia n  F lu ids

Newton defined flu id  viscosity as

j i = -  (2.68)
7

where T is the shear stress and y  is the shear rate.

For Newtonian fluids (shear stress/shear rate) is a constant and hence the 

viscosity is independent o f agitator type or agitation rate.
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Agitator Reynolds numbers (pN D 2/ / /)  however depend on N  and D  and on 

scale up the D 2 term  dominates. Hence, fo r scale-down at constant viscosity, 

Reynolds numbers decrease. This is an im portant consideration i f  the flu id  is 

viscous and scale down decreases the Reynolds number below the transition.

2.6.2 Non-Newtonian Fluids.

Non-Newtonian fluids do not obey Newton’s law o f viscous flow. The 

viscosity is dependent on shear-rate and therefore depends on agitator type 

and agitation speed.

For non-Newtonian fluids

(2-69)
7

where f la is an apparent viscosity and y is an average shear rate.

The dependency o f the average shear-rate ( y ) on N  was given by equation 

(2.2) as y =  ksN , where ks is an agitator specific constant w hich is 10 ±  3 fo r a 

range o f commonly used agitators. Exceptions from  this rule include 

Interm igs (ks- ~ 17) according to N ienow (1998) and Dawson eta l (1993).

Some typical theological models are illustrated in  Figure 2-47.
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Average Shear rate, y ( s ' 1 )

Figure 2-47: Some typical flow curves (shear stress against shear rate) for 
different types of fluids, Hamby (1992).

2.6.2.1 Pseudoplastic Fluids.

Many non-Newtonian fluids can be fitted to a power law, at least over the 

shear rates typically experienced in a mechanically stirred vesseL Shear 

thinning power-law fluids are called pseudoplastics and can be fitted by the 

relationship,

r  = K yn (2.70)

Combining w ith equation (2.69) gives

M, =  K y’ ~' (2.71)

This apparent viscosity can be used in the Reynolds number equation.
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2.6.2.2 P lastic F lu ids.

These are fluids exhibiting a yield stress, which means an in itia l level o f shear 

is required before flow  occurs. A  Bingham plastic is like a Newtonian flu id  

once flow  occurs and is described by

t  =  Ty + K Bf (2.72)

where ZT is the yield stress and Kn is a constant 1 /  KB is often referred to  as the 

m obility o f the plastic.

Another equation often used to  describe plastic fluids is the Herschel-Bulldey 

model as follows,

T =  r y + K m y" (2.73)

Equation (2.73) is sim ilar to  a power law flu id  but includes a yield stress.

2.6.2.3 Cavern F o rm a tion

W ith  plastic and pseudoplastic fluids there is a tendency fo r the agitator to 

“ cut a hole”  in  the flu id , producing a ‘V e il agitated cavern”  w ith  little  o r poor 

movement o f flu id  outside. W ith  pseudoplastic fluids, the mechanism fo r this 

is die shear thinning nature o f the flu id  that results in  a much lower viscosity 

near the im peller where the shear rate is highest. This gives a turbulent region 

close to the impeller. Away from  the im peller the apparent viscosity increases 

as the shear rates decrease giving laminar flow  and stagnant regions where 

shear rates are low. W ichterle and W ein (1981) experimented w ith  

pseudoplastic and plastic fluids and described the well-agitated region as a 

cavern (see Figure 2-48). They argued the threshold o f m ixing occurred when 

the well-agitated cavern just filled  die flu id  volume, i.e., no stagnation. They 

defined a non Newtonian Reynolds number and related it  to  the threshold o f 

m ixing po in t via an experimental determined empirical model:
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P ^ j y  =
K

2" ' ^ 2 x2
a D

(2.74)

where K  is the consistency index, n — power law index, Dc =  cavern si2e 

vessel diameter fo r threshold o f m ixing and a  is a proportionality constant 

0.6 for a propeller-type agitator and 0.3 fo r a turbine type.

Figure 2-48: Well agitated caverns in pseudoplastic fluids: Left agitated by a 
pitch blade turbine: Right agitated by a Rushton turbine. From Witchterle 
and Wein (1981).

W ith plastic fluids, in  regions away from  the impeller, the shear stress has to 

be greater than the yield stress to avoid stagnation. The boundary o f the 

cavern can be defined as the surface where the yield stress and the shear stress 

are equal. Using this defin ition and assuming that tangential flow  dominates in 

a cavern, Elson et al. (1986) defined the cavern as a right circular cylinder o f 

height H c and diameter Df centred on the impeller using the expression,

( B ,
I  D

Po p N 2D

+ 1 /3  )7T*
(2.75)
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Nienow (1998) gives typical values o f H J D C o f 0.4 fo r Rushton turbines and 

SCABA 6SRGT w ith  0.75 fo r a propeller and 0.6 fo r a L IG H T N IN  A315. 

Once the cavern reaches the w all the height increases w ith  IV  fo r Rushton and 

pitched blade turbines, but is proportionate to N°'s fo r SCABA 6SRGT and 

L IG H T N IN  A315 agitators.

Num erical analysis show that both equations (2.74) and (2.75) in fer larger 

agitators should be used to avoid cavern formation. For radial turbines Po is ~ 

constant at Re > 30 (see earlier Figure 2-29). Therefore fo r a given scale, larger 

slow speed agitators require less power to overcome cavern formation. A t 

constant power and assuming a typical power law n o f 0.5, then according to 

equation (2.74), D c is proportional to D uln

W hilst from  equation (2.75) D c is proportional to  D 5>9

2.6.2.4 Effect of Solids on Fluid Flow Properties

The effect o f solids on the dense phase gas hold-up is discussed in  Chapter 2, 

section 2.3.2. The effects o f solids on m ixing ate discussed in  Chapter 2 

section 2.5.5.1. Very high solids concentrations exhibit plastic behaviour. The 

high solids concentration can occur fo r a number o f reasons:

•  “ Sanding in ”  after an agitator trip. I f  the overall concentration o f 

solids is high enough, the settled solids partially o r w holly cover the 

agitator. I f  this is likely to occur, then the agitator system needs to be 

designed to overcome the resulting high starting torque.

• Operation below IV^ giving a very bottom  heavy suspension. Hence, 

locally the flu id  may exhibit  non-Newtonian, plastic behaviour. This 

can happen fo r a number o f reasons, by design o r due to other factors 

such as undesirable air entrainment (D id  et a l 1997).

•  Poor design o f solids off-take. I f  control is based on the off-take solid 

concentration, then a poorly designed off-take system may require
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operation in  the vessel at much higher concentrations then the o ff­

take. (Buutman et al. 1985)

MacTaggart et al. (1991) discusses problems w ith  solids sampling. The local 

solids concentration from  a slurry-m ixing tank was measured by the 

withdrawal o f samples from  the vessel. I t  was shown that the sample tube 

design (shape, diameter and tip  angle) and sampling technique (withdrawal 

velocity and location in  the m ixing tank) could significantly affect the solids 

concentration and the particle size distribution o f the sample withdrawn. I t  

proved practically impossible to  obtain reliable measurements o f local solids 

concentration by sample withdrawal from  a m ixing tank. T urned on its head 

“ the off-take from  a solid-liquid m ixture in  an agitated m ixing vessel is no t 

representative o f the solids in  the vessel” . The authors show that sampling 

errors can be m inim ized w ith  the use o f fine solids and by sampling at high 

velocities.

2.7 Solid Suspension

The suspensions o f solids heavier than the liqu id  are considered in  this thesis. 

There are two mechanisms to consider, the liftin g  o f settled solids from  the 

base o f the vessel and the prevention o f settling. I t  is generally considered that 

it  requires more energy to lif t  settled solids than to prevent settlement, 

Seichter et a l (1997). Baldi et al. considered the liftin g  o f the settled solids 

from  the vessel base as due mainly to turbulent eddies o f size comparable to 

the particle size. When considering the suspension o f solids the Zwietering 

“ just suspension”  (N jJ  criteria is usually used, Zwietering, (1958), N ienow, 

(1968) Chapman et a l (1983), Bujalski, (1986), F rijlin k  et al. (1990), Mak et a l 

(1997).

Zwietering defined the just suspension criterion, from  observations through a 

transparent base, as the po in t when no particles remain stationary on the 

bottom  o f the vessel fo r longer than 1 second. This is defined as o ff-bo ttom

89



Literature Reviews

suspension and is n o t necessarily a homogeneous suspension. The 

homogeneity o f the suspension at N jS depends upon patticle size (settling 

velocity) and whether the vessel agitation system is designed to ensure primary 

circulation to all parts o f the vessel. For a high aspect ratio vessel w ith  a single 

agitator set close to  the bottom  this may w ell not be the case even fo r small 

particles w ith  settling velocities around 1 to 2 cm /s.

From  dimensional analysis Zwietering (1958) proposed the follow ing

empirical correlation to  f it  his extensive experimental data:

j 0 , 2 ' \ j ' 0 +13 # -0 .1 r  /  ,% y i 0.45
N  _  sdp X  Ml U ( P s - P l )]

JS 0.55 T-J 0.85
/^L

where s is an agitator dependent shape factor, which also depends on the 

geometric ratios c /T  and D /T , dp 'v& the mean particle diameter and X  is the 

percentage weight o f solids per weight o f liquid. A  great deal o f w ork on solid 

suspension has been done since Zwietering. However, the general consensus 

from  the references quoted at the beginning o f this section is that Zwietering 

got it  just about righ t and the Zwietering equation is w idely used w ith  

appropriate “ s”  factors to design fo r solid suspension.

2.7.1 Scale-up for Solid Suspension

I f  geometric sim ilarity is maintained then Equation (2.76) suggests that fo r a 

given fluid-particle system, then (assuming Po is independent o f scale) at N jS, 

the P / V  decreases w ith  scale up according to the relationship,

P /  V  =  constant X T -0 55 (2.77)

However, Zweitering only tested scaling rules on vessels between 0.15 to 0.6 

m  in  diameter w ith  particles in  size range 125 to 850 m icron and two solid
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densities 2160 and 2600 kg /m 3, so some doubt must exist about the universal 

generality o f the equation. Oldshue (1983) cautions that his literature review o f 

power per un it volume fo r solid suspension scale-up yields almost as many 

conclusions as investigators.

Hettinge (1979) showed a relationship between pow er/un it volume, particle 

concentration and scale and concluded that on scale-up power pet un it 

volume either increases o r decreases depending on particle size (see Figure 

2-49). According to these relationships, small particles require lower power per 

un it volume on scale-up, particles around 600 m icron scale-up at constant 

power per un it volum e w hilst particles o f diameter > 800 microns require an 

increase in  power per un it volume on scale-up. The decrease in  power per un it 

volume on scale-up fo r small particles was also found to be a function o f 

particle concentration.

Chapman et al. (1983), using 1% sand particles in  water, w ith  a mean particle 

size o f 470 m icrons and scales from  0.3 to 1.8 m  diameter, found power per 

un it varied on scale-up proportional to D^0'23. This is in  general agreement w ith  

the trend showed by Herringe (1979).

Rieger and D id  (2000) fo llow  the Herringe (1979) view that the scale-up o f 

solid suspension should be based on particle size. They proposed a procedure 

fo r designing m ixing devices fo r particle suspension based on experimental 

results involving plots o f the energetic dimensionless criterion {7G). This 

expresses im peller efficiency on the ratio dp/T, which they found are almost 

identical fo r many axial impellers, w ith in  the relative vessel to impeller 

diameter ratio T /D  range from  2.5 to 4. This was confirm ed experimentally 

fo r pitched three, four and six-blade turbines operating in  fla t and dished- 

bottom  cylindrical baffled vessels, fo r particle concentration o f 2.5 and 10% 

by volume respectively.

Bourman et al. (1986) investigated scaling rules on tw o geometrically sim ilar 

vessels o f diameters 0.48m and 4.3 m  diameter respectively. They used sand o f 

mean diameter 157 microns, at concentrations up to  15% by volume. From
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their results, fo r similar degrees o f homogeneity on the two scales, they 

recommended scale-up at constant power per un it volume according to the 

scaling rule:

N c =  constant X  D 2 3 (2.78)

where N c is the agitation speed for complete o ff-bo ttom  suspension (which is 

not necessarily homogeneous). By comparison to equation (2.78), the scaling 

rule o f constant P / V  and geometric sim ilarity, means no effect o f D o r T  on 

the P / V  required fo r solid suspension.

Wi

1 •
a u%

•  J

I t

im
Median particle size (microns)
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~  4000

• 3000
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Figure 2-49: showing the relationship between power per unit volume, 
particle concentration and scale, taken from Herringe (1979). Note that y  is
the power index in the solid suspension scale-up relationship P  / V «= D y .
For geometric similarity this is the same as P I  V °c T y .
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M ore recently Mak et a l (1997) carried out CFD and experimental studies o f 

solid-liquid suspensions in  stirred tanks o f diameter 0.30 to 2.67 m, to 

investigate the effect o f scale using a pitched blade turbine. Their results fo r 

the just suspension condition were in  agreement w ith  the Zw ietering empirical 

correlation. They also confirm ed that constant power per u n it volume 

appeared to be the appropriate scale-up criterion to obtain the same degree o f 

homogeneity at different scales (which is a different criterion than N ^). They 

found good agreement fo r concentration profiles determined by CFD 

simulations and from  experimental results.

Seichter et a l (1997) found different scaling rules fo r concentrated slurries o f 

fine particles o f m icro-m illed limestone and precipitated gypsum, using slurry 

concentrations up to 60%. The differences in  scaling rules were attributed to 

the theological complexities o f the suspensions. However, the ratio o f im peller 

speeds fo r the onset o f sedimentation (Nyy) ^ d  the start o f re-suspension 

(Njl) was found to  be constant and was expressed as,

N ss=Q .SN ]s (2.79)

Considering all o f the above review, scale-up o f a solid suspension system 

should be satisfied conservatively, fo r most cases, by geometrical similarity  and 

constant power per un it volume.

Where surface aeration is problematic on scale-up, as described fo r example 

by D id  et a l (1997), then tip speed needs to be minim ized. Scale-up at 

conditions o f geometric sim ilarity and constant power per un it results in  an 

increase in  im peller tip  speed w ith  scale-up that can result in  surface aeration 

on scale-up. These authors showed that surface aeration scales at almost 

constant tip  speed. Surface aeration can affect the quality o f the solid 

suspension by increasing the just suspension speed and can effect pumping, 

especially fo r small solids, which can form  a stable emulsion w ith  entrained 

gas. Under such conditions it  is w orthwhile exploring whether the solids can
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be adequately suspended at a lower power per u n it volume on die larger scale 

follow ing Herringe (1979) or Rieger and D id  (2000).

2.7.2 Effect of Multiple Impellers on Solid-liquid Suspension.

Very litde w ork has been repotted on m ultiple im peller systems fo r solid 

suspension. Armenante et a l (1992) and Armenante and L i (1993), studied die 

effect o f m ultip le flat-blade turbines on die m inim um  agitation speed to just 

suspend solid particles in  agitated vessel. The agitation system consisted o f a 

stirred tank provided w ith  one, two, o r three impellers, and in  which glass 

particles, 110 pm  in  diameter were suspended in  water. I t  was found that the 

MjS fo r a given im peller diameter was nearly independent o f the number o f 

impellers used. In  a ll cases, the value o f N jS measured when m ultip le impellers 

were used was either, neady the same as d iat fo r die single im peller case or 

higher. The corresponding power consumption was always higher tiian  fo r 

single impellers. They concluded that the lower im peller plays the m ajor role 

in  the o ff-bo ttom  suspension o f the solids, and the presence o f additional fla t- 

blade turbines either does not affect the suspension process or actually 

interferes w ith  it. The presence o f more than one dat-blade turbine is eidier 

unnecessary for, o r actually detrimental to, the achievement o f the solid 

suspension state. Therefore, their use is not justified i f  o ff-bo ttom  solid 

suspension is the sole m ixing requirement.

Later w ork by Armenante and Uehara-Nagamine (1997) studied the effect o f 

die o ff-bo ttom  im peller clearance on the m inim um  im peller speed fo r solid 

suspension (N ^) in  single- and double-impeller systems using three different 

impeller types; 6 blade Rushton turbines, 6 fla t blade turbines and down 

pumping 6 pitched blade turbines (PBT). I t  was found that N jS increased or 

decreased when a second im peller was added, depending on the type o f 

impeller. The effect o f the clearance o f die lower impeller, on the flow  pattern 

produced by the lower im peller was also investigated fo r die case in  which the 

position o f the upper im peller was kept constant. They repotted that when 

radial impellers were used in  a flat-based vessel at low  o ff-bo ttom  clearances,
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which caused the loss o f the lower circulation loop, the addition o f a second 

im peller increased N jS For a PTB at low  clearance the addition o f a second 

PTB above decreased N jS

The conditions under which these conditions were achieved were at clearances 

where die pum ping action was restricted by the low  clearances. This flow  

pattern change was observed for:

•  D isc turbines which change from  only upper circulation loops to  

upper and lower circulation loops at 0.16 <  c /T  <  0.20

•  Flat blade turbines that change from  only upper circulation loops to  

upper and lower circulation loops at 0.23 <  c /T  <  0.24

•  For the down-pumping 6 blade PBT no change in  flow  patterns were 

observed down to C J T  — 1/48.

where Cb is the clearance from  the bottom  o f the vessel to  the lowest p o in t o f 

the impeller.

2.7.3 Effect of Gas on Solid-liquid Suspension

Gas may be introduced in to  a liqu id  solid suspension by direct addition, 

surface entrainment o r vaporization. The introduction o f gas affects the liqu id  

flow  and can cause a large reduction in  agitation power and requires an 

increase in  agitation speed to maintain solids suspension, (N ienow (1994). 

Extensive studies o f the hydrodynamics o f 3-phase single im peller systems 

have been reported by Wiedmann et al. (1980), Chapman et al. (1983), Bujalski 

etal. (1988), F rijlin k  et a l (1990) and Patula and Ahm ed (1997).

Chapman et al. (1983) compared a large number o f single impellers in  solid- 

liquid, gas-liquid and gas-liquid-solid systems in  flat-bottom ed vessels o f 

diameters from  0.29 m  to  1.8 m. They argued that many three-phase systems 

required both good gas dispersion, as w ell as maintaining suspension. Hence, 

conditions both fo r N CD and N jS have to  be satisfied. Except fo r very small 

density differences it  was found that the agitation speed fo r occurred
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before N jS, hence the design requirement is usually to  satisfy N jS. Down- 

pum ping agitators were found to require the least power to  suspend solids in  

solid-liquid systems but were only suitable fo r handling very low  gas flows. As 

gassing rates are increased, down-pumping agitators become unstable due to 

gas and liqu id  flows in  opposition. A t high gassing rates they become 

energetically inefficient fo r solids suspension compared to disc turbines and 

up-pum ping agitators. Upward pum ping impellers do no t suffer from  flow  

instabilities and are hardly affected by gassing and are recommended by 

Chapman et a l (1983), and Bujalski etal. (1988). However, F rijlin k  et a l (1990) 

report that up-pum ping pitched blade turbines show insufficient suspension 

performance w ith  high concentrations o f dense solids. A ll the above workers 

recommend disc turbines fo r three phase dispersions at an o ff bottom  

clearance o f T /4  as com bining good stable operation w ith  energetically 

efficient solid suspension at high gas rates.

The use o f a dished bottom  to  improve suspension performance is 

recommended by F rijlink  et a l (1990) fo r both liquid-solid and gas-liquid-solid 

systems.

In  practice, scale-up o f gas requirements is generally at constant volum etric 

flow  rate o f gas pet volume o f liquid. This is expressed as H U M  (volume 

gas/volume o f liqu id /m inute); hence the effect o f gas on solid suspension is 

often considered in  these terms. The literature correlations fo r the effect o f 

gas on solid suspension performance fo r single im peller systems are listed in  

Table 2-9. For a number o f impellers (excluding down-pum ping types) both 

F rijlin k  etal. (1990) and Patula and Ahm ed (1997) report that,

^ ° j S G N jsg

n tsv\  JSL

- 2

(2.80)

where Po* is an apparent power number which takes in  the effects o f density 

changes, due to  solids and gassing, resulting from  the fo llow ing assumption:
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r3 r\5P = 2kNM  = Po p/N  D (2.81)

Patula and Ahm ed (1997) argue that i f  the torque is equal at both gassed and 

ungassed conditions fo r the just suspension case therefore, using the apparent 

power number concept,

M  — P0jSUP /N jSUD  — P ojsgP /N jsgD  (2 82)

Equation (2.82) reduces to equation (2.81) im plying the experimental 

relationship derived by these workers reduces to  equal torque fo r the gassed 

and ungassed case.

The constant torque rule to account fo r gassing was found to be not 

applicable to  the down-pumping case. This is possibly due to  the unstable 

flow  noted fo r this case on gassing.

Figure 19 o f F rijlin k  et a l (1990) suggests the Smith type curved blade agitator 

is the most energetically efficient fo r solid suspension at high gassing rates. I t  

would be interesting to obtain some results fo r high efficiency curved blade 

designs such as the SCABA 6SRGT o r the C H E M IN E E R  B T-6.
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L ite ra tu re  source A g ita to r

T ype

T (m ) W M D / T c / T Correlation

C hapm an et a l 
(1983)

6 R T 0.29 -1.8 

fla t base

0 to  1 0.5 0.25 N js g  =  N js  +  0 .94 \S \S M

B u ja l;sk i et al. 

(1988)

6 R T

6 P B T D

6P B T U

0.3-1.8

0.3-1.8

0.3-1.8

a ll fla t 
base

0 to
3.5

0.28 to
3.5

0.5

0.5

0.5

0.25

0.25

0.25

N jSG=  N js  +  0.65  r/ T/ 7Vf 

N jsg= N js(0.83 +

N jsg=  (1 +

F rijlin k  et al. 
(1990)

6R T

6 C D T

6 T

6P B T U

4 P D T D

6 P B T D

4 P B T D

0.44-1.2

fla t and
dished
bases

? 0.4 0.17,

0.25
and

0.4

P ° j S G  _

p o ;s u "

P°JSG  _

P o js u  “

f  N  'Ii v  JSG

N jsu  7 

^ N  ^iV  JSG

N JSU

-2

-1.1

P atu la  and 
A h m e d  (1997)

6R T

6 C D T

P B T U

P B T D

0.4

fla t and
dished
bases

0 to  1

0.5,
0.33

0.33

0.5

0.5

0.25
P ° J S G  _

P o Jsu

P ° J S G  _  

P ° js u

f  N JSG 

v N  JSU J

f  N  ^i v  JSG

N\  JSU

-2

—1.3

Table 2-9: Effect of gassing on the speed required to suspend particles in 
agitated vessels from various studies. Note that Frijlink e t al. (1990) tested 
pitch blade turbines (PBT) of pitch 30°, 45° and 60°. The other authors report 
results for 45° only. The 6CDT impeller is the Smith curved blade disc turbine 
of the van’t Riet (1975a) design. U  and B refer to pumping up or down.
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2.8 Mass and Heat Transfer

2.8.1 Analogies

Mass heat and momentum transfer are analogous, as shown fo r example by 

Treybal (1968) by analysis o f laminar flow  past a solid surface. Thus fo r 

analogous situations, w ith  temperature and concentration profiles in  

dimensionless form , the heat and mass transfer coefficients in  the fo rm  o f 

dimensionless groups are given by the same functions and are interchangeable. 

The analogies can be used to convert equations o r data correlations from  heat 

to mass transfer o r visa versa by replacing the dimensionless groups o f the 

form er w ith  the corresponding groups o f the latter, providing:

•  The flow  conditions and geometry are the same.

•  There is o f no net mass transfer.

•  The boundary conditions are also analogous.

The theory was developed from  consideration o f the elementary physics o f 

simple gases and from  this theory there emerge two dimensionless groups,

C PU
 =  P r — Pranfl group and,

K

— ——  = Sc =  Schmidt group.
P&AB

For the theory to be applicable both Sc and Pr must be close to  unity. In  

practice fo r gases, Pr lies between 0.65 and 0.90 w hilst Sc is between 0.67 and 

0.83. The values fo r liquids are very much higher and consequently none o f 

the theory strictly applies to  liquids.

Reynolds restricted his analogy to gases alone and stated simply Reynolds 

analogy is:
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M om entum  lost to  surface represented by skin fric tio n  

momentum lost i f  all o f the flu id  was at the surface velocity

Heat actually supplied to the flu id  

Heat required to bring a ll o f the flu id  to the surface temperature

Mass transferred from  die flu id  

The to ta l mass that  could be transferred

The expansion and derivations o f all these equations can be found in  the many 

textbooks on the subject fo r example Treybal (1968).

The Reynolds analogy assumed turbulence everywhere, except at the actual 

boundary layer. Prandd and Taylor m odified this by considering a turbulent 

zone, a laminar layer and finally a boundary layer. Later theories include a 

transition regime in  the analysis.

(2.83)

2.8.1.1 Heat Transfer and j Factors

Am ong early standard recommended equations fo r flow  in  pipes are 

Sieder and Tate (1936),

N u = 0.027Reos P r033| —
V M J

and C hilton and Colburn,

N u  = 0.023 Re08 P r033 (2.84)

In  eq (2.84) the physical properties are taken at the mean film  temperature,

temperature at the w a ll +  temperature o f bulk 

2

These equations have the same structure and i f  they are divided by RePr a 

basic equation is derived. For example using eq (2.84)
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—  =  St =  - L  =  0.023 Re-0'2 P r"2" (2.85)
RePr upCp

N ote the inclusion o f the Prandtl number that allows fo r the d ifferent physical 

properties o f liquids.

C hilton and Cobum then defined fo r flow  in  pipes,

jh =0.023 Re-02 = S tP r 2/3 (2.86)

where jh can be thought o f as the Stanton number fo r heat transfer , corrected 

fo r liquids by the inclusion o f the Pr group. A  p lo t o f jh versus Re gives 

virtua lly the same shape as the fric tion  factor chart

2.8.L2 Mass T ransfe r and j  Factors

The mass transfer equations are presented in  a sim ilar fo rm  to the heat 

transfer equations and this led to an assumption that could be checked 

experimentally,

From experiments in  w ind tunnels, in  open air and on wetted walls, in  a 

variety o f geometries and in  the three flow  regimes a number o f correlations 

have been presented which have firm ly established the analogy o f heat and 

mass transfer.

A  lis t o f corresponding dim ensionless groups o f mass and heat transfer 

applicable to agitated vessels is listed in  Table 2-10.

Treybal (1968) gives examples o f the use o f these analogies to  extend the very 

extensive existing heat transfer inform ation to produce corresponding mass 

transfer data. Also, where local mass transfer characteristics can be easily 

measured fo r example by sublimation o r dissolution o f solids, these can be 

converted to the analogous heat transfer coefficients that are d ifficu lt to 

measure.

(2.87)
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Heat transfer Mass transfer

D riv ing  force (dimensionless)

t  -  / ,

*2  ~  *1

D riv ing  force (dimensionless)

C_4 ~ C A\

CA l Al

Reynolds Num ber 

R e = D ^
A

Reynolds Num ber 

R e = D ^
A

Prandd Num ber

p t  _  CpM 
K

Schmidt Num ber 

Sc =  *
P D AB

Nusselt number

N „  =  V
K

Sherwood Num ber*

k  T  
S h=  L 

D M

*Sherwood number can take a 
number o f forms dependent on mass 
transfer.

Peclet Num ber

Pe = RePr = D2^  
K

Peclet Num ber

„  „  „  d 2n
Pe = Re Sc = --------

Stanton Num ber

N u  JjqT
Sth = ----- =  z --------

Pe D  N pC p

Stanton Num ber

Sh k LT  

tm ~ V e ~  D 2N

j,  = S t „ P t 2/3; j,, =  jm =  (1.09jJ jm =S t,nScI/3

Table 2-10: Equivalent heat and mass transfer dimensionless groups 
applicable to agitated vessels.
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2.8.2 Heat Transfer in Agitated Vessels by Means of Jackets and Coils 

Containing a Heat Transfer Fluid

The heat ttansfet literature is very extensive and many excellent standard texts 

are available fo r heat transfer in  agitated vessels. For example, Heggs and H ill 

(1998) cover the design o f heat exchangers fo r batch reactors.

Heat transfer in  an agitated vessel is dependent upon a temperature difference 

(AT) between the heat transfer flu id  and process flu id , the heat transfer area 

(A) and the overall heat transfer coefficient (U) such that the rate o f heat 

transfer (Qj) is:

& l = UAAT = Dnvlngf0rcc = * L S £ -  (2.88)
Resistance R { K/ W)

I f  the liqu id  phase m ixing is good so that neither the temperature o f the 

process flu id  or the associated heat transfer coefficients vary significantly 

throughout the bulk a change in  heat transfer rate can be calculated due to the 

result o f changing any o f the three parameters in  equation (2.88).

For tubes and cylindrical vessels the heat transfer surface is curved and hence 

the area over which the heat transfer coefficient relates must be defined.

The overall heat transfer coefficient (U) is governed by the sum o f several heat 

transfer resistances,

=  = _ L _  +  i j 2_ + 7} + £ L  +  -_ L _  (2.89)
UA t r  1 {hA )0 A0 w A, (iHA), y ’

where subscript (o) refers to the outside the heat transfer flu id  o r to  the 

process flu id  and (/) refers to adjacent to  the heat transfer flu id  (or inside). F  is 

a fouling factor and R„, is the wall resistance due to the w all thickness and 

material over a defined area ( t j KA). The designer o r experimenter defines the 

relevant area (A.) For tubular heat exchanger the heat transfer coefficient is 

always defined on the outside area and all other resistances are corrected to 

that value.
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Mechanical agitation affects only the outside coefficient and possibly the 

process-side fouling factor. Oldshue (1983) claims that many heat transfer 

applications are lim ited by the process side heat transfer coefficient and hence 

the effect o f agitation on the overall heat transfer coefficient w ill usually be 

significant.

The film  coefficient represents the conductivity o f th in  layer o f flu id  next to 

the heat transfer surface. This film  is often represented as stationary fo r 

analysis purposes. The basis o f the analysis is Prandtl’s boundary layer theory.

Prandd slated that any viscous flu id  in  m otion could be broken down in to  two 

basic flow  fields. The fie ld close to the stationary surface (the boundary layer) 

constituted an area where viscous forces are im portant and need to be 

included in  the analysis, whereas the fie ld beyond die boundary layer could be 

considered as an ideal flu id  where viscous effects are m inim al; and can be 

ignored. For heat transfer purposes the properties o f the boundary layer is 

very im portant and its characteristics w ill determine the film  coefficient.

Heat transfer through the boundary layer is mainly by molecular conduction; 

therefore the thickness o f the boundary layer is o f paramount importance. 

This is affected by the physical nature o f the mainstream flu id , such as velocity 

and viscosity and whether it  turbulent o r laminar. In  heat transfer this is 

further complicated by temperature gradients in  the boundary layer which 

leads to viscosity gradients, the direction o f which depend on whether the 

duty is heating o r cooling. Thus the benefits o f mechanical agitation fo r heat 

transfer can be summarised as to eliminate gross temperature gradients in  the 

process flu id  in  order to  maximize the temperature driving force A T  across the 

resisting film  w hilst m inim izing the film  thickness by maintaining high 

velocities close to the heat transfer surface.

In  order to predict heat transfer rates in  agitated vessels, the process side heat 

transfer coefficient needs to  be estimated as discussed in  the fo llow ing section.
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2.8.2.1 Forced Convective Heat Transfer in Agitated Vessels

Forced convective heating o r cooling in agitated vessels is achieved in most 

cases using jackets o r lim pet coils. Internal coils are prim arily used to 

supplement the heat transfer area o f jacketed vessels o r fo r cases where heat 

transfer through the walls is impractical, fo r example in plastic tanks o r rubber 

lined vessels. Internal coils are often preferred fo r corrosive duty as greater 

corrosion allowance can be allowed more cost effectively in  coils than vessels 

and they are easier and cheaper to replace. When the heating duty is large, 

extra area can be found using baffles fo r heat transfer area, o r even the 

agitators as described fo r example Nagata et al. (1972) as heat transfer surfaces. 

External heat exchangers are also used. The most common heat transfer 

arrangements are shown in Figure 2-50.

H E A T IN G  C O IL S  A LS O  
A C T AS B A F P IE SHEAT-TRANSrER 

MEDIUM
H E M -T R A N S F E R  M E D 1JM

J

-z?  V IJACKET r  
(SECCND SHELL)

A .  JA C K E T E D  TANK B .H E L IC A L  C C 1 L  C .T U B E  B A F F L E S

Figure 2-50: Common heat-transfer surfaces, from Oldshue (1983)

In  order to predict heat transfer in  a stirred vessel the process side heat 

transfer coefficient h0 must be estimated. Using dimensional analysis o f heat 

flow  and energy balance equations the heat transfer coefficient can be
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expressed in  the Nusselt number as a function o f the Reynolds and Prandd 

numbers as follows:

This equation has been expanded to f it  experimental data in  a form  sim ilar to 

the classical forced convection empirical equation fo r liqu id  flow  through 

tubes, as derived by Seider and Tate (1936), which is expressed as:

The function o f geometry can contain many dimensionless constants to 

account fo r vessel, agitator o r co il geometry such as D /T , IT /T , c/T, and so 

on. The m u ltip lic ity factor k t depends on the type o f im peller and the heat 

transfer surface, f l  Is the viscosity o f the bulk flu id  and f is is the viscosity at 

the w all surface temperature.

2.8.2.2 Heat Transfer in Jacketed Vessels and Vessels Fitted with Coils

U hl (1966) shows that over a wide range o f impellers and Reynolds numbers 

(300 to  6 x 10s), the exponents a and b are most usually found to be 2 /3  and 

1 /3  respectively. The exponent c is most generally taken as 0.14, although 

higher values have been reported. From  U hl’s (1966), literature review fo r 

common cases where:

b0T “*1r D 2N p y A ( C pM )A
K I M j I ** JIa j

In  eq (2.92), the m u ltip lic ity factor varies from  0.36 to 0.6 fo r paddles, 0.6 

fo r tw in curved blade turbines, 0.54 fo r a disc turbine in  an unbaffled vessel 

and 0.74 fo r the same disc turbine in  a baffled vessel. Values o f k-, from  

various studies at H /T — 1 fitted  to equation (2.92) are also listed in  Table

N u  = b0T  /  K — f  (RePr) (2.90)

(2.91)

2-11.

106



Literature Reviews

The exponent o f 2 /3  on Reynolds number is shown by Dunlap and Rushton 

(1953) to  be due to forced convection. Forced convection is the result o f bulk 

m ixing by the agitator w ith  turbulent flow  at the heat transfer surface. Under 

poor agitation conditions due in  insufficient agitation o r highly viscous fluids, 

natural convection dominates which results in  a lower exponent on the 

Reynolds number. A t very high agitation rates the flu id  becomes so turbulent 

that further increases in  agitation has little  further effect and the exponent on 

Reynolds decreases again. Hence design conditions should preferably be in  the 

range where forced convection dominates.

Agitator N o

blades

N o

baffles

Re T

(m)

D

(m)

D /T Po d r kj R ef

Disc turbine 6 0 40- 
3x105

0.51 0.152 0.3 ? 0.33 0.54 1

Disc turbine 6 1,2,4 300- 
3x105

0.51 0.152 0.3 p 0.33 0.74 1

Disc turbine 6 4 104- 
4x104

0.45 0.15 0.33 5.5 0.33 0.74 2

Disc turbine 6 4 104- 
4x104

0.45 0.15 0.33 5.8 0.33 0.73 3

Convex disc 
turbine

8 4 104- 
4x104

0.45 0.189 0.42 3.5 0.42 0.68 2

Concave 
disc turbine

8 4 104- 
4x104

0.45 0.189 0.42 2.8 0.42 0.62 2

Flat blade 
turbine 
« //D = 0.2

6 4 104- 
4x104

0.45 0.15 0.33 4.4 0.33 0.57 3

Pitch blade 
turbine 45° 
w j D ~  0.2

6 4 104- 
4x104

0.45 0.15 0.33 1.46 0.33 0.43 3

Propeller 3 4 104- 
4x104

0.45 0.15 0.33 0.33 0.33 0.29 3

Table 2-11: Values for the constant Aj in equation (2.92), for non-proximity 
agitators in Newtonian fluids: References cited are from;

Brooks and Su (1959) — taken from  U h l and Gray, voL I  (1966)
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Karcz and Kaminska-Brzoska (1994)

Strek and Karcz (1997)

Sim ilar relationships to equation (2.92) have been used successfully to 

correlate experimental data fo r helical o r vertical coils. The viscosity is taken 

either at the surface temperature (jUj o r at the mean film  temperature (/ij. 

W hen the viscosity ratio refers to the mean film  temperature, the exponent on 

the viscosity increases. Shrek and Karcz (1997) compared geometrically sim ilar 

agitators in  turbulent vessels heated w ith , (a) jacket and (b) w ith  a vertical 

tubular baffle. They found that the heat transfer was very sim ilar fo r the two 

heating arrangements and obtained nearly identical m u ltip lic ity factors when 

the data were fitted  to  equation (2.92) as shown in  Table 2-12.

T (  m) 0.45 0.60
Heat transfer surface Jacket Vertical tubular heating 

baffles
Stirrer D/T Po D /T Po ki
Disc turbine 0.33 5.75 0.73 0.33 5.49 0.74
Flat blade turbine 0.33 4.35 0.57 0.33 4.42 0.58
Pitch blade turbine 0.33 1.46 0.43 0.33 1.58 0.47
Propeller 0.33 0.33 0,29 0.33 0.23 0.28

Table 2-12: Comparison of the factor ki in equation (2.92), for two types of 
heating for four agitator types in a turbulent Newtonian fluid from Strek and 
Karcz (1997).

Since in  turbulent flow , fo r a given agitator and constant flu id  properties, 

agitation power is proportional to  AJ3, it  follows from  equation (2.92) that the 

effect o f changing speed on the agitation power jP, fo r a given agitator type 

and diameter on die heat transfer is given by,

b0 =  P% (2.93)

The effect o f changing agitator type can be examined from  the data fo r 

D —T/ 3 agitators given in  Table 2-11. A t constant speed, and fo r a given 

system, the heat transfer factor is proportional to k, whereas the power is
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proportional to the power number Po. A  review the data, normalized to unity 

fo r the propeller case (see Table 2-13), reveals that the paddle has twice the 

heat transfer as that o f the propeller but draws 13.3 times as much power. The 

relationship between heat transfer coefficient and power from  this data is 

approximately:

bQ oc p 03 (2.94)

These data are presented graphically in  Figure 2-51.

Agitator Normalized h Q Normalized power
Propeller 1.00 1.00

6M FD 1.48 4.42
Paddle 1.97 13.33
6D T 2.52 17.58
6D T 2.55 16.67

Table 2-13: Comparison of process side heat transfer coefficients with power 
for various Z>= 773 agitators.

Relative heat transfer versus power for D = 7 /3  agitators

3
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Figure 2-51: Comparison of agitators at constant speed for heat transfer 
from jackets. The data is from Table 2-13.

Thus increasing the power input does not have a great effect on heat transfer 

in stirred vessels.
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The general consensus seems to be that under turbulent bulk flow  conditions 

baffling improves heat transfer as shown fo r example by the w ork o f Brooks 

and Su (1959).

The effect o f gassing on heat transfer is not clear. Some workers claim it  

improves heat transfer, others that it  hinders heat transfer and there are those 

that say it  has little  effect. The answer probably lies in  die effect die gas has on 

the liqu id  flow  patterns, flu id  m ixing and velocities close to  the heat transfer 

surfaces. I f  die gas is introduced in  a way diat reinforces the liqu id  circulation 

it  is likely to  be beneficial to heat transfer. I f  the gas opposes the agitator bulk 

flows i t  is likely to reduce heat transfer.

For lam inar flow  conditions, close clearance agitators (anchors or helical 

screws) are often used especially fo r heat transfer invo lving non-Newtonian 

plastic o r pseudo-plastic fluids where cavern form ation (described in  section 

2.6.2.3) is like ly w ith  small high-speed agitators. Low  speed, close clearance 

agitators, promotes liqu id  movement close to  the heat transfer surfaces, which 

is beneficial to heat transfer. Edwards and W ilkinson (1972) describe the 

addition o f surface scrapers to  enhance heat transfer and prevent surface 

build-up. These authors also review the design equations from  a large number 

o f experimenters covering a range o f heat transfer surfaces and agitators.

Because surface area to  volume decreases w ith  scale-up m aintaining geometric 

sim ilarity, heat transfer can be quickly become lim iting  w ith  increasing scale. 

Extra heat transfer area can be obtained using finned tubes and plates as 

described fo r example by Heggs (1999) and Sunden and Heggs (2000). A  

novel way o f inputting large amounts o f heat in to  a m ixing vessel is by use o f 

induction heating, Heggs and L inn  (1988) and L inn  (1989).

2.8.3 Mass Transfer in Agitated Vessels

Gas-liquid mass transfer, solid-liquid mass and gas-liquid solid mass transfer is 

considered in  the fo llow ing sections.

110



Literature Reviews

2.83.1 Gas-liquid Mass Transfer and Interfacial Area in Agitated 

Vessels

Mass transfer can be considered like heat transfer in  terms o f a film  theory 

w ith molecular diffusion controlling transfer through a laminar film  whose 

thickness depends on conditions in the bulk fluid. See Figure 2-52.

a>
a
■t4>

P ,G

Figure 2-52: Interfacial behaviour for physical absorption according to the 
two-film theory

I t  is assumed that a laminar film  exists each side o f the interface from  which 

transfer is by molecular d iffusion alone. The concentration gradient is 

therefore considered linear in these layers and zero outside. The rate equation 

(r^) fo r transfer across a contact area o f A  fo r this process is w ritten as,

ra = kc.(Pr. ~  P i ) ~  k L(C , ~ C l ) (mo1 m 2s ’) (2-95)

where k(t and k L are the gas and liquid mass transfer coefficients (m /s)

For purely physical absorption the interfacial concentrations are assumed to 

be equilibrium  such that Ct is the solubility o f the transferring species at its
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partial pressure. For a sparingly soluble species such as oxygen a linear 

partition coefficient exists between the solubility o f the dissolved gas and its 

partial pressure. This is known as Henry’s law. The gas and liqu id  are 

considered to be at equilibrium  at the interface such that,

p-t =  HeC} (2.96)

where He is the Henry’s Law partition coefficient. p i and Ci can be eliminated 

from  equation (2.95) to give,

_ (p a -H e C L) _
A ~  1 He ~  1 1 K ’

 1  1----------
k G k L HekG

or

rA = K G{p G - H e C L) =  K Lp £ - C L) (2.98)
He

where,

—  =  —  +  —  (2.99)
K g kG k L

and,

—  = —  +  — L _  (2.100)
K l  k L HekG

where KL and Kc are the overall liqu id  and gas mass transfer coefficients.

For a sparingly soluble gas the gas film  resistance is negligible and as k G >  

then I  /  » 1  /  (HektP therefore,

k L = K l (2.101)

I f  the gas phase resistance dominates then agitation o f the liquid-phase should 

not make much difference to the mass transfer process. Therefore, in  this

112



Literature Reviews

thesis only mass transfer where the liqu id  phase resistance dominates is 

considered.

According to the film  theory there is a direct dependency o f kLon d iffusivity,

K . =  ~  (2.102)

where 3  is the thickness o f the liqu id  film .

M odifications o f the film  theory, such as the penetration theory o r the surface 

renewal o r surface engulfment theory are also used in  order to explain 

experimental mass transfer results and build  predictive models. These show a 

different dependency o f k L on d iffusivity. For instance the surface renewal 

theory predicts (Danckwerts (1970)),

^ = 2 S ,  (2-103)

where 3  t is the exposure time, which depends upon the hydrodynamics o f the 

system.

The film  theory is norm ally considered adequate to describe the process by 

which mass transfer occurs and is often preferred due to  its simplicity. 

Danckwerts (1970) showed that predictions based on this theory are norm ally 

quantitatively very sim ilar to  those resulting from  the more complicated 

models.

Like heat transfer the process o f rate o f mass transfer is controlled by the 

products o f a mass transfer coefficient an area and a concentration driving 

force,

J  = k LaAC (2.104)

where J  is in  molar rate o f transfer per second per m 3 o f liquid, kL is the liqu id  

film  mass transfer coefficient (m /s), ‘V ’ is the specific gas-liquid interfacial 

area (m2/m 3) and AC  is the concentration driving force (m ol/m 3).

The volum etric rate o f transfer per un it volume o f liqu id  (r) is,
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r  =  k La kC V L (m ol/s) (2.105)

where \ /L is the liqu id  volume

For gas liqu id  mass transfer in  stirred vessels, the mass transfer coefficient 

cannot be easily separated ftom  the interfacial area. The gas hold-up is related 

to the interfacial area from:

6e,.
a — —  (2.106)

db

where £G is the hold-up fraction (m3 gas per m3 dispersion) and dh is the mean 

bubble size (m). Thus it  is common to use a lumped parameter approach and 

quote the mass transfer factor as kLa since this is what is often measured.

These kLa data are often correlated in  a simple form  in  terms o f energy 

dissipation rates and gassing rates expressed in  terms o f the superficial gas 

velocity such as that proposed recently by Gezork et a l (2001), who found 

their data fo r a very wide o f specific power inputs and gassing rates could all 

be correlated by the follow ing empirical equation:

Jk,a =  O .O O S^JVK )061*,0-36 (2.107)

where units o f A':, .; are s'1, (P /V )  in  W /m 3 liquid and vs in  m /s.

Hence to achieve a higher mass transfer factor requires an increase in  the 

specific power inpu t and /o r  the gassing rate. This however also imparts on 

the driving force AC  and die liqu id volume which may w ell decrease as a 

consequence and thus reduce the overall benefit.

The data can be correlated in  dimensionless groups relating heat and mass 

transfer, fo r example by Calderbank and M oo-Young (1961) who obtained the 

follow ing correlations applicable to aerated m ixing vessels:

For rig id  spheres the correlating equation is,

f  a _  V /3
~fPri2/3 =0.31

Cppc
k L Sc2/3 =J?£~-(P£)2/3 =0.31

Pc
(2.108)
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For bubbles >2.5 mm that do not behave like rig id  spheres they found,

where the subscript c refers to the continuous phase. These equations, which

were obtained fo r a range o f solutes, w ith  a large range o f physical properties, 

suggest that the mass transfer coefficient is independent o f the specific power 

input and agitator size, and depends solely on the physical properties o f the 

fluid. This is possible fo r a highly turbulent system. This in  turn  suggests that, 

as far as gas-liquid mass transfer is concerned, the sole purpose o f mechanical 

agitation is to  generate interfacial area fo r the mass transfer process.

Calderbank (1958) had earlier studied gas-liquid hold-up and interfacial area 

using a pressure technique fo r gas hold-up and a ligh t scattering technique to 

estimate the interfacial area. He combined the results to estimate bubble sizes 

using equation (2.106). He quotes his bubble sizes in  terms o f the Sauter mean 

bubble size, d 32 which relates the volume to  the surface area fo r transfer 

according to,

The bubble size estimates were confirm ed using a photographic technique. He

mean diameters in  the range 2 — 5 m m  in  agitated vessels that rise w ith  a 

constant velocity (v,) o f 0.27 m /s. The in terfadal area (a) is given by:

ft 1) 4*
.

-ft
. \ P r J V j *
—06

(  \  
VS

0.5

( 2 .1 1 1 )
(J UJ

where the expression in  square brackets was derived by consideration o f a 

force balance between surface tension forces and those due to turbulent 

fluctuations, that is by using the Kolm ogorov theory o f local homogeneous

L p i  J
(2.109)

(2.110)

found that gas bubbles in  pure fluids (coalescing) bubbles sizes have Sauter
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isotropic turbulence. PG is the mechanical power input to the gas-liquid 

dispersion.

Sridhar and Potter (1980) also used the ligh t attenuation technique to measure 

interfacial area and extended the above correlation fo r higher superficial gas 

velocities (up to 5 cm s-1) and increased pressures, w ith  gas density up to  18 

kg /m 3 and higher specific power inputs {(PG/V )  up to =  10 W /kg) and 

obtained the follow ing m odified correlation:

a = 1.44 (p g / v T p *
<T0'6 u.

E t Pa
. 0.16

(2.112)
V r  air J

where E r  is the sum o f the mechanical energy input PG and the gas energy 

input Pq. The gas energy input is given by the follow ing:

P q  = Q g ( P l  ~  P g ) S ( H l  ~ c s )  (2 -1 1 3 )

where c s is the height o f the sparger from  the bottom  o f the tank.

Thus the increase in  interfacial area is due direcdy to  the increase in  energy 

input by the gas at higher superficial gas velocity and is also due to the 

increased gas density. The 15 times increase in  gas density used in  this w ork is 

predicted by equation (2.112) to produce a 54% increase in  interfacial area.

The effect o f the pressure or gas density on the interfacial area appears to  be 

linked also to  the superficial gas velocity. From  bubble column studies 

W ilkinson et a l (1990) and (1992) explained that this occurred due the 

increased gas density delaying the transition from  homogeneous to 

heterogeneous flow . These authors found a relationship between gas-liquid 

hold-up, interfacial area and gas density w ith  a proportionality of:

Increase in  area or hold-up is proportional to  (pG / p MJ 0'11.

This is not too dissimilar to  what Stidhat and Potter (1980) proposed fo r 

mechanically stirred vessels. O ther workers have confirm ed this effect in  

bubble columns; fo r example Stegeman et a l (1996), who likewise confirmed 

no effect o f pressure on interfacial area in  the homogeneous regime. In  an

116



Literature Reviews

earlier paper Stegeman et al. (1995) claimed no effect o f pressure on hold-up 

and interfacial area in  agitated stirred vessels “ except at extreme values o f gas 

in le t velocity3’. In  this w ork in  a 0.156 m  diameter vessel the maximum 

superficial gas velocity was 0.02 m /s. Except at very high agitation rates this is 

almost certainly operation in  the homogeneous regime. N ote however that 

scale-up at constant W M  would quickly raise the superficial gas velocity to 

values above the transition. M ost large-scale gas-liquid contactors operate in  

the heterogeneous regime where the effect o f pressure on interfacial area w ill 

be significant

Oyevaar (1991) measured interfacial area, using the chemical absorption o f 

CO , in to  aqueous diethanalamine (DEA). They reported a relative increase o f 

up to  200 % in  interfacial area in  a stirred tank contactor when the pressure 

was raised from  0.15 to 8 mPa, dependent on specific power input and gassing 

rate. This is consistent w ith  a coalescence hindering theory fo r delaying the 

transition to  heterogeneous flow . They also claimed a d istributor e ffect

2.8.3.2 Methods of Measuring Gas-liquid Mass Transfer and Interfacial 

Area: A Critical Review

N o subject in  the stirred tank hydrodynamic literature seems to have courted 

as much controversy as gas-liquid mass transfer coefficient measurements. 

Gas-liquid mass transfer measurements can broadly be classified in to  two 

main groups: transient methods and steady-state (or pseudo steady-state) 

methods. These are considered separately looking at the methods, the 

underlying assumptions, any shortcomings and assessing the ir suitability and 

applicability. Reviews o f measuring methods fo r kLa have been covered 

amongst others by van’t  R iet (1979), K eite l and Onken (1981), Linek and 

Benes (1982), Sobotka etal. (1982), Linek eta l (1989), (1991), N icon tin i (1990) 

and Linek and Sinkule, (1993).
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2.8.3.3 Transient Gas-liquid Mass Transfer Measurements

These measurements are generally made using a dissolved oxygen tension 

(D O T) probe to fo llow  the transient o f oxygen transferred to  or from  die 

liqu id  follow ing a step change in  the in le t conditions due to a step change in  

either the in le t gas phase com position or the pressure.

D O T  probes obtained commercially are o f two general types: galvanic or 

polarographic.

Oxygen sensitive electrodes consist usually o f two metal electrodes in  contact 

w ith  an electrolyte and separated from  the test medium by an oxygen 

permeable membrane.

The galvanic types are simple electro-chemical cells in  which oxygen is 

reduced at an ine rt cathode according to  the equation,

- 0 ,  +  H JD  +  2e ->  2OH~ 
2

w ith  an accompanying anodic reaction of,

M ++ + 20 H ~  ->  M {O H )2 +  2e 

where (M*+)  is a metal ion.

The current produced by the galvanic reaction is lim ited by the rate o f oxygen 

d iffusion across the membrane, which is proportional to the oxygen 

concentration in  the test medium.

W ith  the polarographic type electrodes a polarizing voltage is applied across 

the electrodes and current flows in  the presence o f oxygen, which is 

proportion to  die partial pressure o f oxygen in  the test medium. For example 

a polarographic probe w ith  a silver anode, a platinum  cathode and a potassium 

chloride solution electrolyte causes oxygen to be reduced at the Platinum 

cathode according to,
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i  0 2 + H 20  + 2e- —> 20H ~

w hilst at the anode silver is oxidised,

2A g  —> 2 A g + +  2e~ 

then

A g + +  C l —> A gC l 

The overall cell reaction is thus,

~ 0 2 M 20  + 2y4g + 2C l —> 2 0 H  +  2^AgCl (2.114)

The cell reaction sets up a current flow  due to  the conduction o f electrons 

from  anode to  cathode. The hydroxyl ions in  the cell are entirely from  oxygen 

transported across the membrane since this is designed to be impermeable to 

these ions.

The value o f the applied voltages is such that that the current passed by the 

cell in  the presence o f oxygen lies on the plateau (BC) (sketched in  Figure 

2-53) where (A) represents the decomposition voltage fo r a specific reaction.

(BC) lies between 0.5 and 0.9 V  fo r the cell reaction shown in  equation (2.114) 

and fo r such an applied voltage the current passed is proportional to  the rate 

o f oxygen diffusion across the membrane and hence to the oxygen 

concentration in  the test medium
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Figure 2-53: Current plateau for a polarographic probe

Some points to note that affect the analysis o f the output from  these probes 

are given below:

•  The probes have a lag time. The probe dynamics are complicated and 

depend upon the design o f the probe (Spriet and Botterman (1984). 

The dynamics have been variously modelled as a firs t order lag fo r 

“ rapid response probes”  fo r examples W isdom (1973), Davies et al. 

(1985) o r fo r slower probes, a second order lag consisting o f a firs t 

order d iffusion film  lag in  series w ith a firs t order membrane lag as 

proposed by Dang et al. (1977). For second order behaviour, this 

d iffusion lag also depends on the local hydrodynamics and van’t Riet 

(1979) recommends positioning these types o f probe in  the impeller 

stream, i f  these effects are to be neglected. O ther methods suggested 

include using an auxiliary disc rotating in  a direction parallel to the 

probe membrane, K ipke (1977). However, this method has been 

claimed to cause additional gas dispersion and affect the local
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hydrodynamics, thus artificia lly enhancing the measured kLa value 

according to Konig etal. (1979).

•  The probes consume oxygen. This means that i f  the flu id  turnover at 

the membrane is no t sufficiently fast then local oxygen depletion w ill 

occur. This means that the probe position is im portant Also the faster 

the probe response is, generally, the more oxygen they consume and 

the more they are sensitive to the local hydrodynamics.

•  They measure a local concentration. This concentration may only be 

representative o f the whole vessel i f  the liqu id  phase m ixing is fast 

compared to the mass transfer. In  earlier w ork, Cooke et al. (1988) 

showed that the m ixing had to be approximately three times faster 

than the mass transfer in  order fo r the “ well-m ixed”  liqu id  w ith  

respect to the mass transfer assumption to be realistic.

•  The probe reading is proportional to  the partial pressure o f oxygen 

which is required to produce the equilibrium  oxygen concentration in  

the solution, regardless o f its solubility in  the solution at a given 

temperature. Hence, i f  the solubility changes, due changes in  

composition o f the solute, the equilibrium  reading w ill not change. 

This is im portant in  systems like fermentations where changes in  

glucose concentrations w ith  time can have a marked effect on oxygen 

solubility w ith  a consequent change in  calibration.

•  Follow ing from  the above, they do not differentiate between the 

oxygen partial pressure in  the liqu id  and the oxygen partial pressure in  

the gas. They measure both w ithout distinction. Votruba and Sobota 

(1976) showed that ignoring the influence o f the gas-phase 

contribution to  the probe readings could lead to an overestimation o f 

the overall mass transfer factor kLa. Votruba et a l (1977 and 1978) 

suggested a method o f correcting fo r the effect o f local hold-up on the 

probe. To minim ise the effect o f gas bubbles “ seen”  by the probe 

membrane the probe needs to be orientated so that the probe
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membrane receives a positive liquid flow  (high pressure at the 

membrane), so that i t  “ sees”  predominantly liqu id  and not gas at the 

membrane.

•  The readings ate temperature sensitive so temperature should be 

controlled or compensated for.

Dynamic response analysis using D O T  probes consists o f analysing the 

response o f probes to a step change in  either the in le t gas phase composition 

or the pressure.

Some methods by which the step change in  oxygen concentration has been 

achieved are included in  Table 2-14.

A lthough the dynamic method quickly gained considerable popularity it  was 

soon realised that under many conditions considerable errors resulted from  its 

use.

I t  can be seen how these errors arrive by consideration o f the assumptions 

behind the modelling.

2.8.3.3.1 Liquid Film Control

I t  is assumed that the transfer o f gas to and from  the liqu id  film  is controlled 

by d iffusion o f oxygen across the film  at the surface o f the bubble. This is a 

reasonable assumption fo r a sparingly soluble gas.
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Method o f Achieving Oxygen  
step change:

Reference example Comments

1 /  S trip p in g  w ith  n itro g e n  gas 
w ith  instantaneous sw itch in g  to  
a ir a t constan t gassing and 
s tirrin g  rates. Can be operated in  
reverse d ire c tio n  sw itch in g  fro m  
a ir to  n itro g e n . In  some varian ts 
the oudet gas-phase 
co n ce n tra tio n  w ith  tim e is also 
m easured.

C hapm an (1981) 

Chapm an eta/. (1982) 

G ib ila ro  et al. (1985)

T he w ay the n itro g e n  gas 
leaves the vessel depends upon  
gas-phase m ix in g . T he  gas- 
phase oxygen co n ce n tra tio n  
changes m arked ly w ith  tim e. 
S im ultaneous d isso lu tio n  and 
d e vo lu tio n  is o ccu rrin g

2 / S m piping w ith  n itro g e n  gas. 
N itro g e n  and a g ita tion  sw itched 
o f f  to  a llo w  bubbles to  e sea pie 
then sim u ltaneously sw itch in g  
on  a ir and a g ita tion  at the 
desired gassing rate.

Y agi and Y osh ida  (1975)

B o th  P /V  and the gas h o ld -u p  
va ry w ith  tim e  d u rin g  the  in itia l 
p e rio d  a fte r the  gas and 
a g ita tion  is sw itched  on .

3 /  S trip p in g  w ith  n itro g e n  gas. 
S w itch ing  o f f  n itro g e n  to  a llo w  
bubbles to  e sea pie w ith  a g ita to r 
on , then suddenly sw itch in g  to  
a ir a t the desired gassing rate.

S m ith  et al. (1977)

B o th  P /V  and the gas h o ld -u p  
va ry  w ith  tim e  a fte r the gas is 
sw itched  on.

4 /  S im ila r to  the above b u t 
s to p p ing  by vacuum  d e so rp tio n  
and then  sw itch in g  to  oxygen

Lm ek et a l (1982)

S ta rt-up  tim e  has to  be 
m ode lled  b u t the gas-phase 
co m p o s itio n  does n o t change 
w ith  tim e. N o t su itab le  to  large 
scale tests.

5 /  C on tin u ou s a ir in p u t.
O xygen stnppied chem ica lly 
using a sm all am oun t o f  sod ium  
su lph ite  w ith  co b a lt catalyst. 
W hen the su lph ite  is used up  the 
trans ien t begins.

W isdom  (1973)

System  has to  be dosed w ith  
salts to  p re ve n t change in  io n ic  
co n ce n tra tio n  e ffe c tin g  
coalescence, hence o n ly  
su itable fo r “ non-coa lescing”  
“ tests.

6 /  F erm en ta tion  a t steady-state 
oxygen. S w itch  o f f  a ir and 
m easure oxygen uptake rate by 
fa ll in  oxygen concen tra tion . 
T hen  w hen a ir is sw itched  back 
on  k ,a  can be estim ated fro m  
abso rp tio n  cu rve , as the oxygen 
uptake rate is then know n .

W illiam s (1961)

P rob lem s associated w ith  o th e r 
va rian ts o f  the  dynam ic 
m ethod  s till e x is t

7 /  O ver-pressure used. A t tim e  
zero a sudden change m 
pressure fro m  steady-state 
c o n d itio n  resu lts in  a transien t 
oxygen co n ce n tra tio n  change.

L in e k  et aL (1991) and 
(1994).

Gas vo lu m e  and p o w e r in p u t 
changes in itia lly  u n til d ie  new  
e q u ilib riu m  is established. F o r 
pressure red u ctio n , bubb le  
nuclea tion  occurs L in e k  et a l 
(1994). G as-phase co m p o s itio n  
is constan t

Table 2-14: Some dynamic k u t methods
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2.8.3.3.2 H e n ry ’s Law

The oxygen concentration o f the liqu id  at the gas-liquid interface is assumed 

to be always in  equilibrium  w ith  the gas phase as defined by Henry’s Law. This 

implies that the rate at which oxygen is transferred across a single bubble o f 

sui&ce (J) is given by:

i L [ { x : G- c L)<is (2.U5)

where X  is 1 jH e  and He is the Henry’s law factor. Subscripts G  and L  refer to 

die gas and liqu id  phase respectively. Note tiia t Henry’s constant changes w ith  

changes in  com position and temperature. W itii transient methods the 

equilibrium  value is measured at the end o f the transient, hence calibration can 

be achieved by norm alizing w id i C* noting that at equilibrium  C* =  XjCGt.

2.8.3.3.3 L iq u id  M ix in g

As stated by Bailey and O llis (1986) the local oxygen transfer rate often varies 

w ith  position in  the reactor. For the output o f a single probe to represent the 

whole o f the vessel requires an assumption diat the liqu id  is perfecdy backed 

mixed. That is that the measured value o f CL is independent o f position. This 

means that the liqu id  m ixing must be faster than the mass transfer. Cooke et a l 

(1988) showed that the liqu id  m ixing needed to be three times faster than the 

mass transfer fo r this assumption to be approximately valid. I f  the liqu id  is 

w ell m ixed w ith  regards to the mass transfer then,

dC e
=  f a a M  -  V Lk LaCL (2.116)

where S is the surface area o f die bubbles, XCG = C* and:

k L [dS
k La =  — f -  (2.117)
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Usage o f a number o f probes in  d ifferent positions s till requires an assumption 

that locally the liqu id  is w ell m ixed and the im position o f a volume over which 

the ideal liqu id phase m ixing is applied. For m ultip le agitated vessels this could 

be the volume agitated by each agitator. In  a recent paper by Lu  et a l (2002), 

the authors estimated kLa using a small D O T  probe in  many numerous places 

in  a m ultiple agitation system and reported variations not only between 

agitation zones but also w ith in  them? The authors show contro l volumes over 

which they have assumed the liqu id  is locally w ell mixed. This approach 

certainly demonstrated that the bulk liqu id  is no t w e ll m ixed in  this case, bu t 

whether die kLa values estimated have any real meaning in  this case is 

debatable, although one could argue a global average o f a ll the results is likely 

to be more representative o f the vessel than a single value, when a global w ell- 

m ixed liquid is clearly not applicable.

2.8.3.3.4 Probe Lag

W isdom (1973) outlined a method whereby the response o f the probe and 

measuring system to  a step change at the sensor could be tested fo r firs t order 

response behaviour by p lo tting  a graph o f the logarithm  o f the concentration 

deficit (C*-C) against tim e where a resulting straight line confirm ed a 

reasonable f it  to  firs t order behaviour. Rapid response probes w ith  time 

constants (Tp) o f < 3 seconds can usually be adequately modelled as a firs t 

order lag and this can be then be used to  de-convolute the measured 

concentrations in  either the gas or liqu id  phase according to,

_ ( c - c j
dt Tp

Van’t  Riet (1979) reports that the probe k g  can be neglected when Tp <  1 /5  

kLa as this produces an error in  kLa o f <  3%.
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2.S.3.3.5 Gas-phase C om position

For method 4 (or method 5 used w ith  pure oxygen) listed in  Table 2-14, fo r all 

times greater than t  =  0, the gas phase consists o f a single component gas 

hence the oxygen concentration o f the gas-phase does no t change and 

providing any start-up period can be reasonably modelled (as described fo r 

instance by Linek et a l 1982), the method should give a good approximation 

o f a global k L a when the liquid-phase can be considered well-m ixed.

For cases invo lving oxygen transport from  air then in  order to  solve equation 

(2.116) the corresponding gas-phase concentration need to  be estimated. For a 

single probe representing a well-m ixed liqu id  vessel this needs to  be a global 

estimate and this has variously been represented as no depletion, ideally back 

mixed, ideal plug flow , non-ideally mixed using a dispersion model o r by 

measuring die outlet concentration w ith  time (double response) analysis as 

discussed below.

N o  d ep le tio n  o r s im p le  m odel: The oxygen concentration is assumed to  the 

same everywhere and equal to die inlet. The justification fo r this approach is 

that oxygen is only sparingly soluble in  aqueous systems. Therefore, providing 

kxa is low  and the gas phase residence tim e (Tq) is very much shorter than the 

tim e constant fo r Mja, this approach has been shown to  give very sim ilar 

results to more robust measurement techniques in  air-water. The attraction o f 

the technique is that it  is quick and simple to apply. The mass balance gives:

‘̂  =  k La{XCa - C L ) (2.119)
at

where XCGi —CL — die equilibrium  liquid-phase oxygen concentration. 

Integration o f equation (2.119) yields:
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In
r C* - C  N

^  (2.120)

This model has been variously used w ith  methods 1 to  5 in  Table 2-14.

In  methods 1 to 4 it  is usual to start at time t1 about one th ird  up the response 

curve to allow either all the residual nitrogen gas to have escaped from  the 

vessel o r to establish the hold-up from  the start-up time. M ethod 5 can be 

used from  t  — 0 — start o f transient but note in  this case the presence o f salts 

means that the system is ion ic and it  w ill seen later that this poses its own 

problems w ith  dynamic measurements. The usual test fo r consistency o f this 

modelling is that \n.[(CG- C ^ I  (  Cj *-CT) }  versus t  should f it  a straight line w ith  

an R2 correlation coefficient o f > 0.999.

This method only gives acceptable results i f  TG « 1  /  kLa.

Van’t  R iet (1979) showed that TG =€GH L/v s and that as SG scales w ith  vs at 

constant (P / L ) then it  follows that TG increases w ith  scale. Therefore, the 

method is only suitable fo r small vessels where tG is tru ly « 1  jk La. I f  

methods 1 to 4, from  Table 2-14, are applied by fitting  equation (2.119) from  t  

— 0 and CL ~ 0, then it  cannot be justified as the effect o f the start-up period 

on either the gas-phase hold-up and energy dissipation rates o r the effect o f 

residual nitrogen gas fo r quick change-over methods, leads to errors in  fittin g  

the beginning o f the response curve. This leads to  an underestimation o f kLa 

even fo r values apparendy <  0.04sA by this method as shown by Chapman 

(1981) and again by Davies (1986).

In  spite o f the drawbacks and bad press; examples D unn and Einsele (1975), 

Dang et al. (1977) Davies (1986) lin e k  et a l (1989), (1991), N icon ttn i (1990) 

and Linek and Sinkule, (1993); the above method is s till being used. A  recent 

example was Lu et al. (2002) using method 1 from  Table 2-14 fitted  to 

equation (2.119), and ignoring the probe lag time. In  this case i t  was probably
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justified as the w ork was done in  air-water and fo r the conditions they used 

both Tp <  1 / 5k^a and Tc <  1/5kLa.

Well-mixed gas and liquid-phase model: D unn and Einsele (1975) pointed 

out the danger o f ignoring the probe and gas-phase dynamics and proposed a 

model w ith  a well-m ixed gas and liquid-phase where the probe lag was also 

included. In  order to  apply this model, fo r example fo r m ethod 1 in  Table 

2-14, requires some more generalising assumptions. I t  is assumed that at any 

time t  the gas concentration is equal everywhere but in  this case equal to the 

outlet concentration, which is not necessarily the same as the inlet. Ignoring 

nitrogen devolution from  the liqu id then from  the perfect liqu id  m ixing 

assumption:

^  = \« ( A C g - C l ) (2.121)
at

A  gas-phase oxygen balance shows oxygen supplied w ith  the sparge stream 

and lost by gas leaving the reactor plus oxygen lost to  the liqu id  stream by 

transfer thus:

V G =  Q (ca - C G) - V Lk La{ACG - C L) (2 .122)
at

w ith  boundary conditions CG — — 0 at time t  — 0.

Davies (1986), showed that this model (applied to  m ethod 1) consistently 

overestimates kLa as it  underestimates the oxygen driving force. I t  can only be 

applicable in  cases o f very high gas recirculation rates.

Plug-flow gas phase model: A  physically more realistic model o f the gas- 

phase, especially fo r larger vessels w ith  higher superficial gas velocities, is ideal 

plug flow. In  this case the unsteady-state gas balance allows the gas-phase to
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change w ith  position as w ell as time. A  mass balance to describe m ethod 1 in  

Table 2-14 was given by Davies (1986):

Non-ideal (double response) gas-phase model:

Chapman et a l (1982) argued that by simultaneously measuring the liqu id  

concentration and the outlet gas concentration the gas-phase m iring  term  

could be eliminated. In itia lly , at time zero there is no oxygen in  the system. A t 

some time later the amount o f oxygen retained in  the system is the difference 

between the oxygen sparged in  and that in  the oudet gas. The authors 

assumed a mono-sized gas dispersion and negligible change in  gas volum e (or 

that the amount o f oxygen transfer from  the gas phase to  the liqu id  equals the 

amount o f nitrogen devolved). The gas and liqu id  concentrations were 

normalized by dividing gas and liqu id  concentrations by the final steady-state 

values to obtain the follow ing mass balance:

d e l

k j a = ---------------------- - ------ t ------------ r- (2.123)

'  £ - r (1- o - c ;

The off-gas was collected in  an inverted funnel arrangement and measured 

using an oxygen probe. The data were de-convoluted fo r probe lags using 

equation (2.118). The lag in  the sampling system needs to  be modelled. In  m y 

own experience o f the use o f this method, this was modelled as a distance­

time lag assuming plug flo w  followed by a firs t order probe lag. The distance- 

time lag was a fitted  value as the flow  was not easy to  determine. I t  was noted 

that fo r a large vessel, the “ fitted”  value was much longer than physics would 

suggest from  a lag from  the free liqu id  surface to the probe, and w ould seem 

to include the gas residence time from  the liqu id  probe to the free surface. 

Nevertheless this m ethod proved to  be reasonably robust fo r air-water and in  

agreement w ith  steady-state methods o f measuring kLa in  the same system. In  

the comparisons made by Davies (1986) (he double response method gave
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results that were higher though close to the ideal plug flow  gas phase model. 

By comparison the simple no-depletion model seriously underestimated kLa 

under some conditions, w hilst under the same conditions the fu lly  back-mixed 

gas-phase model seriously overestimated kLa and these effects were both non­

linear meaning that the methods were not even viable fo r comparative tests.

2.S.3.3.6 Dynamic kLa Measurements in Live Fermentation Cultures.

This is method 6 in  Table 2-14

^  = kLa{cL* - C L ) - a 0 X  (2.124)
dt

X  is cell constant and is the specific oxygen uptake rate. O ther terms have 

their usual meaning. W hen air is switched o ff, the firs t term  is zero:

dC_

dt
~  ~ao2 X  —> \dC  -  -  Ja0 X d t

c„ /=o
C —C g = —aQ X t  (2.125)

C  =  — an X / +  CUj 0

The group X . can be evaluated by P lotting “ C”  against time.

When the air is switched on,

^  + a0 X  = kLa ( c ' - C ) (2.126)
dt

As the group a0 X is  known, this expression can be evaluated to  yield k La.
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2.8.3.3.7 Undesirable Effect of a Two-component System, Using 

Transient Methods to Estimate kLa in Aerated Systems

For air-liquid systems other than pure water, experimenters using transient 

methods compared to  steady-state evaluations have reported some large 

differences in  estimated kLa values. Examples include Cooke et a l (1991) 

where it  is found that fo r water containing either 20-ppm polypropylene glycol 

(PPG) or 0.4% sodium carboxyl-methyl-cellulose (CMC), the transient kLa is 

around 20% o f the steady-state values at the same conditions. Likewise Linek 

et a l (1991) repotted transient kLa by the gassing out technique as low  as 15% 

o f values determined from  the pressure swing technique in  fermentation 

medium.

Heijnen et a l (1980) identified the influence o f the tiny gas bubbles in  transient 

two-component gas systems as the cause o f these discrepancies. W hen 

subjected to a transient change in  the gas-phase com position these bubbles 

have such a small gas-liquid equilibrium  time compared to their residence time 

that they act as a pseudo-liquid w ith  the oxygen change in  these tiny bubbles 

m irroring the liquid-phase composition. However as oxygen at equilibrium  is 

approximately 30 times as concentrated in  the gas phase as the liqu id  phase a 

small volume percentage o f these bubbles makes a large difference to  the 

oxygen up-take rate. The authors proposed a correction m ethod fo r dynamic 

kLa according to the follow ing relationship:

k La -  k LaD (1 +  He€/b) (2.126)

where kLaD is the dynamic mass transfer factor and £lh (— X fJ  HjJ is the 

volume fraction o f tiny (two-component) bubbles. Taking a typical value o f 

He as 30 fo r air-water, then a 3% hold-up o f tiny bubbles is predicted to 

decrease the “ dynamic”  value kLa to 53% o f the real “ steady-state”  value.
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2.8.3.3.8 Conclusions Regarding the Dynamic Methods of measuring 

kLa in Aerated Systems

The transient m ethod o f k, a measurement in  air-water systems is only suitable 

fo r pure coalescing liquids except by the positive pressure swing method. For 

fluids containing electrolytes o r surfactants o r whose properties give rise to  a 

fraction o f tiny bubbles w ith  a residence time > >  equilibrium  time, the 

transient method w ill give an artificia lly ‘flow ’1 value and considerable errors.

W hen used the method has include a “ realistic”  description o f the gas-phase 

dynamics as described above.

M ethod 4 from  Table 2-14 is sound but is only suitable fo r small-scale w ork 

where large quantities o f oxygen are no t demanded. Hence it  cannot be used 

to  investigate scale effects.
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Figure 2-54: Testing the well mixed liquid phase assumption for air-water. 
To be well mixed the ratio of the time constant for mass transfer ( T(kut) = 
1/kud) should be > three times the time constant for mixing (Tmix). 
Assuming first order mixing Tmix = t9o/ln(10). The calculations were done 
assuming an H = T  baffled cylindrical vessel containing a single D = T /Z  
Scab a 6SRGT impeller at a clearance of T/4.
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A ll methods (including steady-state methods) use a well-m ixed liqu id  phase 

assumption. I t  can be shown that this is only justified globally fo r modest 

power inputs, scales and gassing rates. A n examination o f equations (2.54) 

(mixing) and equation (2.107) (mass-transfer) shows that on a given scale 

m ixing times are proportional to  Pf/3 whereas k rja is proportional to P '61. Thus 

as P / V  increases it  becomes less likely that the well-m ixed liqu id  assumption 

applies. W ith  higher H /T  and m ultiple agitators the m ixing gets worse overall 

but not the mass transfer. As scale increases the m ixing gets worse. For a 2 m  

diameter vessel, calculations show that at almost all practical operating 

conditions in  air-water the well-m ixed assumption is no t justified even fo r a 

single agitator in  an h i =  T  geometry. This is illustrated in  Figure 2-54, by data 

points below the “ well-m ixed line” . Even a small vessel o f T  — 0.3 m  is not 

w ell m ixed w ith  respect to  mass transfer at a superficial gas velocity o f 0.1 

m /s. On the 2 m  vessel a ll kLa values above 0.07 s'1 (a common fermentation 

value) cannot be assumed to satisfy a well-m ixed liqu id  phase assumption.

2.8.3.4 Steady-state or Pseudo Steady-state Gas-liquid Mass Transfer 

Measurements

Steady-state methods have the advantage that they are no t as dependent on 

the gas-phase hydrodynamics when two component gas-phase systems are 

used, since they involve sparingly soluble gases and in  most cases the 

differences between the in le t and outlet gas phase com position is small.

Konig et a l (1979) used a purely physical steady-state method feeding nitrogen 

stripped liqu id  from  a bubble column to  a temperature controlled aerated 

stirred tank reactor. The liqu id  was continuously removed from  the reactor 

and fed back via a degasser to the bubble column where it  the oxygen was 

removed. The oxygen in  the feed Cu  and the oxygen in  the stirred tank CL 

were continuously measured. kLa is calculated from  an overall oxygen balance. 

For the gas-phase,
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In  — out - transfer

Q c f io i -  Q go +  ^L^La ( ^ G  ~  C l )

For the liqu id  phase,

In  =  out + transfer

Q lf^ U  =  Qlo ~ ^La( ^ G  ~ C l )

where Q  is a volum etric flow  rate and subscripts G, L , i  and o refer to gas, 

liquid, in le t and outlet respectively and ZCG is the equilibrium  oxygen at the 

interface =  C7*.

A t steady-state, since oxygen is only sparingly soluble in  water,

Q ,g  ~  Q m  —  Q ,g o  a rLc^  —  Q n  ~  O l d

Assuming a well-m ixed liquid, then CL — Therefore:

V ^ k La (C l — C L ) =  Q.G{C a  - Q 0) =  <2l (C l  - C jj) (2.128)

T lius k,a  can be found by rearranging the above equation to give,

, =  j2 g ( Q , - Q 0 ) (2129)
V L (C L - C L )

The unknown CGO can be found ftom  equation (2.123)

C a o = C o i - ^ ( C L - C LI)  (2.130)

which substituted back in to  equation (2,124) results in,

k a = Q ± ( £ k z £ J  (2131)
V L (C L - C L )

N ote that j2 l /  V j is the liqu id  residence time TL.

The oxygen driving force (C L — CL ) can be estimated fo r the follow ing cases: 

N o oxygen Depletion: (C ^ — C L ) =  (ZC Gi — C L )
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W ell mixed gas-phase: (C L — C L ) =  (ACGO — C L )

™.. „ x {c’u - c L) - [ c l 0 - c L) _  l{CGI- C go)
Plug flow  gas-phase: (CL- C L) = ------- ' '  .

In f  1 I Inf 1
KC'LO-CLJ C - C

T liis  looks an elegant technique. In  practice however, it  is found that in  order 

to m inim ise errors CL needs to be w e ll below the saturation value as shown 

fo r example by Keite l and Onken (1981). This requires high liqu id  flows, 

which lim its the applications to small scale and may effect the well-m ixed 

liqu id  assumption as w ell as the local hydrodynamics.

N ote also that here the “ w ell mixed”  assumption infers C * and CL are 

independent o f position and time. Bailey and O llis (1986) teach us that in  

practice these quantities vary w ith  position and should be considered the 

summation o r integration o f po in t values w ith in  the system. Therefore the 

oxygen probe should be used in  a number o f positions o r m ultip le probes 

should be used.

Chemical methods can be used to yield simultaneously the liqu id  side mass 

transfer coefficient “ k ”  and the interfacial area ‘V ’, according to  the theory 

given by Danckwerts (1970). This is based on the film  theory, although it  is 

shown that other theories result in  almost identical predictions. The treatment 

revolves around the relative rates o f gas-liquid mass transfer and reaction. The 

reaction rate controls the overall rate i f  i t  is very slow. I f  i t  is fast the overall 

rate is controlled by the mass transfer rate. Very fast reactions influence the 

d iffusion process, causing enhancement o f mass transfer above the purely 

physical case; this enhancement depends upon the reaction rate. In  the 

“ instantaneous”  reaction regime, mass transfer again controls the overall rate 

o f the process.
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According to  Danckwerts (1970), the use o f a chemical reaction to 

simultaneously measure “ &L”  and is dependent on a general pseudo-order 

reaction scheme o f the type:

nA + mB — > products  (2.132)

o f order n in  dissolving gas component A  and m in  liqu id phase component B, 

and where n f m —q.

I f  C 4 and Cn represent the molar concentrations o f A  and B respectively in  the 

liquid, then the rate o f reaction o f A  is given by,

rA — k um CA C'g moles / s /u n it vol. o f liquid. (2.133)

A  reaction tim e (T[t) is defined as,

'R (2.134)

The mass transfer o f A  in to  the liqu id  is described by,

rA — k r a(C*A ~ C A) m o les/s/un it vo l. o f liqu id  (2.135)

where is die mass transfer coefficient, “a”  is the interfacial area per un it

volume o f reactor and C*  is the interface concentration o f A .

A  mass transfer d iffusion tim e is defined as,

r D = ^ t  (2.136)
L

where D L is the d iffusiv ity o f the transferring species A  in  the liquid. I f  a 

“ fast”  reaction is occurring w ith in  the diffusion film  near the interface it  w ill 

enhance the reaction and equation (2.135) becomes,

rA = k ,_ *a (C 'A - C A) (2.137)

where
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v  2D^Jc:-cj~'(c°By 
V  «  + 1

I t  is noted that k L *  depends on the reaction rates not the hydrodynamics 

conditions. Also fo r fast reactions CA is zero as the gas reacts as soon as it  is 

transferred. The ratio o f d iffusion to reaction neat the gas-liquid interface is 

expressed as the Hatta number (Ha) that is expressed as,

Ha =  ^ /rD/ r R (2.136)

The Hatta number determines the extent to  which d iffusion controls the 

liqu id phase reaction rate.

D iffu s io n  con tro l: For a pseudo ?rib order reaction where the concentration 

o f B in  the film  is approximately constant the fo llow ing condition given by 

Sharma and Danckwerts (1970) holds,

H a  = ---- a P i A . f a r f a ) '
« + l

■ 0A C 1
«  — (2.140)

<i c a/

For a pseudo firs t order reaction (first order in  A. and B w ith  B »  A ), which 

is moderately fast so that,

0.02 < —  < 2 (2.141)

then in  this region,

r„  =  a C A j D LM2C cB + k L2 (2.142)

Therefore, i f  is varied, a p lo t o f (rvf  versus k2C l has a slope o f

DL(a C A)2 and an intercept o f (kL CA)2. Thus, kL and a can be determined 

simultaneously. This is known as a Danckwerts p lo t

I f  the rate o f reaction is sufficiently fast such that the Hatta number (Ha) >  3, 

in  which,
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H a =  —
k.

2DLMjc:r(cir
Jl +  l

> 3 (2.143)

Then the reaction occurs in  the 61m near the liqu id  interface (no liqu id  61m 

resistance) and the rate o f absorption o f gas per un it volum e o f dispersion fo r 

a pseudo 6rst order reaction is given by,

rv = « C atJd l AC I  (2.144)

In  this regime the interfacial area “ a”  can be determined.

The oxidation o f sodium sulphite catalysed by small amounts o f C t/+ or Co2+ 

ions in  an aqueous phase has classically been used fo r mass transfer and 

interfacial area determinations. However the presence o f sulphite and sulphate 

ions means that solution is non-coalescing and hence is no t suitable for 

studying non-coalescing systems. The chemical kinetics o f the reaction must 

be accurately known (d ifficu lt when small quantities are involved) fo r reliable 

measurements to  be made. As the oxygen concentration in  the liqu id  phase 

tends to 2ero, the rate o f absorption o f oxygen is m onitored by titra tion  o f the 

unreacted sulphite w ith  time.

Danckwerts (10-3, 1970) and Van’t  Riet (1979) have reviewed the problems 

w ith  the chemical technique using the sodium sulphite oxidation scheme that 

includes complicated kinetics, which are affected by ions, concentrations, pH  

and im purities and these and other unfavourable reviews have led to the 

decrease in  the use o f this technique fo r interfacial area and kLa 

measurements.

Sridharan and Sharma (1976) give a comprehensive lis t o f systems that have 

been developed fo r the measurement o f the “ effective”  interfacial area by the 

chemical method, which allow the use o f a wide range o f hydrocarbon 

solvents using the reaction between carbon dioxide and amines.

The term  “ effective”  surface area fo r interfacial area derived by chemical 

techniques arises from  the fact that considerable differences in  interfacial area
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determined by the chemical technique compared to physical techniques such 

as ligh t scattering have been reported by, fo r example, Sridar and Potter

(1978). The interfacial area determined by the chemical method is less than 

that found by physical methods. This was considered to be due to variations in  

mass transfer regimes in  d ifferent regions o f the vessel due to spatial variations 

in  energy dissipation rates. I t  may also be due to incorrect kinetics being 

applied.

2.8.3.4.1 Respiring Yeast for Steady-state Gas-liquid Mass Transfer 

Measurements

Biological systems containing liv ing  organisms can be used to estimate k La 

under steady-state conditions by measuring the dissolved oxygen 

concentration and the oxygen uptake rate (OUR), which is determined by a 

mass balance on oxygen. A t equilibrium ,

OUR = Q c (Ca - C a )K ' /V L = k la ( C * - C j  (2.145)

where jQq is the volum etric gas flow  and the constant K ’ is determined from  

the ideal gas laws, K 1 “  .
*  R T

N otep /is  the in le t pressure ~  (atmospheric +  head +  over-pressure).

However, as pointed out in  section 2.8.3.3.2, the solubility o f oxygen in  

fermentation medium depends on composition, which is d ifficu lt to keep 

constant. This makes determination o f the correct H enry’s law constant to use 

at any given time in  the fermentation process somewhat problematic.

Hickman (1985) overcame this problem  by using respiring yeast in  a model 

flu id  to  estimate mass transfer coefficients in  model fermentation broths. 

Yeast has little  o r no effect on Henry’s constant and is equally happy under 

aerobic and anaerobic conditions producing alcohol under the latter 

conditions. By use o f a lim iting  glucose supply he was able achieve steady- 

state dissolved oxygen levels using the resp iring  yeast, coupled w ith  constant
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low  glucose concentrations in  the liqu id  (constant Henry’s law constant). He 

was concerned w ith  the effect o f die theological properties on the mass 

transfer properties which he altered using CMC additions. The liqu id  side 

mass transfer factor was determined from  equation (2.145).

2.8.3.4.2 The Peroxide Technique for Pseudo Steady-state Gas-liquid 

Mass Transfer Measurements

This m ethod was originally proposed by Hickman (1988) and investigated by 

Cooke et a l (1991). In  its original form ulation 30% hydrogen peroxide is 

continuously added to the liqu id  phase at a m olar feed rate QHj0i where it

broken down by the enzyme Catalase (BD H  L td  o r Sigma Chemicals Ltd, 

bovine liver extract, 2 x 10s enzyme units (EU) per m l. The reaction scheme is 

as follows,

2H 20 2 ■■ Cv/ >2H 20 +  0 2 (2.146)

w ith  a rate o f,

r  — constant X  [H 20 2 ]A \catY (2.147)

M uller and Davidson, (1992) and M artin  et a l (1994) used activated manganese 

dioxide as an alternative catalyst. Vasconcelos et a l (1997) showed that the 

same reaction kinetics could be applied fo r both methods o f catalysis 

(obtaining comparable results both methods), which are firs t order w ith  

respect to hydrogen peroxide and independent o f the catalyst concentration 

over a wide range. That is, A=1 and B=0.

Oxygen is continuously produced in  the liqu id  and stripped by the continuous 

flo w  o f air. In itia lly  hydrogen peroxide and oxygen accumulate in  the liqu id 

u n til a steady state is reached where the reaction rate is balanced by the 

peroxide addition rate and the rate o f oxygen production is equal to the
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oxygen transfer rate (OTR) from  the liqu id  phase to  the gas phase. For this 

condition,

r  —j*2h ,o ,
(2.148)

and from  die stoichiometry,

-  =  OTK = k ,a (C  
2 He

(2.149)

The oudet gas concentration CGo can be measured or may be calculated by 

mass balance, once the oudet gas flow  QjGa is known. Assuming the ideal gas 

law applies this is as follows,

0~G o ~ Q g; +
o t r .v l r t

Pi
A
P q

(2.150)

giving,

(Q i +  O TR.VL )

Q
(2.151)

Go

Hickman (1988) claims the calculated oudet gas concentration is in  good 

agreement w ith  the measured value.

Then assuming a well-m ixed liqu id phase, CL is constant and the driving force 

(Ci: CGjH e) can be calculated according to,

For a well-m ixed gas phase,

GO

For a plug flow  gas-phase, 

{C h - C 'c ) =
k L G ( C L - C 'c '  

In L c '

(2.152)

(2.153)

C L - C Go

Under the experimental conditions used, there is litde  difference between the 

in le t and oudet gas concentrations and differences in  k} a values between the
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two gas-phase models ate generally <  5%. The difference in  gas flo w  rates 

between the in le t and oudet is also small, generally about 0.5%.

The liquid-phase m ixing could be im portant as pointed out by Hickm an 

(1988); “ I f  liquid mixing wen poor; then the reaction kinetics an such that it  would be 

possible to have point to point variations of peroxide concentration and naction rate. 

Consequently there would be point to point variations of dissolved oxygen concentration which 

wouldpnvent the measurement o f accurate kLa valued\  In  extreme cases, very viscous, 

o r large vessels where the liqu id  m ixing is very poor he recommends the use 

o f m ulti-po in t addition o f hydrogen peroxide.

Catalase is quickly deactivated in  strong electrolyte solutions containing salts 

so manganese dioxide is preferred in  this case. The latter is also much more 

stable.

The restrictions to  the use o f manganese dioxide are when a dissolved species 

may be absorbed by manganese dioxide and therefore more easily degraded by 

oxidation. For example carbohydrates o r polyhydroxy compounds such as 

polypropylene glycol (PPG) as reported by M artin  et a l (1994) and 

Vasconcelos et al. (1997). M artin reports the effect o f the M n02 catalyst on 

PPG solutions is to rapidly reduce the coalescence retardation properties o f 

the solution.

The hydrogen peroxide method w ith  the choice o f catalyst to suit the solution 

is rapidly becoming “ the standard”  technique fo r mass transfer measurements 

in  gas-liquid systems.

2.8.3.5 Solid-liquid Mass Transfer in Agitated Vessels

For solid-liquid mass transfer, o ff-bo ttom  suspension is usually all that is 

required. N ienow and Miles (1978) found that the mass transfer coefficient at 

the just suspension condition is almost independent o f m ixer type, size and 

specific power input fo r a baffled vessel and a given solid-liquid system. Hence
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agitator configurations that are particularly efficient fo r particle suspension 

require less mechanical power to achieve a given mass transfer duty.

Unbaffled vessels which utilise sw irl to achieve just suspension conditions at 

lower power inputs than baffled tank have been shown to have higher values 

o f particle-fluid mass transfer coefficients at the same power consumption as 

baffled vessels fo r example by G risafi et al. (1994).

It is concluded that fo r a batch system off-bo ttom  suspension is generally all 

that is required fo r particle-liquid mass transfer. However, in  a continuous 

system a bottom  heavy suspension could result in a shorter residence time for 

the solid phase, which would result in poorer mass transfer. Hence fo r a 

continuous system the residence time distribution o f the phases needs to be 

considered fo r mass transfer purposes.

2.83.6 Gas-liquid-solid Mass Transfer in Agitated Vessels

A typical example o f gas-liquid-solid mass transfer is an aerobic fermentation 

where oxygen from  the gas-phase must reach the surface o f the growing cells 

that are suspended in the liquid. The resistance diagram fo r this is shown in 

Figure 2-55 from  Levenspiel (1972 - Chapter 13, Fluid-Fluid Reactions).

Gas-liquid interface

Surface of oxygerv 
absorbing ceils "

T - C°2-‘ l |r .  K \yC\v ^

Figure 2-55: Resistances to oxygen absorption by cells in an aerobic 
fermenter
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I t  is obviously im portant fo r a designer to  decide whether the m ajor mass 

transfer lim itation lies at gas-liquid or solid-liquid interfaces and this can be 

ascertained by independently changing the gas-liquid interfacial area and the 

amount or size o f the solid.

A  strategy using a semi-technical reactor could fo r example be:

Under isothermal conditions and w ith  reactant gas at a rate where the reacting 

gas leaves the reactor and w ith  slurry concentration and particle size 

distribution fixed:

A lte r the pressure to alter the equilibrium  concentration (U*). Unless reaction is 

instantaneous, this should affect the rate.

A lte r the agitation rate at fixed temperature, pressure and gassing rate. This 

alters k G and “ a” . N o  effect would suggest a slow reaction rate o r major 

mass transfer barrier at the liqu id  solid interface. I f  there was no effect, change 

the temperature to determine whether it  is d iffusion at solid surface or surface 

reaction that controls.

A lte r the gassing rate. This changes kja, superficial gas velocity, gas-liquid 

hold-up and power.

A lte r the gas d ilu tion (blend w ith  nitrogen) but change tota l pressure so that 

the partial pressure o f reacting gas is constant I f  this affects rates that could 

indicate a gas-phase d iffusion contro l mechanism.

Change the specific surface area o f particles or volume o f particles at fixed 

size. A n effect means that particle-liquid mass transfer is controlling.

Change the temperature to find  out whether it  is solid-liquid reaction rates or 

pore d iffusion rates control.
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2.8.4. Literature Gas-liquid Mass Transfer Results and Correlations

Using dimensional analysis Sideman et a l (1966) proposed a general form  fo r 

the gas-mass transfer equation in  terms o f a m odified Sherwood number Sh 

as,

U p ..
where Re and Sc are defined in  Table 2-10, the group (------ ) is a gas flow

<7

number in  terms the liqu id  phase viscosity, superficial gas velocity and 

interfacial tension and are the gas and liqu id  phase viscosities

respectively.

Unfortunately the physical properties do no t always reflect the mass transfer 

behaviour and small quantities o f impurities can have a marked effect on gas- 

liqu id  mass transfer, interfacial area and gas-liquid hold-up as shown by the 

examples below.

The addition o f small quantities o f salts (around 0.1 m olar concentration, 

dependent on the ions) markedly hinders coalescence, decreases the mean 

bubble size and increases gas-liquid hold-up and k }a. The mechanisms fo r 

this are discussed by Lee and M eyrick (1970) and Lessard and Ziem inski 

(1971). The mass transfer factor (kLa) approximately doubles when potassium 

chloride is added to  water in  an aerated stirred vessel at 0.1 m olar 

concentration as reported fo r example by Cooke et al. (1991) and Van’t  R iet

(1979). M artin et al. (1994), report an increase in  kLa w ith  increasing 

concentration o f sulphate ions. Machon et a l (1997) reported that regardless o f 

surface tension, the bubble sizes in  solutions o f electrolytes were 

approximately the same and much less than water. Machon and Linek (1974)
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investigated the effect o f salts on the rate o f mass transfer across a plane 

interface between a gas and a mechanically agitated aqueous solution o f 

inorganic electrolytes. They reported that the liqu id  mass transfer coefficient 

kL decreases w ith  increasing salt concentration. They attributed this to the 

surface film  properties o f the electrolyte solutions. The decrease in  kL 

however, is more than offset by the increase in  interfacial area.

Antifoam s also have a marked effect on coalescence at very low  

concentrations, albeit by a different mechanism from  salts [Lee and Meyrick 

(1970)] due to adsorption at the gas-liquid interface. Silicone antifoams reduce 

interfacial area and have been found to adversely affect kLa.

Plichon et a l (1976) reports the addition o f the anti-foam, silicon "Rhodorsil" 

during fermentation provokes an im portant d im inution o f the dissolved 

oxygen rate and an interruption o f bacterial growth. Watmoeskerken and 

Smith (1978) reported that when small amounts o f silicone o il were added to 

otherwise pure distilled water, which was absorbing oxygen from  dispersed air, 

the gas-Equid mass-transfer rate decreased even fo r microscopic quantities o f 

added oil. I t  was also estabKshed that several hours are needed before the 

effects reach their maximum.

Van de D onk et al. (1979) reported that traces o f silicone o il decreased kLa by 

approximately 20% in  a plunging jet contactor.

Polypropylene glycol (PPG) is also used as an antifoam agent. This produces a 

very large increase in  surface area. Cooke et a l (1988) reported that i t  enhanced 

gas-Equid mass transfer in  simulated fermentation brews bu t showed a lower 

mass transfer when added to  pure water Cooke et al. (1991). M artin et al. 

(1994) reported that addition o f traces o f PPG to  water gave sim ilar mass 

transfer coefficients to water but caused foaming and a large increase in  gas 

hold-up and interfacial area.

Bruining et a l (1986), examined the effect o f small amounts. (0.5-1 vol. %) o f 

a dispersed organic phase, fo r example (hexadecane, decane, decanol, 

cyclohexane), on the rate o f gas-Equid mass transfer, using the sulphite
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oxidation technique, in  a stkted celL They reported that the mass-ttansfet rate 

was enhanced by the presence o f these materials when the drop diameter was 

< the film  thickness and the oxygen solubility in  the organic phase was larger 

than that in  water. They proposed a model that they claim predicts their 

experimental enhancement factors w ith  reasonable accuracy.

For constant flu id  properties in  mechanically stirred vessels equation (2.154) 

reduces to the form ,

k La =  constant X ( P / V ) av f  (2.155)

This is generally used fo r comparative data.

In  this form  it  is generally reported, fo r constant flu id  properties and 

operation in  the agitator-dominated regime, that the proportionality constant 

and power law indices are independent o f agitator type. Using this form , 

Cooke et a l (1988) reported no effect o f agitator type fo r 6 agitator types. 

Bujalski et a l (1990) found that up-pum ping turbines gave equal k^a to 

Rushton turbines when compared at the same specific power inputs and 

gassing rates. M artin et a l (1994) at constant gas rate, shows very little  

difference in  the mass transfer performance o f a Rushton turbine and a 

Prochem M axflo when the data is plotted against the energy dissipation rate 

(Pf V). John et al (1997) also showed no effect o f im peller choice and W hitton 

and N ienow (1993) reported that the relationship was independent o f scale.

The specific power input is sometimes quoted as tota l power, which includes 

the specific gas power: The relationship between specific gas power

{ Pq ! P i} ? l = Q g (P l ~ P g) s (H l ~ cs) ! P lVl ) and superficial gas velocity 

{vs ~  4QjG/7iTQ) is apparent. For a standard vessel (U L =  tzT 2H l/4 ), therefore 

(where the gas density (p ^  can be ignored and providing cs =0, that is gas 

sparged in  at the bottom  o f the base),
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&»s (2-156)
Po

P K

Units o f specific power input should be W /kg , although they are sometimes 

quoted as W /m 3. Some literature data on the basis o f equation (2.155) are 

shown in  Table 2-15. Where necessary, the literature proportionality constant 

has been adjusted to show die correlation in  terms o f W /kg. In  each case a 

“ std”  kLa has been computed fo r a mechanical P /V  o f 1 W /kg  and a 

superficial gas velocity o f 0.05 m /s; noting from  equation (2.156) that specific 

gas power in  Wfkg  is gvs

The standard (std) comparison fo r air-water shows a large variability range 

w id i predictions o f 0.074 s'1 to  0.159 s 1. This is an average o f 0.108 s 1 ±  47%.

The peroxide technique seems to give much higher results than the so-called 

“ good”  transient results o f Cooke et al. (1988) and Linek et al. (1987). I t  makes 

one wonder whether there is some change in  physical properties w ith  pure 

water fo r this system. The reaction is exothermic so perhaps diere is a change 

in  die interfacial properties? Catalase is dissolved in  methanol so this may 

affect interfacial properties. Finely divided manganese dioxide catalyst could 

also be present at the interface causing a change in  interfacial gradients. I t  has 

been reported that small quantities o f active carbon significandy enhance k L 

by fo r example Kars et al (1979) and A lper et a l (1980) and active M n 0 2 could 

act in  the same way.

O n the other hand the predictions fo r electrolyte are much more consistent. 

Ignoring the van’t  Riet (1979) correlation that appears to  give too low  a value, 

all the other data predicts (std) values between 0.231 s"1 and 0.280 s , w ith  an

average o f 0.253 s 1 db 10%. These are approximately double those fo r air- 

water.

I t  is noted that the range o f power law indices is quite remarkable, suggesting 

that these types o f correlations are only useful fo r comparative purposes. The 

variations in  these constants and indices, found by d ifferent experimenters, are 

perhaps not too surprising considering they cover a range o f agitator and
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bubble hydrodynamic regimes. Davies (1986), follow ing Smith et at (1985), 

found different constants and indices fo r operation between the vortex and 

the 3:3 cavity regimes fo r disc turbines, although the data could be correlated 

together almost as well.

Lopes de Figueiredo and Calderbank, (1979) using a transient, fu lly  back- 

mixed gas-phase model on two scales claimed a scale e ffect Their scale-up 

equation fo r air-water was,

L ^ L = i x io  (2157)

However, as shown earlier a fu lly  back-mixed gas-phase model is 

inappropriate in  most cases.
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E q u a tio n  type: A L a  — k ( P /  V $ .W here a g ita tion  p ow er alone has been used fo r  P /V  

in  d ie  c o rre la tio n  d ie  data reference source is  m arked w id i a *.

R eference
source

/M e d io d

Scale (m )

/A s p e c t
ra tio

A g ita to r
types

F lu ids k a b

C om pare 

“ s td ”  

kLa (s 1)

S m id i et al 

1977

T ra n s ie n t-N o
d e p le tio n

T (m ) =  
0.61-1.83

H / T  =  1:1

6R T

D = T /3

D = T /2

A ir-w a te r 0.111 0.69 0.23 0.074

V a n ’t  R ie t

(1979)*

V a rious

2 -2 6 0 0 1

2-44001

?

A ir-w a te r

A ir -
e lec tro ly te

0.412

0.252

0.4

0.7

0.5

0.2

0.092

0.138

L in e k  et a l 
(1987)*

T ra n s ie n t us ing  
0 -  p u re  0 2

T  =  0.29 m  

1:1

6R T

D = T /3

A ir-w a te r

A ir -
e lectro ly te

0.298

0.930

0.593

0.946

0.4

0.4

0.090

0.280

H ickm a n

(1988)*

P eroxide

0.6 m ,

2.0 m

H / T  =  1:1

6R T

D —T /3
A ir-w a te r 1.18 0.47 0.67 0.159

C ooke etal

(1988)

T ra n s ie n t 2 - 
p ro b e

T  =  0.29 m  

H / T  ~  3:1

3x6R T

6 G F +

2x4P H F

D = T /2

A ir-w a te r 0.2 0.7 0.3 0.108

C ooke et a l

(1991)

T ra n s ie n t 2- 
p ro b e

P eroxide

T =  0.29 m  

H /T  =  1:1

6R T

D —T /2

A ir-O .IM

KC1 0.69 0.6 0.42 0.249

V asconcelos et 
al (1997)*

T — 0.61 m  

H / T - 1:1
A P V -B 2 A ir-w a te r 0.353 0.66 0.34 0.128

G e rzo rk  et 
<3/(2 0 0 1 )*

P eroxide

T =  0.29 m  

H / T  =1:1

6R T  

6S R G T 

dua l 6R T

A ir-w a te r

A ir-0 .2 m
N a 2S 0 4

0.391

0.656

0.607

0.790

0.360

0.349

0.133

0.231

Table 2-15: Com pilation o f k jji correlations for oxygen transfer to water and 
electrolyte solutions.
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2.8.4.1 Effect of Temperature on kLa

Temperature has been found to affect the mass transfer factor k La. The 

correction equations from  various reference sources are in  Table 2-16.

Reference Source System Correction equation

B ew tra  et al. (1970)

A ir-w a te r in  ae ra tion  tank 
a t va rious ae ra tion  rates 
10°-30°C  in  2.5°C  steps k i_a  =  { k ^ a ) 16 1.0192<t -20>

S m ith  et at. (1977)

0.178m 3 s tirre d  tank 
agita ted b y  D = T /3  
R ush ton  tu rb in e . T w o  
speeds and tw o  gassing 
rates. T em pera tu re  range 
8°-36°C  in  approx. 1°C 
increm ents.

G enera l — fo r  lo w  
v isco s ity  flu id s

A ir-w a te r 

A ir  e lectro lytes

k L o f l
..........  ..... . — CQUSI+
(7  +  273)

f t  a )  -
C' L ho 100 + 2 .665 (7 -20 )

K L ho 100 + 2 .609 (7 -20 )

Jackson and Shen 
(1978)

V a rio u s  a ir rates in  1.8m  
vessel a t d e p th  o f  13m . 
N o  m echanica l a g ita tion . k L a  =  ( k L a ) 201 .0 2 0 (T- 20)

Table 2-16: Effect of temperature on k t#  for low viscosity fluids, where /'is  
temperature in degrees Celsius.

For the general (low  viscosity flu id) correlation o f Smith et al. (1977), note the 

sim ilarity to the effect o f temperature on d iffusion fo r low  viscosity fluids 

given by the Stokes-Einstien relationship fo r molecular d iffusiv ify (Petty, 5th 

ed it 3-234),

^ L^  ~  constant (2.158)
(T  + 273)
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As fo r a pure flu id, ‘V ’ is not likely to be effected much by a small change in  

temperature, so this suggests that kL is proportional to D L as predicted by the 

film  theory. Note that this relationship may not hold when surfactants are 

used. For instance w ith  PPG there is a large effect o f temperature on the gas- 

liqu id hold-up and interfacial area, which increases as temperature is reduced. 

Therefore, dropping the temperature decreases kL bu t increases ‘V ’ so the 

total effect is unpredictable.

The equation o f Jackson and Shen (1978) reportedly fits the Stokes-Einstien 

relationship in  conjunction w ith  the surface renewal model. Jackson and Shen 

used both a transient method and the sulphite oxidation method fo r kLa 

estimation but do not make it  clear which was used fo r the temperature work. 

They cite Eckenfelder and Ford (1968) as giving, k La — 20̂ w ith

the value o f the temperature co e ffic ie n t^ , fo r an impeller-sparger 

combination, varying from  1.016 to 1.037.

2.8.4.2 Effect of Viscosity on kLa

The effect o f viscosity on gas-liquid mass transfer is complex as it  alters both 

the liquid-side mass transfer coefficient kL and the interfacial area. Increasing 

viscosity generally lowers the mass transfer rate, although in itia lly  it  has been 

found to increase kLa, probably due to coalescence suppression, Hickman 

(1985). I t  has been found that the k  ̂a data can be correlated fo r viscosity by 

adding a liqu id  viscosity term  as shown below,

k^a = k { P / V y v sbf l ‘ (2.159)

Some literature values the viscosity power law indices “ c”  are given in  Table 

2-17. These indices range fro m —0.43 to —1.17
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^Reference
Source

Method System Index on 
viscosity

C ooke etal.{1988)

T ra n s ie n t 2 -p robe ,

Steady-state

Peroxide.

T = 0 .2 9 m  and 1.83m  
H = T ,  s ing le  (various 

type) ag ita tors.

H = 3T , in  0.29m  vessel, 
va rious trip le  a g ita to r 

com b ina tions.

P aper fib re  suspensions, 
fe rm e n ta tio n  cu ltu re  

and C M C .

-1.0

H ickm a n  (1988) P eroxide , pseudo­
steady-state

T = 0 .6 m , H = T 6 R T . 

C M C  so lu tions

-0.6

N o ce n tm i et al. 
(1993)

T ra n s ie n t M u ltip le  6R T  (3 and 4). 
W a te r-g lyce ro l

-1.17

Jo h n  (1997) Steady-state

0.75m  vessel, H = 2 T  
w ith  2 - independendy 

d rive n  im pe lle rs, 
e ith e r dua l 6R T  o r 

lo w e r 6R T  w ith  u p p er 
Scaba 3SH P1.

F lu ids  a ir-A . N ig e r 
fe rm e n ta tio n  b ro d i

-0.43 .

Table 2-17: A  selection o f lite ta tu te  indices fo t viscosity found in  the fitted  
equation, k La =  k{P  /  I f ) * v / }XC

Cooke et a l (1988) reasoned that fo r shear thinning fluids, a viscosity index o f 

(-1) im plied an effect o f agitator power number, agitator D /T  and scale on 

kLa, assuming similar proportionality constants (k^) in  the Metzner and O tto 

(1957) relationship. This suggests at a given D, and specific energy input, low  

power number agitators would give higher kLa providing that cavern 

form ation does not occur. They also noted that k^a halved at equal (P / V) and 

vs on scale-up from  a 0.29 m  to a 1.83 m  vessel at geometric sim ilarity in  0.4% 

CMC solution. This was in  agreement w ith  prediction. Bucldand et a l (1988)
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confirm s an improvement in  k } a in  mycelia fermentation after re tro fitting  to 

larger, lower power number Prochem agitators.

2.8.4.3 E ffe c t o f Solids on  kLa

There are three mechanisms by which solids are claimed to  effect gas-liquid 

mass transfer;

I. A  viscosity effect — due to turbulence damping by the solids

II. In  die heterogeneous regime, solids supplant small bubbles in  die 

dense-phase. This must affect gas-liquid mass transfer,

I I I .  A n  interface effect fo r very tiny active particles acting at the interface 

to enhance k}

Joosten et al. (1977) examined the effect o f particles size and concentration on 

the relative viscosity o f die dispersion and the gas-liquid mass transfer kLa. 

Measurements were made using a dynamic method by stripping helium  from  

kerosene w ith  nitrogen gas. The measurement technique used a Cathrometer 

coupled to a fast response recorder to measure the transient helium 

concentration o f the off-gas from  a small mechanically stirred tank.

The data are presented fo r constant P /V  (1.5 kW /W ) and superficial gas 

velocity (2.5 cm /s) as plots o f k ta versus relative viscosity and k T a versus 

volume % solids fo r a range o f solids and particle size fractions. The kLa 

remained steady (at approximately 0.2 s'1) u n til a relative viscosity o f 4 o r a 

solids concentration o f 20% by volume, from  which po in t it  fe ll rapidly w ith  

increasing solids concentration or relative viscosity. The fa ll o ff  was quicker 

w ith  decreasing solids density and particle size. The mass transfer factor fo r 

die smallest and lightest particles (polypropylene, size range 53 to I0 5  microns) 

dropped by an order o f magnitude (to a value o f 0.02 s’1) at a relative viscosity 

around 30 and a solids concentration around 36%. I t  was noted that at high 

solids concentration, gas holdup is low, w ith  large gas bubbles.
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The effects noted do not seem to  tally w ith  either relative viscosity or solids

concentration as being the prim ary variable as neither accounts fo r size and 

density variations I t  is likely from  remarks about gas-liquid hold-up that 

mechanism I I  is the principal driver.

Chapman et a l, Part IV  (1983) report sim ilar effect o f solids on air-water, gas- 

liqu id mass transfer. They report no effect up to  3% by weight solids and a 

considerable effect at 20% by weight glass ba llo tin i in  air-water (considerably 

less by volume). The effect shown depends on P / V  and gassing rate, 

increasing w ith  an increase o f either o f these parameters. The authors suggest 

this may be due to turbulence damping but again, in  consideration o f the fact 

that it  is P / V  and vs sensitive, the m ajor effect probably occurs when the tota l 

volume fraction o f gas and solids saturates the dense phase and the solids start 

to displace gas from  this phase. That is mechanism I I  above.

Very small quantities o f tiny surface-active solids (such as activated carbon 

black) have been reported to enhance mass transfer due to  interface effects. 

These effects have been reported fo r example by Kars et al. (1979) and by 

A lper et al. (1980).

2.8.5 Gas-liquid Hold-up Correlations

I t  is common to correlate gas-liquid hold-up in  a sim ilar way to mass transfer, 

that is,

£g =  constant X (2.160)

where,

(2.161)
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The above type o f correlation is sensitive to agitator hydrodynamic regimes 

(see section 2.3.1) and also bubble regimes (see section 2.3.2). As w ith  mass 

transfer some workers have included the gas expansion power in  P, either 

using the isothermal gas expansion expression,

p  =  — & R T—  p _ 1 6 1 )

( R M M ) H P s / P o )

where RAdM is the relative molecular mass and fis and pQ are the pressure at the 

sparger and outlet respectively o r alternatively as the gas potential energy given 

by equation (2.113). Both these methods yield very sim ilar values o f PQ. I t  is 

im portant to  determine whether this has been done before comparing 

correlations.

One m ight expect the hold-up behaviour to be different under flooded, 

loaded and completely dispersed conditions. I t  would also be foolish to apply 

a correlation o f this type across the transition from  the homogeneous to die 

heterogeneous regime, as the hold-up trends are totally d ifferent in  the two 

regimes (section 2.3.2).

M ost o f the literature results have been measured on a small scale at 

superficial gas velocities that relate to the bubble or homogeneous regime. 

Scale-up may w ell involve operation in  the heterogeneous regime as scale-up 

at geometric sim ilarity and constant volum etric gas demand inevitably results 

in  higher superficial gas velocities. These means that correlations need to be 

treated w ith  caution to ensure they apply to the design conditions. The 

electrolyte correlation line o f Smith et al (1978) clearly shows a marked 

deviation from  linearity at high gas hold-up indicating the transition to 

heterogeneous flow  behaviour.

Section 2.8.3.1 discussed how increased pressure effected interfacial area and 

gas-hold-up by increasing the critical superficial gas velocity fo r the transition 

to heterogeneous flow  thereby increasing the dense phase hold-up.

Some literature correlations on the bases o f equation (2.160) fo r air-water are 

shown in  Table 2-18. These references were tested against as standard (std)
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case (w ithin the confines o f the original correlation) and the agreement is 

sufficiendy good fo r firs t approximation design applications and to  establish 

possible trends.

lite ra ture

Source

System Constant 
in eq 
(2.160)

a b

Predict

£g

std*

S m ith  etal. (1978)

R T

ps 0.005 to  0.05 m /s  

£t , 1 to  5 W /k g  

T =0 .91m  and 1.83 m

0 .5 59 ** 0.48 0.4 0.104

C hapm an (1981)

M F U , M F D , R T  

D =T/4  and D = T /2  

r r up to  0.019 m /s  

£t,0 .2  to  2 W /k g  

T  = 0.56 m

1.79 0.31 0.67 0.107

B u ja lsk i et al. (1988)

M F U , M F D , R T

ps up  to  0.048 m /s

£T,0.2 to  3 W /k g

T  =  0.29, 0.45, 0.61 
and 1.83 m

211 0.326 0.776 0.081

Table 2-18: Some air-water literature correlations for gas-liquid hold-up in 
stirred tanks.

Notes: Fractional gas hold-up with P /V as specific gassed shaft power in 
W /kg. The std* comparisons are made at £ t  = 1 W /kg  and v s =  0.015 m /s (that 
is within bounds of all the correlations used). * *  The constant is estimated 
from Figure 11 of that reference.

The change in the flu id  can have a big effect on hold-up as w ill viscosity. 

Smith et al. (1978) report the same values fo r the constants a, b in electrolytes 

but a much higher proportionality constant When a viscosity term is added 

the indices on viscosity varies from  -0.17 fo r Rushton turbines in CMC 

solution by Dawson (1992) to -0.42 fo r a range o f agitators in paper fibre 

suspensions, fermentation culture and CMC solution according Cooke et a l 

(1988).
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2.9 Reaction Kinetics

Knowledge o f the rate processes are im portant in  order to  make a sensible 

choice o f equipment fo r the process and enable processes to run at an 

optim um  rate (ideally to allow the chemistry to operate at its natural rate).

In  some instances the rate processes and the chemical kinetics are no t fu lly 

understood and the firs t step is to try  to determine the appropriate rate data.

Some aspects o f gas-liquid kinetics were discussed in  earlier sections. In  

section 2.5.4 the importance o f m icro m ixing on product d istribution fo r 

competing reactions was discussed and the Damkohler number (the ratio o f 

the tim e constants fo r d iffusion/reaction) fo r assessing whether m icro m ixing 

w ill influence the process was introduced.

In  section 2,8.3.4 the theory o f gas-liquid reactions was introduced. The Hatta 

number (ratio o f the time constants fo r diffusion/reaction)1,72 can be used to 

determine the interfacial conditions, whether reaction dominated w ith  very 

slow reactions (or high k La)\ mass transfer dominated w ith  reaction in  the 

bulk; enhanced mass transfer w ith  reaction in  the film  or, fo r very fast 

reactions, at the interface.

M iddleton, Chapter 15, in  Hamby eta l (1997) gives a useful table showing the 

various regimes fo r isothermal reactions. This is reproduced as Table 2-19.

M iddleton (1997) points out some o f the salient features o f this table:

Regime I: £V ’ is unim portant providing it  is adequate but high gas-liquid

hold-up is desirable so a bubble column reactor is suggested.

Regimes II ,  IV  or V ; need high and kLso a stirred tank reactor may w ell be 

appropriate i f  a more intense device cannot better match the chemical rate 

process due to other lim itations such as heat transfer or off-gas handling.
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Regime I I I ;  In  this regime all the liqu id should ideally be in  the film  suggesting 

a th in  film  device such as a packed column should be used. Enhancement o f 

kL in  this regime may also make the gas side resistance significant and this 

needs to be checked.

Exotherm ic reactions that occur in  the film  o r interface can make a big 

difference to the enhancement factor. The rise in  temperature near the film , 

affect the gas solubility (decreasing the reaction rate) whilst increasing the 

reaction rate due the Arrhenius effect. The com bination o f these two effects 

can lead to a m ultip lic ity o f steady-states as illustrated by Mann etal. (1977) fo r 

S03 reacting w ith  dodecylben2ene. Boiling and exothermic reactions also 

increase the risk o f foaming.

M iddleton (1997) highlights that the ideal design arises from  measurement o f 

chemical kinetics unhindered by m ixing o r mass transfer effects. That is 

operation in  regime I. For gas-liquid reactions this is no t possible unless the 

gas can be provided pre-dissolved in  a liqu id  solvent (under high pressure). 

Then there are rapid mixers that w ill allow us to  measure kinetics o f reaction 

rates above 10 milliseconds.

A  small continuous stirred tank reactor CSTR can be used to  measure reaction 

rates o f 10s or longer w ithout mass transfer effects operating w ith in  regime I. 

For faster reactions, provided the reaction scheme can be sim plified to  one o f 

known order, the small CSTR can be used to in fer reaction rate constants fo r 

fast reactions by utilization o f regime I I I  and IV  rate expressions in  Table 2- 

18. M iddleton (1997) suggests this may be done as follows:

Change CA* by altering pressure or solvent concentration to distinguish 

between the regime unless 11 — 1. I f  n — 1, the agitator speed should be 

changed. I f  this has no effect then operation in  regime I  is indicated. I f  

agitation has no effect, the temperature should be increased by say 10°C. I f  

the rate increases by a factor around 1.2 to 1.3 regime I I  is indicated bu t i f  it  

increases by 2 to 5  times, regime I I I  is indicated. M iddleton suggests that this 

experiment decides whether the effect o f agitator speed was only on "a ”  or kLa.
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A very small temperature effect may indicate gas-side resistance dom inating 

especially i f  the gas solubility is high or the gas is dilute.

This sort o f inform ation can be used fo r scale-up.

REGIME CONDITIONS IMPORTANT
VARIABLES

CONCENTRATION
PROFILES

1 K inetic  
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Table 2-19: Various gas-liquid mass transfer regimes with isothermal 
reaction. Reproduced from Middleton (1997).
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2.10 Scale-up or Scale-down.

Principles o f similarities are used. These are dynamic, geometric and 

kinematic.

Dynamic sim ilarity requires that on two different scales, all relevant forces 

ratios must have a common ratio. For a stirred vessel the most im portant 

force is that input by the mixer, which is an inertial force. Three apposing 

forces; viscosity, gravity and surface tension resist this. For scale up w ith  the 

same flu id  at the same conditions then density and surface tension remain 

constant w ith  scale-up so it  is apparent the only two o f these force ratios can 

be equal on scale up.

Geometric sim ilarity is maintained when all relevant dimensions are sim ilar 

and have a common ratio. Geometric ratios should ideally be kept constant on 

scale-up as illustrated in Figure 2-56.

H

r
r

Figure 2-56: Scale-up maintaining geometric similarity. Important
geometric ratios are kept constant.
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This is the easiest to achieve but in  practice is not always adhered to because 

o f process lim itations. For instance heat transfer lim itations may require a 

higher aspect ratio (H /T )  in  order to  satisfy heat transfer area requirements 

since scale-up at geometric ratio decreases the surface area to volume ratio. A ll 

techniques o f scale-up w ill require some correction i f  geometric sim ilarity is 

not maintained.

K inem atic sim ilarity is satisfied when on two scales a ll velocities at equal 

locations have a common ratio. Many experimenters have shown that fo r a 

given agitator, the hydrodynamics o f a given im peller is independent o f scale, 

diameter and speed when normalized w ith  either tip  speed (example Costes 

and Couderc (1982)), o r the maximum mean velocity, Cooper and W o lf 

(1968) and Kovacs (2001). Thus kinematic sim ilarity is maintained fo r scale- 

up at constant tip  speed w hilst maintaining geometric sim ilarity.

Concepts o f geometric and dynamic sim ilarity lead us naturally to  the 

dimensionless groups defined in  section 2.2.1.

Common scale-up relations that have been recommended in  the literature are:

•  Scale-up at constant power per u n it volume.

•  Scale-up at constant tip  speed.

•  Scale-up at constant torque per un it volume.

•  Scale-up using dimensionless numbers.

These scaling rules when used w ith  appropriate scaling factors defined from  

experimentation allow reliable scale-up in  m ost instances.

Some comments on the above scaling rules are:

W hen the design data is in  the form  o f dimensionless num ber correlation then

the use o f d im ensionless numbers fo r scaling is suggested.

Power per un it volume is often recommended fo r drop size maintenance, gas- 

liqu id  mass-transfer o r particle size reduction.

Scale-up at constant torque per u n it volume is the same as constant tip  speed 

i f  geometric sim ilarity is maintained. I t  gives an extra degree o f flex ib ility  to
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constant tip speed when D /T  is varied. Some agitator manufacturers favour 

this method, as torque is a major cost driver.

Smit (1994) suggests that the general method o f scaling up stirred vessels, by 

use o f a one-dimensional approach, fails in  the case o f complex m ixing 

processes, where m ultiple mixing-demands are present He gave an example o f 

a fast coalescing liqu id-liqu id dispersion which needed a two dimensional 

approach to successfully scale down the process so that it  could be studied on 

the small scale. Scale-down o f the process at geometric sim ilarity and constant 

power per u n it volume did no t exhibit the same coalescence behaviour o f the 

full-scale p lan t This was because the circulation tim e was too short fo r 

coalescence to  occur. In  order to  make the circulation tim e and the P / V  equal 

on both scales he had to alter D /T  giving equal tip  speed as w ell as equal P / V  

on both scales. This gave a successful scale-down w ith  sim ilar behaviour on 

the two scales.

2.10.1 Other Aspects of Scale

Some aspects o f scale include:

The average shear rate in  an agitated vessel depends on 1ST and no t D. See 

equation (2.2). Scale up at constant Sj- and geometric sim ilarity, reduces N  on 

scale-up and hence the average shear. This could reduce kLa in  shear thinning 

fluids (Cooke et al. (1988)). I t  has been suggested that scale-up o r down can be 

achieved by altering D /T  to  obtain the same relationship between flow  and 

shear on the two scales.

For particle size reduction o r drop size maintenance, it  is probably the 

maximum shear rate that is im portant According to  van’t  R iet (1975) this 

occurs is the im peller vortex region and is proportional to  N . This leads, fo r 

scale-up at constant £r and geometric sim ilarity, to  maximum shear is 

proportional to 'T 0 76 according to  M iddleton (1997). However as discussed in  

section 2.2.4.1, Oldshue (1983) claims the maximum shear rate scales w ith  tip
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speed and the experimental data on reduction in  drop size found in  the 

literature fo r scale-up at constant &r and geometric sim ilarity would seem to 

support this po in t o f view.

Heat transfer area reduces on scale-up at geometric sim ilarity.

I t  is unlikely that liqu id  m ixing can be maintained on scale-up as this requires 

constant N  at geometric sim ilarity and this would be prohib itive  on power.

A gitator Reynolds is proportional to  D 2 therefore Reynolds number increases 

w ith  scale-up. Scale-down is particularly im portant fo r viscous fluids since this 

may result in  operating in  a different hydrodynamic regime, fo r example from  

fu lly  turbulent to transitional. Conversely problems experienced on the small 

scale due to  viscous effects may disappear on fu ll scale because the flu id  

becomes turbulent.

Gas residence time and residence time distribution are likely to  alter w ith  scale. 

For scale-up at constant W M  (most usual) then vs scales direcdy w ith  T. 

However SG increases w ith  vs so the gas residence tim e increases. The gas 

phase is likely to  be more plug flow  on scale-up.

Many other aspects o f scale are commented on in  the body o f this review.

2.10.2 Choice of Equipment for Gas-liquid Contacting

Although a mechanically stirred vessel may be the righ t choice at a small scale 

it  is no t always the case at large scale, since as previously discussed the 

superficial gas velocity increases w ith  scale-up at constant P /V  and geometric 

sim ilarity. The relationship between specific gas power 

{Pq /  P i y L = £ gP iA H i . ~ cs ) / P i V i.) and superficial gas velocity (vs = 

4£)c/x T 2) is apparent. For a standard vessel (V L =  xTsH lj4 ) i therefore 

(providing Cs =0, that is gas sparged in  at the bottom  o f the base),
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PQ
- ^ r  =  f fs  (2.161)

This means that i f  die superficial gas velocity is say 0.25 m /s (a no t 

uncommon value on a large scale) then approximately 2.5 W /kg  is input by 

the gas. This is often more than the im pellor power. Hence, on this scale a 

bubble column may w ell be a more sensible choice.

2.11 Concluding Remarks about the Literature Review.

The literature review is by no means exhaustive. However, i t  does attempt to 

cover the criteria set out in  the introduction. There are several standard texts 

that cover some aspects in  more detail. For m ixing U h l and Gray, parts I  and 

IX, (1966) and 1967), Nagata, (1975), Oldshue, (1983), Tatterson, (1991) and 

Hamby et a l (1997) are recommended, who all bring their own perspective to 

the subject

Where possible and in  the great m ajority o f cases I  have quoted from  the 

original reference. W ith  some o f the older references my knowledge is second­

hand. For instance I  have not read Kolm ogov, (1941) and (1949) and owe 

much o f my understanding o f turbulence theory to  standard textbooks and 

N ienow (1998). I  confess also I  have not read Stokes, (1880) though it  seemed 

a shame no t to include the reference and one day may be I  w ill get to  read it. 

Similarly the poem by Lewis Richardson (1920) is second hand from  

M iddleton (2002) via die www.

Where equations have been involved, I  have tried to assess their applicability 

and implications fo r design or scale-up. Where there was a conflic t in  the 

literature, fo r example whether the maximum shear rate scales w ith  N  o r N D I  

have tried to bring in  independent literature to make a judgement on which is 

more likely. There is a lo t o f conflicting literature and I  have no t cited all I  

have read since other sources have already subjected them to critical review.

165



Chapter 3 Experimental Equipment and Techniques

3.1 Equipment

The stirred tank equipment consists o f three state o f die art m ixing rigs made 

from  Perspex w ith  dimensions as detailed in  Table 3-1. Pictures o f these rigs 

are shown in  Figure 3-1 to Figure 3-4.

Diameter o f cylindrical section Height o f cylindrical section

28.6 cm (nominal 1ft) 61 cm (2ft) and 122 cm (4ft)

61.0 cm (2ft) 152 cm (5ft)

91.4 cm (3ft) 137 cm (4.5ft)

Table 3-1: Tank dimensions

The cylindrical sections are fitted  inside square jackets through which water 

can be circulated fo r temperature control. The vessels are constructed from  

Perspex and the square jackets provide distortion free view ing windows fo r 

flow  visualization.

Variable speed motors drive die shafts w ith  accurate speed contro l over a very 

wide range. Shaft rotational speeds are m onitored using ferro-magnetic 

proxim ity sensors coupled to  COM PACT M IC R O  48 tachometers. Shaft 

powers are measured using torque strain gauges bonded to  the shafts. These 

strain gauges are w ired to ASTECH strain gauge bridges fitted  w ith  telemetry 

readout connected to a LAB  V IE W  data acquisition u n it
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Figure 3-1: The 0.286 m diameter stirred tank rig

Figure 3-2: Rotameter feeds to 0.286 m and 0.61 m diameter vessels
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Figure 3-3: The 0.61 m vessel fitted  w ith  dual L IG H T N IN  A345 agitators
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Figure 3-4: An overview o f the 0.914 m diameter stirred tank equipment
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Figure 3-5: A close-up of the 0.914 m diameter vessel showing the curved 
blade agitator (6H B T) with shaft strain gauges above and details of bottom 
bearing fitted with a Teflon sleeve.

The vessels contents temperatures can be monitored using thermocouples 

inserted through the analysis blocks.

The analysis blocks allow other probes to be inserted fo r example:
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•  Conductivity measurements (fo r m ixing and local phase fraction 

measurements)

•  Dissolved oxygen probes fo r oxygen concentration measurements that 

are used fo r gas—liqu id  (kLa) measurements

•  Sampling probes

•  Local hold-up probes

Electrical Resistance Tomography (ERT) measurements are made using 

specially constructed sensor baffle cages and the ITS 2000 data analyser (see 

Chapter 9).

The vessels are fitted  w ith  removable bases and baffles. There ate choices o f 

base types — flat, dished, hemispherical and conicaL

There is a wide range o f agitators. M ultip le agitators on the shaft can be tested 

fo r aspect ratios (dispersion height/tank diameter) o f up to  3 to 1.

S lit lighting and /o r flow  followers can be used to aid flow  visualisation.

3.2 Techniques

Several techniques are used and these are described in  the follow ing sections:

3.2.1 F lo w  V isua lisa tio n

The colour change tests were done using glacial acetic acid and sodium 

hydroxide solution w ith  phenolphthalein (pp) indicator to  effect a colour 

change induced by a pH  sh ift w ith  a 10% stoichiom etric excess o f acid o r base 

(determined by titration) added to the vessel The method was scaled to  the 

vessel size. For example, fo r 150 litres o f water in  the 0.61 m  vessel, 10 m l o f 

indicator and 2 m l o f glacial acetic add were used to  add ify the vessel. This 

gave a clear water solution at around pH  4.0. The amount o f sodium
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hydroxide solution required to  provide 10% excess was calculated. This was 

then, either injected at the feed location via an injection loop or added the 

surface dependent on whether it  was feed m ixing or bulk m ixing that was 

being evaluated. W hen fu lly  mixed this turned the contents p ink w ith  a pH  o f 

around 10. Injecting approximately 2.4 m l o f glacial acetic acid to turn the 

solution clear then reversed the process. The colour changes were recorded on 

video.

3.2.2 Shaft Powet Measurement

Shaft torque (M) was measured using the shaft strain gauges coupled to  the 

ASTECH radio telemetry system. Data acquisition is at one-second intervals 

using the LA B V IE W  data acquisition package. A t least 60 data points are used 

to  evaluate each p o in t Details o f the data treatment and strain gauge 

calibration are given in  Appendix 1. Shaft power (Py) was calculated from :

Ps =  2 r iN M  (3.1)

Agitator Power numbers (P0) were calculated from :

Prs
p N 3D '

3.2.3 Overall Gas-Liquid Hold-up

This was estimated by the level rise when gas was injected. The gas-liquid 

hold-up was determined by measuring the heights o f aerated and unaerated 

levels. Levels were estimated from  either tim e averaged calibrated video 

records or using an ultrasonic hold-up probe. Details o f calibrations are given 

in  Appendix 2. Volumes are calculated ignoring the volume o f the internals
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(shaft, agitators and baffles). Thus the percentage gas hold-up is calculated 

from  the calculated volumes estimated from  the levels according to:

eG -  lOOx (3.3)

where V G and K D are the gas and dispersion volumes respectively.

3.2.4 Local Gas-Liquid Hold-up

Local hold-up fractions are measured using a hold up probe. This measures 

local hold-ups o f non-conducting particles in  a conducting flu id. These can be 

gaseous or solid. This is a rod type conductivity probe, consisting o f two 1.5 

mm copper rods; 15 m m  long w ith  centres 15 mm apart These rods are 

imbedded in  a non-conducting block and attached to a hollow  stainless steel 

support rod through which the connecting wires are fed. This is attached to a 

2 m  stainless extension tube, which is fed down the vessel allowing an axial 

scan to be done. A  picture o f the gas hold-up probe is shown in  Figure 3-6.

This dimensionless conductivity output o f this type o f probe was found to  be 

nearly linear w ith  volum etric hold-up between air (0%) and tap water (100%). 

Assuming a linear relationship slightly overestimates the volume fraction o f 

the non-conducting phase. When corrected using the Maxwell (1881) 

equation, sim plified using the assumption that the dispersed phase is non­

conducting, there is excellent agreement between the integration o f the local 

gas hold-up values measured by the probe and the overall hold-up measured 

by the tota l volume increase. The sim plified M axwell equation is:

^ i  3 —

where £  is conductivity and subscripts D  and JL refer to the mean conductivity 

o f the dispersion and the pure liqu id  respectively. £L is the liqu id  volume

173



Experimental Equipment and Techniques:

fraction. In  practice dimensionless conductance is used. This is the 

conductance o f the dispersion over the conductance o f the liqu id  alone. The 

Bruggeman (1935) equation was also tested but discarded as it  overcorrects at 

high dispersed phase fractions. I t  is noted that the original theories were 

developed assuming volume fractions o f dispersed phase up to about 20% and 

homogeneous conditions. In  this work the local values are averaged over time 

to approach a homogeneous value.

This technique w ill not w ork w ith  demineralised water. Where this was being 

used, local hold-ups were measured after the m ixing experiments (salt 

additions) to ensure the water was conductive.

The probe is constructed so that it  can be used in an L  mode to scan under 

the agitators as well as in a down pointing axial mode.

The data are collected on a LA B V IE W  data acquisition package at a rate o f 

1 /s  fo r around 300 seconds fo r each p o in t The time-averaged data are then 

entered into a spreadsheet to evaluate the actual percentage hold-up. Graphs 

are drawn to show these profiles. An example o f the data treatment is given in 

Appendix 3.

Figure 3-6: Picture o f Local Hold-up Probe
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3.2.5 Overall Liquid Mixing Times

The m ixing time 0 (where 0 is a specified degree o f m ixing) is determined by 

conductivity measurements. The conductivity is linearly related to the 

concentration and so the measurement o f the flu id  conductivity gives a direct 

indication on the concentration o f the tracer in  the vessel contents, and thus 

indicates the amount o f m ixing achieved.

The m ixing probes used in this w ork are o f the Khang and Levenspiel (1976) 

type. A typical probe construction is shown in  Figure 3-7.

These probes have several advantages: They are small in size so the sample 

volume is small. They have a fast response time, they are stable over a long 

time and they give a continuous time history o f the conductivity fluctuations at 

the same p o in t

6.35 mm od

Stainless steel

Figure 3-7: Khang and Levenspeil (1976) mixing probes used in tests
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The probes are used to measure the response to an addition o f a conducting 

tracer solution (typically 25 m l o f 200 g/1 sodium chloride solution in  100 litre  

and dependent on the liqu id  volume to give a 0.05 g/1 step change in  the 

vessel). For overall m ixing times the m ixing probe is sited in  the base and the 

tracer is added at the surface. The m ixing time fo r a specified degree o f m ixing 

is measured from  the time o f addition. Up to ten m ixing tim e experiments (a 

m inim um  o f six) are carried out fo r each condition. These data are collected 

using a fast data collection routine in  LA B V IE W , which allows a sampling rate 

o f up 100 times per second fo r up to 4 probes operated simultaneously.

The m ixing data are analysed by the method described by Ruszkowski (1994), 

using the concept o f a m ixing index. A  90% m ixing tim e is the time from  

addition u n til the last m ixing index is > 0.9. For this w ork the m ixing index is 

the ro o t mean square o f the deviations on a 32-point m oving average. The 

sampling rate and the tota l sampling tim e were adjusted to allow m ixing index 

to be calculated from  the variance calculated from  a 32 p o in t m oving average 

taken over tim e steps that ate «  t (m ixing), as described in  section 2.5.S.3

A  lim ited amount o f data was collected fo r liqu id  m ixing w ith  tracer addition 

at the feed. This gave comparative data to that collected by ERT. For these 

runs the tracer addition was sodium hydroxide solution in to  a dilute acetic acid 

solution containing phenolphthalein indicator in  order to  give a simultaneous 

colour change experiment that was recorded on video. A n  example o f the 

data analysis is given in  Appendix 4.

3.2.6 Electrical Resistance Tomogtaphy (ERT) System

The ERT system used during this study was an Industria l Tomography 

Systems (Vvww.itorns.com) P2000 instrum ent The P2000 instrum ent is 

driven by a M icrosoft W indows based software package that can be used fo r 

both measurement and data analysis. Image reconstruction was perform ed by 

linear back projection, making use o f a sensitivity map. Further data and
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statistical analysis features include pixel history which allows image pixels o f 

specific interest to be monitored, fo r example, the region close to a feed point, 

bulk properties which clearly show when complete m ixing has been achieved.

The ERT assembly consists o f 8 rows o f 16 stainless steel electrodes (128), 

each measuring 32 x 28 mm and term inating in  8 centronic connectors. O n 

the 0.61 m  vessel the rows are 8 cm apart designed to span an H  — T  

cylindrical section. A n adjacent measurement protocol is used providing 104 

individual measurements per plane and a tota l o f 832 interrogative measures 

o f the liqu id  volume using the 8 planes. Because o f the special design o f the 

model vessel, the tomography set-up needed to be an add-on un it that fitted  

inside the vessel w ith  m inim um  interference w ith  flow  visualisation and w ith  

no interference to analysis ports and existing instrumentation. To achieve this, 

the tomography sensors were made to  form  an integral part o f a specially 

designed baffle cage. A ll electrical connections were sealed internally and were 

made water and chemical proof. A ll exposed metal was m inim ised in  order to 

minimise distortion o f the electrical fields. In  order to avoid stray em fs, 

caused by dissim ilar metals, only stainless steel metal was used. The baffles 

and electrode-wire carriers were made from  plastic. Three expansion rings 

held the baffle cage in  position. Pictures o f the tomography baffle cage are 

shown in  Figure 3.9.

The P2000 instrum ent was obtained from  ITS and I  am grateful to  their 

engineer (Gary Bolton) who provided able assistance sorting out teething 

problems and helped to process the data. More details are given in  Chapter 9: 

A n  Electrical Resistance Tomography (ERT) System as a Diagnostic TooL
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Figure 3-8: Picture of Tomography baffle cage in the 0.61 m vessel.

3.3.7 Gas-Liquid Mass Transfer kLa

The overall gas-liquid mass transfer factor k, a was estimated using the 

hydrogen peroxide steady-state technique described in detail by Hickman 

(1988), Cooke et a l (1991) and Vasconcelos et a l (1997). See also section

2.8.3.4.2 The Peroxide Technique fo r Pseudo Steady-state Gas-liquid Mass 

Transfer Measurements. ELECTROSENSE fast response polarographic 

dissolved oxygen tension probes (supplier Jim  Young, Tel. Frodsham 09287 

33800) are used to measure the liquid phase oxygen concentration. An 

exploded view o f these is shown in Figure 3-9.

The technique briefly is as follows: As many as three D O T  probes are sited 

flush w ith  the inner tank wall. Norm ally at least two D O T  probes are used, 

unless there is only a single agitator and separate tests had shown that the well- 

mixed liqu id phase assumption was valid. These are zeroed and spanned in
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the agitated vessel using sparged nitrogen and air fo r calibration. The air rate 

and agitation rate are set at the desired rates and the vessel contents allowed 

time to reach air equilibrium , as m onitored by the D O T  probes. The liqu id is 

then dosed w ith  the required amount o f either CATALASE or finely divided, 

activated manganese dioxide catalyst dependent on the system (see section 

2.8.3..4.2). A  metering pump was used to feed a steady flow  o f hydrogen 

peroxide in to  the vessel where it  is broken down by the catalyst to  form  

oxygen and water. Placing the feed vessel onto an electronic balance and 

tim ing the addition o f a measured weight w ith  a stopwatch measures the 

peroxide flow. A t firs t the oxygen accumulates in  the liqu id  phase u n til it  

reaches a new equilibrium  where the addition rate and the transfer rate to the 

gas phase are in  balance. The new equilibrium  is measured and the kLa 

estimated from  a mass balance. When the peroxide is switched o ff i t  is 

checked that the air equilibrium  is the same. The probes used are not 

automatically temperature calibrated. Hence they are calibrated fo r 

temperature and any temperature d rift noted and compensated for.

W hen working w ith  polypropylene glycol (PPG) systems it  was found that the 

gas hold-up is very temperature sensitive and it  is im portant to  operate the 

experiments w ithin tight temperature lim its. A lso PPG is oxidised by 

manganese dioxide so CATALASE is the best choice o f catalyst fo r these 

solutions. A n example k} a calculation is given in  Appendix 5. The hydrogen 

peroxide used in  these tests was B D H  L td  GPR 30% solution (assay 29% - 

31%). The precise strength is determined by permanganate titra tion  in  

accordance w ith  Vogel (1961). Activated manganese dioxide was B D H  L td  

precipitated Manganese (TV) oxide. Catalase was B D H  L td  , bovine Ever 

extract, 2 x 10s units per ml.
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Figure 3-9: Views of the ELECTRSENSE DO T Probes. Thread on outside 
of the body is 3/« inch BSP to fit our standard analysis ports.

3.2.8 Viscosity Measurements

Viscosity is measured using the H A A K E  Rotovisco RV3 viscometer as a 

function o f shear rate. This is a dual range machine fitted w ith  50g and 500g 

heads. There is a range o f sensors fo r this viscometer dependent on the 

application, including impeller sensors fo r materials containing coarse 

particles. Measurements and calibrations are in accordance w ith the 

manufacturers instructions. A  typical calibration and result is described in 

Appendix 6.
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Chapter 4 : Model Fluids

Apart from  the studies on “ real flu id ”  detailed in  Chapter 5 most o f the 

modelling was done w ith  air-watet. Additives were added to the water where 

necessary in  order to m im ic im portant properties o f process fluids. Some 

examples are given in  the follow ing sections.

4.1 Modelling of Filamentous Fermentations

The w ork on modelling filamentous fermentations was reported earlier by 

Cooke et a l (1988). The filamentous fermentation culture material was found 

to have a yield stress w ith  properties that were dependent on the biomass 

concentration. A  paper fibre suspension consisting o f short Celbi Eucalypt 

fibre (from  P IRA Leatherhead) was found to be a reasonable analogue.

4.2 M odelling of Paint

Many modem paints are shear thinning and viscous. The Herschel-Bulkley 

model, as follows, usually describes non-drip paints:

However, over the shear rates o f interest, these (and m ost other paints) can be 

sim plified to  the power law model,

T =  Ty + K m y (4.1)

T =  K f (4.2)

where T is the shear stress, K  is the consistency factor and y  is the average 

shear rate.
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M odelling these on a small scale using transparent analogues can be 

challenging, since in  order to m im ic the behaviour on the full-scale, the test 

scale should operate at the same power pet un it volume, the same shear 

thinning behaviour and the same Reynolds number. CMC solutions made up 

from  Hercules Powder Co, grade 7H4C, are shear thinning and a power law 

has been fitted  fo r a range o f concentrations o f this material as listed in  Table 

4-1. The variation o f die consistency factor K  and power law indices n w ith  

CMC concentration was fitted. These fits are depicted in  Figures 4-1 and 4.2 

and allow us to  predict these constants fo r any concentration o f this CMC up 

to 1,4% by weight.

Assuming scale down at equal Reynolds number and geometric sim ilarity give 

us equal power numbers on the plant and model scale then from  equation 

(2.11) it  follows that to scale at equal specific power input,

p  «  p N 3D 2 (4.3)

Thus fo r a plant m ixer speed N plant the model speed N M0DEL is given by,

\  i / 3  r  \  2 /3

^  m o d e l  N P L A N T
P pLANT

V  f 'M O D E L  7

&  PLANT  

V  ^  MODEL J

(4.4)

The average shear rate o f the plant m ixer is estimated from  the Metzner and 

O tto  (1957) equation (2.2) y  =  k sN . kx are used to calculate the average plant

shear rate at the plant operating speed. I f  a literature value fo r ks is not 

available then fo r a firs t estimate it  can be assumed it  is 10 fo r the purpose o f 

scale down. The plant apparent viscosity fo r a given power law flu id  at the 

operational speed is then,

/ W v n  =  K ( k ,N ) ' - '  (4.5)a (P LANT)

The plant Reynolds number is,

(4.6)R e a( P L A N T )
r p D 2N ^

Pa / P L A N T
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The model apparent viscosity is then found from ,

G?N2d ),
M.0

'MODEL
MODEL) Re

(4.7)
afPL't.XT)

Thus, knowing the required apparent viscosity, N SIODEl and ks enables a match 

o f a CMC solution that w ill give the required apparent viscosity at the scale 

conditions to  meet the in itia l criteria o f equal Reynolds number, P / V  and 

sim ilar power law behaviour. This approach can also be used fo r modelling 

fermentation broths.

7H4C CMC
%

Measured
K

Measured
n

Predicted
K

Predicted
n

0.015 0.0031 0.92 0.0030 0.87

0.03 0.0067 0.84 0.0068 0.86

0.1 0.0249 0.83 0.0248 0.81

0.2 0.0789 0.78 0.0789 0.75

0.4 0.5 0.6 0.50 0.66

0.8 4.11 0.53 4.11 0.53

1.4 16.6 0.41 16.60 0.41

Table 4-1: Experimental data from HAAKE RV3 viscometer showing a fit to 
a power law
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Figure 4-1: Experimentally determined consistency factors for various 
concentrations of CMC Hercules Powder grade 7H4C fitted to a 5th order 
polynomial.
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CMC Hecules Power 7H4C. 
1/n versus % C M C

3
y = 0.9475x + 1.1397 

R2 = 0.9791

♦  1/n 

 Linear (1/n)

|  0.5 -

0
0 0.5 1 1.5

% CMC

Figure 4-2: Experimentally determined power law indices for various 
concentrations of CMC Hercules Powder grade 7H4C fitted to a linear 
relationship to the reciprocal of the indices.

4.3 Modelling Non-coalescing Liquids

Water can be made non-coalescing by adding low  concentrations o f inorganic 

salts as described fo r example by Lee and Meyrick (1970) and Machon et 

al.{\991). Lessard, and Ziem insld (1971) studied the coalescence behaviour o f 

two touching bubbles in a stagnant pool. They found 100% o f bubbles 

coalesced in pure water. W ith the addition o f small quantities o f salts 

coalescence rates decreased. They defined a critical coalescence when only 

50% o f the bubbles coalesced and found that the salt concentration to achieve 

this depended on the valency o f the ions. This varies from  0.04 molar fo r high 

valency ion combinations fo r example 3-1, as in A lC lup  to  0.2 m okr fo r 1-1 

combinations such as KC1. Thus, water containing low  concentrations o f salts 

can be used to m im ic non-coalescing behaviour.
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4.4 M o d e llin g  B o ilin g  Aerated Reactors

Boiling aerated reactors can operate at high volume fractions o f gas, typically 

50%. In order to study the effects o f high gas volume fraction on fo r 

examples liquid phase m ixing or agitation power using cold analogue flu id  

surfactants need to be added. Ideally it  is required to  study the system at the 

same gas flow  number (£?/ND*) to m im ic the process agitator hydrodynamics 

and also the same process superficial gas velocity as this mimics the specific 

power input o f the gas. I t  was found that a low  concentration o f poly 

propylene glycol (PPG) B D H  Ltd, m ol weight 2025, produce very high gas 

hold-ups, typically 50% gas hold-up at 20 parts per m illion concentrations in 

aerated wTater. This material has a density o f lOOOkg/W and a viscosity o f 

0.4Pa.s at 20°C. The effect o f this additive is temperature sensitive. W ith in the 

lim its o f 10 to 25°C it was found that the gas hold-up increases w ith  

decreasing temperature. Data fo r bubble column results are shown in  Figure 

4-3. Temperature control controlled to at least ±  1°C is essential i f  consistent 

hold-up data is required.

60.0 -I

50.0 -

a. 40.0 *
?
1  30 0 •
£
J5 20.0 - 
0

10.0  *

0.0 -

0.0 5.0 10.0 15.0 20.0 25.0

Temperature ( °C)

Figure 4-3: Effect of temperature on gas hold-up in 20-ppm PPG solution in a 
0.61 m diameter bubble column, H /T  = 1.3, superficial gas velocity =0.21m/s

y = -2.2539x + 83.033 
R2 = 0.9916

♦ Hold-up %

 Linear (Hold-up %)
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Chapter 5 Bubble Studies using the Buchi Rig

5.1: B ackground and Sum m ary o f B uch i w o rk  
5.1: B ackground and Sum m ary o f B uch i w o rk

Gas-liquid mass transfer is an im portant un it operation carried out in bubble
Gas-liquid mass transfer is an im portant un it operation carried out in  bubble ~i r  r

columns and stirred tank contactors. The transfer rate is strongly dependent 

on the gas-liquid interfacial area, which in  turn depends on liqu id  flow  

patterns, bubble si2e distribution and bubble-nse velocity. This chapter 

describes two techniques, dynamic gas disengagement and photographic to

determine gas hold-up, bubble sizes and bubble-rise velocities in  model andtndusYrlar frnp o n an t^ r  rui us in  dud Die columns and niecnamcaliy sui
industrial im portant fluids in  bubble columns and mechanically stirredcontactors. O penm on is in the marble ana them ete Ctr^regimes.

contactors. Operation is in  the bubble and the heterogeneous regimes.

Bimodal mean bubble size, gas-liquid hold-up fractions, o f the dense andaflute pn a d u d  ole rise TOoaHes are m B a iK a r o lr o  fcrspargeu, Doinng

dilute phases^ and bubble rise velocities are presented fo r cold sparged, boilingana Dolling spargea iiuias.
and boiling sparged fluids.
Results are represented from  w ork on two scales: (i) A 0.08 m Buchi glass 
Results are represented from  w ork on two scales: (i) A  0.08 m  Buchi glass

reactor, double-jacketed w ith  wall heating using transparent silicon oil. This is

operated from  atmospheric up to 10 bar overpressure, (ii) The 0.61m diameter

stirred vessel described in  Chapter 3 is operated under “ cold”  atmospheric

conditions. The dynamic disengagement experiments are recorded on video

fo r analysis purposes.
The model fluids used are water and water w ith non-coalescing agents added. 
The model fluids used are water and water w ith  non-coalescing agents added.

“ Real”  pure liquids fluids are methanol, aniline and acetic acid and gases are

air, nitrogen and ethylene.

5.2 In tro d u c tio n
5.2 In tro d u c tio n

Many industrial processes involve the introduction o f gases in to  liqu id  or 
Many industrial processes involve the introduction o f gases in to  liqu id  or

result in  gaseous products through reaction, heat input or pressure reduction.
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Examples are oxidations, fermentations, carbonations, chlorinations and 

hydrogenations. Operation on an industrial scale very often results in large 

superficial gas velocities in the heterogeneous regime and high gas phase 

fractions. Very often there is very litde inform ation on the gas-liquid 

behaviour o f these systems due to hostile environments, high temperature, 

pressure or the need to maintain aseptic conditions. The lack o f “ real data”  

presents a credibility gap fo r physical or mathematical modelling. In  order to 

bridge this gap a glass Buchi has been used to study the gas-liquid behaviour 

o f some industrially im portant fluids at elevated temperature and pressure. 

Measurements were also made using water based fluids at ambient 

temperature and pressure, which were repeated on a larger 0.61 m diameter 

vessel in order to test scale-up relationships.

A summary o f the conditions used is given in  Table 5-1 and Table 5-2.

AtmosphericTop RegionCold Boing Water 400 * 1447 rpm

-  0.2M Sodium Sulphate Bottom Region 0.0064 m/s

20ppm PPG

-  Cold and boing Anine

0.106 m/s

0.144 m/s

Table 5-1: Conditions used in the 0.08 m diameter Buchi reactor
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Cold Water

-  0.2M Sodium Sulphate

20ppm PPG

Top Region

Middle Region

-  Bottom Region

0 tpm

100 rpm

200 rpm

280 rpm

360 rpm

0.0184 m/s

0.0334 m/s

0.08348 m/s

0.118m/s

0.201 m/s

0.233 m/s

0.0448 m/s

MFU + 2x12DT

6HBT+6MFU

3 x LIGHTNIN A345

Table 5-2: Conditions tested in the 0.61 m diameter sdrred tank.

The aim o f this w ork is to determine how the operating parameters, fluids, 

agitation rates, temperature, pressure and gas-in rates affect bubble sizes in the 

vessels.

Two methods were used to estimate the average gas bubble size. The first 

involved taking photographs o f the vessel under the required conditions and 

then measuring the size o f those bubbles that were in focus. This was either 

done by hand or using a semi-automatic method. The bubble photographs o f 

the systems tested were analysed to obtain the number average mean bubble 

size (im portant fo r bubble rise velocities and gas retention time) and the 

Sauter mean bubble diameter (d ^  (required to estimate surface area fo r mass 

transfer). This approach, although relatively direct, is tedious and suffers from  

the lim itation that only bubbles close to the vessel walls are measured. I t  was 

therefore necessary to use another method to obtain bubble size inform ation 

that referred to the whole vessel, rather than just the near wall region. For this 

a dynamic gas disengagement technique was used. This relates the drop in gas 

hold-up w ith  time (after simultaneously switching o ff the agitation and the 

gas) to the bubble rise velocity and allows average bubble diameter to be 

estimated.
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5.3 Literature And Theory

De Swart et a l (1995) and Krishna and EUenberger (1995), studying bubble 

columns, identified two basic hydrodynamic regimes:

The bubble regim e o r hom ogeneous regim e, where the bubble she is 

small and controlled by the physical properties o f the liqu id  and gas and:

The chum  regim e o r heterogeneous regim e, where the fraction o f small 

bubbles (dense phase) is fixed and increasing the superficial gas velocity only 

increases the fraction o f large bubbles.

W ilkinson etal. (1990) gives the fraction o f large bubbles as,

S/a*, =  (PS ^  (S1)

where £b is the large bubble hold-up fraction, vs the superficial gas velocity 

and vtma the superficial gas velocity at which the transition from  homogeneous 

to heterogeneous flow  occurs.

Gezork et a l (2000) showed similar behaviour in  mechanically agitated gas- 

liqu id  dispersions. For a mechanically agitated vessel the transition to the 

heterogeneous regime may occur before the superficial velocity equals the 

dense phase rise velocities due to  gas recirculation o r coalescence in  agitator 

regions.

W ilkinson et a l (1990) showed that pressure increased gas hold-up by delaying 

the transition from  homogeneous to heterogeneous flow. Their data were 

obtained fo r a range o f gases from  hydrogen to Freon 114 and at pressures 

from  0.1 to 2 MPa. They concluded that:

•  The influence o f both pressure and gas molecular weight on gas hold­

up in  a bubble column has the same cause.

•  The effects o f gas density are not due to  any effects on bubble 

form ation at the gas sparger but are due to  a decrease in  the bubble
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stability w ith  increasing density and these effects can be qualitatively 

explained w ith  a Kelvin-Helm holz stability analysis.

•  Larger gas densities increase bubble break rates w h ilst having litde or 

no effect on coalescence. This results in  increased gas hold-up fo r 

operation in  the heterogeneous regime due to a higher dense phase 

fraction.

The significance o f these results is no t lim ited to water o r bubble columns. 

The gas density is an im portant parameter in  design o f other gas-liquid 

contactors including mechanically stirred tanks.

Sriram and Mann (1977) firs t proposed the gas disengagement method to 

evaluate models o f gas-liquid flow  w ith in  a bubble column. The mediod can 

also yield bubble rise velocities and hold-up fractions. I t  can be extended to 

bubble size distributions since bubble rise velocity depends on bubble 

diameter and gas hold-up. The method depends upon measuring the profile  o f 

liqu id  level drop versus elapsed time fo llow ing the fast shut o ff o f the gas 

supply. Many other workers have used the technique in  bubble columns and 

mechanically stirred vessels. Mann et a l (1981) used the method in  an agitated 

vessel to study gas-liquid flow  parameters. For these tests the agitator was le ft 

running because inform ation was required regarding internal recirculation. 

Schumpe and G rund (1986) and Patel et a l (1989) used a version o f the 

method in  bubble columns to  determine the transition from  homogeneous to 

heterogeneous flow , bubble fractions fo r two bubble classes and their 

associated bubble rise velocities. In  their analysis it  is assumed that the bubble 

structure remains undisturbed by bubble interactions after cutting o ff the gas 

and that the gas is uniform ly distributed. These sim plistic approximations are 

justified by the consideration that the inform ation required has been sim plified 

to  two distinct bubble classes. Gezork et al. (2000) extended the Schumpe and 

G rund (1986) method to  estimate the transition from  homogeneous to 

transitional flow  and to estimate bubble rise velocities in  mechanically agitated 

vessels by simultaneously shutting o ff the gas and agitator.
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TKypicdl* disengagement amrves ((follow ing tihe I liqu id  surface w ith  (time after 

sim illtnneouily sw itching<off tihe-gas and agitator) areed^picted in  Figure 5-11 

and IFigure 3h2. EDhese are itypicdl i illustrations rd f ithe heterogeneous regime; a 

IbimocMl distribution w ith  1 largerIhdbtiles escaping quirtkly and smaller i bilbbles 

tdkinglionger. W ith in  the .distribution, i the tdense phase its saturated w ith  small 

hiibblesiandanyextragasiisoiodlescediintoilargerlbiibbles

ffiiattiiJ l. mtfflJrqim, ^  iirtwt ^COflaflMteTrifB

»♦ data
— ifit' larger' bubbles
— fit sm aller bubbles
— 1 Ungassed! level

0. 11

IFigure $-11: ^Disengagement trace (for lb a iling , nitrogen sparged, acetic acid 
lin  the;Budhi rigi(coalesaing'Systern)

OjSI m  diam eter vessel fitted  w ith.3 x  A345 oaitators. 
,20q jpm IH F G . W -  340JfiP M . U .̂ =COOFMim^s
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-Figure 3-3,: Disengagement trace for ccdlti air-sparged IRRG solution iin  the 
(D £31 tm (diameter'vessdl. (non-coalescing)
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In  this work, fo r a bimodal bubble distribution, the analysis o f Schumpe and 

Grund (1986) was used to yield the bubble size fractions and bubble rise 

velocities. Figure 5-3 illustrates what is happening,

(a) Schematic description of the disengagement of two bubble classes

G1

•V*u
X

R ta  o f large bubble r

^ in

l n
at ( in jll bubble

10 R elative H o ld -u p

(b) The illustration of the local hold-up structure during period I  

Figure 5-3: Disengagement illustrations from Schumpe and Grund (1986)
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Referring to  (a) H 0 is the operating level o f the system. A t tim e =  t0, agitation 

and gas are simultaneously switched o ff.

The gas escapes in  two periods. In  time period 7, a ll o f the large bubbles and 

some o f the small bubbles disengage. In  time period 77, the remaining small 

bubbles disengage (hence the slope is no t as steep). W hen tim e =  t,, there is 

no gas le ft in  the system The liqu id  in  the system is then at a height H 2 from  

the base. Figure 5-3(b) shows the distribution o f hold-up between large 

bubbles, small bubbles and the liqu id  (Egp £gs and £ j) as the operating level o f 

the system drops (during tim e periods I, I I  and the finishing level).

The Schumpe and G rund (1986) method o f estimating bubble rise velocities 

and hold-up fractions from  dynamic gas disengagement (D G D ) traces is as 

follows:

The method assumes that at time =  t*, the bubbles rise at a constant slip 

velocity relative to the liquid, which enables the liqu id  backflow to  be 

accounted for.

I t  is necessary to determine UGs and its contribution to the overall superficial 

gas velocity vs. However this cannot be found directly from  the superficial gas 

velocity in  period 77 because the hold-up in  period I I  differs from  the in itia l 

hold-up. Therefore, UGs at steady-state operation must be found using the 

continuous operation hold-up. Calculating H 1}, which is the in itia l level o f the 

vessel excluding large bubbles, does this. Referring to Figure 5-3 (a), H 1} lies 

somewhere between and H 3. The logic fo r this is that extrapolating the 

line in  period I I  back to t — t$ would assume that small bubble disengagement 

took place in  the same way during period 7 as in  period 77, when in  fact i t  must 

be slower due to the contribution o f the large bubbles to  the liqu id  backflow.

In  the follow ing explanations the parameters which d iffe r from  the steady- 

state conditions which existed up to t — t0 are denoted w ith  an asterisk (*).

•  Indices 77 and I  refers to time periods 77 and 7 respectively.

•  Subscripts T  and G  refer to liqu id and gas respectively.
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•  Subscripts s and /  refer to  small bubbles and large bubbles respectively.

•  £ refers to hold-up.

•  D uring disengagement, the net down flow  o f liqu id  hinders bubble 

motion.

•  D uring continuous operation, this is not the

•  D uring disengagement, the local liqu id superficial velocity equals gas 

flow  in  the opposite direction (i.e. U*L =  -U *c). Hence the in itia l fa ll 

(dh/dt)T is equal to  the superficial gas velocity at steady state (vs).

According to Scumpe and Grund (1986) the relevant equations to solve the 

mass balance are:

Superficial gas velocity at steady state:

(5.2)

Hold-up fraction o f large bubbles:

(5.3)

Hold-up fraction o f small bubbles:

(5.4)

Superficial gas velocity o f large bubbles:

(5.5)

Superficial gas velocity o f small bubbles:

d h \ J d b \  ( H n — H 2) ( H l —H 2f l / 12)

d t ) Ls H 0 ( H . - H .H q (H j — H 2)
(5.6)

Note that by definition,

H 13 — H { /j (5.7)
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Thus combining equations (5.6) and (5.7), replacing (dhj dt)ls, H 13 can be 

expressed in  terms o f H u H 2, t1 and /2:

H ,
■ +

H ,  3 =

H 2 - H ,

V 2̂ y h 0(h , - h 2)

1
—  +  

A

w ith U

- V

v 2̂ y

(h , - h 2 / , / / , )

h „(h , - h 2)
(5.8)

Knowing H ;i, allows L/G, to  be calculated in  equation (5.6). 

The Rise velocities o f large and small bubbles are:

V a, = U a l / e al

UB.s “  ^ G .s  /  f  G.s

(5.9)

(5.10)

These are standard equations so the derivations have not been provided.

N ote that the above analysis can be extended to  more than two bubble classes 

using sim ilar reasoning, however in  view o f the assumptions made this 

probably is not justified.

Single B ubb le  class case: For a single bubble class (i.e. operations take place 

in  the homogeneous regime), them

ps =  ~{dhfdt)

U B = vs i  eG

5.4 E qu ipm en t and C ond itions

(5.11)

(5.12)

Tw o fu lly baffled vessels were used in  this work.
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Figure 5-4: The Buchi 1 set-up. Top is assembled rig . Bottom  shows 
agitator and sparge assembly
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The Buchi rig  is a 0.08 m  diameter cylindrical glass vessel w id i a hemispherical 

base as shown in  Figure 5-4. Heating o r cooling o f the vessel contents is by 

clear silicon o il circulated through the glass jacket The internals are titanium  

fo r most o f the work, to cope w ith  boiling acetic acid, but are changed to 

stainless steel fo r the methanol tests. The o il temperature is controlled using a 

C hurchill o il heater w ith  a water cooler. Pressure is controlled using an 

adjustable G all valve. I t  can be operated up to 200°C and 12 barg. The larger 

stirred tank rig  as described in  Chapter 3 (see photograph in  Figure 3-3) is a 

0.61 m  diameter Perspex cylindrical vessel w ith  a shallow dished base.

Both vessels have a vertical scale up the vessel wall fo r the dynamic gas 

disengagement measurements. Graticules w ith  1 m m  divisions are fixed on the 

inner wall o f the vessels fo r bubble sizing by photographic techniques. 

Agitator details are listed in  Table 5-3. Tachometers are used to  measure the 

speeds o f rotation o f the shafts. Gas rates are measured using calibrated flow  

meters. Thermocouple probes accurate to ±  0.1C are used to measure the 

vessels liqu id  temperatures.

Gases used were nitrogen, ethylene and air. Liquids employed were methanol, 

acetic acid, aniline, 0.2 m olar sodium sulphate solution, water and 20 ppm  

polypropylene glycol solution (PPG) [m ol w t =  2025]. Tests were done at 

room  temperature; hot sparged, boiling and boiling sparged conditions. 

Pressure was atmospheric apart from  water and methanol, which were also 

tested at 10 barg.

The amount o f flu id  used in  the rigs was chosen so that the gassed heights 

were approximately constant at around one agitator diameter above the top 

agitator to allow effective agitation o f the vessel For the Buchi rig  this meant 

that the liqu id volume was approximately 0.65 litres ungassed rising to around

0.79 litres under gassed conditions. For the 0.61 m  diameter rig  the liqu id 

volumes were 200 to 400 litres.

Gas-in rates were chosen to give:

• Normal agitator gas loading,
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•  A  range o f superficial gas velocities that encompass the transition 

from  homogeneous to heterogeneous flow , w ith  an overlap o f 

superficial gas velocities on both scales.

•  H igh gas hold-ups.

Agitation rates were chosen to give a range o f specific power inputs up to 8 

kW /m 3 o f liquid on both scales.

Line Diagram Of Buchi Rig For 1Q Barg Operation
To LEV

C o c lrn q W a te f (C losed Circutf)

Lab
Supply

Nitrogen

MOT BOTH

■ 11 ■ 1 1 BUCHH1VSD
Bund

Figure 5-5:Line diagram of Buchi rig as set up for the 10 barg pressure work.
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Vessel diameter T(m) 0.08 0.08 0.61 0.61 0.61

Geometry key Buchi 1 Buchi 2 2 ftR l 2 ft  R2 2 ft R3

Operating levels H (m) 0.17 0.08 0.95 1.38 1.43

Agitator type

Bottom 6RT 6RT 4MFU 6HBT A345

Mid 12DT A3 45

Top 6MFU 12DT 6MFU A345

Agitator diameters

D (m) 0.04 0.027 0.33 0.311 0.344

Bottom (m) 0.30 0.344

Mid (m) 0.30 0.310 0.344

Agitator clearances

Bottom (m) 0.04 0.04 0.2 0.26 0.2

Mid (m) 0.44 0.62

Top (m) 0.125 0.680 0.83 1.04

Operating volume V  (m3) 0.00079 0.00034 0.26 0.38 0.40

Table 5-3: A gita tor geometries used in  tests

5.5 B uch i R ig  A g ita to r H ydrodynam ics

In  the in troduction to this chapter die transition from  homogeneous to 

heterogeneous bubble behaviour was discussed. I t  is im portant to  separate 

this from  the effects o f agitator hydrodynamics discussed in  Chapter 2, section 

2.3.1.

For the fla t 6-blade turbine, which has a low  pressure region behind the blades 

where gas can collect to form  cavities, Smith et a l (1988) identifies four main 

hydrodynamic transitions:

M inim um  Froude number fo r the retention o f stable cavities:

F r =  0.045 (5.13)

The maximum gas flow  at which clinging-vortex cavities can be maintained 

This is the 3:3 cavity — clinging vortex cavity transition line and is given by,
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Maximum gas rate that can be recirculated through the vessel (defines the 

loading-complete recirculation transition):

F lCD= 1 3 F r2
k-5

(5.15)

The Maximum gas flow  that can be handled w ithout flooding the im peller

This is the flooding-loading transition and is given by

F1f_l =  30F r
1-3.5

(5.16)

For the conditions used in  these tests:

A ll agitator conditions were above die m inim um  Froude number fo r stable 

cavities to form .

A ll agitator conditions were above the flooding-loading transition, meaning 

the agitator was no t flooded.

A ll conditions were above the loading-complete recirculation transition, 

meaning the gas was recirculated through the vessel.

M ost o f the conditions were in  the large stable cavity region. A t the lowest 

gassing rate and w ith  agitation speed o f 1100 and above, the vessel went 

through the clinging-vortex to 3:3 large or large plus clinging cavity transition.

In  summary, all o f the conditions used were above the flooding po in t and 

most were in  the same cavity region. This means that any transition between 

regimes was unlikely to have been caused by die agitator hydrodynamics.

The estimated specific power input used fo r the various experiments and the 

superficial gas velocity o f the inerts is listed in  Table 5-4 fo r the Buchi 1 

geometry. For these calculations it  was assumed dia t the tota l Po =  6, volume 

o f liqu id  =  650 cm3 w ith  a liqu id  density o f 1000kg/m3 and:

Low  gas is < 1.34 litres /m inute, Pg/Pu —0.6.

Medium gas is >  1.34 < 2.0 litres/ minute, Pg/Pu =0.5

Boiling or H igh gas is >  21itres /  m inute gas, Pg/Pu =0.4
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These figures are inform ed estimates only but considered f it  fo r the purpose 

o f comparison.

Agitation speed Specific power input P/V (W/kg)

(RPM) Boiling or High 
gas Medium gas Low gas

400 0.11 0.14 0.17

8 0.90 1.12 1.34

897 1.26 1.58 1.90

1100 2.33 2.91 3.49

1277 3.65 4.56 5.47

1300 3.85 4.81 5.77

1447 5.30 6.63 7.96

Table 5-4: Estimates o f Specific Power Inputs Used in  the Buchi W ork

5.6 Experimental Details

5.6.1 Dynamic Gas Disengagement Experiments

A  Panasonic SVHS video camera is used to record the drop in  level when the 

gas and agitation is simultaneously turned o ff. The disengagements are 

analysed using a Panasonic SVHS 4700 series, stop-ffame video that allows 

each frame to be frozen and analysed. The tape is paused at the instant that 

the gas and agitation are turned o ff. This corresponds to  tim e — 0 seconds 

(t^). A t each interval, the level seen by the video is noted. The camera is 

placed in  set positions w ith  respect to the vessels and the level “ seen by the 

camera”  is calibrated against the true level “ seen by eye” . Hold-up fractions 

and bubble rise velocities are estimated in  a spreadsheet program, according to  

the theory developed by Schumpe and G rund (1986). The small bubbles rise 

velocities are affected by gas hold-up ( fG). In  this w ork, the relationship 

between small bubble rise velocity, relative to a stationary liquid, and term inal 

rise velocity o f a small bubble in  an in fin ite  medium, proposed by M arrucci 

(1965) is used to correct fo r this effect This is given by,
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ut =  ^  ^  <■ (5.17)

N o collections have been made fo r the rise velocity o f larger bubbles. Krishna 

et al, (1999) claim that a large bubble swarm can rise faster than a single 

spherical cap bubble because o f the interactions w ith  the wake o f the previous 

bubbles. From  the corrected value o f the rise velocity, the bubble diameters 

are calculated using one o f two methods.

For Reynolds number (Re) < 2, Stake’s law is used to  estimate bubble 

diameters as follows.

4,., =

f  , o V/2 1 8 ^ //,
(5.18)

where inertia l terms (Re > 2) are im portant a drag coefficient is used to  f it  the 

experimental data. The fo llow ing analysis is from  Valentin (1967):

9p»
C „ = ------— - r  (5.19)

P i . A U

where E! =  to ta l flu id  resisting force and A.0 is cross-sectional area norm al to 

the direction o f rise and is the liquid density. For constant velocity tt,

R '= V ^ p g  (5.20)

where V b is the volume o f the rising bubble.

For spherical bubbles A.a and V h are simple functions o f diameter. For 

deformed bubbles A 0 and V b are expressed in  terms o f the equivalent diameter 

o f a sphere equal in  volume to the bubble as follows,

f  6 v  Y /3
* > = {  —  } (5-21) 

which when substituted yields,
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4 P l P g

3 V P l j
2

J

where p v is the liqu id  density, p G is the bubble density, db is the bubble 

diameter, g is the acceleration due to gravity and u, is the term inal bubble rise 

velocity.

H ill (1998) used two (empirical) curve fits to the drag coefficient versus 

Reynolds curve fo r pure water shown in

Figure 5-6 fo r the drag coefficient as a function o f bubble Reynolds number. 

These are:

For (Reb <  450),

ln(Q) = 2.699467-0.335816.1n(Reb)-0.07135617.[ln(Reb)]2 (5.23)

and for (Reb > 450),

ln(Cd) = -51.77171+13.16707.1n(Reb)-0.82356.[ln(Reb)]2 (5.24)

These equations are used in  this w ork by applying the solution fo r a quadratic 

equation (see appendix 7) to yield bubble diameters from  rise velocities.

Referring to Figure 2-43, it  is apparent that fo r bubbles in  a low  viscosity flu id, 

a transition occurs at a bubble rise velocity o f approximately 0.3 m /s. In  the 

transition region the dynamic disengagement method is unsuitable fo r bubble 

size analysis. This applies fo r bubbles w ith  diameters between approximately 

1 and 30 mm as Figure 2-43 illustrates. In  this region only bubble rise 

velocities and hold-up is estimated using the dynamic gas disengagement 

method.
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Drag Coefficient - Reynolds Number Relationship 
Clean Air-Water System

— •  S in g le  b u b b l e  * * T—  v e l o c i t y  ( H a b c m a x  n i  M o r t e m  d a ta )

 Curve fined to experimeulal data100

C

aVo
U
bJO«u
p

01

0.01
1000001000010 100 10001

Bubble Reynolds Number

Figure 5-6: Drag coefficient as a function of Reynolds number from 
Hill(1998)

5.6.1.1 Problems Encountered W ith the Dynam ic Gas Disengagement 

M ethod

Bubble retardation described by Gezork et al. (2000) sometimes occurs w ith  

very small bubbles queuing at the surface during the latter stages o f the 

disengagement trace. This “ queuing”  produces high local gas hold-ups slowing 

the bubble escape process down. This applies particularly to the smaller 

bubbles as seen by a tail on the disengagement curve. To try to account for 

this, when p lo tting the lines o f regression, only the in itia l part o f the curve is 

used, before the ‘queuing’ begins. There is a judgement here since this “ tail”
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m ight have been due in  part to  another class o f tin ier bubbles which i f  ignored 

w ill not have been accounted for.

For the Buchi rig  experiments at low  hold-ups the surface bounce was 

significant w ith  respect to  the change in  level and this produced very noisy 

traces on which only the in itia l part o f the disengagement curve could be 

determined w ith  any accuracy. Low  hold-ups were avoided whenever possible, 

but to help cope w ith  this problem the liqu id  level was noted fo r several 

seconds before the disengagement and an average value was used as the in itia l 

aerated level.

The single regression (an assumed homogeneous distribution) m ethod was 

used in  2 cases:

I. Where there obviously only one line corresponding to  small bubbles 

in  the bubble regime.

II. I f  i t  was not possible to distinguish between the different regions 

because o f “ noise”  o r suspected “ bubble retardation” .

5.6.2 Bubble Measurements and Counting Experiments.

Bubble photographs were taken o f selected areas o f the vessel w all using a 

1/50,000 o f a second flash and a fast film . The areas photographed fo r the 

Buchi rig  are shown in  Figure 5-7.

5.6.2.1 Manual Counting

The photographs are printed to  A3 size fo r bubble measuring and counting. 

The scale is evaluated from  the graticule. For a meaningful bubble size 

distribution, at least 600 bubbles must be counted fo r each condition. To 

obtain a fa ir distribution, all the “ in  focus”  bubbles on each photograph are 

counted. I f  the number counted in  one photograph is less than 600, then all
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the bubbles in the next photograph fo r that condition, are also counted. A ll 

bubbles are assumed spherical. For bubbles that were ellipsoidal an average 

diameter was taken from  several chords. Only bubbles judged to be in focus 

are counted to m inim i2e perspective errors.

6 blade pitched 
tn t ia e  pumping

c - 125 mm

A
6 blade Rusk ton 

turbine  
c=40 mm

*

Baffle  w id th  10

k Top Region 
100-140 ran

Vessel f il l level 

H -1 7 0  mm

T=80 mm

Hem ispherical base 
r - 40 mm

.Bottom Region 
20-60 n n

shaft d iam eter 10 mm

Figure 5-7: Buchi agitator and photo region details

From this data, the number mean bubble diameter (dt()  and the Sauter mean 

bubble diameter (d ^  can be calculated according to:

4 o = 2 X 7 n  (5-25)

N
^ 2 = X ^ , / 5 X  (5.26)

i=l /  ,=1

where dhi — diameter o f each individual bubble and N  — total number o f 

bubbles counted

5.6.2.1.1 Possible Sources o f E rro r w ith  M anua l C ounting
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•  Some bubbles ate too small fo t the eye to  detect amongst a bubble 

cloud.

•  Some bubbles being so small that they look in  focus when they ate 

n o t A  latge bubble that is slightly out o f focus could be discarded 

when a small bubble that is a lo t more out o f focus is counted.

•  Small bubbles are more d ifficu lt to  measure accurately

•  A t the edge o f the photogtaph, bubbles are generally less in  focus 

because o f the vessel curvature.

•  Large bubbles are very visible but smaller ones are much harder to 

spot, especially at high gas hold-ups.

•  Human error caused by judgements changing when bubbles ate 

counted over a long period o f time.

•  Slight changes in  the picture due to  photocopying (assumed to  be 

negligible).

•  Non-spherical bubbles.

5.6.2.2 Semi-Automatic Counting

Some o f the sets o f photographs were sent to  a specialist IC I Technology 

laboratory where the bubbles were counted and measured semi-automatically 

using a commercial software package. This was done from  a scanned 

computer image o f the photographs taken. I t  was assumed that this method o f 

counting bubbles is generally more accurate. However, comparative tests 

reported in  Table 5-5, show reasonable agreement between the tw o methods.

Bubbles are tallied according to size, w ith  the bubbles from  0-400 microns 

recorded in  classes o f 100 microns, and bubbles >  400 microns are recorded 

in  classes o f 200 microns.
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Fluid Method d w c/32

20 ppm PPG at 1277 rpm and 
2.54 l/min gas

Hand Counted 166 625

Semi-Automatic Counting 205 504

0.2 M Sodium Sulphate at 
1277 rpm and 2.54 l/min gas

Hand Counted 275 1229

Semi-Automatic Counting 275 1229

Table 5-5: Comparison of bubble sizes by hand counted and semi automatic 
counting methods.

5.7 Results Summary

Results fo r a ll fluids tested are summarized in  Table 5-6 to Table 5-11. N ote 

that nomenclature fo r these tables is as follows: D G D  — dynamic gas 

disengagement; dm is the number mean bubble size from  photographic bubble 

size analysis; dJ2 is the Sauter mean bubble size from  photographic bubble size 

analysis; % =  superficial gas velocity based on in le t gas and vessel cross- 

section; C/A and U3 are rise velocities o f small and large bubble swarms; N  — 

agitation speed; £G, £s and £j- refer to volum etric hold-ups o f gas, solids and 

tota l (gas plus solid) respectively. Subscripts: s — smaller, /  — larger, JL =  liquid, 

b — bubbles. R  =  region o f vessel photographed. Solids are glass ballo tin i o f 

mean size 205 microns. For details o f vessel geometries see Table 5-3.

A  typical dynamic gas disengagement worksheet is appended in  appendix 7.

A  frequency count from  the bubble counting is appended as Appendix 6, 

which also contains a record o f the video calibration.
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R N vs d,o d,2 D G D f D G D j. es £ c ,j £c, j £c,,+£g j e r P / V l L'sb V /b

Vessel RPM |Xm Li.T |Im % % % % % kW/ Cm/s cm/s

Buchi 1 Bottom 897 0.0044 208 551 200 539 0 4.2 13.5 17.8 17.8 1.9 1.24 2.82
Nitrogen 897 00064 222 529 0 6.4 15.4 21.8 21.8 1.6 1.28 3.87

Gas 897 0.0084 135 403 0 4.6 23.6 28.2 28.2 1.9 0.58 3.53
1100 0.0044 173 392 0 4 16.9 20.9 20.9 2.3 1.10 2.68

Bottom 1100 0.0064 242 627 308 480 0 8.8 15.9 24.7 24.7 2.9 1.75 2.68
1100 0.0084 258 504 0 4.8 28.3 33.1 33.1 3.5 1.20 2.44
1277 0.0044 113 400 0 6.4 13.4 19.7 19.7 3.7 0.48 2.55
1277 0.0064 125 464 0 6.2 24.3 30.5 30.5 4.6 0.48 3.17

Bottom 1277 0.0084 184 564 131 481 0 3.6 34.2 37.8 37.8 5.8 0.45 2.88

2ft tank 0 0.0880 623 14915 0 2.79 58.15 60.94 60.9 0.43 2.24 142.9
R1 280 0.0337 341 821 0 33.3 11.9 45.3 45.3 4.73 1.67 12.6

4MFU + 280 0.0450 366 970 0 34.4 8.8 43.2 43.2 4.32 1.79 18.0
2 x12DT 280 0.0585 359 814 0 33.9 10.9 44.8 44.8 4.17 1.76 12.4
Gas = air 280 0.0840 387 16485 0 36.3 12.3 48.7 48.7 3.93 1.85 38.2

280 0.1182 350 1260 0 35 14.1 49.1 49.1 3.90 1.67 34.3
280 0.2019 333 17108 0 35.7 18.5 54.2 54.2 3.71 1.54 44.2

Mid 280 0.0840 246 463 387 16485 0 36.3 12.3 48.7 48.7 3.93 1.85 38.2

0.0 0.1355 397 16018 0.00 4.3 47.0 51.3 51.3 0.90 1.65 109.3
2ft tank 252.0 0.1353 402 17466 0.00 6.8 41.3 48.1 48.1 2.84 1.93 59.0

R2 252.0 0.0782 436 16205 0.00 4.7 41.7 46.4 46.4 2.56 2.11 36.5
GF+6MF 252.0 0.0342 479 17461 0.00 3.5 37.4 41.0 41.0 2.37 2.58 54.6
Gas = air 3300 0.0770 337 17381 2.49 5.8 40.4 46.1 48.6 5.50 1.47 50.0

252.0 0.0771 346 17448 2.56 4.9 41.7 46.6 49.1 3.02 1.45 53.3
330.0 0.0768 348 17234 5.00 6.7 35.5 42.2 47.2 5.90 1.61 46.3
330.0 0.0768 389 17159 7.71 7.6 32.8 40.4 48.2 6.77 1.84 45.0
330.0 0.0771 362 17449 0.00 5.9 42.3 48.3 48.3 5.07 1.63 53.4

2ft tank 0 0.033 615 0.00 18.62 0.0 18.6 18.6 0.35 5.25 0.0

R3 0 0.074 566 14668 0.00 47.63 3.1 50.7 50.7 0.78 2.51 151.1

3 x A345 0 0.13 435 15051 0.00 46.7 7.1 53.8 53.8 1.37 1.73 138.5
Gas =air 0 0.202 434 14495 0.00 46.9 9.4 56.4 56.4 2.19 1.71 157.1

0 0.28 380 14943 0.00 41.1 18.5 59.6 59.6 2.99 1.63 142.0

120 0.033 705 0.00 27.9 0.0 27.9 27.9 0.64 5.57 0

180 0.033 609 0.00 38.4 0.0 38.4 38.4 1.23 3.48 0.0

240 0.033 516 15303 0.00 36.2 2.7 39.0 39.0 2.24 2.80 130.6
300 0.033 411 16062 0.00 30.1 6.9 37.1 37.1 3.40 2.28 35.7

360 0.033 455 17371 0.00 34.3 4.8 39.1 39.1 4.90 2.41 66.4

120 0.074 575 17364 0.00 44.1 3.5 47.6 47.6 1.06 2.79 66.7

180 0.074 515 17150 0.00 41.3 3.9 45.2 45.2 1.66 2.50 75.4

240 0.074 428 17413 0.00 37.9 7.1 45.0 45.0 2.58 2.05 64.0

300 0.074 416 17414 0.00 32.1 12.6 44.6 44.6 3.72 2.23 63.9

360 0.074 385 17450 0.00 30.5 14.1 44.6 44.6 5.43 2.07 61.1

120 0.130 497 14356 0.00 47.9 6.3 54.1 54.1 1.64 2.04 161.9
180 0.130 428 17368 0.00 44.5 9.6 54.0 54.0 2.23 1.78 66.5
240 0.130 356 17387 0.00 39.5 13.9 53.3 53.3 3.11 1.55 65.5

300 0.130 319 17409 0.00 34.4 18.7 53.1 53.1 4.35 1.50 64.2

360 0.130 302 17416 0.00 30.3 22.6 52.9 52.9 6.04 1.53 63.8

Table 5-6: Results from PPG experiments at 12 ±  1°C and atmospheric 
pressure
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Vessel R N vs Pressure dto dn D G D t D G Dt. £c..s fir;./ fir.r+fir./ P/Vl Vsb VO,

RPM (m /s ) Urn |im Urn Jim % °0 O kW /m ' cm/s cm/s

Bucht 1 Bottom 897 0.0084 latm 404 2222 748 9 0.0 9.0 1.3 8.9

Ambient T 1100 0.0084 332 1441 84.3 96 0.0 9.6 23 11.1

Nitrogen 1277 0.0044 371 2751 810 8.7 0.0 8.7 5.5 10.4

Ci as 1277 0.0064 394 2202 783 10.1 0.0 10.1 4.6 9.5

1277 0.0084 464 2016 822 9.6 0.0 9.6 3.7 10.6

1441 0.0681 2.33 1365 516 1055 8.9 11.2 20.1 5.3 4.7 17.64

1444 0.1056 232 1375 450 769 5.4 14.0 19.3 5.2 4.1 8.54

1444 0.1437 244 1585 568 12.7 11.2 23.9 5.1 5.4 3251

Top 897 0.0084 latm 451 4242 748 9 0.0 9.0 1.3 8.9

1100 0.0084 299 4953 84.3 9.6 0.0 9.6 2.3 111

1277 0.0044 243 2277 810 8.7 0.0 8.7 5.5 104

1277 0.0064 262 301.3 783 10.1 0.0 10.1 4.6 9.5

1277 0.0084 297 3.364 822 96 0.0 9.6 3.7 10.6

1444 0.1437 236 1677 568 127 11.2 23.9 5.1 5.4 3251

Buchi 1 Bottom 897 0 latm 497 6.1 0.0 6 1 1.9 15.2

Boiling 897 0.0084 461 2411 6 0.0 6.0 1.2 30.7

Jacket 1100 0 535 5 0.0 5.0 3.5 18.8

T  =132°C 1100 0.0084 562 3963 533 8.3 0.0 8.3 22 15.5

1277 0 866 2888 527 5.9 0.0 5.9 5.4 17.7

1277 0.0044 280 3431 505 7.8 0.0 7.8 5.3 14.0

1277 0.0064 483 1574 543 8.9 0.0 8.9 4.4 16.1

1447 0.(X)84 449 1683 471 11.9 0.0 11.9 5.1 10.8

Top 1277 0.0044 1273 4478 505 7.8 0.0 7.8 5.3 14.0

1447 0.0084 856 3910 471 11.9 0.0 11.9 5.1 10.8

Buchi 2

T=69.7°C Top 1082 0.00015 140 psig 645 2363 low 0.9

2ft Bottom 0 0.0858 latm 1247 13.7 0.0 13.7 0.90 33.3

R1 100 0.0828 853 17449 3.1 9.9 13.0 0.82 128 53.4

T=12±1°C 200 0.0830 871 1157 4.3 15.0 19.3 201 13.1 27.3

Gas =  air 280 0.0186 1082 16.2 0.0 16.2 4.68 17.1

280 0.0442 920 1147 8 14.1 221 4.16 13.7 26.7

280 0.0832 1173 2694 1037 16777 14.6 14.3 28.9 3.66 15.9 40.5

280 0.1157 1074 17332 16 13.3 29.3 3.65 16.8 48.5

280 0.1991 1027 17421 15 19.1 34.1 3.95 15.4 51.7

.360 0.2321 1215 2265 1114 17456 221 21.6 43.7 6.63 17.5 54.1

M id 360 0.2321 1409 .3542 1114 17456 22.1 21.6 43.7 6.63 17.5 54.1

Top 360 0.2321 1350 2644 1114 17456 221 21.6 43.7 6.63 17.5 54.1

Table 5-7: Results from demineralised water experiments
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Vessel R N IS Pressure dm djj D G D D G D £C.a £c,j £ g ,+ £ c.j P/Vi. Vsb Vlb

RPM (m/s) |im |im |im |im % % .© kW /m 1 Cm/s cm/s

Buchi 1 Bottom 897 0.0044 latm 329 611 3.1 6.9 10.0 1.9 250 6.09

@ 897 0.0064 333 740 326 719 3.3 7.0 10.2 1.6 246 8.07

Ambient 897 0.0084 329 1274 335 686 3.3 6.6 9.9 1.3 256 7.47

Temp. 1100 0.0044 317 876 349 629 7.1 6.0 13.1 3.5 254 6.04

1100 0.0064 352 675 5.5 7.6 13.1 29 257 6.83

1100 0.0084 331 879 336 722 5 9.2 14.3 23 237 7.54

1277 0.0044 288 453 636 21.6 21.6 5.5 5.24

1277 0 0064 294 903 651 1022 125 6.3 18.8 4.6 5.76 14.21

1277 0.0084 275 1229 510 769 6.6 16.7 23.3 3.7 3.56 7.16

1447 0.0681 326 933 317 828 5.7 17.7 23.4 5.2 259 9.22

0.1056 246 750 339 797 6.9 18.3 25.2 5.1 275 8.45

0.1441 216 1061 525 1071 14.7 15.9 30.6 5.0 4.38 16.75

897 0.0084 la tm 254 1360 335 686 3.3 6.6 9.9 1.3 256 7.47

11(K) 0.0084 249 732 336 722 5 9.2 14.3 23 237 7.54

1277 0.0044 274 420 636 21.6 5.5 5.24

1277 0.0064 .302 562 651 1022 125 6.3 18.8 4.6 5.76 14.21

1277 0.0084 247 493 510 769 6.6 16.7 23.3 3.7 3.56 7.16

1447 0.1441 273 1794 525 1071 14.7 15.9 30.6 5.0 4.38 16.75

2ft Tank Bottom 0 0.0187 latm 935 29 4.9 7.9 0.19 15.63 75.83

Bubble 0.0344 744 29 7.3 10.1 0.36 9.87 41.43

Column 0.0464 737 4.7 7.4 121 0.47 9.38 76.75

T = 1 2 ±  1C 0.0597 602 1233 3.9 10.3 14.2 0.63 6.66 3234

0.0876 577 4.5 14.1 18.6 0.92 6.14 42.40

0.12.30 577 5.4 19.0 24.4 1.30 6.04 37.99

0.2152 486 1176 7.0 28.6 35.6 224 4.49 28.49

2ft 280 0.0184 1 atm 457 913 8.4 15.4 23.8 4.49 4.00 15.72

R1 0.03.34 447 960 8.8 19.6 28.3 3.95 3.84 17.54

T = 1 2 ±  1C 0.0448 437 1032 8.6 20.8 29.4 4.11 3.73 20.69

0.0586 451 1089 8.8 224 31.2 3.66 3.89 23.50

0.0835 274 422 436 1215 8.4 24.6 33.0 3.81 3.74 31.05

0.1175 435 1209 7.6 31.2 .38.8 4.07 3.78 30.69

0.2010 403 1198 7.8 34.5 423 3.94 3.39 29.96

0.2263 402 8.1 35.2 43.3 4.02 3.36 36.77

360 0.23.30 268 501 313 15.0 38.9 53.9 5.02 214 44.80

Mid 360 0.2330 la tm 271 798 313 15 38.9 53.9 5.02 214 44.80

Top 360 0.23.30 latm 257 444 313 15 38.9 53.9 5.02 214 44.80

Table 5-8: Results from 0.2 molar sodium sulphate solution experiments
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Vessel R N if Pressure dw d,2 D G D r D G D l ec.j P/Vl Usb Vlb

RPM (m/s) |im |im |lm |im % u o O K W /m ’ cm/s cm/s

Buchi 1 Bottom 400 0.0066 latm 590 3393 451 10.3 10.3 0.1 9.036

Jacket at 800 0.0066 601 1901 477 18.4 18.4 0.8 9.098

196°C 1100 0.0066 446 1477 29.2 29.2 22

Boiling 1300 0.0066 473 1676 461 26.1 26.1 3.5 7.025

1.300 0.0033 749 1939 492 25.2 25.2 3.4 8.009

1300 0.0000 733 3335 514 32.9 329 3.3 9.221

1300 0.0099 538 2401 561 26.5 26.5 3 4 10.26

Top 400 0.0066 latm 628 1968 451 10.3 10.3 0.1 9.036

800 0.0066 429 1795 477 18.4 18.4 0.8 9.098

1100 0.0066 336 8071 29.2 29.2 22

1.300 0.0066 313 2620 461 26.1 26.1 3.5 7.025

1300 0.0033 465 1582 492 25.2 25.2 3.4 8.009

1.300 0.0000 568 2400 514 32.9 329 3.3 9.221

1.300 0.0099 .362 4727 561 26.5 26.5 3.4 10.26

Buchi 1 Bottom 400 0.0066 la tm 339 1503 1553 26 26 0.1 9.7

Jacket at 800 0.0066 416 777 978 7.7 7.7 1.1 46

ambient 1100 0.0066 213 401 1058 10.7 10.7 3.0 4.81

Temp. 1300 0.0066 197 360 1067 14.0 14.0 4.7 4.58

1.300 0.0033 161 281 927 9.9 9.9 5.9 4.13

1300 0.0099 147 223 1194 16.5 16.5 3.7 5.08

Top 400 0.0066 latm 232 482 1553 2.6 26 0.1 9.7

800 0.0066 214 378 978 7.7 7.7 1.1 4.6

1100 0.0066 187 388 1058 10.7 10.7 3.0 4.81

1.300 0.0066 159 261 1067 14.0 14.0 4.7 4.58

Table 5-9: Results from aniline experiments
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Vessel
Region N IS Pressure dio d,2 D G D r D G D l £(,j £c, j £gj*Coi P/Vl Usb V/b

RPM (m/s) |im (1m (lm (Im % % % kW /m 1 cm/s cm/s

Buchi 1 Bottom 1277 0.0084 latm 414 1048 516 8.8 20.7 29.5 3.5 9.06 20.58

Jacket at 1277 0.0064 547 753 120 15.5 27.5 3.5 9.63 19.51

170C 1277 0.0044 534 9.2 17.7 26.8 3.5 9.66 20.22

b< tiling 1277 0.0000 603 17.8 17.8 3.5 10.74

1100 0.0084 487 9.1 17.6 25.2 22 8.02 23.15

1100 0.0064 344 982 531 748 10.3 14.6 24.9 22 9.35 19.48

1100 0.0044 658 25.2 25.2 22 11.47

1100 0 581 16.9 16.9 2.2 10.03

897 0.0084 496 6.5 19.3 25.8 1.2 8.71 21.15

897 0.0064 510 760 9.7 13.5 23.2 1.2 8.71 20.81

897 0.0044 351 1035 665 19.2 19.2 1.2 13.17

897 0.0000 598 13.7 13.7 1.2 11.36

Table 5-10: Results from acedc acid experiments

Vessel Region V IS Gas Pressure Temp dto d>2 e c P/Vl

RPM (m/s) °C mm mm % K W /m '

Buchi 2 Top 1082 0.00015 Ethylene 142 70.1 756 1650 very
low 0.9

H ot

sparged 1082 0.00015 Nitrogen 142 69.9 426 1491 very
low 0.9

Table 5-11: Results from methanol experiments

5.8 Presentation of Results, Discussion and Conclusions.

5.8.1 Bubble Pictures

Representative bubble pictures o f all the fluids tested are displayed in  Figure 

5-8 to Figure 5-19. A study o f these photographs reveals:

The division o f bubbles in to  to a single class fo r the homogeneous regime and 

two classes fo r the heterogeneous regime is a gross over-sim plification. The 

pictures o f water w ith  a Sauter mean bubble diameter around 3 mm show 

some bubbles as small as 100 microns or less.
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The liqu id flu id  makes a very large difference to the bubble size distribution. 

The salt solution and surfactant-laden solution have much smaller bubbles 

than coalescing fluids such as water, methanol and acetic acid.

Heating and elevated pressure make surprising little  difference to the observed 

bubble size distribution, apart from  aniline where the bubbles are noticeably 

larger fo r the boiling case.

Vapour bubbles from  boiling fluids look very sim ilar to cold sparged gas 

bubbles.

Changing the gas from  nitrogen to ethylene did not produce any noticeably 

different bubbles.

Figure 5-8: Nitrogen bubbles in cold acedc acid
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Figure 5-9: Gas bubbles in nitrogen sparged boiling acetic acid

Figure 5-10: Nitrogen bubbles in cold water
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Figure 5-11: Water vapour bubbles in boiling water

Figure 5-12: Gas bubbles in hot water sparged with ethylene at 10 barg

216



Bubble Studies using the Buchi Rig

f i

Figure 5-13: Gas bubbles in hot water sparged with nitrogen at 10 barg

Figure 5-14: Nitrogen gas bubbles in cold aniline
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Figure 5-15: Gas bubbles in boiling aniline sparged with nitrogen

Figure 5-16: Nitrogen gas bubbles in a cold 20-ppm PPG solution
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Figure 5-17: Nitrogen gas bubbles in a cold 0.2 molar sodium sulphate 
solution

Figure 5-18: Gas bubbles in hot methanol sparged with ethylene at 10 barg
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Figure 5-19: Gas bubbles in hot methanol sparged with nitrogen at 10 barg

5.8.2 Heterogeneous Bubble Behaviour in a Mechanically Agitated 

Contactor

For bubble columns Krishna and Ellenberger (1995) describe the 

heterogeneous regime as two bubble classes, a dense phase o f small bubbles 

which has a constant volume fraction w ith  larger bubbles making up the rest 

o f the distribution. Above the transitional superficial gas velocity required to 

trigger heterogeneous behaviour extra gas simply adds to the large bubble 

fraction. For operation at constant agitation rate, the same behaviour for 

mechanically stirred vessels is found, as illustrated by Figure 5-20 to Figure 

5-22. The relative bubble fractions are very different fo r a 0.2 molar sodium 

sulphate solution compared to that fo r a 20 ppm polypropylene glycol 

solution in the same reactor geometry, but very sim ilar fo r two 20 ppm  PPG 

results in  very different geometries. However when 20 ppm PPG solution 

results are compared at constant superficial gas velocity a large effect o f
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agitation on the fractions o f large and small bubbles is found, as illustrated by 

Figure 5-23 to Figure 5-25. Greater agitation increases the fraction o f large 

bubbles at the expense o f small bubbles. This suggests coalescence rates 

increase faster than break-up rates w ith  increasing agitation rates fo r this 

system.
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Figure 5-20: Gas hold-up by DGD analysis for a 0.2 molar sodium sulphate 
solution in the 2ft vessel R1 geometry at 280 rpm: Operation is in the 
heterogeneous regime
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Figure 5-21: 2ft vessel R1 Gas hold-up by DGD at constant rpm for a 20-ppm 
PPG solution at 280 rpm. Operation is in the heterogeneous regime.
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Figure 5-22: Gas hold-up by DGD in the 2 ft vessel R3 geometry at constant 
300 rpm for a 20 ppm PPG solution. Operation in the heterogeneous regime
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—■— Larger bubbles 
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Figure 5-23: 2 ft vessel, R3 geometry. Gas hold-up at vs= 0.033 m /s by
DGD for 20 ppm PPG
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—♦— Small bubbles 

Larger bubbles 

—a—All bubbles

400.0

Figure 5-24: 2 ft vessel, R3 geometry. Gas hold-up at vs— 0.074 m /s by DGD  
for a 20 ppm PPG solution
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Figure 5-25: 2 ft vessel, R3 geometry. Gas hold-up at vs =0.13m/s by DGD  
for a 20 ppm PPG solution.
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5.8.3 B ubb le  Rise V e locities from  D G D  Analysis

Bubble rise velocities fo r a 0.2 M  sodium sulphate solution and in a 20 ppm 

PPG solution at a fixed agitation rate are plotted against superficial gas 

velocities in Figures 5-26 and 5.27. These data were obtained on the 2 ft vessel 

R1 geometry fo r a fixed agitation speed. The data trend fo r the two systems is 

remarkably similar. Small bubble rise velocities are effectively constant fo r the 

range o f gas rates suggesting a constant bubble size fo r the dense phase. The 

larger bubbles rise velocities increase w ith increasing gas rates. The shapes o f 

the larger bubble curves are very similar to the classical curves o f term inal 

velocity o f air bubbles in low  viscosity fluids as a function o f bubble size (see

Figure 2-43
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Figure 5-26: Bubble rise velocities versus superficial gas velocities measured 
by the dynamic gas disengagement technique in the 2 ft vessel, R1 geometry 
at 280 rpm, for a 0.2 molar sodium sulphate solution,.
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Figure 5-27: Bubble rise velocities versus superficial gas velocities measured 
by the dynamic gas disengagement technique in the 2 ft vessel, R1 geometry 
at 280 rpm, for a 20 ppm PPG solution.

5.8.5 Effect of Agitation on Bubble Size.

Agitation appears to have a surprising little  effect on bubble size as illustrated 

by the series o f graphs o f bubble size versus agitation rate or agitation power 

in  Figure 5-28 to Figure 5-37. W hat effect there is, mainly influences the 

Sauter mean bubble size rather than the number mean. The Sauter mean is 

weighted towards the larger bubbles. This suggests a sh ift in  the distribution 

towards the smaller bubble sizes as agitation is increased, especially fo r 

operation in  the homogeneous regime where this effect is more obvious.

A  sim ilar trend w ith  the bubble sizes estimated from  dynamic gas 

disengagement is noted. By this analysis the small bubble sizes estimated show 

reasonable agreement to  the number mean determined from  photographic 

analysis. By the D G D  technique, the size o f larger bubbles in  the transitional 

regime (indicated by Figure 2-43) cannot be estimated.
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I t  appears that the sizes o f the small bubbles are much more affected by the 

physical properties o f the flu id  than by the effects o f agitation.

The bubble size graphs fo r water, determined by photographic analysis, 

confirm  the impression given by the photographs that temperature and 

pressure do not have a dramatic effect on bubble size. However the dynamic 

gas disengagement technique does detect a difference between the cold and 

boiling water w ith  cold water bubbles some 300 microns larger than boiling 

bubbles (see Figure 5-37).
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Figure 5-28: Boiling acetic acid dw and dyz from photographic analysis in 
Buchi R1 geometry

226



Bubble Studies using the Buchi Rig

800 t
ex bubblesres1.xls

(0c0
u
1  
a)
Mffi
2

600

400

200

0

♦  DGD small bubbles 

■ DGD larger bubbles

0.00 1.00 2.00 3.00 4.00

Approximate specific shaft power kW/m3

Figure 5-29: Boiling acetic acid large and small bubbles from DGD analysis 
in the Buchi R1 geometry.
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Figure 5-30: Boiling aniline dw and d& from photographic analysis at an 
inlet vs of 0.0066m/s in Buchi R1 reactor geometry.
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Figure 5-31: Boiling aniline small bubbles sizes from DGD analysis at an 
inlet vs of 0.0066m/s in Buchi R1 reactor geometry.
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Figure 5-32: 20 ppm PPG solution; dw&tid ds2  from photographic analysis on 
two sizes of equipment; the Buchi R1 and the 0.61 m vessel R1 geometries.
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Figure 5-33: Bubbles sizes in 20 ppm PPG from DGD analysis on two sizes 
of equipment; the Buchi R1 and the 0.61 m vessel R1 geometries.
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Figure 5-34: Bubble sizes in the Buchi 1 geometry for 0.2 molar sodium 
sulphate solution d/iand dxi are from photographic analysis
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Figure 5-35: Buchi R1 geometry. 0.2 molar sodium sulphate solution large 
and small bubbles sizes from DGD analysis.
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Figure 5-37: Buchi R1 geometry. Cold and boiling water, small bubbles 
sizes from DGD analysis at various vs.

5.8.6 Effect of Superficial Gas Velocity on Bubble Size.

There is little  effect o f superficial gas velocity on the number mean bubble 

sizes (dw) and the small bubble sizes determined by D G D  analysis. This is 

illustrated by the series o f graphs in Figure 5-38 to Figure 5-47. However, the 

effect o f superficial gas velocity on the Sauter mean bubble size and on larger 

bubble sizes estimated by D G D  analysis is not clear from  this series o f graphs.

231

94



Bubble Studies using the Buchi Rig

50.00

r  40.00
Eo

m

30.00

20.00

10.00

0.00
♦ ♦

0.00 005 0.10 0.15 020

Superficial gas velocity (m s)

■ Large bubbles 
♦  small bubbles

0.25

Figure 5-27 suggests that larger bubble si2es increase w ith  greater superficial 

gas velocity in the heterogeneous regime.
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Figure 5-38: Buchi R1 geometry. 0.2 molar sodium sulphate solution djo and 
d x  from photographic analysis at fixed rpm and various superficial gas 
velocities.
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Figure 5-39: Buchi R1 geometry. 0.2 molar sodium sulphate solution large 
and small bubbles sizes from DGD analysis at fixed rpm and various 
superficial gas velocities.
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Figure 5-40: Mean bubble sizes in the Buchi R1 reactor geometry. Cold 
demineralised water, dw and du  from photographic analysis at fixed rpm 
and various superficial gas velocities
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Figure 5-41: Buchi R1 geometry. Cold demineralised water, mean small 
bubbles sizes from DGD analysis at fixed rpm and various superficial gas 
velocities.
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Figure 5-42: Buchi R1 geometry. Boiling demineralised water, mean dw  and 
d xi from photographic analysis at fixed rpm and various superficial gas 
velocities
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Figure 5-43: Buchi R1 geometry. Boiling demineralised water, small bubbles 
sizes from DGD analysis at fixed rpm and various superficial gas velocities.
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Figure 5-44: Buchi R1 geometry. Cold aniline, dio and d #  from photographic 
analysis at a fixed 1300 rpm and various superficial gas velocities
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Figure 5-45: Buchi R1 geometry. Cold aniline, small bubbles sizes from 
DGD analysis at 1300 rpm and various superficial gas velocities.
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Figure 5-46: Buchi R1 geometry. Boiling aniline, dio and dj2  from 
photographic analysis at 1300 rpm and various superficial gas velocities.
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Figure 5-47: Buchi R1 geometry. Boiling aniline, small bubbles sizes from 
DGD analysis at 1300 rpm and various superficial gas velocities.

5.8.7 Gas H o ld -u p

Gas hold-up results fo r the various fluids tested are shown in previous Figure 

5-20 to Figure 5-25 and follow ing Figure 5-48 to Figure 5-51. Comments 

w orth noting are:

The percentage o f small bubbles in  the dense phase varies very significandy 

w ith  the fluids. For sodium sulphate it  is around 8% (Figure 5-20); fo r water 

(Figure 5-48) and boiling glacial acetic acid (Figure 5-51) it  is around 10%, 

w hilst the 20 ppm PPG solution has a dense phase o f 30 to 48% (Figures 5.21 

to 5.25). Boiling aniline at 33% hold-up appears to be s till operating in  the 

homogeneous regime (Figure 5.50). Note that, as seen earlier in  Figure 5-24 

and Figure 5-25, the dense phase fraction is also affected by agitation.

The gas hold-up fraction is therefore not just a function o f bubble size and 

bubble rise velocity but also depends on the volume o f gas in the dense phase.
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One m ight speculate that a balance between break-up and coalescence rates 

control the dense phase volume. In  the heterogeneous regime the concept o f 

non-coalescing fluids are meaningless as coalescence is clearly occurring.
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Figure 5-48: Gas hold-up for cold water in Buchi 1 geometry: P /V  varied. 
Operation in homogeneous and heterogeneous regime/
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Figure 5-49: Total gas hold-up for cold and boiling demineralised water in 
Buchi 1 as a function of superficial gas velocity.
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Figure 5-50: Gas hold-up for boiling aniline in Buchi 1 geometry. Operation 
is in the homogeneous regime. P /V x aried.
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Figure 5-51: Gas hold-up for boiling acetic acid in the Buchi 1 geometry: 
Operation in homogeneous and heterogeneous regime. P /V x  aried.

5.7.9 Test o f E qua tion  (5.2) v5 J  dh '
dt
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In itia l disengagement rate data is compared w ith the steady-state superficial 

gas velocity in  Figure 5-52. Data is from  the 2 ft vessel, R2 geometry for a 0.2 

molar sodium sulphate solution. The agreement between the in itia l 

disengagement rate and the steady-state superficial gas velocity confirm s that 

the in itia l disengagement rate does indeed give a good indication o f the vessel 

superficial gas velocity even when applied to a mechanically agitated vessel. 

This provides confirm ation that the dynamic disengagement technique work 

can be extended to  the mechanically stirred reactor area. I t  also provides a way 

o f estimating the superficial gas velocity for the boiling case. I t  could be 

extended to provide bo il up rates fo r heat transfer calculations.

Comparison of initial disengagement rate with superficial gas 
velocity. 2ft R1 geometry. 0.2 molar sodium sulphate solution

mean superficial gas velocity (cm/s)

Figure 5-52: Test of equation (5.2) (dh/dt)(j) = r$at steady state

5.7.10 Effect of Solids on the Small Bubble Fraction

De Swart and Krishna (1995) showed that solids supplant small bubbles in the 

dense phase in  bubble column reactors operating in  the heterogeneous regime.
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This work shows the same effect occurs in mechanically stirred contactors as 

illustrated by Figure 5-53. The total volum etric hold-up o f gas plus solid 

remained constant w ith increasing solids concentration, w ith  the solids 

replacing the gas in the dense phase. Solids were 205 m icron glass ballotin i 

beads. The test flu id  was a 20 ppm PPG solution that supports a large 

concentration o f particles in the dense phase. I t  is interesting to speculate on 

the effect on other systems such as water o r a 0.2 molar sodium sulphate 

solution where 10% by volume solids would completely supplant the gas in 

the dense phase, suggesting potentially a very large effect on gas-liquid mass 

transfer.

□ Large gas bubbles 
+ Total solids+gas 
O  Small gas bubbles 
x Total gas

o 2 4 6 8 10

Solids concentration (volum e %)

Figure 5-53: Effect of 205 micron glass ballotini solids on the dense phase 
gas hold-up. Data from the 0.61m vessel R2 geometry. Superficial gas 
velocity is constant at 0.07 m /s.

A selection o f the w ork from  this chapter was presented at Eurotherm  71, 
“ V IS U A L IZ A T IO N , IM A G IN G  A N D  D A T A  AN ALYSIS  IN  
C O N V E C T IV E  H E A T  A N D  MASS TRANSFER, October 28-30, 2002, 
REIMS, FRANCE by Cooke e/a/. (2002)
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Chapter 6 : Single Phase Hydrodynamics

: Covering the Effects of Geometry and Scale on Flow, Mixing and 

Agitator Power In Mechanically Agitated Vessels under Fully Turbulent 

Conditions

6.1 Summary

This chapter describes power, m ixing and hydrodynamics fo r single-phase 

fluids using novel agitators o r agitator combinations w ith  comparisons against 

conventional agitators such as the Rushton turbine. The m ixing literature is 

reviewed and compared w ith  the results o f these studies. A n equation is 

proposed fo r the effect o f scale and blade geometry on the power number o f 

concave hollow  blade agitators.

M ixing, flow  visualisation and power in  single-phase turbulent flow  are 

measured fo r five agitator types: two radial types - two different diameters o f 

disc turbines and a 6SRGT - and three mixed flow  o r axial types; a 4M FD, 

4FM U and a L ightn in  A310 as illustrated in  Figure 6-1 (a to f). These are all 

compared on a single scale (T  — 0.288 m) as a function o f agitation speed and 

aspect ratio H /T .

Further studies compared the use o f a single agitator w ith  trip le  disc turbines o r 

triple A345 agitators for vessel geometries o f H  =  2T.
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(d) 4MFU

(b) 6SRGT

(e) LIGHTNIN A345 
(A315- up)

(c) 4MFD

(e) A310

(a) 6RT

Figure 6-1: Types of agitators used in the mixing studies. Note A315 -up  
rotates in anti-clockwise direction. The remaining agitators are rotated 
clockwise.

Even fo r H  — T  geometries it is found that all the m ixing time data cannot be 

accurately described by a single correlation as claimed fo r example by 

Ruszkowski (1994). W ith the disc turbines, the larger D /T  is more 

energetically efficient fo r m ixing. This agrees w ith earlier published w ork o f 

Cooke et al. (1988) and Ruszkowski (1994). The L IG H T N IN  A310 and the 

4MFU are the least energetically efficient fo r m ixing at the c — T /4  clearance 

used in  this work. This is consistent w ith  the flow  visualisation and it could be 

that optim ising the clearance would improve the m ixing which should be 

considered in  further work. A ll the other agitators can be described by a single 

correlation.

The effect o f H /T  on m ixing time was dependent on the flow  patterns. 

However it  is demonstrated that a single agitator at a clearance o f T /4  was 

more energetically efficient than m ultiple disc turbines fo r m ixing up to H  — 

2T. This is because the latter produces flow  compartmentalization (see page
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13). For single agitators the effect o f aspect ratio on m ixing is shown to 

approximate to a proportionality o f (D /H )zo.

M ixing tests w ith  m ultiple agitators confirm  that the overall m ixing depends 

upon the flow  patterns and the degree o f compartmentalization (see page 15). 

The trip le A345 agitators w ith  agitator and surface separations o f < 1D were 

found to have excellent m ixing capabilities.

W ork on larger scales indicates that the m ixing time constant (as defined in  

section 2.5.5.5) has not scaled up. Results fo r the single 4M FD at H  =  1.25T 

and for the trip le A345 show a larger N t*, on scale-up, even accounting fo r any 

small differences in  D /  T  ratios. This effect has been noted by other workers, 

fo r examples, K ipke (1983) and Raghav Rao and Joshi (1988) have both 

reported that fo r geometrically sim ilar vessels, N t^  increases on scale-up at 

constant power per un it volume. This, nether the less, was a somewhat 

unexpected result and is w orthy o f further study. K ipke (1983) argues this may 

result from  the larger turbulent eddies that exist on a larger scale that take 

longer to decay. I t  may also be due to  a longer k g  tim e on scale-up.

Finally the ITS 2000 ERT tomography sensors on the 0.61m diameter vessel 

are used to demonstrate the techniques fo r the study o f m ixing at selected 

pixels and inter-zone m ixing between sensor pknes. The m ixing times found 

by tomography are favourably compared w ith  those obtained using m ixing 

probes.

6.2 Aims of the Study

This study is aimed at extending the w ork on the standard geometry to 

d ifferent aspect ratios and other agitator geometries including m ultip le agitators 

in  order to produce some guidelines on the effect o f geometry on flow  and 

mixing. This means trying to lin k  flow  visualisation studies w ith  power
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measurements and m ixing measurements in  order to gain an insight in to  the 

mechanisms controlling the m ixing process.

Much o f the stirred tank literature is concerned w ith  studies based on standard 

tank geometries as described in  Chapter 2 (Figure 2-3). In  the “ real w orld”  

vessel geometries frequently deviate from  this geometry, both w ith  respect to 

the number, types and position o f the agitators and also w ith  respect to the 

aspect ratio (H /7 ).

H o llow  blade agitators are finding increasing popularity due to  their ability to 

handle gas w ithout significant loss o f power. However there ate a number o f 

designs on o ffe r and no t much in  the way o f power number data. Therefore 

these were studied to determine die effect o f blade geometry and scale on die 

power number. A  correlation to describe the power number in  terms o f 

geometry and scale is proposed.

6.3 Background to these Mixing Studies

A n overview o f m ixing was given in  Chapter 2, section 2.5. In  earlier published 

w ork (Cooke et a l 1988) m ixing at d ifferent scales was studied, comparing 

single agitators in  vessels o f aspect ratios H  — T  w ith  m ultip le agitators in  tall 

vessels. I t  was shown that fo r single agitators in  I I  =  T  vessels, disc turbines 

and IC I Gasfoils, although widely d iffering in  power numbers, could correlated 

together using a common constant by an equation o f the form ,

N e .P o 1/3( D /7 y  =  constant (6.1)

where AT is agitation speed, 0 a specified degree o f m ixing, Po is agitator power 

number (either ungassed o r gassed providing operation was above the flooding 

point); D  is the agitator diameter and T  the tank diameter. In  that w ork fo r 

90% m ixing the power law index (J3) was found to be 2.2 and the constant 3.9.

M ore recently Ruszkowski (1994) reported that equation (6.1) could be equally 

applied to a range o f pitch blade impellers, a disc turbine and a propeller

246



: Single Phase Hydrodynamics

agitator* For 95% m ixing the quoted power law index (J3) was 2.0 and the

constant 5.3. When compared at the same degree o f m ixing, Cooke et a l (1988) 

and Ruszkowski (1994) predict very sim ilar m ixing times (see Chapter 2, 

section 2.5.5) suggesting that specific power input (rather than circulation) may 

be the dom inant factor fo r m ixing, in  agreement w ith  turbulence theory (see 

Chapter 2, section 2.4).

In  terms o f energy input equation 6.1 can be rearranged (chapter 2, Eq. (2.59)) 

to give

N o t all workers agree that all impellers are equally energetically e ffic ien t The 

correlations o f Khang and Levenspiel (1976) are sim ilar to  the Ruszkowsi 

(1994) correlation, but do not contain a power number term. However, the 

power number is introduced in to  the constant fo r calculation purposes. Their 

correlations are based on circulation time theory and im ply that the propeller is 

more energy efficient fo r m ixing than a disc turbine by a factor o f around 4, 

when used w ith  their power numbers o f 5 fo r the disc turbine and 0.6 fo r the 

propeller. Shiue and W ong (1984), using a thermal response technique to 

measure tj5 fo r a range o f agitators at a clearance o f T j  2 in  a 0.4 m  diameter 

vessel, found that axial agitators were more efficient fo r m ixing than radial 

agitators. Raghav Rao and Joshi (1988) measuring close to  complete m ixing, 

using a graphical conductivity tracer technique, found that p itch blade turbines 

(PBTs) were more energy efficient than disc turbines, w ith  down-pumping the 

most efficient mode. The PBT down (4M FD) at D  =  T /3  was the most 

efficient o f alL Their correlation fo r the 4M FD was given as,

increasing D /T  at constant specific power in p u t The result that the smaller

(6.2)

NO oe (T  /  D )1'83 (6.3)

I f  the power numbers were constant w ith  D /  T\ then from  equation (6.2) this 

w ould lead to, 0 «= (D /T )'016, that is the m ixing time would decrease w ith
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D /T  gave the smallest m ixing time at constant P / V is thetefote surprising and 

results from  the fact that smaller D /  T  agitator has the lowest power number, 

probably due to this producing the most axial flow. However, the differences 

were small and could be w ith in  the error bands.

In  Chapter 2 (section 2.5.5.7) it  was demonstrated using equation (2.59) o r (6.2) 

that the power law indices (6) found to fit equation (6.1) implies that large 

(D /T ) agitators are more energetically efficient fo r m ixing. W hen (J3) =2, then 

0 «= (D /T )'1/3 and fo r (jS) =2.2, then 0 (D /T )-0533, assuming Po is constant

w ith  changes in  D /T .

However, increasing D /T  increases torque fo r a given power and that means 

heavier shafts and bigger gearboxes resulting in  increased installation costs. 

W ith  mixed flow  agitators, die power number can also be function o f diameter. 

Hence the optim um  agitators fo r m ixing are not obvious. The hydrofo il hollow  

blade radial agitators such as the Scaba 6SRGT have power numbers relatively 

independent o f D /T  w ith in  normal lim its. These are attractive fo r m ixing since 

their relatively low  power numbers minim ise the torque at the larger (D /T ) fo r 

a given power inpu t compared to  the Rushton turbine.

For gas-liquid duties, radial hollow  blade turbines (HBTs) and up-pumping 

impellers are often preferred fo r the dispersion duty. Therefore one o f the aims 

o f this study was to extend the agitator m ixing comparisons to  include up- 

pum ping impellers and another type o f commonly used H BT; namely the 

Scaba 6SRGT.

Equation (6.1) relates to H  — T  geometries. I t  is quite common to  see single 

agitators in  higher aspect ratio vessels. A  common configuration using a 2:1 

elliptical base is to  site the agitator at the bottom  tan-line (clearance c — T /4 ) 

and to  operate at a liqu id  level equal to T  above it, giving an overall H / T  — 

1.25. One migh t reasonably expect that the effect on the m ixing time o f die 

increased head above the agitator would be different depending on whether or 

not die main circulation loop reaches the surface and this may w ell be agitator
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dependent I f  the level is increased further the chances o f the main circulation 

loop reaching the surface w ill decrease.

Cooke et al. (1988) found that m ixing took considerably longer in  ta ll vessels 

agitated w ith  m ultiple disc turbines when compared at equal specific energy 

inputs. In  order to f it  data fo r a trip le im peller agitated H  — 2T  vessel w ith  the 

data fo r the H  = T  vessel the equation proposed was,

N t90 -PoLrfC JV H ) 2'43 =  constant (6.4)

where H  is the height o f the gas-liquid dispersion above the bottom  o f the 

base, and PoMtal is the sum o f the power numbers based on a common 

diameter. I f  agitators o f d ifferent diameters are used it  is common to base the 

tota l power on the larger diameter. To correct the Po o f agitator 1 (A,) to  the 

different diameter o f agitator 2 (A^) then since fo r the same power,

POj p N * =  Po2 p N 3D *. Therefore Po2 =  POj

The constant in  equation (6.4) was found to be 3.3 fo r three Rushton turbines 

and approximately ha lf that number when the two top impellers were replaced 

by down-pumping axial impellers (either Plenty hydrofoils o r 6MFDs). The 

increase o f m ixing time w ith  m ultiple agitators is believed to  be due to 

compartmentalization especially when radial agitators are used. Colour change 

m ixing experiments on trip le  radial agitators showed that m ixing occurred 

rapidly in  the stage where the tracer addition was made and this is then mixed 

rapidly in  the second agitator stage followed by the third. In  each stage this 

m ixing was essentially complete before the colour change started in  the next 

stage. Using axial-radial agitator combinations reduced the staging e ffect O ther 

workers have reported sim ilar staging effects using m ultiple radial impellers fo r 

example C ronin et al. (1994) fo r Rushton turbines. Manikowski et al. (1994) and 

O tom o et al. (1995) confirm ed that the overall m ixing time reduced by about 

50%, when the two upper turbine agitators were replaced w ith  axial flow
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agitators. N ote that feeding simultaneously to each agitator should eliminate 

this staging effect and this is worthy o f further study.

There is a paucity o f inform ation fo r m ixing w ith  single agitators at aspect 

ratios greater than one, even though this is quite a common processing 

configuration. Therefore tests were included in  this study w ith  single agitators 

at a clearance o f T /4  w ith  aspect ratios up to 2:1 fo r a range o f agitators. 

Power measurements and flow  visualisation studies were also carried o u t The 

m ixing results reported by Cooke et al (1988) were weighted towards die 

Rushton turbine data obtained in  the large 1.79 m  vessel. This vessel had a fla t 

base d ia t meant d ia t the volume is greater than fo r a dished vessel operated at 

the same total depth o f liquid. The fla t bottom  may also give “ dead zones”  in  

the comers. For this earlier w ork the raw data were analysed graphically to 

obtain t^-m ixing times and operation in  some cases was above the onset o f 

surface aeration giving noisy data. Also it  is no t clear whether N 0 is scale 

independent. K ipke (1983) reviewed scale-up anomalies and noted that the 

expression N 0  — constant, fo r geometrically sim ilar vessels, does not 

necessarily scale-up. He argued that this was because the macro-scale o f 

turbulence scales w ith  im peller size. Thus larger eddies are found in  large 

vessels that result in  larger variations and therefore the final state o f m ixing is 

achieved later in  larger vessels. Raghav Rao and Joshi (1988) reported that fo r 

geometrically sim ilar vessels, N 0 increased on scale-up at equal specific energy 

input (P fV ). For these reasons it  was therefore deemed wise fo r these 

comparisons to include disc turbines in  the present study and to lim it 

operations before the onset o f surface aeration so that a good comparative set 

o f m ixing data could be obtained at the same scale.

The decision to  do all the w ork at a single clearance requires justification. I t  

may w ell be that there is an optim um  position o f an agitator fo r m ixing 

purposes and this may also depend upon the type o f agitator and D /T . Indeed, 

this is what some experimenters have found. Raghav Rao and Joshi (1988) 

tested clearances o f T f  3, T /4  and T /6  and found that fo r Rushton turbines 

and M FU agitators the m ixing tim e decreased w ith  decreasing clearance,
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whereas it  increased w ith  decreasing clearance fo r M FD  agitators. For the 

pitched blade agitators (M FD or M FU) this effect decreased w ith  increasing 

diameter as the component o f axial flow  decreased. These authors linked their 

f i n d in g s to the observed flow  patterns.

The main circulation loop fo r up-flow  agitators is known to turn over just 

above the agitator w ith  much poorer agitation above as shown fo r example by 

Bujalski et a l (1988) and Hari-Prajitno et a l (1998). This m ight suggest that the 

optim um  position fo r m ixing w ith  up-pumping agitators may w ell be very 

much higher up the vessel, as demonstrated by the videos shown by N ienow 

(2003). However fo r processing purposes, a low  clearance is often preferred 

since this lim its surface aeration and batch processes are often run at d ifferent 

levels including quite low  levels. Thus fo r these comparisons all this w ork was 

done at a clearance o f T /4 .

For gassed vessels Chapter 2 (section 2.2.2.4.2) recommends m ultiple up- 

pumping impellers o r up-pumping impellers above a radial im peller to  provide 

stable flows. M ixing data are also reported fo r these combinations, along w ith  

comments about agitator positions and flow .

6.4 Details of Tests and Geometries

Chapter 3 gives details o f the three Perspex vessels o f diameters 0.286 m, 0.61 

m  and 0.914 m  and the techniques fo r flow  visualisation, shaft power 

measurement, m ixing, and ERT measurements that have been used in  these 

studies. Also available to this study (courtesy o f IC I Technology) was a 1.79 m  

diameter polypropylene vessel w ith  a fla t bottom  and Perspex portholes in  the 

side and base fo r flow  visualisation. This vessel was instrumented in  the same 

way as the U M IST - Dept. Chemical Engineering, vessels w ith  a torque strain 

gauge on the shaft to measure shaft power, as previously described by Cooke et 

a l (1988). I t  is used in  this study fo r scale-up w o rk
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6.4.1 Comparative Mixing Tests

For these tests the start fluids were water at conductivities (£) o f about 100 

fiS /cm  and finished at around 1000 pS/cm  after some 10 additions before the 

water was changed. Data were collected in  LAB V IE W  in  a program that 

allowed up to 4 probes to be sampled at a hundred times per second.

For overall m ixing w ith  a single agitator a single conductivity probe (see Figure 

3-7 fo r probe details) was used. This was sited in  the base towards die back o f 

the vessel. The tracer was added on the surface at the fro n t o f the vessel, 

approximately midway between the baffles and midway between the w all and 

shaft.

The procedure adopted fo r a single operator doing the tests was as follows.

•  Set vessel conditions — agitator, levels, and agitation speed,

•  Simultaneously start the data acquisition at 100/s and the stopwatch.

•  Add tracer to  surface and simultaneously stop the stopwatch.

•  M on ito r data acquisition to equilibrium  value and at least 10s at
equilibrium  (typically 40s fo r small tank work)

•  Save file

•  Repeat process at least 7 times fo r each m ixing time.

•  Transfer data to MS excel files fo r analysis. These excel are attached in  
the accompanying CD in  the folder “ M ixing” . The spreadsheet names 
reflect the data. For example lDT360HTS.xls are the worksheets fo r a 
single disc turbine agitated at 360 rpm  in  an H  — 2T  geometry.

The tim e from  starting the data acquisition to adding tracer to the surface is 

typically 7 seconds. Therefore the base-line data are around 700 points fo r 

each probe that is more than sufficient to establish the base-line properties. 

Equilibrium  values were collected fo r a sim ilar length o f time. These data traces 

were then normalised 0 to  1 before analysing by the method described in  

Chapter 2, section 2.5.5.3.
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Tracer concentrations o f 200 g/1 occasionally proved problematic fo r 

tomography measurements and concentrations as low  as 50 g/1 were 

sometimes used w ith  proportionally higher addition volumes. Checks found no 

significant difference to the 95% confidence lim its according to  a Students t- 

test between results fo r 50 g/1 and 200 g/1 when die final change in  

concentration was kept constant

6.4.2 Notes on Flow Visualisation

The aim was to  establish m ajor flow  patterns, secondary flo w  and areas that are 

comparatively poorly mixed. Decolouration experiments described in  Chapter 

3 are useful fo r determining regions o f relatively poor m ixing. To look more 

closely at flow  patterns tracers were used, either gas and /o r polystyrene beads 

to highlight flows w hilst lighting the tank through a s lit lig h t at the side to 

h ighlight a vertical slice.

6.4.3 Geometries of the Vessels and Agitators

The geometries o f the vessels and agitators are detailed in  Table 6-1 and Table 

6- 2.
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Vessel Diameter CO 0.286 m

Material o f construction Clear Perspex

Type o f base 2:1 elliptical

Depth o f dish T /4

Clearance o f agitator (‘-) T /4

Type o f baffles (*) W all

Num ber o f baffles («*) 4

W idth o f baffles m T/10

Position o f m ixing probe Upwards at base

Position o f tracer addition Surface

Liquid level H Varied from  H /T  = 0.75 to 2

Table 6-1: Details of 0.286 m vessel geometry

Agitator Number Diameter Blade Actual Disc Angle of Blade Disc Power No

Type blades D length blade width diameter attack thickness thickness Po

mm mm mm mm degrees mm mm total

6RT 6 143.5 36.0 27.8 108 90 2.5 2.5 4.70

6RT 6 95.7 24.8 19.5 72 90 1.0 1.5 5.11

6SRGT 6 149 37.5 19.0 90 90 2.0 2.0 1.63

4MFD 4 145 28.6 45 down 1.0 1.35

4MFU 4 145 28.6 45 up 1.0 1.08

A310 3 150 ? 1.0 0.3

3 x 6RT 6 144 36.0 27.8 108 90 2.5 2.5 11.98

3XA345 4 143 38 up 2.4

Table 6-2: Details of agitators used in the 0.286 m diameter vessel. Agitators 
are shown in Figure 6.1.
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6.5 Results

6.5.1 Results for Comparative Tests on the 0.286 m Vessel

6.5.1.1 Agitator Power Numbers in Fully Turbulent Flow

Agitator Power Numbers fo r fu lly turbulent flow  are listed in Table 6-2 and 

Table 6-4. The results fo r various individual agitators as a function o f Reynolds 

number are shown in are in Figures 6-2 to 6-6. Note that the operating level 

makes no significant difference to the power number when no surface aeration 

occurs.

6 

_  5

I 4I*
I  2
o

0

0 50000 100000 150000 200000 250000
R e yn o ld s  N u m b e r (-)

Figure 6-2: Power numbers for the Rushton turbines used in the mixing 
work on the 0.286 m diameter tank.
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Figure 6-3: Power numbers for the D  — T /2 , SCABA 6SRGT obtained in  
water in  the 0.286 m diameter tank
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Figure 6-4: Power numbers for the 0.15 m diameter L IG H T N IN  A310 
agitator in  water in  the 0.286 m diameter tank for H = T .
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Figure 6-5: Power numbers for the 0.145 m diameter 4M FD agitator in water 
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Figure 6-6: Power numbers for the 4MFU agitator in water in the 0.286 m 
diameter tank

6.5.1.2 Flow Visualisation for Various Agitator Configurations in Fully 

Turbulent Flow

Flow-fields in  mechanically stirred tanks are very complicated. The sketches in  

Figures 6-7 (a), (b) and (c) and 6-8 (a), (b) and (c) are an attempt to capture a 2-
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dimensional picture o f a vertical slice o f flow  between the baffles, fo r operation 

in  fu lly  turbulent flow .

Primary flow  is that derived directly from  the impeller. Secondary flow  is flow  

induced by the prim ary flow  (in an opposing direction). Compartmentalization 

often exists when m ultiple agitators are used. This compartmentalization 

consists as boundaries between primary flow-fields where interchange rates 

between the primary flow  loops are much lower the m ixing rates that exist 

w ith in  the prim ary flow  loops.

However, even when secondary flow  is dominant in  much o f the upper reaches 

o f the vessels (as it  inevitably is when a single agitator located towards die base 

is used to agitate a tall vessel) the baffles s till play a m ajor role in  the axial 

transport o f flu id. This is particularly im portant w ith  radial turbines where 

upward flow  occurs before the baffles and down-flow  behind the baffles 

viewed from  the perspective o f the radial flow.

The single agitator sketches in  Figures 6-7 illustrate that fo r H = T  geometries 

the disc turbine and 4M FD agitators are both fu lly agitated by primary flow. 

Therefore, these should m ix better than the 4M FU agitator 6-6 (c) that relies on 

secondary flow  to  m ix the top o f the vessel.

When the liqu id  level is raised to H  = 2T  all the agitators tested relied on 

secondary flow  to m ix the op o f the vessel.

The series o f sketches (a) (b) and (c) in  Figures 6.8 represent some possible 

ways o f configuring a ta ll reactor w ith  m ultiple agitators.

Even when 3 axial flow  agitators are used at separations o f < 1.2 D  some flow  

instabilities are present due to opposing flow  at the interchange [Figure 6-8a 

(right)]. I f  die separation is increased to > 1.2 D , then zoning and 

compartmentalization is likely (Figure 6-8b).

Secondary flow  is responsible fo r some o f the m ixing when the agitator is >  

1.2 D  from  the surface.
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The geometry in Figure 6-8 c shows good interchange between the agitators 

w ith  flow  reinforcement at the interchange.

(?)

Flow patterns fo r Rushton 
turbines and 6SRGT agitators.

Left; at levels to H  — \  .25 primary 
agitation to top in  single-phase 
flow.

R ight A t / /  =  2T  secondary flow  
agitates the top o f the vessel

o o

I t

n l ' r f j
A  )

(b)

L e ft 4M FD agitators and A310 
agitators are reasonably well 
agitated to the top at levels to H  
=  1.25 T. As agitator D /T
increases the flow  becomes more 
radial and the flow-loops shorter.

R igh t A t H  — 2T  secondary flow  
only reaches the top.

(c)

W ith the 4M FU (45°) agitator at a 
clearance o f T /4  even fo r a level 
o f H  — T  the main flow  loop 
does not reach the surface. I t  
turns over around at a maximum 
o f one agitator diameter above 
the agitator. This also applies to 
the axial up-pumping agitators 
such as the L IG H T N IN  A345 or 
the APV BU30U agitators.

Figure 6-7: Flow patterns for single agitators at a clearance of T/4, illustrating 
the effects of agitator choice and H / T  on the flow patterns.
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1

M ultiple L IG H T N IN  A345 
agitators at a separation o f 1D. 
The flows loops w ork together 
w ith some internal recirculation.

Left: A dual A345 w ith  separation 
between top Agitator and surface 
=  2D. Strong flows in bottom  
section, much weaker flows above.

Right: Strong flows to surface i f  
surface separation <  1.2D.

<b)

M ultiple A345 (up-pumping) in 
single-phase turbulent flow. I f  
separation > 1.2D then zoning and 
compartmentalization occurs.

Note that on gassing the up-flow  
o f gas destroys the zoning.

(c)
Left: A  combination o f a lower 
radial turbine (shown here as a 
hollow  blade turbine) and an upper 
6MFU (or other up-flow  impeller) 
produces a well-agitated vessel 
w ith positive flow  reinforcement at 
the interchange.

Right: I f  top agitator >  1.2D from  
the surface there is an extra flow  
loop and radial type flow  at the 
top. This gives a higher Po and 
longer m ixing time. A t a large D / T  
this effect occurs at s/ D  < 1.2.

Figure 6-8: Flow patterns for multiple agitators: Effect of agitator separation 
and the clearance of top agitator on the flow patterns.

260



: Single Phase Hydrodynamics

W ith the dual agitator system shown in Figure 6-8(a) (sketch on left) there is 

some compartmentalization as shown in colour change experiment depicted in 

Figure 6-9. A degree o f compartmentalization also occurs fo r the hollow  blade 

arrangement shown in Figure 6-8(c), even fo r a 6MFU surface clearance o f one 

agitator diameter, as illustrated by the video clip shown in Figure 6-10. 

Although there is a good interchange o f flow  between the hollow  blade upper 

agitator flow  loop and the 6MFU main flow  loop, the portion o f the vessel 

agitated by the hollow  blade agitator is essentially mixed before significant 

transfer to the 6MFU agitated section occurs.

Figure 6-9: Dual A345 agitators. Caustic injected into the bottom zone: 

(left) bottom zone pink (right) whole tank pink.

Figure 6-10: A 6HBT below a 
6M FU as per Figure 6-7(c). The 
6M FU is one agitator diameter 
from the free surface. Video clip 
from a colour change experiment 
obtained by adding caustic at the 
side of the bottom 6HBT.

Bottom zone well mixed before 
significant transfer to top zone
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6.5.1.3 M ix in g  T im es in  F u lly  T u rb u le n t F low

A typical summary sheet for a given test is illustrated by Table 6-3. The 

comparative m ixing results on the 0.286 m diameter tank are listed in Table 

6-4. M ixing time constants are quoted for both 90% and 95% mixing. For any 

given agitator at a clearance o f T /4  up to operating levels o f H /T  =  1.25, N 0 = 

constant w ith  no significant different between the results fo r d ifferent agitation 

speeds. However fo r the Rushton turbines at H  — 2T, w ith  the single agitator, 

N 0  ^  constant and the result at the lower speed is distincdy second order. A ll 

the other results exhibit reasonable first order behaviour including the triple 

Rushton turbine results w ith  the 95% m ixing being reasonably predicted by the 

90% result Assuming firs t order there should be a factor o f 1.3 between the 

two m ixing times. O n average the experimental factor was 1.27.

Run N tgo I95 Ntgo Nt95

1 180 2.37 3.46 7.11 10.38
2 180 4.28 4.37 12.84 13.11

3 180 3.85 4.13 11.55 12.39

4 180 3.01 4.75 9.03 14.25
5 180 3.31 6.12 9.93 18.36
6 180 3.69 4.24 11.07 12.72
7 180 3.15 3.31 9.45 9.93
8 180 2.67 3.76 8.01 11.28
9 180 2.4 4.54 7.2 13.62
10 180 3.93 4.05 11.79 12.15

Predicted t95 (s) 4.246

Average 3.266 4.273 9.798 12.819

Std 0.665 0.7692 1.995 2.375

%std 20.36 18.53 20.36 18.53

Table 6-3: Results for m ixing with 6SRGT at 180 rpm and H — T
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No Agitator N T D H D /T er H /T Po Ntgo Ntgs
tests .  V *  . rpm m m m W/kg

n

7 6RT 240 0.286 0.096 0.286 0.335 0.159 1 5.11 17.01 23.21
7 6RT 420 0.286 0.096 0.286 0.335 0.821 1 5.11 16.41 21.51

7 6RT 120 0.286 0.144 0.215 0.502 0.173 0.75 4.48 5.91 7.46
7 6RT 120 0.286 0.144 0.286 0.502 0.135 1 4.69 7.30 8.50
7 6RT 150 0.286 0.144 0.286 0.502 0.269 1 4.69 6.31 8.76
7 6RT 180 0.286 0.144 0.286 0.502 0.452 1 4.69 6.55 8.39
7 6RT 240 0.286 0.144 0.286 0.502 1.085 1 4.69 7.50 9.39
7 6RT 120 0.286 0.144 0.358 0.502 0.103 1.25 4.71 8.16 9.61
5 6RT 120 0.286 0.144 0.572 0.502 0.058 2 4.63 15.40 28.45
5 6RT 360 0.286 0.144 0.572 0.502 1.727 2 4.69 29.98 35.38

7 6SRGT 180 0.286 0.149 0.286 0.521 0.192 1 1.63 8.42 9.30
10 6SRGT 180 0.286 0.149 0.286 0.521 0.192 1 1.63 9.80 12.82

10 6SRGT 240 0.286 0.149 0.286 0.521 0.448 1 1.61 9.41 10.50
7 6SRGT 180 0.286 0.149 0.572 0.521 0.092 2 1.6 49.43 58.78

14 4MFD 180 0.286 0.145 0.286 0.507 0.145 1 1.35 11.52 13.91
8 4MFD 240 0.286 0.145 0.286 0.507 0.324 1 1.33 11.60 14.29
6 4MFD 300 0.286 0.145 0.286 0.507 0.606 1 1.27 10.57 14.53
7 4MFD 180 0.286 0.145 0.358 0.507 0.123 1.25 1.35 14.62 18.65

9 4MFD 300 0.286 0.138 0.409 0.483 0.329 1.43 1.32 29.27
7 4MFD 180 0.286 0.145 0.572 0.507 0.073 2 1.35 71.84 93.87

9 4MFU 180 0.286 0.145 0.286 0.507 0.110 1 1.08 15.80 20.30

11 4MFU 300 0.286 0.145 0.286 0.507 0.513 1 1.08 17.30 20.66

7 4MFU 180 0.286 0.145 0.358 0.507 0.081 1.25 1.08 16.59 20.40

7 4MFU 180 0.286 0.145 0.572 0.507 0.056 2 1.11 47.30 64.58

7 A310 180 0.286 0.150 0.286 0.524 0.037 1 0.3 20.10 25.08

7 A310 300 0.286 0.150 0.286 0.524 0.167 1 0.3 23.43 27.67

7 A310 420 0.286 0.150 0.286 0.524 0.446 1 0.29 21.78 27.74

7 3 x 6RT 90 0.286 0.144 0.572 0.503 0.071 2 11.98 45.31 55.01

8 3XA315 up 300 0.286 0.143 0.486 0.500 0.604 1.7 2.4 16.65

8 3XA315 up 450 0.286 0.143 0.486 0.500 2.037 1.7 2.4 16.76

8 3XA315 up 600 0.286 0.143 0.486 0.500 4.828 1.7 2.4 16.73

Table 6-4: Mixing results for tests on the 0.286 m diameter vessel. Note that 
n is number of tests comprising each mixing time. Other symbols take their 
usual meaning.
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6.5.1.3.1 Mixing Times in Fully Turbulent Flow fot I I  — T aspect ratio

6.5.1.3.1.1 Effect of Specific Power Input on Mixing

The m ixing time data fo r H  ~  T  geometries are shown on log-log plots o f 

m ixing times versus specific power input in  Figures 6-11 and 6-12. These data 

show approximately constant slopes o f —1/3, indicating tha t

0£r1/3is approximately constant

The slopes fo r t^  vary from  -0.273 to - 0.414 w ith  a mean o f -0.330 and a 

standard deviation o f 0.0506

The slopes fo r tg5 vary from  -0.292 to - 0.387 w ith  a mean o f -0.332 and a 

standard deviation o f 0.0386.

The same result would be achieved by a p lo t o f log (N.0J versus log (PoJ since 

on a single scale fo r a given agitator diameter £T is proportional to  JV.Po1/3

Therefore fo r a given agitator type and diameter,

N 0. Po! /3 = constant (6.5)

This is in  agreement w ith  equation (6.1). The group N 0.Po1/3 may be 

considered as a m ixing power number.

The m ixing versus energy input data divide into two main bands. The most 

energy efficient band comprises the D  =  T f2 Rushton turbine, 6SRGT and the 

4M FD. The least energy efficient band comprises die D  =  T /3 Rushton 

turbine and the D  — T /2  A310 and 4MFU.

264



: Single Phase Hydrodynamics

10

■8
§u
</>

I
«
Ew
09
C
X
S

♦  CRT D  = 7/2 

■ 6RT D = T/J 

A 4MFTJ 2? = 772 

XA310 D-T/2

> 4MFD 2? *  772

oSSRGT 77 = 772

1
0 01 0.1 1 10 

Specific Power input (W/kg)

y=1.6l09x-0.3117 
R2 » 0.9206

y = ??824x-036»

y = 2  68S6x-0 2726

y = 2  5S32x-Q.3QQ3 
R2 = 0.5736

y -  I 7S33x-0 4139 
R2 = 0 9686

y = I 8246*43 3167

0 330 ave 
Q.C60576 std

Figure 6-11: Effect of specific power input on mixing to 90% in water for 
various agitators in the 0.286 m vessel. Note that in all cases the D /T  on the 
figure is approximate. For example the actual D  of the A310 is 0.5247*. The 
actual D / T  is used in all calculations. See Table 6-4 for precise D / T  
information.
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Figure 6-12: Effect of specific power input on mixing to 95% in water for 
various agitators in the 0.286 m vessel.

6.5.1.3.1.2 Effect of D /T  on the Rate of Mixing

The effect o f the D /T  ratio on the rate o f m ixing could only checked to any 

degree o f accuracy w ith  the Rushton turbines where the D / T  ratio was varied
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between T /3  and T /2 . This was fo r 90 and 95% m ixing as shown in Figure 

6-13. The results correlated according to:

N twPo 1/3( D / T ) '°  = constant. R" =  0.981. 2.25 (6.6)

N t95Po,/3 ( D /T ) 2 38 = constant R2 =  0.992 (6.7)

The mean exponent on D /T  is 2.3 which is identical to that found by Khang 

and Levenspiel (1976) fo r Rushton turbines and also compares favourably w ith 

the exponent o f 2.4 found by Shiue and W ong (1984) and the exponent o f 2.2 

found by Cooke eta/. (1988).

100
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—  Power (NlgsPo’ ,3-)
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R2 = 0.9916

0.1 1 
Agitator to tank diameter ratio (D /iy

Figure 6-13: Determination of the effect of agitator diameter on mixing for 
Rushton turbines in water in the 0.286 m diameter tank. Power law fit.

6.5.1.3.1.3 Comparisons w ith Earlier W ork for H=- T Geometries

The data fo r H  = T  geometries were tested against predictions from  the 

Cooke et al. (1988) correlation which fo r H —T  geometries reduces to,

N t^P o 1/3(D /7 )Z2 =  3.9 (equation 2.54)

These comparisons are illustrated in Figure 6-14. This is interesting since the 

only the data fo r the Lightnin A310 and the 4MFU correspond to the predicted 

line. The data fo r the other four agitators line on a roughly parallel line below
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the 1988 prediction, that is, w ith  a lower m ultip lication factor (more energy 

efficient m ixing). A  sim ilar pattern emerges by a comparison o f the data w ith  

the Ruszkowski (1994) correlation given by equation 2.55 and depicted in  

Figure 6-15). The lower m ultip lic ity factor, compared to  the earlier work, could 

be due to the combinations o f the low  noise data achieved by operating below 

the onset o f surface aeration, the data smoothing (working w ith  a 32 po in t 

moving average) and the small scale. The increase in  the m ultip lication factor 

fo r the 4MFU agitator is believed to be due to the flow  patterns since the 

primary flow  patterns do not reach the surface, see Figure 6-7. The reason fo r 

the A310 result is not quite as clear-cut although there is no t a lo t o f surface 

movement u n til the onset o f surface aeration at 600 rpm  and the large diameter 

(D  =0.5247) means that the axial flow  component is compromised

A ll the H  =  T  data fo r the two disc turbines, the Scaba 6SRGT and 4M FD 

could be w ell correlated according to,

N t90P o1/3(D /7 ’) 2J = 2 .4  (6.8)

w ith  a standard deviation o f 0.178 and correlation coefficient R2 =  0.955 

and,

N t95Po1/3 ( D / T ) 13 =3.1  (6.9)

w ith  a standard deviation o f 0.255 and correlation coefficient R2 =  0.954

Note that the power law index o f (2.3) has only been confirm ed fo r disc 

turbines in  this work. Also the difference in  the constants between 90% and 

95% m ixing agrees w ith  a first-order m ixing m odel
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Figure 6-14: Data for H  — T  geometries plotted against the Cooke e t  aL 
(1988) correlation (equation 2.54).
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Figure 6-15: Data for H  — T  geometries against the Rus2 kowski (1994) 
correlation (equation 2.55).

6.5.1.3.2 M ixing  Tim es in  Fully Turbulent Flow for all Aspect Ratios in  

the 0.286 m Diam eter Vessel

The m ixing data (fo r cases where H /T  was altered) are plotted on log axes as 

values o f the m ixing power numbers (N t^P o1,3) against the H /T  (liquid
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height/vessel diameter) in Figure 6-16. Each o f the agitator types was subjected 

to a power law fit and the equations o f the lines and R2 correlation coefficients 

are all included on the graph. Finally the data fo r all the agitators was fitted to a 

single power law f i t

Effect of H / T  on m ixing for single agitators at c — T /4  in  
the 0.286m diameter vessel
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Figure 6-16: The effect of H / T  on the mixing power number (N t9sPo1/3) for 
single agitators at c = 7 /4  in the 0.286 m diameter vessel.

The data does not fit particularly well but there is a clear message that 

increasing H /T  has a strongly detrimental affect on mixing. The overall f it fo r 

all these data is:

N t9SPo1/3(7‘ / H ) 2° =  15.3 (6.10)

I f  you could m ix a vessel using a single circulation loop you would expect the 

bulk m ixing to be direcdy proportional to H. The exponent on H /T  is 

therefore an indication o f how well the m ixing approaches this ideal.
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Note that the exponents on D /T  and T /H  in the m ixing equations are similar 

(approximately 2.0) as found previously by Cooke et al. (1988) using m ultiple 

agitators. This means that the effects o f D /T  and H /T  on m ixing can be 

reduced to an effect o f D /H . Following this earlier work, the data for the 

single agitators were plotted as values o f the m ixing power number (N tjjP o1 '*) 

against the D /H  (agitator diam eter/liquid height) in Figure 6-17. The A310 and 

the small RT agitators are included in these data sets as D / H  ratios are altered 

by the change in D.

Effect of H / T  on mixing

1000

100

oa.
in■+2

Z

10

0.1

D / H

y = 4.1598x‘1 9771 
R2 = 0.8773

♦  6RT D=T/2 

■  6RT D=T/3 

A 6RGTD=T/2 

X 4 MFD D=T/2 

A  4MFU D=T/2 

O A310D=T/2  

all data 
—  Raw er (all data)

Figure 6-17: The effect of the liquid height on the mixing power number 
(N t95Po‘/3) for single agitators at c — T/ 4 in the 0.286 m diameter vessel.

There is a strong effect o f height on m ixing and this is roughly proportional to 

(D /H ) 2. A t a value o f H /T =  2 (D /H  = 0.25) the 4M FD is the least efficient at 

mixing. The flow  visuali2ation shows that secondary recirculation is responsible 

fo r m ixing the top o f the vessel at this height (Figure 6-7).
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N ote that the correlation R2 coefficient is quite low  indicating that this type o f 

“ catch-all”  correlation has quite wide error bars. Setting the exponent at —2.0 

the correlation is rounded up to,

N .t95P o m ( D / H ) 20 =  4.2 (6.11)

w ith  a standard deviation o f 0.914 and correlation coefficient R2 =  0.877

In  spite o f the crudeness o f this correlation (low  R2 value) it  is useful to focus 

the m ind on the im portant variables on scale-up. I t  may be, in  some cases 

where m ixing is particularly im portant, that vessel diameter is increased at 

constant H  so that D /H  can be maintained.

In  order to see whether single or m ultip le agitators are the m ost e fficient fo r 

m ixing, the effect o f the operating height on the m ixing time constant N t^  fo r 

single agitators is compared against the prediction fo r three Rushton turbines 

due to Cooke etal (1988) in  Figure 6-18.

The m ixing time constants fo r the single agitators at aspect ratios are lower fo r 

all cases above the aspect ratio o f 1, than those predicted by Cooke et a l (1988). 

N ote also that the recent check data po in t fo r three radial impellers (Table 6-4) 

is in  good agreement w ith  the earlier work. The earlier w ork on the 3 turbines 

at the 3:1 aspect ratio was also done on the 0.286 m  m ixing-rig.

The fact that a single agitator is more energy efficient fo r m ixing than m ultip le 

radial turbines is interesting given that fo r the single agitator, the upper reaches 

are mixed mainly by secondary recirculation. The use o f m ultiple radial flow  

impellers is not recommended in  high aspect ratio vessels where overall m ixing 

rates are im portant, in  spite o f the fact that this is a commonly used geometry.

Trip le  A345 agitators are particularly efficient at m ixing w ith  a measured N t*,, 

approximately 1 /3  o f that predicted fo r the trip le  Rushton turbines at the same

H /T .
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Figure 6-18: Comparisons of mixing constants at different aspect ratios (H / T ) 
for single agitators in 0.286 m diameter vessel with the Cooke et al. (1988) 
prediction given by equation (6.2)

6.5.2 Results o f Com parative Tests on the 0.61m D iam eter Vessel

The geometrically sim ilar 0.61 m diameter vessel is used in conjunction w ith 

the 2:1 elliptical base o f depth T /4. Agitator geometries considered here are 

single and m ultiple agitators in  water under fully turbulent flow  conditions:

•  Single 4M FD-450. A t H /T —1.25 to compare against the 0.286 m 
diameter vessel work, Similar to 0.286 vessel design).

•  H ollow  blade radial agitator (6HBT) below a 6M FU-450(Figure 6-19)

•  Dual L IG H N IN  A345 (Figure 2-27)

•  Trip le L IG H N IN  A345.
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(a) curved parabolic blade agitator 

(6HBT)

b) 6 blade 45° Pitched blade turbine 
pumping up (6MFU)

Figure 6-19: dual agitators, a parabolic blade 6HBT below a 6MFU-450.

The geometries are listed in Table 6-5 and a summary o f the m ixing results is 

given in Table 6-6. For the m ultiple agitators the Power number given is the 

combined power number based on the diameter o f the lowest agitator as 

described in  Section 6.3). Geometry 5 is used fo r a comparison w ith  ERT 

results w ith tracer at the bottom  agitator and measurement in  the base. For all 

the other experiments the tracer is added at the surface.

Note that some o f the geometries reported here were used fo r parts o f research 

projects carried out under the terms o f confidentiality agreements that p roh ib it 

detailed explanation o f why these particular geometries were used.
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Geometry Agitator

Types

c

(m)

D

(m)

D /T

0

H /T

0

S /D

0

Vol.

(m3)

Po

0

1 4M FD-450 0.164 0.322 0.53 1.25 1.89 0.208 1.22

2

6HBT 0.174 0.291 0.48

1.03 0.71 0.168

1.13

6MFU-450 0.422 0.272 0.45 1.83

3

6HBT 0.122 0.305 0.50

1.03 0.64 0.168

1.14

6MFU-450 0.432 0.272 0.45 1.83

4

6HBT 0.220 0.321 0.53

1.4 1.17 0.234

1.21

6MFU-450 0.525 0.272 0.45 1.83

5

6HBT 0.220 0.305 0.50

1.38 0.74 0.230

1.12

6MFU-450 0.525 0.366 0.6 2.69

6

A345 0.248 0.295 0.48

1.63 1.67 0.276

0.76

A345 0.501 0.295 0.48 0.76

7

A345 0.248 0.295 0.48

1.63 0.81 0.276

0.76

A 345 0.501 0.295 0.48 0.76

A 345 0.755 0.295 0.48 0.77

Table 6-5: Geometries used in the 0.61 m diameter vessel single-phase mixing 
tests in fully turbulent conditions. 5  is the agitator separation from the surface.
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n Agitator Geometry N T D H D/T P / V H / T Po Nt90

Type RPM m m m W/kg

7 4MFD 1 100 0.61 0.322 0.762 0.53 0.09 1.25 1.22 23.2

6 4MFD 1 179 0.61 0.322 0.762 0.53 0.54 1.25 1.22 23.9

7 4MFD 1 250 0.61 0.322 0.762 0.53 1.47 1.25 1.22 26.4

6 6HBT 0.61 0.291 0.48

+ 6MFU 2 240 0.61 0.272 0.628 0.45 1.79 1.03 1.96 24.8

7 6HBT 0.61 0.305 0.50

+ 6MFU 3 240 0.61 0.272 0.628 0.45 1.97 1.03 2.25 22.1

8 6HBT 0.61 0.321 0.53

+ 6MFU 4 210 0.61 0.272 0.854 0.45 1.26 1.4 2.02 39.6

2 6HBT 0.61 0.305 0.50

+ 6MFU 5 120 0.61 0.366 0.841 0.6 0.72 1.38 7.84 11.8

6 2 x A345 6 274 0.61 0.295 0.994 0.48 1.18 1.63 1.52 29.9

6 3 x A345 7 180 0.61 0.295 0.994 0.48 0.51 1.63 2.34 21.6

6 3 x A345 7 274 0.61 0.295 1.013 0.48 1.76 1.66 2.27 20.2

Table 6-6: Summary of single-phase mixing results for the 0.61 m diameter 
vessel.

6.5.2.1 Discussion o f the Results o f the M ix in g  Tests from  the 0.61 m  

V essel

Comparing the results in Table 6-6 w ith  the earlier results printed in  Table 6-4 

it is apparent that:

•  The m ixing time constant has not scaled up. Results fo r the single 

4M FD at H —\.2S Tand fo r the trip le  A345 show a longer m ixing time 

constant (Nt*,) on scale-up, even accounting fo r any small differences 

in D /T  ratios. O ther workers have noted this effect; K ipke (1983) and 

Raghav Rao and Joshi (1988) both reported that fo r geometrically 

sim ilar vessels, N 0 increased on scale-up. See section 6.2.

•  The dependency o f m ixing on H /  T  is confirm ed fo r the dual agitator 

(6HBT below a 6MFU) results. The difference between the m ixing 

times fo r H / T  — 1.03 and H /  T  — 1.4 is reasonably well predicted by the
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form  o f equation (6.11) - N t90Po1/3(D  /  H ) 2'0 — constant.

•  Assuming firs t order m ixing, the constant in  equation (6.11) is 3.22 fo r 

the 90% mixed case. Using this constant and the power number and 

agitator diameter based on the 6HBT diameter predicts a m ixing time 

constant, N t^ o f 12.4 fo r the geometry 5, compared w ith  the measured 

value o f 11.8, which is w ell w ith in  the accuracy o f the experimentation.

•  The trip le  A345 agitators w ith  agitator and surface separations o f <  ID  

exhibit excellent m ixing characteristics. There is no zoning seen in  the 

colour change experiments and the m ixing tim e constant is the lowest 

fo r these comparative tests in  spite o f operating at the highest H /T .  

Therefore i f  m ixing is a primary objective this configuration is highly 

recommended. Note that fo r single-phase w ork it  m ight not matter 

whether these were up or down pumping (sim ilar flow  patterns would 

be expected resulting in  sim ilar m ixing times). However, fo r gas-liquid 

multi-phase operations pumping upwards is the most stable mode as 

gas up-flow  reinforces the mechanically agitated liqu id  flow  (see also 

Chapter 2, section 2.2.2.4).

6.5.3 M ix in g  Studies using the E R T  Tom ography Sensors in  the 0.61m  

D iam eter Vessel

The electrical resistance tomography baffle cage w ith  8 rows o f 16 electrodes 

described in  Chapter 3, section 3.2.6 and in  detail in  Chapter 9 was used to 

look at the m ixing details fo r a tracer added close to the side o f the hollow  

blade turbine fo r die geometry 5 set-up shown in  Table 6-5. This was a dual 

agitator arrangement o f a 6MFU above a 6 hollow  blade turbine.

The tomography data were analysed two ways:

I. 4-p ixel tim e history. This m onitors the conductivity at 4 selected 

(any chosen) pixels. These are averaged and compared graphically. See 

fo r example Expl3pixelH is.xls in  the attached CD. This sort o f
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inform ation could be used fo r example to study a take-off position 

w ith  a tracer injected at a feed position to look at possible by-pass. A  

graphical example fo r this is shown as Figure 6-20. The threshold 

values are at 90 and 110% o f the step change and are added to illustrate 

die 90% mixed p o in t

II. M u tu a l b u lk  resistance (M B R ) fo r a ll planes. This is calculated 

from  the voltage measurements and injection current and is an inverse 

measure o f the mean conductivity tim e-history in  each plane. A n  

example fo r geometry 5 is depicted graphically in  Figure 6-21 and the 

analysis o f these curves to give inter-zone m ixing data is listed in  Table 

6-7.

The estimation o f the m ixing times from  the 4 pixel tim e-history and the M BR 

results is done in  an Excel spread sheet by norm alizing the resistance data from  

0 to 1 and determining the 90% m ixing po in t graphically. This is reproduced 

as Table 6-7. The M BR data are quite interesting as they provide inform ation 

on zonal m ixing. They m ight yield very useful inform ation on exchange rates 

between m ultiple agitators and this would be a w orthy topic fo r future work.

The 4-pixel data were fo r a point at the top o f the vessel w ith  the injection in  

the feed These gave an N t*, m ixing time constant o f 19.4. This compares w ith  

a mean value o f 13.8 from  the M BR data. However the M BR plane at the top 

o f the vessel had a m ixing time constant o f 18.0 and that is comparable to  the 

4-pixel data. The M BR data close to  the m ixing po in t have a m ixing tim e 

constant o f 11.9 that is comparable to the result obtained by the bottom - 

m ixing probe fo r the injection at the bottom  agitator.
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Figure 6-20: Typical average 4-pixel conductivity-time history. From the 
measurement file the injection first appeared at frame 21 and 150 data points 
were collected in 33.0 s. From this data 90% mixing is achieved at frame 65. 
Thus: t*) = (65-21) x 33/150 = 9.68 s
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Geometry 5. A single liquid feed at HBDT and 
2 > ^ 0 .6 r  6MFU.
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Figure 6-21: Typical mutual bulk resistance time history. P I to P8 are the 
tomography plane numbers, with 16 electrodes in each plane.
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Data from ITS excel files analysed to give t<*i mixing time
plane N zero Fqml. span 01 span 1.1 span 0.9span start end time 90% Ave t» ave N t»

rpm time s S time t90

1 120 1251 10.39 212 0.212 10.602 10.178 3.96 1298 9.02 6.88 13.75
2 120 9.6 7.94 1.66 0.166 8.106 7.774 3 96 1232 8.36
3 120 8.95 7.47 1 48 0.148 7.618 7.322 3 96 121 8.14
4 120 9.05 7.57 1 48 0.148 7.718 7.422 396 6.82 2.86
5 120 9.19 7.64 1.55 0.155 7.795 7.485 3.96 9.46 5.5
6 120 9.27 7.64 1.63 0.163 7.803 7.477 396 9.9 5.94
7 120 9.04 7.55 1.49 0.149 7.699 7.401 3.96 11 7.04
8 120 9.4 7.84 1.56 0 156 7.996 7.684 3.96 121 8.14

Table 6-7: Analysis o f M B R  data for geometry 5 for data shown in Figure 6-21 

6.6 Power N um bers for H o llo w  Blade Turbines

The studies on the power numbers o f the hollow  (concave) 6-blade agitators 

were prompted by the fact that these are finding increasing favour especially 

fo r multi-phase work where their ability to deliver power and disperse gas 

efficiendy fo r a wide range o f gassing rates makes them a obvious choice. The 

shape o f these blades varies considerably from  simple pipe sections to 

sophisticated streamlined curves as shown in  Figure 6-22. The effect o f these 

changes on power number is studied.

Bujalski et aL (1988), found that the power numbers o f disc turbines was a 

power law function o f scale (Po y0'065) and direcdy proportional to the ratio 

o f blade height to the swept diameter (a /D r). This appears to be a reasonable 

starting point fo r any attempted correlation o f hollow  blade turbines. The 

power number data fo r a number o f types o f disc and arm-mounted turbines 

are tabulated as Table 6-8. From this table, the average (a /D ?) in  this w ork was 

0.168 or approximately D v/6 . The normalized power numbers (Pon) are 

therefore obtained as follows,

Po

6 .0 .(T )0065 ( a /D s)Pon = 7T7T (6-12)
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(a) Chemineer C D -6

Similar to that described by Van’t Riet 

eta/. (1976)

(b) Scaba 6SRGT

Curvature o f blade ends in fold or 

spline. See

Figure 6-23 section through “ Y  — Y ”  

fo r blade details.

(c) Parabolic blade mounted on disc

Figure 6-22: Various hollow blade shapes and mountings. Shown as clockwise 
rotation so concave to flow direction.

(d) Parabolic blade — arm mounted
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The dimensions thought to affect the power number are identified in 

Figure 6-23.

B la 4ft tails a»4 im outing arragftmcj&t f«r a SC ABA 6SRGrT

Aqftafcor Flats OUL

Ta
_L

L-*. r

N « t o  £>sis the swept t t m e t t r  w h ic h  is la rg e r  th a a  the flats d ia m e te r  Dg

Figure 6-23: Concave hollow blade details referred to in Table 6-8.

The normalized power number (Pc^) increases as the ratio o f the blade depth

(b) to blade height (a) decreases, that is as the blade becomes less streamlined. 

This is illustrated graphically in Figure 6-24. Regression analysis established that 

a power law could adequately describe the affect o f the blade aspect ratio on 

the power number as indicated by the R2 correlation coefficient values.
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6HBT
Type

vessel
Diam.

Agitator
swept
Diam.

Blade
thickness

Disc
thickness

Overall
blade
Height

Overall
blade
depth

Aspect
ratio Normalized

T D ft t d a b D / T a/Dj b /a Po PoN

i rr') ;m v'": <m) (m) H i r> (-)
* Data from Kovacs (2001) -  Po normalized to swept diameter
** Data from Saito e t  a l  (1992) -  assumed that Po was given for swept diameter
*** Data from Van’t Riet (1976) - Po normalized to swept diameter

6SRGT 0.286 0.149 0.002 0.002 0.022 0.018 0.521 0.148 0.795 1.60 1.96

6SRGT* 0.800 0.292 0.045 0.037 0.365 0.155 0.826 1.77 1.93

6SRGT** 0.610 0.200 0.030 0.025 0.328 0.150 0.833 1.5 1.72

Spined 0.286 0.151 0.002 0.002 0.028 0.020 0.528 0.185 0.714 1.97 1.92

Parabolic 0.305 0.144 0.002 0.002 0.022 0.020 0.472 0.152 0.913 1.44 1.70

Parabolic 0.610 0.248 0.0025 0.003 0.037 0.050 0.407 0.149 1.351 1.28 1.48

Van’t Riet*** 0.440 0.176 0.002 0.036 0.012 0.400 0.205 0.333 3.95 3.39

Van't Riet 1.790 0.5842 0.007 0.007 0.125 0.042 0.326 0.214 0.336 4.1 3.08

Spined 0.286 0.15 0.002 arm-mount 0.024 0.029 0.524 0.158 1.202 1.21 1.38

Parabolic 0.286 0.145 0.002 arm-mount 0.022 0.024 0.507 0.150 1.083 1.28 1.54

Parabolic 0.286 0.145 0.002 arm-mount 0.022 0.028 0.507 0.153 1.279 1.14 1.35

Parabolic 0.610 0.3048 0.003 arm-mount 0.045 0.060 0.500 0.147 1.337 1.17 1.37

Parabolic 0.914 0.4148 0.002 arm-mount 0.088 0.074 0.454 0.213 0.843 2.43 1.91

ave 0.168

Table 6-8: Power Numbers and geometries of various types of 6-blade 
concave hollow blade turbines (6HBT)

There are two types o f mountings: disc and arm-mounted (where the blades 

are attached directly to the hubs) and three types o f blade shapes: spined (like 

the 6SRGT where the blade profile ends on a fold) parabolic blades (where the 

blade section is described by a parabolic curve) and the Smith type (where the 

blade section is a section o f circular pipe). The data fo r the disc-mounted types 

were considered separately from  the total data set. The arm-mounted data were 

not considered separately, due to the lim ited data. Figure 6-24 (a) illustrates the 

fit fo r the disc-mounted types o f 6-hollow blade turbines.

The equation o f the line is,

P o N =  1.6746 -  (6.13)
\ a )
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Therefore, all the 6-hollow  blade disc turbines listed here can be described by 

the equation,

Po = 10.0 5{T)°M i{ a /D s ) ( b /a y 05'> (6.14)

The R2 correlation coefficient is 0,972

A ll die data, including the disc and arm-mounted types can be described by the 

equation,

PoN = 1.6406

or.

b

\ a j

(6.15)

Po =  9.84(T) (a / D s)(b /  a)'™1 (6.16)

w ith  an R2 correlation coefficient is 0.973.

The f it  to a ll the data is no worse than fo r the disc types alone. O m itting the 

scale term  (T0063) does however result in  a worse f i t  The constants are 

rounded-up w ithout significant loss o f accuracy to give,

Po =  9.8 9 { T f m { a /D s) (b /a ) - ° 6 (6.15)

The standard deviation on the proportionality constant is 0.477, which means it  

fits a ll the power number data to w ith in  +  10%. This is accurate enough fo r 

design purposes.
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Chapter 7 Multi-phase Hydrodynamics

This chapter covers high gas fractions, high superficial gas velocities and 

specific agitator power inputs from  zero (bubble column) up to ~ 10W /kg . 

M ixing in  two-phase (gas-solid and gas-liquid) and three-phase (gas-solid- 

liquid) is measured and discussed. A  solid-liquid interface is found to 

dramatically increase overall m ixing time. When gas is introduced to this 

system, it  destroys the interface and reduces the m ixing time to  the liqu id only 

value.

Gas-liquid mass transfer, gas-hold-up and hydrodynamics are studied and 

correlations proposed. These are compared w ith  the literature.

The “ flooding-loading”  transition is studied fo r a number o f types o f hollow  

blade agitators. These compare favourably w ith  the Rushton turbine 

particularly as their low  power numbers mean that they achieve the m inim um  

Froude number fo r dispersion at a lower energy input than a sim ilarly sized 

Rushton and the gassed power factor stays close to unity, resulting in  m inim al 

loss o f power and pum ping efficiency on gassing. However, no evidence was 

found to support the literature claims that they are more energetically efficient 

fo r dispersion above the m inim um  Froude number. A  simple method, 

resulting from  these studies, is proposed to avoid “ flooding”  fo r radial 

turbines, including the hollow-blade types, under gassed conditions.

A  method fo r assessing the effect o f changes in  process conditions (agitation 

rates, gassing rates, and pressure on mass transfer using experimental data is 

proposed.

Rules fo r avoiding foam out at high phase fractions are developed.

Solid suspension w ith  novel agitators fo r tw o and three phase systems are 

tested and relationships developed. The curved hollow  blade agitator is shown 

to  be more energetically efficient fo r solid suspension than most common 

alternatives, especially under gassed conditions.
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7.1 Scope

The chapter compares hollow  blade turbines; agitator combinations o f hollow  

blade turbines w ith  up flow  agitators and m ultiple up flow  agitators w ith  more 

traditional choices such as the Rushton turbine, particularly at extreme 

conditions o f high phases fractions and specific power.

Phases o f interest in  this w ork ate:

•  Gas-liquid

• Solid-liquid

•  Gas-liquid-solid.

Areas o f study are:

•  Gassed power measurement and hydrodynamics.

•  Gas-liquid hold-up - both local and overall.

•  M ixing in  2 and 3-phase systems w ith  comparisons against single-phase 
mixing.

•  Solid suspension in  2 and 3-phase systems.

•  Gas-liquid mass transfer

•  Use o f experimental data to assess the effect o f changes in  the overall 
mass transfer coefficient, driving force and liqu id  volum e on the overall 
mass transfer rate.

7.2 G as-L iqu id  Pow er and Hydrodynam ics

For gas-liquid dispersions the Rushton turbine (RT) traditionally has been used 

as the main gas disperser due to  its cost effective ability to  disperse gas. Latterly 

the hollow  blade turbine (H B 'I) designs which apply varying degrees o f 

streamlining behind the blades, are finding increasing favour especially under 

intense operating conditions w ith  aeration numbers above 0.1 and, o r high 

solids loadings. A  number o f these designs are now commercially available 

(Figure 7-1) fo r examples the C H E M IN E E R  CD-6 and BT-6, die SCABA
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6SRGT and the IC I Gasfoil designs disclosed in US patent 5,198,156. I t  is 

claimed that at high aeration numbers the HBTs are able to handle more gas 

than the RTs, w ithout the power loss associated w ith  the latter, see fo r example 

Saito et al. (1992). The data o f F rijlink et al. 1990 suggest that the H B T design is 

the most energy efficient impeller for solid suspension at aeration numbers 

above 0.08. H jorth  (1994) found the suspension characteristics o f the 6SRGT 

to be dependent on diameter and position relative to the base, but when these 

parameters were optim ised it could suspend 65% magnetite very economically 

compared w ith  other impellers and the agitation speed required to just suspend 

the solids is virtually independent o f gassing rates.

a) 6SRGT b) CD-6 c) BT-6 d) Parabolic disc- 
type 

6HBDT

e) Parabolic arm- 
mounted 6HBT

Figure 7-1: Selection o f hollow  blade agitators

The up-pumping high solidity hydrofo il agitators have been shown to be very 

effective at dispersing large quantities o f gas w ithout the instabilities that are 

associated w ith dow n-flow  agitators, where the up flow  o f gas opposes the 

agitator flow  as reported fo r instance by Chapman et al. (1983), Cooke (1989) 

and N ienow et al. (1994). Hence these have been studied along w ith  

combinations o f hollow  blade radial agitators (6HBT) below an up-pumping 

pitched blade turbine (6MFU) — a combination which gives stable operation at 

H / T >  1 where a single agitator is often undesirable.

Comparisons are made as the ratio o f gassed to ungassed power as a function 

o f gas flow  number both w ith  a fixed agitation rate and variable gas rates and 

also at fixed gas rates and variable agitation rate.
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From the flow  visualisation work, using air-water, the gas-loading point 

(flooding — loading transition) and the complete dispersion (loading — complete 

dispersion transition) are identified and compared w ith  literature predictions 

fo r Rushton turbines and hollow  blade agitators and the literature claims made 

fo r the improved gas handling abilities o f the latter are critically examined.

7.2.1 Cavity Structure o f R ad ial Turbines under Aerated Conditions

The literature review in  Chapter 2 (Section 2.3.1) showed the relationship 

between the gas cavities behind the blades and the reduction in  power on 

gassing. The cavity structures fo r disc turbines and their affect on gassed power 

are described, fo r example, by N ienow et a l (1985). The hollow  blade agitators 

have also been shown to have a cavity structure under aerated conditions. 

However because o f the streamlined shape o f these blades, the attached gas 

bubble does not affect the drag in  the same way as it  does w ith  a fla t blade and 

hence the power loss is much less. For the SCABA 6SRGT (Figure 7-la) Saito 

et a l (1992) describe these cavities as vortex cavities in  air-water changing to 

vortex-clinging cavities at high gas rates or in  CMC solutions. These authors 

claim that the gas-liquid flow  spills out from  the inside o f the hollow  blades at 

all gas rates and this gives rise to die trailing vortex cavities in  aerated water. 

This description is no t easy to accept, since it  m ight be assumed that the high- 

pressure area inside the blades would naturally exclude gas, which is more likely 

to be entrained in to  the vortex from  the lower pressure region behind the 

blades in  a sim ilar manner to the Rushton turbine.

Cavity form ation fo r hollow  blade agitators was studied by the a u th o r, w hilst at 

IC I, in  the late 1980’s. The stills shown in  Figure 7-2 and Figure 7-3 are from  a 

digital copy o f a video made o f the 0.286 m vessel fitted  w ith  a 0.144 m  

diameter Scaba 6SRGT. Date o f the original video is 27/11/87. The agitator 

clearances were T /3  and H  = T  and the flu id  was 0.4% CMC (grade Hercules 

powder grade 7H4C). The CMC solution was used because it  proved very 

d ifficu lt to film  the cavities in  air-water w ith  this equipment. The main problem
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being that at realistic agitation and gas rates, k  was like trying to  film  through a 

f°g-

A k  was introduced through the bottom  beating (sim ilar to a central po in t pipe 

sparge). The original film  was made on a high-speed video and the time shown 

is real time. The firs t part o f film  is shot through the base at agitation speeds 

o f 120, 240, 360, 480 and 600 rpm  w ith  gas at 5, 10, 20 and 40 litres per minute 

o f air. The last part o f film  is shot through the side at 480 rpm  and 5,10 and 20 

litres per m inute o f air. Note that even w ith  CMC it  proved d ifficu lt to  get 

good pictures at high gas and agitation rates.

The apparent viscosity o f the 0.4% CMC is described by the law,

M. =  0 - 5 r 04 (7.1)

where the average shear rate (y )  is approximately equal to 10AT (see Chapter 2, 

section 2.6.2 and Chapter 4. Table 4-1. The relevant flow  conditions fo r this 

w ork are listed in  Table 7-1.

The stills from  the video shown in  Figure 7-2 are shot from  below and cover 

the fu ll range o f agitation rates chosen. Vortex-clinging cavities can be clearly 

seen at all agitation speeds used and when viewed from  below it  does indeed 

look as i f  the agitator is pumping a gas-liquid m ixture. Gas cavities can also be 

seen behind the blade. In  picture (f) there appears to  be a large wedge shaped 

gas-filled cavity behind a blade.

The stills shown in  Figure 7-3 are viewed from  the side and show what 

happens in  the firs t four seconds after 5 litres per m inute o f gas is introduced 

at an agitation speed o f 480 RPM. There is no evidence from  these pictures to 

support a gas core inside the blades, although gas can clearly be seen going 

over the blades. Looking clockwise from  the open view o f the blade to the 

view behind the preceding blade it  appears that cavities are developing behind 

the blades. Observations from  these pictures do not support the proposal o f a 

gas core inside the blades, although gas can clearly be seen going over the 

blades. Looking clockwise from  the open view o f the blade to the view behind
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the preceding blade, it  appears that cavities are developing behind die blades. I t  

is concluded that even in  highly gassed liquids the hollow  blade agitator pumps 

essentially liqu id  and that the gas is entrained and broken up by the liqu id jet. 

Similar cavities behind the blades have been seen fo r other hollow  blade 

turbines, in  particular fo r the IC I Gasfoil described by Cooke et al. (1988) and 

the arm-mounted parabolic blade design. .

Gas flow 
rate 
Q 

m3/s

Agitation 
rates 

N (rps)

Apparent 
viscosity = 
0.5(1 ON)'04 

Pa. s
Re FI

Q/ND3 VVM Fr
N2D/g

0.000333 2 0.151 275 0.0558 1 0.059
0.0005 2 0.151 275 0.0837 1.5 0.059

0.000167 4 0.114 726 0.0140 0.5 0.236
0.0005 4 0.114 726 0.0419 1.5 0.236

0.000333 8 0.087 1915 0.0140 1 0.942
8.33E-05 8 0.087 1915 0.0035 0.25 0.942
8.33E-05 10 0.079 2617 0.0028 0.25 1.472

Table 7-1: Conditions used in the flow visualization work with the Scaba 
6SRGT agitator in 0.4% CMC,

290



Multi-phase Hydrodynamics

a) 120 RPM 20 litres / m in air nun air

(c) 240 RPM 10 litres / m in air d) 240 RPM 30 litres/m in  air

(f) 600 RPM. 5 litres/m in  airm in air

Figure 7-2: Pictures of flow from a D  — T/2  SCABA 6SRGT in aerated 0.4% 
CMC, viewed from below. T  -  0.286 m. Agitator clearance was 273. For flow 
conditions see Table 7-1.
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Figure 7-3: Same as Figure 7.1 but viewed from the side. Agitation rate is 480 RPM. 
Still (a) is as the gas is introduced. Subsequent pictures are shown in real time as 
shown on the video clock. Flow conditions are given in Table 7-1.

7.2.2 Hydrodynam ics o f R adial Turbines — Literature and Discussion

When considering the hydrodynamics o f Rushton turbines, the flow  

visualizations attributed to W isdom (1973) are frequently used to define the 

various operating regimes as described in Chapter 2, section 2.3. The first 

sequence o f W isdom’s drawings, which are now taken as representing
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operation under “ flooded”  conditions, w ith the original annotations, are 

reproduced as Figure 7-4, (a), (b) and (c).

(a) Low Speed (b) Low speed W  Medium speed
Very N 0 i  gas rale Low gas Medium gas rate

Figure 7-4: From Wisdom (1973), depicting the effect of agitation and air rate 
on gas distribution using a Rushton Agitator under “flooded” conditions

Figure 7-5 (a), (b), (c) and (d) is a commonly used representation o f the effect 

o f agitation speed (N ) and the gassing rate (Qg) cm the transitions between 

“ flooding”  to “ loading”  and “ loading”  to “ complete dispersion” .

Constant QG Increasing N

h - V 3 * 'I  « / '

Constant N Increasing QG

Figure 7-5: Showing the transition between “flooding” and “loading” (Aft) and 
“loading” to “complete dispersion” (AF cd) for radial turbines
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W hilst accepting that these pictures represent conditions found fo r air-water in  

small laboratory type vessels at modest power inputs and aeration rates up to 1 

o r 2 F ISM, they are not representative o f conditions applicable on large-scale 

plant that often operate superficial gas velocities in  access o f 0.1 m /s. In  

Chapter 2, equation (2.113) the gas buoyancy power due to potential energy in  

a cylindrical vessel was shown to  equal,

Pq =  Q o iP i - P a )g iH i  - cs)

where cs was the height o f the sparger. Note that considerable energy can be 

expended at the sparger in  terms o f kinetic energy. However, this energy is not 

usefully employed due to the compressible nature o f gases (M iddleton et al 

(1994)).

Thus fo r a cylindrical vessel when the gas input is at the base and the gas 

density can be ignored, the specific gas power input is,

~ r  = '  ( W  <7-2)
P iY l I I l

As superficial gas velocity is,

V  = i % . ( m / s )  (7.3)
s jtT2

I t  follows that specific gas power is approximately,

PfQ _= vsg (W /kg) (7.4)
P lVl

Therefore, the specific power input (W /kg) due to  the air rising through die 

vessel is approximately ten times (g) the superficial gas velocity, which means 

the power input at a superficial gas velocity o f 0.1 m /s is approximately 1 

W /kg . This energy is sufficient w ithout any mechanical agitation at ah to 

produce flow  more like that shown in  Figure 7-5 (c) than Figure 7-5 (a). 

Therefore under intense operating conditions Figure 7-5 can no longer be used 

to  define “ flooded”  or “ loaded”  conditions. By comparison 2 W M  gas on an
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H  — T, 30 cm k b  oratory scale cylindrical vessel (very high gas rate by W isdom 

(1976) definition) has a superficial gas velocity o f 0.01 m /s or a gas specific 

energy input o f 0.1 W /kg.

Also, when small bubbles are present due to the presence o f surfactants or 

salts, the transition from  loaded to complete dispersion cannot be distinguished 

even at low  superficial gas velocities as the tiny bubbles are always dispersed.

H ow then can the “ flooding”  — “ loading”  po in t be recognized at these high 

superfickl gas velocities?

In  Chapter 2, section 2.3.1 it  was claimed the flooded regime could s till be 

recognized from  observation o f the surface where the flooded regime is 

distinguished by gas bypass w ith  gas spouting up near the centre. However, 

this gas spouting could also be attributable to a transition from  homogeneous 

to heterogeneous flow, hence great care must be taken in  the interpretation o f 

the flow  visualization. The literature is reconsidered in  the follow ing sections.

7.2.2.2.1 L iterature studies on F looding o f Rushton turbines

The prediction o f the point at which gas is adequately dispersed in  

mechanically agitated vessels is a paramount design parameter and one that has 

attracted considerable academic study. The flooding-loading (F-L) transition 

fo r disc turbines has been linked to transitions in  cavity types. Below the 

loading po in t only ragged or clinging cavities ate found. Warmeoskerken and 

Smith (1985) claim that large cavities cannot exist below a Froude number (Ft) 

o f about 0.045 and below this value the agitator is always flooded. This makes 

some kind o f physical sense since gravity has to  be overcome in  order to 

capture the gas cavity.

F t =  IS fD /g  (7.5)

F t represents an agitator force.

The actual “g* force, at the rotating agitator tip  is,
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V = ^  Cr-6)

Therefore by comparison o f equations (7.5) and (7.6), 19.74 — F t and

therefore 1.0 =  0.05 Fr (close to the 0.045 F r proposed fo r stable cavities).

Warmoeskerken and Smith (1985) defined flooding, as a regime in  which there 

is an axial flush o f gas through the im peller plane up to the liqu id  surface. The 

loading point occurs when the agitator starts to act as a pump and disperses gas 

to the im peller wall. This was measured using a small propeller flow  meter. 

There is a significant step in  the rate o f radial outflow  at the F -L  transition. 

This iVF_L transition was also marked by a significant positive step in  the gassed 

power curve related to a change in  cavity formation.

Warmoeskerken and Smith (1985) gave an extensive literature review o f the 

flooding o f Rushton type disc turbines. They compared the merits o f theories 

based on a m inim um  tip  speed (agitator shear rate) required fo r dispersion and 

those based on agitator pum ping rates. From an energy balance between gas 

buoyancy driven flows and agitator driven flows, it  was shown that (providing 

the disc turbine gassing factor could be assumed to be constant at the F-L 

po in t fo r a range o f gassing rates) the variables could be arranged to give an 

equation o f the type,

F lF = d F r F (7.7)

Where F1f  is the gas flow  number (aeration number) at the flooding po in t 

(Qc/ N pD £  F rF is the Froude number at the flooding po in t (N PD / g) and A. is 

an agitator specific proportionality constant.

The data obtained fo r the D  =  0.4T disc turbines on 3 scales were fitted  by 

equation (7.7) and the specific proportionality constant was found to be 1.2. 

Thus,

F1f =  1.2FrF (7.8)
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Other workers had previously shown that F-L data could be adequately fitted  

in  the form  o f equation (7.7).

Analysis o f the data o f Warmoeskerken and Smith (1985) fo r Rushton turbines 

o f D  = OAT in  vessels from  0.44 m  to 1.2 m  diameter reveals the maxima in  

the values o f iVFand j2gF listed in  Table 7-2. I f  it  is assumed (sensible estimate) 

that the gassed power number o f a Rushton turbine is 3.0 at the flooding po in t 

fo r modest power inputs, the maximum specific agitation power and gas power 

at the (F-L) transition is o f the order o f 0.52 W /kg . The equality o f the gas and 

agitation powers is plausible since in  order to disperse the gas it  could be 

argued that the agitator power must at least equal the gas power.

Tank
diameter

Agitator
Diam eter

Liqu id
Volum e

Fr(F-L)
Max.

Max.
Nmax(F-L)
Maximum

j2m ax(r7-L)
Superficial 
Gas vel.

Specific
Gas

power

E st Pg 
using 
Pu/P g 
=  0.6

Specific shaft 
Power

Pg/pi-V
gassed

M m litres (-) 0 S'1 m V 1 m s'1 W /kg W W /kg

0.44 0.176 66.90 0.3 0.36 4.09 0.00803 0.053 0.52 34.6+ 0.52

0.64 0.256 205.89 0.2 0.24 2.77 0.01115 0.035 0.34 69.99 0.34

1.2 0.48 1357.17 0.17 0.204 1.86 0.04205 0.037 0.36 495.04 0.36

Table 7-2: Maximum Ftoude and Gas flow numbers extracted from the data 
of Warmoeskerken and Smith (1985) and used to calculate IV  and Q  and to 
estimate the specific power inputs by the agitator and by the gas.

The precise equality o f the gas and agitation powers at the flooding loading 

point (Table 7-2) found by Warmoeskerken and Smith (1985) is not 

coincidental The form  o f the equation was derived from  an energy balance 

between the gas buoyancy driven circulation and agitator driven circulation. 

The specific gas buoyancy is approximately vsg  (equation 7.4). The specific

agitator power — Psfp L L , . Therefore equation (8) can be derived from  

£ t  = v s S to ^ ve>

(7.9) 
T s pLitT3 kT2

The equation can be reduced further by cancelling the common denominators 

and substituting T  = 2.5D to provide the follow ing expression:
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(7.10)
Qa _  Po N 2D

N D  2.5 g

The substitution o f the gassed power number =  3.0 at the flooding condition 

in to  equation (7.10) reproduces equation (7.8).

N ienow et a l (1985) obtained F -L  data fo r a range o f Rushton turbine D /T s  

from  0.22 to 0.5. They found that the increase in  gassing rate, which caused a 

transition from  loading to flooding, is accompanied by a change from  3 large 

plus three small clinging cavities to 6 ragged cavities fo r D /  T  o f <  0.4. A t the 

same time there is a step increase in  the power drawn. W hen D /T  =  0.5, the 

transition was from  clinging to  ragged cavities, accompanied by a step decrease 

in  the power drawn. However, in  this case the F-L transition is reported to 

occur below Fr ~  0.045. The step decrease in  power at the flooding po in t does 

not appear to be a general rule fo r D  — T /2  disc turbines. In  earlier work, 

N ienow et a l (1977) and Smith et a l (1977) stated that flooding was marked by 

a m inim um  in  the gassing factor when plotted against FI at constant A l (QG 

varied). Similar observations were obtained fo r their D  — T /2  data (power 

increased on flooding). However, in  these cases the Fr was greater than 0.045. 

I t  is notoriously d ifficu lt to determine the F-L transition by eye on a small 

vessel w ith  a large D  ~ T /2  turbine. From the reasoning given in  the 

development o f equation (7.6), i t  is wise to assume that a ll cases below Fr = 

0.05 (1 “£ ’) are in  fact flooded. N ote that not all workers agree that the 

m inim um  in  the gassing factor curve marks the F -L  transition. Westerterp 

(1963) states that, “ the m inim a in  the curves occur in  the neighborhood o f the 

m inim um  agitation rate”  (fo r dispersion) “ but do not coincide” .

The F -L  data fo r N ienow et a l (1985) were fitted  by the form  o f equation (7.7) 

and the co n s ta n t^  in  this equation was found to be a function o f D / T  From 

a double log p lo t o f A. versus D /  T, which included the Warmoeskerken and 

Smith (1985) constant, they determined an overall equation as follows:
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* 1 *

D
F L  = 3 0

T
Fr (7.11)

The N ienow et a l (1985) analysis o f this equation showed that at constant scale, 

equation (7.11) infers that to disperse a given amount o f gas, then the grouping 

N f D  25 is constant, They argued that is close enough to N D 3, which is constant 

fo r pumping rate and so one can presume that agitator pum ping rate is a 

controlling variable.

N o error analysis is provided on equation (7.11) in  the N ienow et a l (1985) 

paper. A  back calculation o f equation (7.11) to  predict o f A  fo r comparison 

w ith  the original values indicates a poor fit, especially fo r D  — T /2  turbines. 

For these, equation (7.11) predicts a value o f A  o f 2.65 compared w ith  an 

original value o f 4.7. However, as earlier stated, it  is d ifficu lt to judge accurately 

the F-L point w ith  large turbines and it  may w ell be that some sort o f weighting 

was used in  the original analysis, but a simple un-weighted analysis o f the 

original (A ) versus D /T  results in  a better f it  for,

F1f =  54 D  F r (7.12)

w ith  an R correlation coefficient o f 0.9634 (see Table 7-3 and Figure 7-6).

Analysis o f equation (7.12) results in  N FD  267 required to  disperse a given 

amount o f gas at a single scale (even closer to  the constant pum ping rate case).

R ush ton  tu rb in e  
D /T

E xp e rim e n ta l 
constan t "A "

N ie n o w  et a l (1985) 
(eq 7.11) p red icted  

constan t "A "

T h is  w o rk  
eq. (7.12) 
p red ic ted  

con stan t "A "

0.22 0.13 0.15 0.13

0.22 0.17 0.15 0.13

0.3333 0.48 0.64 0.67

0.4 1.2 1.21 1.38

0.5 4.7 2.65 3.38

Table 7-3: Data from N ienow  e ta /. (1985) showing measured and predicted 
constants in eq. 7.8. F it very poor for D / T  — 0.5. See graphical fit in  Figure
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R efit N e in o w  e t  a l. (1985) data

10

1

0.1

y = 54.047X3 9686 
R2 = 0.9634

♦  Constant "A"

—  Power (Constant "A")

0.1

D / T

Figure 7-6: R efit o f for D / T  in  equation 7.5 from N ienow  et aL (1985)

N ienow et a l (1985) also found no effect o f liquid height on the F-L transition, 

which they explained is contrary to the original theory, which was based on an 

energy balance. The specific gas energy is independent o f height w hilst the 

agitator specific energy decreases in  proportion to the liquid height.

1.2.2.2 Flooding o f H o llo w  Blade Turbines

I t  is claimed that the hollow  blade turbines are capable o f handling much more 

gas than the Rushton turbine. C H E M IN E E R  claim on their website 

(www.chemineer.com) that the CD-6 can handle about 2.4 times the maximum 

gas capacity o f the D -6 (Rushton turbine) impeller and that the DT-6 can 

disperse nearly six times the gas handling capability o f the D-6.

Saito et.al. (1992) showed that a 6SRGT w ill handle around 3 times the gas as a 

sim ilar diameter Rushton turbine when compared at the same ungassed power. 

However because o f the disparity in  gassing factors, the actual operational 

power is much higher w ith  the 6SRGT. These authors also claim that the 

disparity in  ungassed power numbers between a RT and H B T allows a bigger
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H B T to be retrofitted w ith  an added benefit to the pum ping rate, which is 

higher at the same power input fo r the larger agitator. From  Bakker (2004) it  

appears that the C H E M IN E E R  claims o f im proved gas dispersion w ith  their 

H B Ts ate also based on retrofits from  Rushton turbines to larger diameter 

H B T ’s operating at the same ungassed power but w ith  a significantly higher 

gassed power in p u t

Saito et al. (1992) compared D —T / 3 Rushton and SCABA 6SRGT turbines in  

air-water and air-CMC systems. They reported that w ith  the 6SRGT in  an air- 

water system, the F -L  transition was accompanied by a considerably enhanced 

up-ward step in  power and a hysteresis loop. This hysteresis occurs because 

once cavities are formed, at a given agitation speed, they persist even when the 

gas rate is reduced. They did not find  an up-ward step fo r the 6SRGT w ith  the 

air-CMC system and this they argue [citing Machon et a l (1980)] is due to  the 

binom ial bubble distribution w ith  a fraction o f very tiny bubbles which are 

dispersed at all agitation speeds, making the concept o f “ flooding”  d ifficu lt to 

apply. However, it  could be argued that this applies also to air-water systems at 

high superficial gas velocities. When they used a slightly d ifferent constant in  

equation (7.11) they claimed the upper transition line fo r the 6SRGT followed 

the same trend as the RT (though this is not clearly apparent from  their Figure 

9 (reproduced here as Figure 7-7) that represents their data).

Gezork et al (2000) compared a 0.15 m  diameter RT w ith  a 0.161 m  diameter 

6SRGT in  an air-acetic acid solution and illustrated on a p lo t o f N  versus 

superficial gas velocity that the F -L  data fo r both agitators fitted  on a line 

predicted fo r the 0.15 m  diameter RT from  equation (7.11).
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Figure 7-7: Data of Saito e t aL (1992) relating Gas flow number and Froude 
number for D = T /3  Rushton and 6SRGT turbines in air-water.

Curve A is loading to flooding. Curve B is flooding to loading.

7.23 Experimental Studies of the “Flooding-Loading” and “Loading- 

Compete Dispersion” Transitions with Rushton and Hollow Blade 

Turbines.

In  this section the hydrodynamic regimes o f the Rushton turbine are confirmed 

by visual observations on the 0.9144 m and the 1.79 m diameter vessels and the 

results o f studies on the “ flooding-loading”  point fo r various hollow  blade 

turbines are compared. For the hollow  blade turbines, the “ flooding-loading”  

point is determined both by analysis o f the gassed power curve looking fo r the 

enhanced up-ward step in power and hysteresis loop in air-water as reported by 

Saito et al. (1992) fo r Scaba 6SRGT turbines. In  the experiments reported here, 

these have been found at low  specific power inputs fo r hollow  blade designs 

tested o f the types (b), (c) and (d) in Figure 6-22. By inference the behaviour o f 

type (a) - not tested here - would be expected to be similar. The “ flooding-
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loading”  po in t is also estimated from  visual observations. The “ agreement”  

between these two methods is discussed.

7.2.3.1 Experimental Studies using Rushton Turbines

The “ flooding-loadings”  and “ loading-complete dispersion points are estimated 

from  visual inspection w ith  reference to  Figure 7-5. I t  is much easier to discern 

the “ flooding-loading”  transition in  larger vessels, fitted  w ith  agitators o f D  < 

0.4T than in  small vessels especially when these are fitted  w ith  D — T /2  

turbines. Therefore the data included fo r the 0.9144 m  and 1.79 m  vessel are 

considered the most accurate — this in  spite o f the fact that the 1.79m vessel is 

constructed from  spun polypropylene w ith  view ing through strategically sited 

Perspex port holes in  the walls and base. The experimental data show 

reasonable correspondence to the transition equations proposed by N ienow et 

al. (1985), equations (2.25) and (2.26). The comparisons are shown in  Figure 

7-8. Hence these equations appear to give a reasonable prediction o f N F and 

N cr) in  air-water at scales up to 1.79 m. Note that flooding point at 240 RPM 

on the 0.9144 m  vessel was determined by observation o f the surface looking 

fo r evidence o f gross gas bypass. The superficial gas velocity at which it  

occurred is around the transition from  homogeneous to heterogeneous flow  

and may be due to this transition. I t  is also very d ifficu lt to gauge the transition 

points at high superficial gas velocities so by observation it  is really only 

possible to judge the transitions at modest gas rates.

I t  was not possible to confirm  loading at Froude numbers below 0.045, which 

Smith and Smit (1988) identify as the m inim um  fo r the retention o f stable 

cavities. This Froude number equates to a “ g”  force at the agitator tips o f 0.9. 

Realistically loading is no t expected to occur at agitation speeds below a “ g”  o f 

1 or Fr =  0.05. As a general rule applicable to all agitators it  is expected that gas 

dispersion w ill depend on the follow ing operating parameters:

•  Agitator pumping rates (which depends on agitator type, N  and D).
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•  The ratio o f agitator power to gas buoyancy power.

•  The “ g”  forces on blade tip.

•  The bubble size, slip velocity and the ratio o f the bubble rise velocity to 

agitator induced liquid velocities.
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Figure 7-8: Observed “flooding-loading” and “loading-complete dispersion” 
transition: comparison with theory of Nienow e t stL (1985). Top (a) is for the 0.9144 
m vessel and bottom (b) is for the 1.79 m diameter vessel.
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7.23.2 E xperim en ta l Studies on the F lo od in g  o f H o llo w  B lade 

Turb ines.

The agitator and vessel geometries fo r these studies are listed in  Table 7-4. The 

agitator types are depicted in  Figure 6-22. Where possible the flooding-loading 

transition was checked by visual inspection. This visual method is no t reliable 

at high superficial gas velocities as the gas energy itse lf gives dispersion.

Key to 
Agitator 

Type
6ITBT
Type

Vessel
diam.

Agitator
swept
diam.

Blade
tliickness

D isc
tliickness

O verall
blade

Height

Overall
blade
depth

Aspect
ratio

T D ib Td a B Ds/T a/Ds bj a Po

(m) (m) (m) (m) (m) (m) (-) (") (7 (7

A 6SRGT 0.286 0.149 0.002 0.002 0.022 0.018 0.521 0.148 0.795 1.60

B Parabolic 0.610 0.248 0.0025 0.003 0.037 0.050 0.407 0.149 1.351 1.28

C
Parabolic 0.286 0.145 0.002

arm -
m ount 0.022 0.028 0.507 0.153 1.279 1.14

D
Parabolic 0.914 0.4148 0.002

arm -
m ount 0.088 0.074 0.454 0.213 0.843 2.43

Table 7-4: Power Numbers and geometries o f the types o f 6-blade concave 
hollow  blade turbines tested to determine the Flooding-Loading transition. 
Note that for a ll cases the liq u id  height equalled the vessel diameter. Type A  
and B were operated at an agitator clearance c = T f A. Type C and D  were 
operated at c — T/3.

For all four hollow  blade agitator types (A, B, C and D  as listed in  Table 7-4 

and depicted in  Figure 6-22); plots o f gassing factors {PG/P V — the ratio o f 

gassed to un-gassed power or power numbers) against agitation speed at fixed 

gas rates produce very sim ilar sets o f data fo r a ll four agitators tested, in  spite 

o f the difference in  blade shapes (spined versus parabolic) and m ounting 

arrangements (arm-mounted versus disc mounted). These are illustrated in  

Figure 7-9 to Figure 7-12.
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Figure 7-9: Type A: Gassing factors versus agitation speed for the 0.149 m 
diameter 6SRGT agitator in  the 0.286 m diameter vessel for air-water. (Note 
that in  these figures the gassing rates are given at oudet conditions).
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Figure 7-10: Type B: Gassing factors versus agitation speed for the 0.248 m 
diameter parabolic 6H BD T agitator in  the 0.61 m diameter vessel for air- 
water.
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Figure 7-11: Type C: Gassing factors versus agitation speed for the 0.145 m 
diameter parabolic 6HBT agitator in the 0.286 m diameter vessel for air- 
water.
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Figure 7-12: Type D: Gassing factors versus agitation speed for the 0.4148 m 
diameter parabolic 6HBT agitator in the 0.914 m diameter vessel for air- 
water.
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Characteristics o f these data sets are:

•  The gassing factor exceeds 1.0 at low  agitation speeds (low specific 

power).

•  The enhancement in  the gassing factor can be as high as 2.5 times the 

ungassed power at high gas rates.

•  The enhancement o f the gassing factor at low  speeds increases w ith  

increasing gas rates.

•  The gassing factor curve is very fla t fo r air-water at agitation above the 

loading po in t (assuming this coincides w ith  the lowest agitation speed 

coincident w ith  a gassing factor o f 1.0).

•  The parabolic blades give improved performance (higher gassing factor 

at high agitation speeds and high gas rates) than the spined-back blades 

o f the 6SRGT, which may suggest that the parabolic blades are more 

streamlined.

•  I t  is noted that the enhancement o f the gas factor occurs at low  specific 

shaft-power inputs. This is illustrated in  Figure 7-13 by a p lo t o f the 

gassing factor data (shown in  Figure 7-10) fo r the 0.248 m  disc type 

parabolic hollow  blade agitator against specific power. The highest 

specific shaft power coincident w ith  the transition is 0.2 W /kg , which 

is much lower than one would norm ally design a system fo r gas-liquid 

agitation.

W hy does an enhancement o f the gassing factor occur under flooded 

conditions and why does it  increase w ith  increasing gas-rate? A  plausible 

explanation is that the energetic gas flow , rising in  the close proxim ity o f the 

agitator blades, offers an extra resistance to radial flow , w hich has to be 

overcome by developing a higher pumping head. This resistance is removed 

when the gas is fu lly  dispersed. This explanation tallies w ith  the 

Warmoeskerken and Smith (1985) findings that in  gassed conditions a critical 

m inim um  agitation speed must be exceeded before die radial flow  can be
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detected and this corresponds to the “ flooding-loading”  transition.
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Figure 7-13: Type B: Gassing factors versus specific shaft power for the 0.248 
m diameter parabolic 6HBDT agitator in the 0.61 m diameter vessel for air- 
water.

Agitator key 
Refer to Table

7-4

Agitator
type

Vessel
diameter

Agitator
diameter

Mean
Gasrate

C'

N  (F-L) 
Nienow et 
al. (1985).

N  (F-L) 
Observed

N  (F-L) 
Graph

T >Pe T(m ) D (m ) litres/min RPM RPM RPM

8.3 57.9 102 79
A 6SRGT 0.286 0.149 16.7 73.1 102 112

24.7 83.3 108 110

48.6 70.7 100 115.5
97.2 89.1 115.1 127
194.4 112.2 149.7 149

B Parabolic 0.610 0.248 291.6 128.4 150.1 160
388.9 141.4 180 180
486.1 152.3 180.2 180
583.3 161.8 180. 187

4.9 52.1 117 120
99 65.7 117 155

C Parabolic 0.286 0.145 19.3 82.7 123 160
39.5 104.3 126 180

83.1 37.5 91 94
379.5 54 106 106

D Parabolic 0.914 0.4148
424.2 64.5 116 120
1255.2 92.6 121 123

Table 7-5: Comparison of observed “flooding — loading” speeds with those 
observed from the power curve transitions and those predicted using the disc 
turbine equation [eq. (7.11)] proposed by Nienow e t a l (1985).
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The transition points were extracted from  Figure 7-9 to Figure 7-12 and 

compared w ith  visual interpretations o f the loading points in Table 7-5. The 

transitions were obtained from  an expanded view o f the transition region as 

revealed fo r example in Figure 7-14.

50 l/min air 
100 l/min air 
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600 l/min airo>c

*25
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<0
0
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2.00 
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1.80 
1.70 
1.60 
1.50
1.40
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1.20 
1.10 
1.00 
0.90

Agitation speed (RPM)

Figure 7-14: An expanded view of the “flooding- loading** transition for data 
from Figure 7-8 - Type B: Gassing factors versus agitation speed for the 0.248 
m diameter parabolic 6HBDT agitator in the 0.61 m diameter vessel for air- 
water.

I t  is concluded, considering Table 7-5, that there is a strong correlation 

between the observed “ flooding-loading”  point and the transition in  the gassed 

power data where there is a sharp rise above unity in the gassing factor even 

though these points are not always coincident. This maybe due to experimental 

error as the error bars on power measurement is larger when low  powers are 

measured and the precise flooding point by observation is d ifficu lt to evaluate 

and is subject to operator interpretation. Also hysteresis (described by Saito et 

al, (1992)) occurs and this blurs the transition. However, the equation 

proposed by Nienow et al. (1985), fo r disc turbines, consistendy underestimates 

the flooding-loading point. In  many cases the more serious underestimations 

using this equation resulted in  Froude numbers below 0.045, considered by
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Smith and Smit (1988) as the m inim um  fo r the retention o f stable cavities and 

below which it  is suggested that loading does no t occur. However, elim inating 

predictions below Froude o f 0.045, a clear trend o f underestimation o f the 

“ flooding-loading”  point emerges, using the disc turbine equation (7.11) when 

compared to experimental data fo r the hollow  blade agitators.

Clearly then, in  the loaded and dispersed state they produce a much flatter 

power versus gassing relationship than the Rushton turbine. A lso because o f 

their low  power they exceed the m inim um  Froude number required to  produce 

dispersion at a lower power

In  Table 7-2, fo r D  = 0.4T Rushton turbines the equality o f gas buoyancy 

power and agitator power at the “ flooding-loading”  transition was apparent I t  

is pointed out in  the discussion that agitator pumping-rates also plays an 

im portant role in  the dispersion role and that large agitators are more energy 

efficient at dispersion than smaller agitators o f the same type. However, it  is 

interesting to compare the specific gas buoyancy power w ith  the specific shaft 

power at the “ flooding-loading”  transition fo r a ll the hollow  blade agitators 

tested here and this is done in  Figure 7-15.

N ote that fo r very low  gas rates (very low  gas buoyancy power) it  may be 

necessary fo r the shaft power to be considerably greater than the gas power in  

order to overcome gravitational forces (m inim um  Froude number fo r 

dispersion). However, fo r the most part, as one m ight reasonably expect, there 

is a strong correlation between the shaft power and the gas buoyancy power. 

Generally the amount o f specific agitator power (£/) to  just disperse the gas is 

slightly less than the specific gas buoyancy power (£>• For the data plotted in  

Figure 7-15 a regression analysis o f the transition gives,

^T(F-L) = ®'%2£q(F-L) (7.13)

w ith  a regression coefficient, R2 — 0.856.

The low  value o f the regression coefficient reflects the reality o f a fairly poor 

fit, which m ight be expected since the D /T  ratios vary between 0.4 and 0.52
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between the four agitators tested and it is known the pumping rate depends 

upon D /  T. However, there is more to it than this, since the type D  w ith a D / T  

o f 0.45 appears to perform  worse than the type B w ith  a D / T  o f 0.4. The main 

difference between these two blade types is the degree o f streamlining, 

reflected in  the ungassed power numbers (see Table 7-4). However, the 

differences are small, considering the errors in the estimations, and an 

assumption that in all these cases that the gas and agitator powers are equal at 

the F-L point (above a Froude number o f 0.05) would not be far from  reality.

♦ Type A observed
o  Type A graph
a Type B obseived
*  Type B graph
o Type C observed
•  Type C graph
D Type D observed
■ Type D graph

linear

0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35 0.40 

Specific Gas Power (W /kg)

Figure 7-15: Comparison of the specific gas buoyancy power with the 
specific shaft power at the “flooding-loading” transition for the various 
hollow blade agitators described in Table 7-4. The dotted line represents 
equal gas and shaft power at the transition. Data for both graphically and 
visually determined transitions are included.

The behaviour o f the hollow  blade turbines, at the D /T  ratios tested here, is 

similar to that found by Warmoeskerken and Smith (1985). That is an 

approximate equality o f gas and agitator specific power at the F-L transition. 

This suggests that the Rushton and HBTs o f like diameters require a similar 

amount o f power to overcome flooding. I t  was earlier shown that equal 

diameter RT and 6SRGT agitators compared at equal D and Sj- had very similar
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pumping rates (see Chapter 2, section 2.2.4 Agitator Pumping Rates). This may 

be taken as confirm ation that at a given scale, equal pum ping rates are requited 

to disperse a given amount o f gas. Consequently when the agitators are 

compared on a gassed power basis and similar diameters, no real evidence was 

found to support the literature claims [fo r example Saito et a l (1992)] that the 

hollow  blade agitators w ill handle a lo t more gas than a Rushton turbine before 

unloading (flooding).

H ow  do the Saito et al. (1992) and the Gezotk et a l (2000) RT and 6SRT 

comparisons f it  w ith  the above conclusion?

The Saito et a l (1992) data are quite d ifficu lt to  compare because the p lo t is FI 

versus Fr and the curves fo r the RT and the 6SRGT have d ifferent slopes 

(Figure 7-7). Their agitators were o f a diameter 0.2 m  in  a 0.61 m  diameter 

vessel. The highest Fr fo r the Saito et a l (1992) 6SRGT experimental data using 

the upper curve A  (o f their Figure 9) is around 0.28, which is equivalent to N  =  

3.67 and a specific energy input o f 0.15 W /kg . The corresponding flow  

number is 0.1. The back calculation o f the gas rate gives a superficial gas 

velocity o f 0.01 m /s and a gas power inpu t o f 0.1 W /kg. This cannot be 

compared directly w ith  a disc turbine, because the power numbers and gassing 

factors ate d iffe ren t However when the equation o f the line given on the 

graph is used, then fo r the same size disc turbine w ith  a gassed power number 

o f 3 (assumption made earlier) a Froude number o f 0.21 would give an iV  o f

3.2 and a specific power input o f 0.18 W /kg . A  back calculation using the 

equation o f the line results in  a gas flow  number o f 0.119 that equates to a 

superficial gas velocity o f 0.01 m /s and a specific gas power input o f 0.1 W /g . 

Thus, although claimed to  handle more gas than a conventional Rushton 

turbine, when compared at (confidently measurable) approximately equal 

gassed power they appear to be similar.

The Gezork data were presented as a p lo t o f N F versus vs in  their Figure 5. The 

data fo r both the RT and 6SRGT correspond closely to the line predicted fo r 

the RT from  equation (7.11).
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•  Taking a typical vs o f 0.06 m /s, their Figure 5 reveals that both the 

6SRGT and the 6RT require an agitation speed o f 177 rpm  to 

overcome flooding (the data are on the line predicted using equation 

(7.11) and 177 rpm  is the back-calculated value that agrees w ith  the 

estimate from  the axes).

•  Ungassed power numbers (given) are 1.58 fo r the 6SRGT and 5.15 fo r 

the 6RT.

•  A t 177 rpm  and a vs o f 0.06 m /s the gassing factors (estimated from  

Figures 10 and 11 o f Gezork et a l (2000) are 6SRGT =  0.9 and 6RT =  

0.4.

•  Diameters (given) are 6SRGT = 0.161 m  and fo r the 6RT =  0.15 m.

•  L iquid  density is approximately 1000 kg /m 3.

6SRGT Power =  1.58 x 0.9 x 1000 x (177/60)3 x 0.161s =  3.95 W  

6RT Power= 5.15 x 0.4 x 1000 x  (177/60)3 x 0.15s =  4.02 W

Hence the estimated power draws fo r the 2 agitators, at this flooding — loading 

condition, are very similar. Note also that the 6SRGT is a slightly bigger 

diameter than the 6RT and this means that it  w ill have a bigger pumping rate 

than it  w ould have at an equal diameter (equation (7.11)),

Therefore the literature data are not in  conflict w ith  the findings here.

The parabolic blade agitators generally have a lower Po than the 6SRGT, which 

perhaps explains why equation (7.11) does no t f it  these data. W ith  the 6SRGT 

and 6RT, the ungassed power number times the gassing factor can be 

approximately equal fo r equal diameter agitators under some conditions 

explaining why equation (7.11) approximately fits both agitators. A  f it  based on 

equation (7.7) could undoubtedly be found to account fo r all the agitators 

tested here. I t  does not appear logical to do this as the theory on which it  is 

based is shown by N ienow et al. (1985) to  be flawed. These authors argue that
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at a given scale, equal pumping rates to handle a given amount o f gas appears 

to be consistent w ith  their data.

7.3 Recommendations for the Design of Radial Turbines for Dispersion.

The im portant features fo r gas dispersion by an agitator based on this and 

earlier w ork suggest that a simple design procedure fo r avoiding flooding w ith  

radial agitators (including hollow  blade agitators) would be:

Agitator “ g”  force =  c tfD j 2g > 1 or F r ^  >  0.05. (7.14)

Since in  order to disperse gas in  horizontal plane gravity must be overcome.

£ t{f- l) — £q(f~l) (7.15)

Specific agitator power equals or exceeds specific gas buoyancy power. This is 

im portant to  ensure that the system is no t gas dominated.

As this condition is also shown to be loaded, fo r turbines o f diameters > 0.4 T  

in  an H  =  T  geometry, this is all that needs to be ensured fo r any o f the radial 

turbines considered here.

7.3.1 Consideration of H /T , D /T , Impeller Clearance and Multiple 

Impellers for Gas Dispersion

Nienow et a l (1985) show no effect o f im peller clearance or liqu id  height on 

the F-L transition. Therefore fo r H  < T, the assumption that H  =  T  in  

calculations based on equation (7.15) w ill suffice.

For H  >  T, equation (7.15) is s till recommended i f  there is a single agitator to 

ensure the system is no t gas dominated. For m ultip le agitators it  is 

recommended that the calculations be based on the main gas dispersion 

agitator and an assumed H  — T.

For smaller D /T  agitators it  is suggested that the agitation energy needs to be 

increased in  accordance w ith  a constant pum ping case, in  a ratio to the D  =  

0.4T case.
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7.4 Conclusions Regarding F-L with HBT agitators

The findings o f this w ork is that at very low  gassing rates the H B T  are more 

energetically efficient at dispersing gas dian a RT o f the same diameter because 

it  achieves the m inim um  Froude number needed to disperse gas at a lower 

power. Above the m inim um  Froude condition, when compared at equal 

diameters and gassed agitation powers, the H B T  and RT require a similar 

gassed power to overcome flooding. This is believed to be because under these 

conditions the pum ping rates are equal.

When comparisons o f the hollow  blade turbines w ith  the Rushton turbines are 

made on an “ ungassed”  power basis, as is the usual literature case, then the 

H B T designs are more efficient because o f their ability to disperse gas w ithout 

significant loss o f power.

7.5 Gassed Power

The reduction o f power under gassed conditions is an im portant design 

consideration. O ften 2~speed gearboxes are used to maximise the gassed power 

and as this can lead to problems i f  the power losses on gassing are less than 

predicted and w ill lead to m otor overload trips. Also it  is known that the 

specific power input effects mass, heat and momentum transfer rates. The loss 

o f power on gassing is attributed to a number o f parameters, which includes:

•  Type and position o f agitators.

•  Types and positions o f gas inputs.

•  Am ount o f gas input/ou tput.

•  Am ount o f gas local to  the agitators.

•  Geometrical considerations such as D /T , H /T , agitator clearances, 
baffles and agitator separation.
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•  Physical properties o f the flu id  that influences bubble size, gas 

recirculation, bubble break-up and coalescence rates, gas recirculation 

and gas hold-up and distribution.

This latter po in t is often neglected and often designs done on the basis o f air- 

water literature correlations are wide o f the mark when applied to “ real”  

industrial fluids.

In  this section the reduction in  power on gassing is examined fo r a number o f 

d ifferent agitators using air-water at d ifferent levels o f agitation defined by the 

specific energy in p u t The effect o f physical properties is then explored on a 

selection o f the above by adding a surfactant to  the water (polypropylene glycol 

[M W  2025] which inhibits coalescence and gives a very large reduction in  

bubble size w ith  a correspondingly large increase in  gas hold-up.

Agitators and vessel details tested fo r the air-water w ork are listed in  Table 7-6. 

The gassing data fo r the 6 cases listed are plotted at two (ungassed) agitation 

levels approximating to 0.5 and 3 W /kg  in  Figure 7-16 and Figure 7-17 

respectively.

Figure 7-18 is a p lo t o f the gassing factor fo r a hollow  blade turbine (6HBT) 

fo r air-water and an air-20ppm PPG solution.

Figure 7-19 is a p lo t o f the gassing factor fo r two Rushton turbines (6RT) at 

two different scales, at constant ungassed power against the superficial gas 

velocity.

The types o f agitator affect the gassing factor, the scale and the specific energy 

input levels as follows:

•  Gassing factors depend on the gassing rate and decrease as the gas rate 

increases

•  Gassing factors depend on the agitation rate and decrease w ith  

increasing agitation. This is because the gas recirculation increases w ith  

increasing agitation.
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•  Gassing factors depend on agitator type. The 6RT agitators show a big 

drop o f power on gassing. The gassing factors fo r the 6HBT type o f 

agitators remain close to unity even under highly aerated conditions 

w ith  up to 25% gas hold-up in  air-water.

•  The gassing factors depend on scale and are higher on the larger scale 

when compared at the same gas flow  number and energy input level. 

This is very noticeable fo r the 6RT agitators that suffer the largest loss 

o f power on gassing (see Figure 7-16), making scale-up o f these 

agitators more problematic.

•  The flu id  system also affects the gassing factor, which is significantly 

lowered when surfactant is added (see Figure 7-18). However, using a 

parabolic hollow  blade turbine the gassing factor does no t drop below 

0.7 even fo r an overall gas hold-up o f 50% and a gas flow  number o f 

0.3. O n a sim ilar scale the disc turbine-gassing factor dropped to 0.3 in  

air-water w ith  an overall gas hold-up o f 20%. For an air - acetic acid 

solution Gezork et a l (2000) found a RT gassing factor to  drop as low  

as 0.2,

•  The data fo r the Rushton turbine gassing factors do no t merge when 

re-plotted at constant ungassed power, against superficial gas velocity 

(see Figure 7-19). The difference between the curves is judged to be 

due to the decrease in  alpha factor (ratio o f recalculated to spared gas 

at the agitator) on scale-up) as described by van’s R ite (1976).
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Agitator
Types

Vessel
Diarn
T(m)

Agitator
Diam.
D(m)

Agitator
clearance

(

Vessel
bottom

type

I leight to 
diameter 

ratio 
H /T

Total
ungasscd

Power
number

Po

Agitation 
speed 

V  (RPM)

Data source 
MS Excel 

Spreadsheet (see 
attached CD)

parabolic
6IIBT 0286 0.145 T /3 flat 1 1.14 300 12KGFHU.xls

6RGT (1IBDT) 0 286 0.149 T /4 dish 1 1.6 240 6RGTPOW1.xls
Parabolic
6 I i b d t

061 0.248 T /4 flat 1 1.28 240 KAGFPHUl.xls

IC I Gasfoil 
61 IBDT 1 79 0.9144 T /4 flat 0.94 22 70 GF-Power.xls

6RT
Rushton 0.61 0.305 T /3 dish 1 4.88 121 GassedpowZxls

6RT + 
6MFU 061 0.305

0.305
T /3
1.25T dish 2 8.65 120 GasscdpowZxls

Table 7-6: Agitation details for the air-water gassing factor comparisons
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SCABA 6SRGT 
ParaboSc 6hBDT 

ICI GASPOIL 
6RT
6RT + 6MFU

Gas flow number

Figure 7-16: Gassing factors as a function of gas flow number for various 
agitator types and scales at an ungassed specific power input of 
approximately 0.5W /kg in air -water
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Figure 7-17: Gassing factors as a function of gas flow number for various 
agitator types and scales at an ungassed specific power input of 
approximately 3 W /kg  in air -water.
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Figure 7-18: The effect of adding surfactant to the water on the gassing factor 
for the same hollow blade turbine (6H B T), at a specific energy input of 
approximately 3W /kg
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Figure 7-19: Gassed power data for Rushton turbines on two scales plotted 
against the superficial gas velocity, at an ungassed specific power input of 
approximately 3 W /kg.

7.6 Gas Hold-up

The gas-liquid hold-up is an im portant design parameter fo r gas-liquid 

contactors. Since the ullage is generally fixed, the gas hold-up determines the 

liquid volume and fo r steady-state operation the liquid residence time, both o f 

which are im portant considerations fo r mass transfer and reaction engineering.

Providing the operating regime is known, simple performance criteria can be 

used to judge the effects o f process changes such as agitation (types or speeds), 

gassing rates and operating pressure on the gas hold-up.

Knowledge o f the operating regime is very im portant, because in Chapter 5 the 

gas hold-up behaviour was shown to fo llow  different trends in  the bubble 

regime and the homogeneous regime. I f  the bubble size and rise velocity o f the 

bubbles pertaining to the “ dense phase”  (homogeneous regime) bubbles are
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known then a simple performance criteria is that i f  the gas superficial velocity 

exceeds the rise velocity o f the homogeneous bubble class then operation must 

be in  the heterogeneous regime. Here, as was noted in  Chapter 5, the effect o f 

agitation and gas rates on the gas-liquid hold-up is small, since any extra gas 

goes in to  to  large bubble diameter formation.

In  Section 7.2 it  became clear that in  order to distribute the gas properly the 

agitation power should at least be equal to the potential power input o f the gas. 

Thus i f  gas input power is large, it  may be arguable whether a mechanical 

agitator is necessary or whether a bubble column design m ight be more 

appropriate.

A ir-w ater bubbles in  agitated vessels are generally between 1 mm to 6 mm in  

diameter in  the bubble regime and these all rise at a velocity o f around 0.25 

m /s, as illustrated by the Hagerman and M orton, (1956) p lo t o f term inal 

bubble rise velocities fo r air-water reproduced in  Figure 2-43. Thus, under 

most norm al operating conditions, operation is likely to  be in  the 

homogeneous regime fo r air-water.

In  the follow ing section therefore air-water is used as an example to show how 

die overall air-water hold-up can be simply correlated to represent the effects 

o f gassing rates and agitation rates (in terms o f specific energy input).

Similar correlations can be applied to other systems providing the operating 

envelope is fu lly  understood or die correlations are not extrapolated beyond 

the experimental conditions.

Finally, the axial d istribution o f local gas hold-ups are compared fo r two 

different agitator combinations fo r an air — 20 pip PPG solution using 

measurements obtained from  the local hold-up probe described in  Chapter 3, 

section 3.2.4.
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7.6.1 O vera ll Gas H o ld -u p

In  this w ork gas hold-up is measured by level rise which is estimated from  

either time averaged calibrated video records or using a tim e averaged signal 

from  an Enders and Hauser (UK) Ltd., DU13 ultrasonic level probe as 

described in  Chapter 3, section 3.2.3. O nly data pertaining to conditions above 

the loading po in t are considered. The data collection analysed in  this w ork 

includes data from  other sources as indicated in  Table 7-7. These cover scales 

from  20 litres to 20 m3, superficial gas velocities from  0.0017 to 0.127 m /s and 

specific power inputs from  0.1 to 6.7 W /kg.

Agitator types indude Rushton turbines, hollow  blade turbines (disc and atm - 

mounted types) and 4M FD 5s at bottom  agitator clearances at T /4  and T j3.

Series

Agitator
types

Vessel
Diam.
T(m )

Agitator 
Diam. 
D (m)

Agitator
clearance

c

Vessel
bottom

type

Height to 
diameter 

ratio 
H/T

Agitation 
Speed 
range 

N (RPM)

Data source
MS Excel 

Spreadsheet (see 
attached CD)

1
6RT

4MFD
4MFD

2.1
0.762
0.915
0.915

dish 3 124 to162 TOTHUAW.WK4

2 6RT 1.79 0.149 T/4 fiat 0.94 60 to 100 TOTHUAW.WK4

3 ICI Gasfoit 
6HBDT 1.79 0.9144 T/4 flat 0.94 70-130 TOTHUAW.WK4

4 6RT 0.914 0.457 T/4 flat 1 100-220 Davies (1986)

5 6RT 0.61 0.305 T/4 flat 1 150-300 Davies (1986)

6 6RT 0.303 0.144 T/4 flat 1 200-503 Davies (1986)

7

6RT 
with various 

gas 
distributors

1.79 0.648 T/3 flat 0.94 58-160 TOTHUAW.WK4

8 Parabolic
6HBT 0.286 0.145 T/3 flat 1 180-630 12KGFHU.xls

9 Parabolic
6HBDT

0.61 0.248 T/4 flat 1 100-482 KAGFPHU1.xls

Table 7-7: Details of agitators and vessel geometries included in the overall gas 
hold-up correlation
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Gas d istribution range from  a central pipe, o ff centre-pipe, m ultip le sparge 

pipes at the im peller centre-line, to a sparge ring below the bottom  agitator. 

Tank aspect ratio (H / T) is from  0.94 to 3.0. Data sources are published w ork 

or analysed from  data obtained in  this study, recorded in  spreadsheet form  in  

Lotus 123 (.wk4) o r MS excel form at (see attachment CD),

Smith etal (1977), Davies (1986) and M iddleton, Chapter 15, in  Hamby et a l 

(1997) among other workers, indicate that air-water gas hold-up can be simply 

correlated w ith  specific power input and superficial gas velocity in  die form ;

s G -  a£ jVcs (7-16)

where sG is the gas hold-up as defined by equation (3.3), sT is the tota l specific 

energy input from  the shaft and buoyancy power in  W /kg  and a, b and c are the 

m u ltip lic ity factor and the exponents fo r £r and /^respectively.

The collection o f 388 data sets was subjected to  a m ulti-linear least squares 

regression to determine the best f it  fo r the constants. The data was made linear 

by taking logs. The results are tabulated as Table 7-8. This yields the 

expression,

£ g = 7 6 .6 f° '39vJ'56 (%) (7.17)

w ith  a correlation coefficient o f 0.971,

The standard deviation on the proportionality constant fo r the data is 9.6 or 

12.5%.

This is sim ilar to  the correlation proposed by M iddleton, Chapter 15, in  

Hamby etal. (1997) fo r a much smaller data set.

Constant 76.64
Std Err of Y  Est 0.1288
R Squared 0.9708
No. of Observations 388
Degrees of Freedom 385
X Coefficient(s) 0.3882 0.5563
Std Err of Coef. 0.006499 0.008272

Table 7-8: Correlation of air-water gas hold-up data
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These data are plotted against eq. (7.17) in Figure 7-20. Equation (7.17) fits the 
data well, although there are some deviations at the highest values, possibly due 
to the onset o f heterogeneous flow.

100

o'

OJ3mA
o

100100.1 1

Fit = 7 6 .6 (F r / V l ^ v s**

o 6RT*2x4MFD T-2.1 m * 6RT T“ 1 .79 m o 6HBDT ♦ 6DT T*1.79 m

A 6RT T-0.914 m * 6RT T-0.61 m • 6RT T=0 3Q5 m
* 6RT D-T/3, T -1 .79 m - 6HBT T-0 286 m « 6HBDT T«0.61 m

-best It -------20%  « ------♦ 20%  It

Figure 7-20: Illustrating the fit of the air-water hold-up data for various 
agitators and vessel geometries to eq. (7.13).

7.6.2 Loca l Gas H o ld -u p

Knowledge o f the distribution o f gas hold-up is im portant fo r modelling 

purposes. In this work the axial distribution o f gas hold-up fo r a bubble 

column is compared w ith  d ifferent two m ulti-im pellor systems using the local 

hold-up probe described in  Chapter 3, section 3.2.4. The local hold-up probe is 

supported from  two parallel rails above the top o f the vessel by a vertical 0.5- 

inch diameter stainless steel tube that carries the conductivity cables. The

325



Multi-phase Hydrodynamics

vertical tube is marked in  centimetre divisions to enable the probe to be located 

in  known vertical positions. The probe was connected to a W PA CM35 

conductivity meter and the output was collected as a digital data file  in  

LA B V IE W . The system used in  these tests was an aerated 20-ppm PPG 

solution, which produces small bubbles, high gas phase fractions and which 

tends to foam. The geometries compared are listed in  Table 7-9

The results are compared graphically in  Figure 7-21 to  Figure 7-23 respectively.

Series

Agitator
Types

Vessel 
Diam. 
T (m)

Agitator
Diam.
D(m )

Agitator
clearance

c(m )

Vessel
bottom

type

Height to 
diameter 

ratio 
H/T

Agitation 
Speed 
range 

N (RPM)

Data source
MS Excel 

Spreadsheet (see 
attached CD)

1 none 0.61 none dish 2.5 - bubcollhu.xls

2 3 x A345 0.61 0.295
0.25
0.51
0.76

dish . 1.65 275 A345lhu.xls

3 6HBT
6MFU 0.61 0.305

0.305
0.172
0.67 dish ' 1.7 300 GF6MFUIhu.wk4

Table 7-9: Geometries compared for the axial hold-up scans

These graphs illustrate some interesting features:

•  The bubble column data (Figure 7-21) have the highest mean gas hold­

up around 60% (due in  part to the foamy nature o f the medium), and 

the local axial p ro file  shows the gas hold-up fraction to increase linearly 

up the column.

• The profile  fo r the three up-pumping L IG H T N IN  A345 agitators 

(Figure 7-22) is much fla tter especially in  the region encompassed by 

the agitators. There is a peak above die top agitator (recirculation), 

above which the gas hold-up follows a bubble colum n type profile. The 

lower overall hold-up is attributable in  part to  the operating 

temperature that was 18°C (diis was deliberate to match the model 

overall hold-up to a known plant hold-up as part o f a modelling study), 

compared w ith  13°C fo r the bubble column w ork (again the latter was

326



Multi-phase Hydrodynamics

part o f a commissioned modelling study). As previously mentioned the 

gas hold-up in  PPG solutions is very temperature sensitive (see Figure 

4-3)

•  The gas-hold-up profile  fo r the hollow  blade turbine below a 6MFU 

(Figure 7-23) is also fla t in  the agitated region, but there ate two distinct 

hold-up peaks above the tips o f both agitators, again due to 

recirculation. These illustrate a compartmentalization o f the flow , 

which is not seen w ith  the trip le up-pum ping impellers where the gas 

and liqu id  flows are acting in  unison to produce a single circulation 

loop. Above the top impeller the gas-hold-up increases steeply showing 

bubble column type behaviour. The gas hold-up peaks above the 

agitators indicate strong recirculation patterns where bubble 

coalescence rates are likely to be high.

From  these experiments it  is concluded that mechanical agitation strongly 

influences the gas distribution and hence gas break-up and coalescence 

rates. For mass transfer purposes these facts have significance beyond the 

gas hold-up fraction that may be as high as o r higher in  a bubble column 

than a mechanically agitated vessel at the same gassing rates. Since gas- 

liqu id mass transfer is seen to increase w ith  increasing agitation, the 

interfacial area (linked to gas hold-up) is not the all-controlling factor; 

surface renewal rates (bubble break-up and coalescence) also play a big 

role.
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Figure 7-21: Comparison of overall gas hold-up with local axial values for a 
0.61 m diameter bubble column. Local hold-up probe is 9.5 cm from the 
vessel wall. Fluids are air-20 ppm PPG. The superficial gas velocity is 0.06 
m /s
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Figure 7-22: Comparison of overall gas hold-up with local axial values in the 
0.61 m diameter vessel agitated with three L IG H T N IN  A345 up-pumping 
agitators at 274 RPM and a superficial gas velocity of 0.05 m /s in aerated 20 
ppm PPG solution. Axial profile is taken 7 cm from the vessel wall, midway 
between the baffles.
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Figure 7-23: Comparison of overall gas hold-up with local axial values in the 
0.61 m diameter vessel agitated with a 6HBT below a 6MFU agitator at 300 
RPM and a vs of 0.07 m /s in aerated 20 ppm PPG solution. Axial profile is 
taken 7 cm from the vessel wall, midway between the baffles.

7.63 Foam

Foaming is covered in greater detail in Chapter 8.

Foam is defined as an “ agglomeration o f gas bubbles separated from  each 

other by thin liquid film s”  (Bikerman, 1953). Foaming occurs when gas 

bubbles separated by a thin lamella o f liqu id do not coalesce and therefore 

accumulate at the surface o f the liquid.

Foam is (an often) undesirable consequence o f operation in “ real”  fluids since 

pure liquids do not foam. In  order fo r foaming to occur, gas must be 

introduced into liquid containing surface-active agents (surfactants), which 

lower the surface tension. The gas may be from  surface entrainment, boiling, 

chemical reaction or physical sparging. Surfactants reduce bubbles size and 

bubble coalescence rate (Deshpande and Barigou, (1999)). H igh surface 

viscosity [defined by Bikerman (1953) as the viscosity o f th in  liqu id layers
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adjacent to gas phase] also favours foaming since it  delays the drainage o f the 

liqu id film  between bubbles and thus prevents the foam from  collapsing.

The physical problems caused by foam include (Vardar-Surkan, (1998) and D id  

etal (1997))

•  Lower mass and heat transfer rates

• Reduction o f liqu id volume due to increased gas hold-up

• Reduction in  apparent viscosity

• Decreased circulation rate leading to longer m ixing times

•  Errors in  m onitoring and control

•  Reduction in  aeration (necessary to prevent foam-out)

•  Blockages o f gas filters.

•  Carry-over o f product in  the gas lines

• Pump cavitation which in  severe cases leads to loss o f pumping

• Loss o f solid suspension

The two main methods o f foam control are:

•  Chemical using antifoam agents.

•  Mechanical foam breakers — such as breaker bars and specially

designed, high shear agitators operated at the liqu id  surface.

In  Chapter 8 spinning cones are evaluated fo r foam control.

The results o f the experiments carried out fo r this thesis lead to  the conclusion 

that conventional agitators can contro l foam providing they ate sited close to 

the dispersion surface. A  separation o f 0.6-to l.0  agitator diameters (0.6 to ID ) 

is optim um  fo r foam control. Above a separation o f 1.2D the agitator influence 

is too remote to  break-up the foam and in  foamy solutions, the foam level 

builds-up. O ptim ally positioned high solidity up-pumping agitators appear to 

be particularly suitable fo r foam control as they directly influence the flow  at
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the liqu id surface, re-entraining the foam layer in to  the agitator region where 

coalesce can occur.

7.7 G as-liquid  Mass Transfer

Mechanically agitated vessels and bubble columns are ffequendy used fo r gas- 

liqu id mass transfer operations. In  many cases the rate o f mass transfer 

between the gas and liquid phases is the rate-lim iting step. M uller (1993) quotes 

the example o f an aerobic fermentation where parameters such as m icro 

biological growth rate, production rate, product composition and maximum 

available biomass are all strongly dependent on the oxygen transfer rate. In  this 

thesis the overall gas mass transfer factor kLa, that is the product o f the mass 

transfer coefficient (k j) and the interfacial area o f the gas per un it volume o f 

liqu id (a), is used.

7.7.1 E xperim ental G as-liqu id  M ass Transfer M easurem ents

The peroxide technique employing Catalase is used to measure kLa> as 

described in  Chapter 3, section 3.3.7. This technique is used to compare 

overall mass transfer factors fo r three different agitation systems in  the same 

vessel operated at the same level in  an aerated solution o f 20 ppm PPG. The 

geometries chosen are listed in  Table 7-10. N ote that the gas sparger 

arrangement is not optim ised fo r this work. In  other w ork (not detailed here) 

the measured mass transfer coefficient im proved when the gas sparger 

arrangement was optimised.

Two dissolved oxygen probes were used to measure the liqu id  phase oxygen 

concentration. Both were introduced through the analysis block (see Chapter 

3), one opposite the bottom  agitator; the other was at the centreline o f the top 

agitator. N ote that the measured liqu id phase concentrations ate different fo r
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the two probes leading to different kLa values being measured (see results). 

This is no t an unexpected result, as the overall system cannot be considered 

w e ll m ixed w ith  respect to mass transfer as the m ixing and mass transfer time 

constants are o f the same order (see discussion in  Chapter 2, section 2.8.3.3.3 

and Figure 2-54). However, it  does mean that the results must be considered 

w ith  a degree o f caution, since the analysis assumes a well-m ixed liqu id  phase. 

The calculated mass transfer is consistently higher fo r the probe in  the top 

zone. This is consistent w ith  the higher gas hold-up in  this region (see Figure 

7-22). In  the graphical representation o f the results (Figure 7-24), the average 

o f die 2-ptobe results are shown. Gas-liquid mass transfer data fo r aerated 

PPG solution in  the small 0.286 m  diameter vessel operated at an H  =  T  aspect 

ratio (well m ixed liqu id  phase) has been found to f it  (Cooke e ta l(1991)):

k L a = factor x €  °'6 v J2 (7.18)

where the m ultip lic ity factor fo r 25 ppm PPG solution was found to be 0.153. 

In  spite o f the increase in  surface area, the presence o f surfactants at the gas- 

liqu id  interface can hinder mass transfer giving a rig id  interface and an extra 

battier (Van de D onk et al. (1979), although fo r some systems die increase in  

‘V 1 produces an overall improvement in  k La as reported fo r example by Cooke 

etal. (1988) and M uller and Davidson (1993).

Series Agitator
types

Vessel
Diam.
7(m )

Agitator
Diam.
D (m )

Agitator
clearance

c(m )

Superficial 
Gas velocity 

(m/s)

Sparge
Pipes

Dispersion
Height

(m)

1 6HBT
6MFU 0.61 0.311

0,310
0.26
0.83 0.07 2 side 1.35

2 3 x A345 + 30° 
cone 0.61

0.344
0.344
0.344
0.305

0.203 
0.623 
1.043 

1.35 (top)

0.13 2 under 1.35

3 3 x A345 
no cone 0.61

0.344
0.344
0.344

0.203
0.623
1.043

0.06 2 under 1.35

4 3 x A345 
no cone 0.61

0.344
0.344
0.344

0.203
0.623
1.043

0.19 2 under 1.35

Table 7-10: Geometries used in gas-liquid mass transfer work.
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For this work in a solution o f 20 ppm PPG, the hollow  blade turbine below a 

6MFU agitator combination fitted equation (7.18) w ith a m ultip licity factor o f 

0.188. Therefore all the mass transfer results were plotted against this result fo r 

comparative purposes in Figure 7-24. From an inspection o f this figure there is 

nothing to suggest that there is any real difference in the mass transfer 

performance o f the three options tested.

There is also no evidence to suggest that the spinning cone fitted above the 

three up-pumping L IG H T N IN  A345 impellors enhanced (or otherwise) the 

gas-liquid mass transfer performance.

0.5

0.45

0.4

0.35
♦ 6B H T +  6MFU, rs =  0 07 m /s  

A 3 x A345 +  cone, »>= 0 013 m /s  

□ 3 x A345 no cone, »>= 0 06 m /s  

o 3 x A345 no cone, rs=  0.19 m /s  

 fit to 6HBT + 6MFU

p  0.3 

0.25

0.2

0.15

0.1

0.05

0 0.1 0.2 0.3 0.4 0.5
0 6 0 2

0.188tPf /VL > ( f i t  to  6 H B T  + 6 M F U )

Figure 7-24: Comparison of mean kut values in the 0.61 m diameter vessel, in 
aerated 20 ppm PPG solution, for three different agitator configuration at 
various agitation and gas rates.
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Series

Stirrer
rate

(RPM)

Superficial 
gas velocity

vs 
(mid pt) 

(m/s)

liquid
volume

[m3]

PN l
Shaft
W/kg

PA/l
Gas

W/kg

PA/l
Total
W/kg

Plug flow 
kLa 
[1/s]

1 150 0.068 0.186 0.480 0.667 1.147 0.108

1 150 0.068 0.186 0.480 0.667 1.147 0.138

1 200 0.068 0.186 1.080 0.667 1.747 0.133

1 200 0.068 0.186 1.080 0.667 1.747 0.161

1 250 0.068 0.186 1.980 0.667 2.647 0.178

1 250 0.068 0.186 1.980 0.667 2.647 0.199

1 300 0.068 0.186 3.200 0.667 3.867 0.236

1 300 0.068 0.186 3.200 0.667 3.867 0.291

2 180 0.133 0.187 0.725 1.303 2.028 0.172

2 180 0.133 0.187 0.725 1.303 2.028 0.186

2 240 0.133 0.185 1.622 1.303 2.926 0.198

2 240 0.133 0.185 1.622 1.303 2.926 0.222

2 300 0.133 0.182 2.984 1.304 4.288 0.241

2 300 0.133 0.182 2.984 1.304 4.288 0.268

2 360 0.133 0.180 4.654 1.304 5.958 0.319

2 360 0.133 0.180 4.654 1.304 5.958 0.344

2 420 0.133 0.179 6.779 1.305 8.083 0.370

2 420 0.133 0.179 6.779 1.305 8.083 0.396

3 160 0.064 0.187 0.666 0.624 1.291 0.120

3 160 0.064 0.187 0.666 0.624 1.291 0.194

4 160 0.191 0.187 0.584 1.876 2.460 0.210

4 160 0.191 0.187 0.584 1.876 2.460 0.273

3 300 0.077 0.187 2.974 0.754 3.728 0.200

3 300 0.077 0.187 2.974 0.754 3.728 0.253

4 300 0.191 0.186 2.647 1.877 4.524 0.244

4 300 0.191 0.186 2.647 1.877 4.524 0.318

3 360 0.064 0.186 4.477 0.625 5.102 0.252

3 360 0.064 0.186 4.477 0.625 5.102 0.354

4 360 0.177 0.186 3.935 1.733 5.667 0.302

4 360 0.177 0.186 3.935 1.733 5.667 0.423

3 420 0.064 0.186 6.482 0.625 7.107 0.267

3 420 0.064 0.186 6.482 0.625 7.107 0.370

4 420 0.184 0.185 5.685 1.802 7.487 0.310

4 420 0.184 0.185 5.685 1.802 7.487 0.440

Table 7-11: Mass transfer results. For key to series see Table 7-9
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7.7.2 Perform ance Equations for M ass Transfer O perations.

I t  was shown in  Chapter 2 that fo r liqu id  61m controlled processes the molar 

rate o f mass transfer (/) is given by (eq. 2.98),

r  = k j aAC VL

where kr is the overall liqu id  film  mass transfer coefficient (m /s), “ a”  is the 

specific gas-liquid interfacial area (m2/m 3), AC  is the concentration driving 

force (m o l/m 3) and VL is the liqu id  volume (m3).

Taking, fo r example, an air oxidation system that behaves as air-water, i t  is 

expected that the overall mass transfer factor w ill fo llow  the relationship 

(Cooke e ta l (1991)),

k La =  0 .2 £ j7* j 3 (7.19)

Hence, i f  the total specific power input were doubled, the overall mass transfer 

factor would be expected to increase by a factor o f 2°7 — 1.62. In  many 

instances this is as fat as consideration o f the mass transfer equation goes and it  

is sometimes claimed (erroneously) that by such a change, the mass transfer 

rate can be increased by a factor o f 1.62. However, examination o f equation 

(2.98) clearly shows it  is more complicated than that.

The effect o f this change on the driving force (AC) depends upon the contro l 

strategy, the oxidation kinetics and the gas phase mixing. Assuming that the 

liquid phase oxygen level CL is controlled at a set value, then an appropriate 

model fo r the gas-phase m ixing is required. A  fu lly  back-mixed gas phase 

model can never be justified except fo r operation at very high specific power 

inputs on a small scale (Davies et a i (1985)). The gas phase can however be 

reasonably modelled (fo r example) as a plug flow  gas w ith  recycle. In  this 

model, the presence o f inerts (w ith air supplying the oxygen) means that the 

(mixed) in le t gas w ill depend on the recycle ratio (OC); that is the volum etric
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ratio o f recirculated to  freshly supplied gas (van’ t Riet (1976), N ienow  et a l 

(1979 and M iddleton (1997)).

Assuming the oxygen concentration o f the recirculated gas equals the exit 

concentration and fresh gas and recirculated gases are fu lly  mixed at die 

dispersion agitator, then - to the firs t approximation - an oxygen mass balance 

over the im peller gives,

In  = out

j2 FC G;7Crwp + I2.P.C GqK  [up — ( j2 f +  j2 r  g(imp)K  imp (7.20)

where j2  is the volum etric flow  rate o f gas m3/second at the im peller pressure, 

CG is the m ol fraction o f oxygen, and Kmp is a factor, determined using the 

ideal gas law, to convert m ol fractions to m o l/m 3:

K,m p = ^ -  (7 .21)

w ith  P jA!p equal to the pressure at the im peller in  Pa, this is the sum o f the head 

at the im peller plus atmospheric pressure plus the over-pressure.

R is the gas constant =  8.314 J.m ol^.K '1.

T  is the absolute temperature in  °K.

The subscripts F  refers to fresh gas, R to recycle gas, I, O and IM P  to inlet, 

outlet and im peller out-flow  conditions.

As OC =  Q jQ p  i t  follows that the im peller oxygen concentration CGimj) is,

CcC Gq +  C, 

l  + a
<=a,P = f .  „  "  (7-22)

For air-water, the alpha factors can be estimated from  M iddleton (1997), (see 

p.345 o f that reference). This indicates tiia t die alpha factor approximately 

trebles when the specific agitator power is doubled. For air-water Ot unlikely to 

rise above 3, hence in  most cases the effect on die oxygen driving force is likely 

to be small unless die oudet oxygen concentration is very low  or a high liquid-
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phase concentration is desired. . For example i f  the in le t concentration is 0.21 

m ol fraction 0 2 and the outlet is 0.05 m ol fraction 0 2, the alpha factor is 0.36 

(for T.P / V  from  M iddleton 1997) and the estimated m ol fraction o f the 

mixed gas at the im peller is 0.168.

I f  the power input is doubled, alpha increases to 1.1 and the im peller m ixed gas 

oxygen m ol fraction falls to 0.126, which represents a considerable decrease in  

oxygen driving force. These values would need to be substituted in to  a log 

mean driving force equation, w ith  an appropriate liqu id  phase concentration to 

determine how just how significant such a change to the driving force would 

be.

Thus, it  is plain that increasing agitator power w ill increase gas phase m ixing 

which w ill in  turn decrease the concentration driving force, when gaseous 

inerts are present.

The effect on the liquid volume can also be estimated by means o f an 

appropriate hold-up equation. For example using eq. (7.17) w ould predict that 

doubling the total specific power input would result in  an increase the gas hold­

up fraction by a factor o f 2°39 =1.31. For a constant dispersion volume, the 

resultant affect on the liqu id  volume depends on the start value o f the gas hold­

up. For example i f  the starting gas phase hold-up was 10% then the liqu id  

volume fo r this example would reduce by a factor o f (1-0.131)/(1-0.1) =  0.965. 

Hence the combined effect o f mass transfer factor and liqu id  volume change 

on the overall transfer rate fo r the above example would be a factor o f 1.62 x 

0.965 =  1.56. As specific energy input and liqu id  volume are linked parameters 

these performance equations need to be solved iteratively and base-line 

conditions need to  be defined to allow a fu ll mass balance to  be effected. 

However, when base-line conditions are known it  is possible to  use 

experimentally determined lumped parameter equations fo r kLa, gas hold-up 

and alpha factors to determine the likely effect o f process changes on the 

overall mass transfer rate using simple iterative spreadsheet programs.
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7.8 Solid Suspension

In  this w ork the suspension o f particles heavier than the liqu id  is considered.

Much has already been published on this subject as described in  Chapter 2, 

section 2.7. When considering the suspension o f solids die Zw ieteting “ just 

suspension”  (NJS)  criteria is usually used, Zwieteting, (1958), N ienow, (1968) 

Chapman etal. (1983), Bujalski, (1986), F rijlin k  eta l (1990), Mak e ta l (1997).

Zwieteting defined the just suspension criterion, from  observations dirough a 

transparent base, as the po in t when no particles remain stationary on the 

bottom  o f the vessel fo r longer than one to two seconds. This is defined as o ff- 

bottom  suspension and is not necessarily a homogeneous suspension. The 

homogeneity o f the suspension at N jS depends upon particle size (settling 

velocity) and whether the vessel agitation system is designed to ensure prim ary 

circulation to a ll parts o f the vessel. For a high aspect ratio vessel w ith  a single 

agitator set close to  the bottom  this may well not be the case even fo r small 

particles w ith  settling velocities around 1 to 2 cm/second.

From  dimensional analysis Zwieteting (1958) proposed the fo llow ing empirical 

correlation to f it  his extensive experimental data: Eq. (2.76),

o t w .  - p l )]045
js p l * D ° m

where s is an agitator dependent shape factor, which also depends on the 

geometric ratios c /T  and D /T , dp is the mean particle diameter and X  is the 

weight o f solids per weight o f liqu id expressed as a percentage.

A  great deal o f w ork on solid suspension has been done since Zwieteting. 

However, the general consensus from  die references quoted at die beginning 

o f this section is that Zwieteting got it  just about tig h t and the Zw ieteting 

equation is w idely used w ith  appropriate “ s”  factors to design fo r solid 

suspension.
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Although much is already published in this area, the published data for hollow  

blade agitators is sparse; therefore an appropriate contribution in this w ork is 

to study the characteristics o f the hollow  blade agitators fo r solid suspension 

duties and to compare these w ith  other agitators (see Table 7-12).

7.8.1 E xperim ental M easurem ents o f for Various Agitators

These were determined by observation o f the base as the point when no 

particles were stationary on the bottom  fo r more than 1 to 2 seconds (The 

Zwietering (1958) just suspension criteria).

For the work on the 0.286 m vessel these measurements were confirm ed by 

video and camera. This technique involved top lighting the vessel and 

recording the suspension viewed from  the side and the base (viewed through 

an angled m irror see Figure 7-26 and Figure 7-27). Figure 7-25 contains views 

o f the agitators used in the investigation.

LIGHTNIN A345 
(A315- up)

6HBDT (parabolic)
6HBT (parabolic)

Figure 7-25: Agitators tested fo r solid suspension on the 0.286 m vessel

Table 7-12 lists the conditions used and the experimentally determined 

Zwietering factors on both vessels.

The agitators tested were all nom inally D = T/2.  Zwietering’s factor is 

dependent on D / T  and large agitators are known to be more energetically 

efficient fo r solid suspension (see fo r example Chapman (1981)). Also, it was 

found in Chapter 2, section 2.4.4.1 that larger D /T  agitators are more
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energetically efficient fo r m ixing and pumping (Chapter 2, section 2.2.5.7) 

therefore there is a need to consider the D /T  ratio.. In  Chapter 2, section 2.7.1 

it  was concluded that there is a strong body o f evidence that scale-up fo r solid 

suspension should be at constant specific energy input W /k g  (fo r example, 

Mak et a l (1997)) whereas the Zwietering equation implies that fo r constant 

physical properties scales N jS scales w ith  sD~°'85.

Vessel diameter T (m) 0.286 0.61

Geometry key 1 2 3 4 5 6

Operating H = T 
Levels (m) H =1.347

0.286 0.286 0.286 0.61 0.61 0.61

0.384 0.384 0.384

Base type Dish Dish dish dish dish Dish

Agitator type 6HBDT 6HBT A345 6HBT
4MFD

(45°)
A315

Agitator 
Diameter (m)

0.145 0.15 0.143 0.344 0.322 0.343

Agitator
Clearances

T/4 T/4 T/4 T/4 T/4 T/4

Agitator Power No 
Po

1.42 1.40 0.71 1.14 1.22 0.75

%Mass fraction solids X 
(H=T)
(Wt solids/wt water)100

54 to 80.6 25 to 37.5

Density of particles 
Kg/m3

2550 2550 2550 2550 2550 2550

Mean particle size cfp 
(microns)

206 206 206 206 206 206

Zwietering shape factor 
for H~T(s)

2.97 3.17 5.02 3.94 5.02 5.95

Table 7-12: Geometric details for the experimentally determined Zwietering 
factors for solids suspension.

I f  constant properties and geometric sim ilarity are maintained on scale-up, then 

the specific energy on scale-up in  the fu lly turbulent region (assuming a 

constant power number) is proportional to JSfD^/D3 " N 3! ) 2 as D  is 

proportional to T fo r constant D/T.

A t N  = N JS= sD **s (7.23)

according to  Zwietering. Thus, i f  s is constant w ith  scale €jS is proportional T°JS.
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O n a single scale s can be adjusted fo r small changes in  D /T  assuming £jS 

remains constant according to

I f  however £js is constant (as proposed) w ith  geometric scale-up then s must 

vary w ith  scale according to

This implies an increase in  the value o f s on scale-up.

To aid comparison, equations (7.25) and (7.26) were used firsdy to adjust all the 

rvalues to a common D  =  T /2  value and then to  a common T  =  0.61 m  scale 

value. These corrections are listed in  Table 7-13.

For constant physical properties, scale and geometric sim ilarity, the specific 

energy input is proportional to:

Equation (7.27) is used to rank the energy efficiency o f the suspension process 

in  the last two rows in  Table 7-13. The results in  this table indicate that the 

hollow  blade agitator to be the m ost energy efficient fo r solids suspension o f

(1990) who investigated the suspension o f solid particles w ith  gassed impellers.

Note also that the experimental Zwietering factors fo r the hollow  blade 

agitators are consistendy lower than those o f the other agitators tested 

suggesting that at the geometry chosen fo r these tests they are excellent 

agitators fo r solids suspension.

N JS/D / - N JS23D /

Substituting N JS— s D ^ in  7.24,

(7.24)

(7.25)

(7.26)

€ jS oc S3Po (7.27)

those tested. A  sim ilar conclusion can be drawn from  the w ork o f F tijlin k  et al.
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Vessel diameter T (m) 0.286 0.61

Geometry key 1 2 3 4 5 6

Agitator type 6HBDT 6I-IBT A345 6HBT
4MFD

(45°)
A315

Agitator 
Diameter (m)

0.145 0.15 0.143 0.344 0.322 0.343

Zwietering shape factor 
(s)fbr H  = T

2.97 3.17 5.02 3.94 5.02 5.95

Agitator Power No 
Po

1.42 1.40 0.71 1.14 1.22 0.75

Zwietering shape factor 
(s) for H  — T is  corrected 
to D  =  r /2 , eq. (7.25)

3.00 3.30 5.02 4.35 5.25 6.55

Zwietering shape factor 
s*for H  =  T  and D  — 
T/2 corrected to T =  0.61 
m, eq. (7.26)

3.45 3.79 5.77 4.35 5.25 6.55

S^Po relative specific 
power at Mjs

58.4 76 136.2 93.6 176.3 210

Relative to large 6HBT 
Power

0.62 0.81 1.46 1.00 1.88 2.25

Table 7-13: Relative efficiency o f various agitators tested compared at the 
same scale and the same (D = T /2 ) D /T  ratio

7.8.2 A ffect o f Increasing the L iq u id  Level at Constant Solids for 

Various Agitators

When the H  =  T  ratio was changed in  the 0.286 m  diameter vessel w ithout 

change to  the solids in  the vessel it  was noted that;

N jS remained the same in  spite o f the corresponding decrease in  the solid 

fraction.

The solid liqu id  interface level at various operating speeds remained the same. 

This means that a design fo r N JS at aspect ratios different from  H  =  T, is 

simply achieved by taking the Zwietering factor fo r H  — T  and calculating the 

solids fraction based on the weight o f solids in  the operating volum e w ith  the
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weight o f liquid that would have been present had a H  =  T  design been 

chosen.

The Figures 7-23, (i), (ii), (iii) and (iv), illustrate how solids collect under the 

agitator below the just suspension speed. These piles o f solids shrink in  size up

to JVKwhen all solids are mobile.

(ii) 240 fpm < N js

(iii) 255 rpm < N js  (hr) 264 rpm N JS

Figure 7-26: A 0.15 m diameter 6HBDT agitator in the 0.286 m diameter tank 
for a 0.54 wt fraction of glass ballotini in water. Illustrating the progression of 
solids pick-up, from the vessel base, with increasing agitation speed up to
N js

For glass ballotin i solids a clear interface between suspended solids and clear 

liquid is seen until the agitation speed is approximately twice JV^when the total 

liquid H / T  was raised to 1.34T. This is illustrated by the follow ing sequence o f 

photographs, Figures 7-24 (a) to (i).

(i) 210 rpm < Njs
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(b) 210 rpm < N JS

Figure 7-27: The above pictures are of the 0.286 m vessel containing 0.54 wt 
fraction of 206 micron glass ballotini beads. Agitation is by the 0.15 m 
diameter 6HBDT. They illustrate the progressive expansion of solids bed as 
agitation speed is increased. For glass Ballotini solids it requires 
approximately twice the just suspension speed to obtain a bed expansion to 
the surface, when no gas is introduced.
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The solid-liquid interface that exists when “ heavy”  solids are suspended at N jS 

(Figure 7-27e), have implications fo r design and operation. Some o f these 

implications are:

•  D iffe rent residence times fo r solid and liqu id phases in  steady-state 

operation can affect product quality.

•  Solids removal. I f  the solids take-off po in t is at a solids lean point, too 

high in  the vessel then the mean solid concentration increases and 

“ sand-in”  o f the agitator can occur as solids accumulate lower in  the 

vessel.

•  The power draw in  batch systems can be higher than design when the 

concentration o f solids in  the vic in ity o f the agitator is much higher 

than the vessel mean.

•  The presence o f a “ solid-liquid”  - liqu id interface can lead to 

compartmentalrzation and very long overall m ixing times (see Chapter 

2, section 2.S.5.2). This is investigated experimentally in  section 7.9.

7.8.3 E xperim ental D eterm ination  o f the E ffect o f Gas on Solid  

Suspension for H o llo w  B lade and U p-pu m p ing  L IG H T N IN  A345 

Agitators.

I t  is known that the presence o f gas can adversely affect solid suspension fo r 

many agitators due to the reduction in  specific power input and liqu id  pum ping 

rates caused by the change to the agitator hydrodynamics on gassing. The 

literature on this area is covered in  some detail in  Chapter 2, section 2.7.3.

Chapman et a l (1983) and other workers have shown that up-pumping 

impellers perform  very w ell fo r solid suspension under gassed conditions since 

the flow  o f gas and liqu id is complementary. As the hollow  blade design loses 

very little  power on gassing one m ight expect these to be “ good”  agitators fo r 

gas-liquid-solid m ixing. Indeed the w ork o f F rijlink  et a l (1990) indicated that
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the “ Smith type”  (Figure 6-22a) hollow  blade agitator was the most 

energetically efficient agitator (o f those they tested) fo r gassed solid suspension.

The solid suspension characteristics o f the hollow  blade and L IG H T N IN  

A345 agitators depicted in  Figure 7-25 are compared w ith  no gas and gas 

introduced to the agitator at a superficial gas velocity o f up to 0.023 m /s.

The results are listed in  Table 7-14.

Note that the (% susp.) column labeled in  this table, is obtained by dividing the 

height o f solid-liquid suspension interface by the dispersion height, measured 

from  the bottom  o f the tank base and expressed as a percentage. For (100% 

susp.) die solids are suspended to the free liqu id  surface.

Agitator
Type

Agitator
Diam.
(m)

Aspect
ratio
(H /T )

Volume
Fraction
Solids

% W t
solids/
W t
water

(X)

Njs
RPM

£;s
W /k g

%
s/up. P/Pu vs

m/s

1.34 0.175 54 255 0.47 51.8 1.22 0
6H B D T 0.145 1.0 0.240 80.6 255 0.60 70.3 1.04 0

1.0 0.240 80.6 252 0.54 66.6 0.98 0.023

1.34 0.175 54 264 0.58 56.8 1.16 0
6H BT 0.150 1.0 0.24 80.6 264 0.81 78 1.09 0

1.0 0.24 80.6 264 (-) 0 (-) 0.023

1.0 0.24 80.6 414 1.23 90.2 1.08 0
1.0 0.24 80.6 414 1.07 100 0.94 0.017

Table 7-14: The suspension characteristics of 3 types o f agitators for the 
suspension of 10.13 kg of 206 micron glass Ballotini beads of density 2550 
kg/m 3 in water and aerated water in the 0.286 m diameter tank

Comments regarding the above results:

•  For the 0.145 m  diam eter 6 H B D T : W id i air introduced at a 

superficial gas velocity o f 0.023 m /s to die water-solid system the just 

suspension speed reduced slighdy to 252 rpm. A t 300 rpm  the action 

o f the air took the solids to the top and destroyed the solid-liquid
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interface. W ith  air-water-solids the gas-liquid hold-up was low  around 

4%.

•  W ith  the 0.15 m  diam eter 6 H B T : This was sim ilar to  the above but 

w ith  air introduced at the same superficial gas velocity to the water - 

solid system the just suspension speed remained at 264 rpm. A t an 

agitation speed o f 270 rpm  the action o f the air took the solids to  the 

top and destroyed the solid-liquid interface. A t N JS the suspension is 

more homogeneous than the form er case probably because o f the 

higher total specific energy £jS

•  For the 0.143 m  diam eter A345 agitator: Again, no increase in  

agitation speed was required above the unaerated N jS when gas was 

introduced, although this was only tested up to a superficial gas velocity 

o f 0.017 m /s (about 3 W M ). The energy requirement o f this agitator 

to achieve N jS is approximately twice that o f the hollow  blade agitators 

although this is offset by the observation that the suspension is more 

homogeneous at the just suspended condition.

•  The quality o f the suspension at N JS is reflected in  the power factor 

(ratio o f measured power number to  the power number in  water at the 

same speed). The measured power number uses a slurry density based 

on a homogeneous suspension density. For a bottom  heavy suspension 

the power factor w ill therefore be above unity. The affect o f agitation 

speed on the power factor is explored in  Figure 7-28.

347



Multi-phase Hydrodynamics

5.0 

£4.0
—  
u  

Cl,
~  3.0*4
0■M

<§ 2.0 
t*

1
£  i o  

0.0
0 100 200 300 400 500 600

A g ita t io n  speed  (R P M )

Figure 7-28: Illustration of the increase in power factor below N js for hollow 
blade agitators suspending 206 micron glass ballodni in water, in the 0.286 m 
tank.

This sort o f approach could be used to determine the just suspension and the 

homogeneous suspension point when high solids loadings are used for solid- 

liquid systems.

The conclusions from  this investigation is that the D — T /2  hollow  blade 

agitators are very energetically efficient fo r solid suspension duties both in 

gassed and ungassed conditions. The L IG H T N IN  A345 is also a useful 

agitator fo r solid suspension especially under gassed conditions.

Comparisons o f the Zwietering s values w ith  literature values are d ifficu lt since 

the just suspension speed is very dependent o f vessel base geometry. In  this 

w ork the vessels have dished bases and the shaft extends down in to  a bottom  

bearing which eliminates a point at which solids are known to accumulate. 

Therefore it  is expected that the s values determined here to be lower than

♦ 6HBDT N jy = 255 RPM 
x 6HBT N TS = 264 RPM

K

j

•

• V t  S  — *  .  4
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values obtained in  flat-bottom ed vessels where much o f the literature values 

have been obtained.

7.9 M u lti-phase M ix in g

This section looks at liqu id  phase m ixing when solids, gas o r gas plus solids are 

present

Earlier published w ork by the author (Cooke et al. (1988)) concluded that the 

m ixing time constant (N t^ where tm is the m ixing time fo r a specified degree o f 

m ixing) is proportional to  Po'1/3, where Po is the power number and that under 

gassed conditions the gassed power number can be used in  the prediction 

equation, providing the m ixing in  the vessel is agitator dominated (agitation 

power > >  gas buoyancy power)

Where gas and liqu id  flow  patterns positively reinforce each other such as w ith  

an up-pumping L IG H N IN  A345 agitator (or other sim ilar agitators) the m ixing 

efficiency can actually improve w ith  gassing but generally the form er w ork has 

stood the test o f time.

In  this thesis the effect o f the solid phase on m ixing is studied both in  gassed 

and ungassed conditions.

Three series o f m ixing tests were measured by the method described 

previously, fo r liquid, solid-liquid and gas-liquid-solid using the 0.15 m  

diameter 6HBT in  the 0.286 m  diameter tank. The results summarized in  Table 

7-15 are average values fo r several repeated tests.

N ote the big increase in  m ixing time when a solid-liquid interface was present. 

Similar results have been reported in  the literature: Harrop et al. (1997) found 

that solids can increase the liqu id  m ixing time by a factor o f 6 fo r a 

L IG H T N IN  A315 im peller when operated w ith  a solid-liquid interface 

(generally below N JS in  their experiments) at sand concentrations between 10
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and 20% by mass, due to a zoning effect when a solid-liquid interface is 

present.

A g ita to rs Vessel
D iam ete r

T (m )

O pera ting  
H e ig h t 

H ( m )

1ST

R P M

System M ean

tgo
(s)

M ean
Ntgo

0

Stdev 

Ntgo (-)

6 H B T
D = 0 .1 5 m

C =0.0715m
0.286

D ished
base

0.384 270 

>  tys

W ater 5.8 25.9 5.98

W ater +  
10.31 kg  
B a llo tin i

31.4 141.3 46.3

W ater +  
10.31 kg 

B a llo tin i+  
a ir at vs — 
0.023 m / s

5.7 25.8 7.30

Table 7-15: M ixing time results for tracer added to surface, measured in the 
base.

In  these experiments, when air is introduced at a superficial gas velocity o f 

0.023 m /s to  the water-solid system tire solids—liqu id  interface disappears and 

solids are observed throughout the vessel. The liqu id m ixing time then 

improves to the single-phase value.

This effect has been reported in  the literature: Takenaka et a l (2001) studied a 

3-phase liquid-gas-solid system at solids concentrations up to 40% by weight 

and gas flow  rates up to  2 W M .  They used two different radial flow  impellers, 

a Scaba 6SRGT and a Rushton turbine plus a six-bladed mixed flow  impeller 

w ith  pitch angle o f 45° that was operated in  both downward and upward 

pumping modes. They confirmed the Harrop et a l (1997) trend o f increased 

m ixing time fo r the solid-liquid case compared w ith  the liqu id  only case. 

However, fo r the three-phase case the increase in  m ixing time was relatively 

small, especially w ith  the Scaba and 6MFU impellers. I t  appears the gas-phase 

prevents a stable solid-liquid interface form ing.
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Chapter 8 : Spinning Cones as Pum ps and Degassers.

8.1 Sum m ary

The literature on spinning cones as pumps and degassers is reviewed. 

Experiments on a spinning cone rig  designed to measure spinning cone- 

pumping rates are described. A  large number o f experiments were carried out, 

measuring pum ping rates as a function o f cone angle and immersion depth. 

Cone ha lf angles were from  15 to 60 degrees. M ost o f the tests were done 

w ith  water bu t a number o f runs were carried out w ith  75% by volume 

glycerol solution. This changed the viscosity and flu id  density. A n equation is 

proposed to predict the volum etric pum ping rate (/7) o f a cone in  terms o f its 

geometry and the physical properties o f the fluids.

Experiments w ith  gassed fluids indicate that the liqu id  pum ping rate o f a 

spinning cone is independent o f any gas present I t  was also found that both 

outside and inside surfaces o f the cone contribute equally to  the flu id  

pumping process.

The effectiveness o f spinning cones as a degasser and /or level controller have 

been tested in  mechanically agitated baffled vessels using cones mounted on 

the agitator shaft at the liqu id surface. Under gassed conditions and w ith  

surfactants added to the liquid, the spinning cone was shown to  be effective 

in  controlling the level and reducing the gas voidage over a wide range o f 

operating conditions. The effectiveness o f the cone as a defoamer appears to 

scale at equal tip  speed suggesting that shear rate is the dom inant mechanism. 

Tests were done on 2 ft (0.61 m) and 3 ft (0.914 m) diameter stirred tanks.

Follow ing the reporting o f this w ork at Bradford by Cooke et a l, 2002, 

published as Cooke et a l (2004), tests were carried out at N O VO ZYM ES 

A /S  in  Copenhagen, Denmark using a 45° cone to  contro l foam in  bacterial 

fermentations and it  was found antifoam additions can be completely 

eliminated using a spinning cone, achieving sim ilar litres and fina l fillings to
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the antifoam controlled control experiments carried out in  identical 

fermenters inoculated w ith  the same seed.

8.2 In troduction

Many industrial processes involve the introduction o f gases to liqu id  systems 

or result in  gaseous products through reaction, heat input o r pressure 

reduction. Examples are oxidations, fermentations and hydrogenations. 

Equipm ent is used that is designed to maximise mass transfer and ease the 

separation o f the component phases. The physical characteristics o f these 

systems often result in  the form ation o f foam, which can be problematic in  

terms o f contro l and subsequent processing. Proprietary equipment, in  the 

form  o f m ultip le spinning cones, is used in  die food and related industries, 

fo r degassing foaming products. O ther rotating mechanical devices, such as 

breaker bars, impellers and spinning discs, are also w idely used fo r degassing 

foams in  a wide range o f industries. This w ork evaluates the effectiveness o f 

a spinning cone as a degasser and potentially as a level contro l device in  

stirred tanks and hence it ’s potential fo r adaptation in  a wide range o f 

industrial processes.

A  hollow  spinning cone fitted  to the shaft o f a stirred vessel, close to the 

operating level o f die tank can act as a pump and reduce the gas hold-up. The 

cone picks up liqu id  from  a pool at the inlet, accelerates it  as a th in  film  up 

the walls and ejects it  as a radial sheet at the top. Previous laboratory w ork 

using a foaming system indicated that the foam could be elim inated using a 

cone, w id i die foam level controlled at the cone oudet level. Under the same 

conditions w ithout a spinning cone the contents foamed over the top. This 

suggested that the spinning cone m ight be a usefully employed to control 

level and foaming in  industrial gas-liquid stirred tank applications. Also, since 

spinning cones have been used to intensify gas-liquid mass transfer (fo r 

example M iddleton, 1997) it  is argued that the reduction in  gas voidage could 

be done w ithout detrim ent to  the mass transfer operation.
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A literature search indicates that foam reduction occurs mainly through the 

application o f shear stress (Goldberg and Rubin (1967), and Gutwald and 

Mersmann, (1997)). W ith a spinning cone this occurs at the wetted surfaces 

and from  the radial sheet o f liqu id  discharged from  the top lip  o f the cone. 

The centrifuging action on the surface o f the cone must also be a factor. 

A lthough many workers have studied the film s on spinning cones, these were 

closed at die apex; therefore the film  thickness measured was associated w ith  

a flow  o f liqu id supplied to the cone surface by a separate pump. Hence the 

literature indicated a knowledge gap regarding the spinning cone as a self­

prim ing pump and could not te ll us how to predict the pum ping rates from  

the physical and geometric properties.

A  m ajor aim o f this w ork is to collect sufficient data to be able to f it  it  to an 

empirical model to represent the operation o f the cone in  terms o f physical 

properties (cone speed; cone tip  velocity; density, surface tension and 

viscosity o f die pumped liqu id  and the geometrical properties o f the cone).

8.3 L iterature Review

Literature examples o f the commercial uses o f spinning cones to intensify 

mass and heat transfer operations, fo r atomisation and fo r shear spinning are 

given in  Table 8-1.
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Commercial Uses of Spinning Cones Reference source

Intensify mass and heat transfer 
operations

Prince et al. (1997)

Zivdar et al. (2001)

Sykes and Prince (1992) 

Middleton (1997)

Wright and Pyle (1995) 

Badcock et al (1994)

Vallet, L. (1980)

Vira and Fan, DahNien. (1981)

Atomisation

Hinze and Milbom, (1950) 

Dombrowski and Lloyd (1974) 

Dombrowski and Lloyd (1973) 

Alcock and Froelich (1986) 

Hashem (1991)

Eisner and Martonen (1988)

Shear spinning

Semka et al. (1969)

Straub and Hailey (1966), 

Rose and Watervliet (1966),

Table 8-1: Literature examples of uses of spinning cones

When diis w ork was started, no papers that used o f spinning cones as 

degassers were found, although they are used commercially fo r de-foaming 

vessel outlets, fo r example FU N D A FO M  produced by CHEM AP A G  o f 

Switzerland. A  recent paper by Takesono et a l (2002) compared six rotating 

defoamers fitted  to a different shaft from  the agitator: a six-blade vaned-disc, 

a six-blade turbine, a two-blade paddle, a conical ro tor, a fluid-im pact 

dispersion apparatus (F ID A ) and a rotating disc. These authors discuss the 

effect o f gas flow  rate on critical speed (m inimum speed to prevent foam 

from  rising above the foam breaker level), shaft power consumption and 

liquid hold up in  foam. They found that die critical speed N m-t is an increasing 

linear function o f gas flow  rate Q G. They also found diat the gas-liquid hold­

up is an increasing function o f Q G. Therefore when Q G increases, the foam 

formed is wetter and more stable and the rotational speed required to disrupt 

the foam is greater. They found diat their cone was not efficient at controlling
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foam fo r superficial gas velocities greater than 0.38 cm /s. They operated w ith  

a shallow cone (half angle o f 70°).

A  number o f papers have been published concerning the use o f spinning 

"cups" as atomisers fo r agricultural sprays, slurries and m olten metals. These 

generally focus on the form  o f die liqu id  film  m oving up the inside o f the 

cups and the state o f the flu id  throw n from  the cup periphery. As such there 

are some interesting results that are helpful from  the view point o f 

understanding die experimental data.

The mechanism o f foam break-up was explored by Goldberg and Rubin 

(1967), who concluded that most mechanical processes fo r foam reduction 

consist basically o f the application o f shear stress. Tests were perform ed w ith  

foam discharged vertically onto a spinning disc and their results were 

compared w ith  other methods o f foam reduction such as liqu id  sprays, 

centrifugal, mechanical agitation or blow ing through nozzles.

Hinze and M ilbom , (1950), describe three basic processes that influence the 

form  o f a liquid film  throw n from  the rim  o f a spinning cone. For a cone 

rotating at a fixed angular velocity, these processes can be summarised as 

follows:

D isin tegration  by direct drop form ation: A t low  pum ping rates a liqu id 

toms is formed close to the edge o f the cone. The diameter o f the toms is 

determined by the liqu id  properties (density, viscosity and surface tension). 

External disturbances cause the toms to become varicosely deformed. 

Droplets are formed at the various bulges on the toms and are flung o ff by 

centripetal force.
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D isin tegration  by ligam ent form ation: A t intermediate pumping rates, the 

bulges in  die toms become more pronounced and the liqu id  leaves the cone 

in  the form  o f th in  jets or ligaments. I f  the pumping rate is gradually 

increased, the number o f ligaments increases un til a critical value is reached. 

I f  the pumping rate is increased further, the thickness o f the ligaments 

increases but die number o f ligaments remains constant. The ligaments flung 

from  die cone are unstable and break up into drops some distance away from  

the edge o f the cone.

D isin tegration  by film  form ation: The torus disappears at high pumping 

rates and a continuous sheet o f liqu id  is flung from  the edge o f the cone. This 

sheet extends a small distance from  the edge and then breaks chaotically into 

ligaments that in  turn break in to  drops. Dom browski and Lloyd (1974), divide 

this mode o f disintegration in to  two separate categories that they call 

"aerodynamic wave disintegration" and "turbulent disintegration". In  the 

form er die sheets break up in to  drops w ith in  a narrow radial band whereas in  

die latter disintegration takes place over a relatively large distance. From  their 

experiments it  appears that, fo r a given pumping rate, the break up category, 

either aerodynamic or turbulent, depends solely on the speed o f the cone 

periphery.

The transition from  disintegration by film  form ation to disintegration by 

ligament form ation occurs when the follow ing inequality is true.

<2v .0.5

J \G D c J

N D C p £ c
<7

0.6

A

CC V D cT

0.167

< 0,442 (8.1)

Similarly, the transition from  disintegration by ligament form ation to that by 

drop form ation occurs when the follow ing inequality is true

J

0.5

OD N D c i ^ f f

1o 0.25

/ [pdDcT

0.167

< 2.88x10-3 (8.2)
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where Q  is the pumping rate, D C  is the cone outlet diameter, p  is the flu id  

density, p  is the flu id  viscosity, <Tis the surface tension and N  is the rotational 

speed o f the spinning cone (rev/s).

The authors correlated the drop sizes measured in  the various regimes. In  the 

“ aerodynamic wave regime”  they obtained the follow ing expression:

d31 = 0 . 7 4 2 ( 8 - 3 )

where d32 is the volume-surface mean diameter and vs is the velocity w ith  

which the liqu id  leaves the spinning cone. vs is effectively equal to the velocity 

o f the cone periphery (2 jtN r^ except fo r liquids o f low  viscosity.

In  the turbulent regime the data fo r o il and water were correlated separately:

d n  =  0.664
f  q  0.303 '\

A /1-36/ ) 1-18
(for w ater) (8.4)

d21 =0 .132
f  j2°'392 ^

at 1.27 r^j0.819
V u c.

(fo r o il) (8.5)

For ligament disintegration the follow ing equation was recommended fo r 

drop size:

d32 = 0.0397 J2
0.334

N U2 D lc22 ju 0A
(8.6)
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The impact o f flu id  viscosity on the drop size is an interesting feature o f the 

above correlations. The effect o f viscosity seems to depend on die 

mechanism o f drop form ation. For example, viscous liquids seem to give a

formed.

H inze and M ilbom  (1950), calculate the flu id  flow  w ith in  the cone using the

The liqu id  layer thickness is small compared w ith  the cone dimensions.

The flow  w ith in  the layer is viscous.

The flow  w ith in  the cone is rotationally symmetric.

The static pressure across the liqu id  layer is constant

The components o f velocity norm al to the surface o f the cone and 

circumferentially around the cone are negligible compared w ith  the 

component parallel to, and vertically up die cone surface. This implies that 

the path described by any liqu id  element w ith  respect to  the cone is practically 

straight and radiaL

For the pum ping rate ( 0 ,  the result is:

where CO — angular velocity (rad/s); r0 —outlet radius o f cone; S  — film  

thickness; (j)c — cone ha lf angle. This expression cannot be evaluated as 8  is 

unknown.

A n alternative expression fo r the cone pumping rate was suggested by Jones

smaller drop size than less viscous ones when disintegration follows die route 

o f ligament form ation, bu t produces a larger drop size when a sheet is

follow ing assumptions:

<2 =  (2 ^ /3 //)p ty V o2̂ 3 sin <j>c (8.7)

(1996):

(8.8)
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where r0 is the larger radius o f the cone.

Hinze and M ilbom  (1950) suggested that the mean radial velocity (ya)  can be 

predicted by the follow ing expression:

v ... =
r  Q 1pO) 1 sin^ V/3 

12 K 2pro
(8.9)

A  more recent paper by Makarytchev et a l, (2001), gives an equation fo r the 

film  thickness modelled as a wavy layer on top o f a laminar sub-layer attached 

to die disc surface. In  their w ork liqu id is supplied via a pump to the inner 

surface o f a closed cone. For this case they found that the thickness o f the 

film  can be described by an additive m odification o f the Nusselt model

thickness S+ =S+ + S ^ -  0 .9 1 lf/3+1S5lJ3, where 77 is a normalized radial

distance. In  the dimensional form , the proposed models express the film  

thickness and radial velocity as functions o f cone geometrical and operating 

parameters. The authors maintain that the valid ity o f the models is consistent 

w ith  independent velocity measurements on a rotating cone and film  

thickness measurements on rotating disks. The defin ition o f TJ contains Q  

and so cannot be resolved w ithout knowledge o f the flow  rate.

Alcock and Froelich (1986) calculate the energy balance fo r a spinning cone 

based on a un it mass flow  Bernoulli equation and use this to predict the 

discharge velocity. The basic assumptions used are that:

The change in  internal energy o f the flu id  is negligible.

The thermal energy input is zero.

The potential energy change o f the flu id  on passing through the cone is 

negligible

The change in  specific volume o f the flu id  is zero.

These give:
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UP. v2 jLlP v2
£-*- + -*- +  Ws = — -  +  —  (8.10)

p  2 p  2

where v is the flu id  velocity, Ws is the w ork input per un it mass and P is the 

pressure. The subscript i  refer to the entrance to the cone and o the exit at the 

outer edge o f die cone. Using diis, the exit velocity is:

». = 4 V j l / p M - P ' )  + v l+ 2 Ws (8.11)

The specific power Ws (=  Pc / Q p, where Pc is the power requirement and j2  

is the volum etric pum ping rate) can be related to die theoretical power 

requirement (P) by expressing the torque (M) in  terms o f the momentum 

change (M  = mAv).

Thus, the theoretical power requirement is:

/  2   2 \

P, =Qca1p ' (8.12)

and the specific power becomes:

( 1 — 2\
W s = ft)2 r< ’  (8.13)

Substituting this in  the previous equation fo r v0 and assuming that the firs t 

two terms are negligible, that is v-t «  v j rs «  r0 and 2(p/p)(Pr PJ is small — 

fo r example fo r water (p /p ) =  1 x 10"6 m V 1 and (Pf — P ) is typically o f order 

1-2 kPa) gives:

v2 =  wro (8.14)

Therefore the tangential velocity reasonably approximates the flu id  velocity at 

the exit o f the cone.

The drop trajectories were calculated by Hashem(1991), by assuming that the 

in itia l velocity o f die drops is the same as die rim  o f the cone and that the 

drops are produced at the cone rim . The equations o f m otion used are:
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a. = -g-<3p/ZJ4Pfi\v \v . (8.15)

- PPaCJ 4P f l \ ' ’ \v>: (8.16)

where a =  acceleration,

Cd — drag coefficient =  (24 /R e)(l +  0.1875Re +  0.00026Re2),

Re =  drop Reynolds number — vdp/ jX,v— (vs. + v̂ it2 and d — drop diameter. 

The subscript ^ refers to the vertical direction, x  to the horizontal, a refers to 

air and I  to the liquid phase.

Given that the initial velocity o f the drops is equal to the speed o f the rim  o f 

the cone (that is vxfl — GJro = TiND^ then, for a specified drop diameter, the 

equations o f motion can be numerically integrated: once to give the drop 

velocity and twice to give the horizontal distance travelled for a given fall.

8.4 Experim ental Details

Experiments were carried out in mechanically agitated vessels and on a 

purpose built spinning cone tig designed to measure pumping rates.

8.4.1 The Stirred Tank Rigs

A  schematic o f the experimental tigs is shown in Figure 8-1.

These consist o f two similar cylindrical mechanically agitated vessels each 

fitted w ith a quarter dish base. One is 0.61m mm  inside diameter the other 

0.91m. They are described in detail in Chapter 3.

The vessel and agitator geometries are listed in Table 8-2.
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Vessel

Vessel diameter T (m) 0.61 0.61 0.914

Geometry key 1 2 2

Operating levels H(m) 1.0 1.0 1.5

Agitator type

Bottom A345 Radial turbine Radial turbine

Mid A345 - -

Top A345 PTB 6-blade 45° up PTB 6-blade 45° up

Agitator diameters D  (all) (m) 0.292 0.305 0.305/0.457

Agitator clearances

Bottom (m) 0.25 0.305 0.305

Mid 0.5 - -

Top 0.75 0.5 1.143

Operating volume V (dispersion) m3 0.28 0.28 0.94

Table 8-2: Vessel and agitator geometries

The cones used were approximately Dc = T/2  w ith cones ha lf angles o f 

30and 15° on the 0.61m scale and 30 on the 0.914 m scale.
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I 1

spinning cone

baffles

footstep bearing

air in

Figure 8-1: Schematic of the stirred tank rigs using a spinning cone with 
three L IG H T N IN  A345 agitators.

8.4.2 The Spinning Cone Rig to Measure Pum ping Rates

Figure 8-2 is a schematic representation o f the apparatus that was put 

together to measure cone pumping rates. The cones used in the tests are
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listed in Table 8-3. The data and analysis is Excel spreadsheet mccones.xls in 

the attached C D .

Cone half angle Cone material o f 
construction

Outlet diameter of 
coneD c (m)

Inlet diameter of 
cone D i (m)

Tested with inside 
blocked up?

15° PVC 0.138 0.075 No

30° Stainless Steel 0.180 0.050 No

30° Stainless Steel 0.305 0.064 No

U3 O o PVC 0.142 0.025 Yes

45° PVC 0.139 0.025 Yes

o> o o PVC 0.144 0.025 Yes

Table 8-3: Cones used in pumping rate tests

The operating procedure was as follows:

The m otor rotated the shaft, onto which the hollow spinning cone was firmly 

affixed. Liquid was pumped into the trough (into which the cone was 

operating) from  the reservoir. W hen the liquid started to immerse the cone, 

centripetal forces pumped a film  o f liquid up the cone's surfaces to the top 

rim  where it was discharged as a radial sheet o f liquid over the sides o f the 

trough. This liquid entered the reservoir to be recirculated. Eventually a 

steady state was reached where die rate at which liquid entered the trough 

from  the reservoir equalled die rate at which the cone ejected liquid back into 

the reservoir. A t that point die liquid flow rate shown on the rotameter 

equalled the pumping rate o f the cone. A t this equilibrium point, the height o f 

the liquid and the liquid flow rate was noted.

Liquid heights and pumping rates were measured for a range o f angular 

velocities, cone immersion depdis and cone geometries. The effect o f 

viscosity on pumping was tested using a glycerol solution. The effect o f gas 

on pumping was tested by pumping the same fluid under gassed and 

ungassed conditions using the same geometry. In  order to find the 

contribution o f die inside and outside surfaces to the pumping rate, 

experiments were repeated w ith the inlet blocked allowing only material on 

the outside to be pumped.
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speed
control

CO]

O u te r tan k

D c C o n * d iam eter
i r  in le t

A t e equilibrium  
ro tam ete r read ing  
=cone p um pin g

D i in le t d iam eter

Figure 8-2: Cone pumping-rate measuring rig 

8.43 Scouting Experiments on Reactor 2 Geometry (Table 8-2)

An Imperial standard 12 inch diameter stainless steel funnel (Figure 8-3) with
o

a half angle o f 30 , was adapted to fit the 0.61 m reactor 2 apparatus. The 

gassing rate used in the test gave a superficial gas velocity o f 0.11 m /s. A few 

ml o f ASDA U LTR A  washing up liquid had been added to the solution to 

cause severe foaming, so that without mechanical agitation, this gas rate 

caused the liquid to foam over the top o f the cone. The level rapidly came 

under control when the agitator and cone was switched on. The foam was
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dispelled w ith the level controlled at die top o f the cone. This sequence o f 

events was captured on camera.

*

Figure 8-3: Cones used in scouting experiments in the 0.61m diameter 
vessel

Inspection o f the flow visualisation reveals that the cone picks up liquid from  

a pool at the inlet, accelerates it as a thin film  up the walls and ejects it as a 

radial sheet at the top. This action destroys the foam and provides a dramatic 

reduction in gas hold-up.

Several questions that arose concerning the mechanisms diat caused the foam 

to be destroyed and at the same time creating die dramatic fall in gas hold-up 

included:

Were the effects due to: ng" force (=  afr/£)? Shear force? D o  both inside and 

outside surfaces contribute? W hat is die optimum cone angle? Does it scale 

up and how?

8.4.3.1 Effect o f Cone Angle - Tests w ith a 15 Cone

  o
To test whether "g" forces are the dominant parameter, a 15 cone (shown in 

Figure 8-3) was tested on the 0.61 m diameter reactor geometry 2. This was
o

not as effective as a degasser compared w ith die 30 cone at the same 

operating conditions. Compared w ith the no cone case, at a superficial gas 

velocity o f 0.11 m /s  and 10 “g” the 15 cone allowed an increase o f the liquid
o

volume by 15% compared w ith a 20% increase in liquid volume when the 30 

cone was used.

8.4.4 Cone Pum ping Rate Measurements
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Consider sketch in Figure 8.4: Cone o f Vi angle (f)Ci inlet radius rt and oudet 

radius rn immersed in pool o f liquid to a depth o f Z. When it is spun at speed 

N  it is apparent that:

• To spin liquid up from r then “g ” (= oir/g) must be >1 at r

• To pump liquid down to r, on inside of cone then “g" must be >1

at r,.

• The velocity increases up the cone. Therefore, the film must thin 

up the cone or form rivulets (ligaments).

• To exit the cone, the liquid rises through the height h along 

length /.

• “/z” and “/*’ are related via cos

• “/” is related to (rQ-r) via sin fa.

4- r- -»

Figure 8-4: Cone pumping considerations

8.4.5 Experiments w ith Cones w ith an H a lf Angle of 30°
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o
Two 30 cones with oudet diameters o f 0.18 m and 0.142 m respectively and 

inlet diameters o f 0.05 m and 0.025 m respectively were tested for a range o f 

rotational speeds in water. The steady state immersion depths (Z) at different 

liquid supply rates (<2) were noted. Q  was found to vary with the square o f the 

agitation speed (TV*). By multiple regressions it was found the data for the 

two sizes o f cones could all be correlated as:

j2  =  21 .8"g r" r 137(l/m in ) (8.17)

where “g* — CtJr/g and “gr” is “g* force at r

Correlation coefficient for the expression (8.17) is R2 =  0.91

Equation 8.17 implies that the volumetric pumping rate is direcdy 

proportional to the applied "g' forces. The fit to the correlation is illustrated 

in Figure 8-5.
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♦  D c  =  18 cm 

■ D c  =  14 2 a n  

 predicted flow

10
Predicted flow rate (1 /m in)

100

Figure 8-5: Data fit for 30°cones to:Q =  21.8"gr,,r 137 ( / / min)

8.4.6 Effects o f Cone Angle, Geometry and Physical Properties
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A large number o f experiments were carried out w ith a range o f cone half 

angles from 15 to 60 degrees- Measurement o f the immersion height was 

estimated to be accurate to 2 mm. Most o f the tests were done w ith water but 

a number o f runs were carried out w ith a 75% by volume glycerol solution. 

This increased the viscosity from  Im Pa s to 56.5 mPa s and fluid density 

from 1000 to 1193 kg /m 3.

The results were analysed by the following dimensionless parameters: 

Dimensionless flow rate as:

Q /N V, where Q  — volumetric pumping rate, N  — rotational speed and V  — 

submerged volume o f cone

Q /N V C as (a) but Vc — total volume o f cone 

Cone half angle as the sin, cos and tan o f (f>c .

Ratio o f centripetal forces to gravitational forces " g "  =  (odr/g) with  

radius at rand r0both tested.

Ratio o f inertial to viscous forces as Tay number (cone Reynolds 

number) =  pCQ? If l  w ith radius at rand r0both tested.

(i*/jro) ratio o f cone radius at submergence level to cone radius at the top

(ra / t )  ratio o f cone outlet radius to inlet radius.

Viscosity ratio as j l f  where fl is the fluid viscosity and gm is the viscosity 

o f water at ambient temperature (20°C).

A fter carrying out a large range o f multiple regressions, it was found both “g” 

and the Tay number gave better correlations when outlet values were used. 

Similarly cone volume Vc gave an improved fit to the submerged volume. It  

was also found that correlations could be obtained w ith similar correlation 

coefficients involving both the sin and tan o f (f)c. W hen sin (f)c was used, then 

the ratio r j r t dropped out o f the correlation without any significant change in  

the regression correlation coefficient Examination o f the fits showed that
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although tan (f>c gave a good fit for 30 and 45 cones it gave a very poor
o

prediction for 60 cones and over predicted some flow rates quite

considerably. This did not show up on the correlation coefficient, as there are
°

only a few data points for 60 cones. Inclusion o f the viscosity ratio improved 

the data fit.

The best overall fit with correlation coefficient R2=0.951 was:

„ S \ r  = 155.6(sm ^;)17s7 ^ - 08( r /r , ) 25( / / / / / r  )-05 (8.18)

where ‘jP’and Tay are based on rt and Vc is the total volume o f the cone. The 

fit is illustrated in Figure 8-6.

♦ 15 degrees water 
■ 30 degrees water
*  30 degrees glycerol
* 45 degrees water
♦ 60 degrees water 

 fit

1
1 10 100 

Predicted pumping rate (1/min)

Figure 8-6: Data fit for all cones to:

„ = 155.6(sin (f>c )‘75 Tay~°8(r /  r ) 25 ( / / / / /„  )"°5
^ c

For SI units Q  is in m3/s. To obtain the graph this has been multiplied by 
60,000.

To test for hydrodynamic effects on the data correlation, the data were split 

into separate sets obeying the literature criteria for transition to break-up
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from film to ligament formation as defined by equations (8.1) and (8.2). The 

majority o f our data 119 points fell into the break-up from film disintegration. 

The fits to this data alone were worse (best correlation coefficient R2 =  0.93) 

than for the entire data taken as one set. The smaller data set o f 35 points all 

fell into the break-up from ligament formation. This correlated better with an 

R“ coefficient o f 0.97. There was nothing to suggest however, that the 2 sets 

obeyed different scaling rules.

8.4.7 Test of Literature Equation

Equation (8.8), proposed by Jones (1996), was tested against the experimental 

data. When rwas taken as the large radius o f the cone the equation did not f it  

However, if  r is taken as the radius o f the cone at the submerged level it does 

give the right order o f magnitude to the flow prediction and follows the 

trends, although the fit is poor as illustrated in Figure 8-7.

100
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■o
ta
8
4)
2

1 10 100

♦  15 degrees water 
■ 30 degrees water 
a 30 degrees glycerol 
x 45 degrees water 
+ 60 degrees water 

 fit

Predicted flow rate (1/m in)

  . ^  _ 2 ICOUsmd).
Figure 8-7: Pumping rate data fit to: Q  =  27Cr I------------ -
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8.4.8 O ptim um  Cone Angle

Equation (8.18) was used to predict pumping rates for a hypothetical range o f 

cone Vi angles assuming a large diameter o f cone (Dc)  o f 15 cm with an inlet 

diameter (D) o f 5 cm, spinning in water with immersion to D0 This o f 

course gives very long depths o f immersion for low Vi angles. The predicted 

pumping rates for cones o f various angles rotated at 600 rpm are plotted 

against cone Vi angle in Figure 8-8. The curve shows a maximum pumping
o

rate around a cone Vi angle o f 40 , though the pumping rate is relatively
o o

insensitive to angles between 30 and 50 .

0 10 20 30 40 50 60 70 80 90 100

Cone Vz angle °

Figure 8-8: Optimum cone angle for pumping with fixed cone inlet and 
outlet diameters. Predicted using equation (8.18) for water with conditions 
N  — 600 RPM, r0 =  7.5 cm and r, = 2.5 cm. Indicates maxima at around 
40°.

8.4.9 Effect o f Aeration on Pumping

Polypropylene glycol (PPG) (mol w t 2025) was used as a surfactant and 

ASDA U LTR A  washing up liquid was used to induce foaming at levels o f 10 

parts per m illion (ppm). Back to back experiments were carried out with the
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same cone mounted in precisely the same position w ith water, 

w ater/PPG /soap and air-water/PPG/soap solution.

The visual comparisons o f water results w ith those o f w ater/PPG /soap  

solution indicated that the change in surface tension did not unduly affect the 

pumping rate, in spite o f the large reduction in surface tension caused by the 

addition o f the surfactants. V2 0

When the solution was aerated to give approximately 20% gas hold-up, the 

pumping rate o f the cone did not change significandy. This is confirmed by a 

plot o f (£2/ ”g’) against radius o f immersion for the aerated soap solution and 

the ungassed water in Figure 8-9. Observations o f the film  suggested that 

only liquid was being pumped and that gas-liquid disengagement is very rapid. 

Note however, that examination o f the data set showed that all this data have 

been obtained at high “g” (>20 based on outlet flow). N o  similar comparisons 

have been made at “g” forces more realistic to large vessel operation.

0.25

—  0.2 
‘ 01

t  0.15

0.1

0.05

AA  ...
♦ Aerated soap soln 

- A Ungassed water

AA

&

A
A A 

A

0.03 0.035 0.04 0.045

Radius of immersion (m)

0.05

Figure 8-9: Affect of aeration and surfactants on the pumping rates of 
cones, for 30° plastic cones. Gas hold-up approximately 20% under aerated 
conditions.
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8.4.10 Contribution o f the Internal and External Cone Surfaces to 

Pumping

In  the cases where the inside o f the cone was blocked up to ensure that all 

flow was up the outside o f the cones, the pumping rate was approximately 

halved. In  fact, as the external diameter is greater than the internal, slighdy 

more than a half was pumped. The pumping was found to be almost equally 

dependent upon the outside and the inside surface o f the cones. Visually, this

was a feasible conclusion to draw from examination o f the rig when it was
0

pumping with the inside blocked up. An example showing the 30 cone 

comparisons is given in Figure 8-10.

■  Dc = 0 .18m
♦  D c =
A D( = 0 .1 4 2 m . blocked  
-a- Fit-unb locked

1 10 100
Predicted pumping rate (l/m in)

Figure 8-10: Showing the effect of blocking-up the inside of a 30° cone on 
pumping. Flow rate is approximately halved Solid line is prediction from 
equation (8.17)

8.4.11 Stirred Tank Experiments

Tests were run on reactor geometry 2 (Table 8-2) using 20 ppm 

polypropylene glycol as a surfactant. W ith this geometry the reactor foamed

I  10
s9
Cl.
■o
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quite badly when gassed without a cone. The 30 cone illustrated in Figure 8-3 

was used in the tests. A  gassing rate o f 1980 1/m in free air delivered was used 

for the tests, giving a superficial gas velocity o f 0.11 m /s. Agitation rates were 

increased from  160 rpm to 300 rpm in steps o f 20. The experimental data are 

plotted in Figure 8-11, in terms o f gas hold-up against “g” force on the cone. 

W hen operated at the normal liquid level, the cone gave a significant 

reduction in gas hold-up compared to operation without a cone. The 

effectiveness levels o ff above approximately 10 “g” or a cone peripheral 

velocity around 4 m /s.

When similar tests were done with reactor geometry 1 (Table 8-2), the 

tendency to foam was not as great This is due to the proximity to the surface 

o f the top agitator. Tests proved that much o f the foam could be eliminated 

by operating w ith an agitator at 0.6 to 1.2 agitator diameters from  the 

dispersion surface, especially at high specific power inputs (>2W /kg ). Even 

so typical reductions in gas hold-up o f 10% were found for tests w ith a 20-
o

ppm PPG  solution when the 30 , Vz angle cone was used. This cone was 

tested at operations up to a gas rate giving a superficial gas velocity o f 0.87 

m /s without flooding.
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Cl.n
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■ Gas hold-up with cone 
* Gas hold-up without cone
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ugu force at cone outlet "g" = (a £ r/g )

Figuie 8-11: Reduction in gas hold-up using a 30° cone on teactof geometry
2. System is air-water with 20-ppm polypropylene glycol added as a 
surfactant.

8.4.12 Scale-up

A  solution o f 8 ppm  PPG and 10 ppm A SDA U LTR A  washing up liquid was 

used fo t the tests. O n the 0.61 m  and 0.914 m  diameter vessels tests showed 

that this solution foamed over when the cone was not fitted at the test gas 

superficial gas velocities o f 0.07 m /s. Foam out on our 0.61 m  vessel is 

depicted in  Figure 8-12.
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Figure 8-12: Foam out on the 0.61 m vessel due to aerated 10 ppm soap.
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Figure 8-13: Dual A345 agitators with a 30°cone in the 0.61 m diameter
vessel.

8.4.12.1 Studies w ith the 0.61 m Vessel

A 12-inch diameter, 30° to the vertical cone pictured in Figure 8-3 was used 

in the 0.61m diameter tank for this work. Agitator geometry was that o f 

reactor 1; see Table 8-2 and Figure 8-13. The cone was demonstrated to be
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effective between 240 rpm and 330 rpm for controlling foam due to a 10 

ppm soap solution. Figures 8-14 to 8-16 illustrate the reduction in foam when 

the cone is switched on at 274 rpm. When the soap level o f the solution was 

increased to 16 ppm, the cone was flooded at 274 rpm (Figure 8-17). The 

performance improved with increasing agitation speed. For controlling the 

foam due to 16 ppm soap solution, it was needed to operate at 390 rpm to 

match the 240 rpm performance for 10 ppm soap solutions. The “g” forces 

were varied from 10 to 26 writh tip speeds between 3.8 to 6.2 m /s. A t 274 

rpm the tip speed was 4.4 m /s with a ‘j f ’o f 12.8.

Figure 8-14:. 0.61 m vessel. Cone flooded, agitator switched on to bring 
foam under control for a 10 ppm soap solution.
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Figure 8-15: Level coming under control in the 0.61 m vessel at 274 rpm for 
a 10 ppm soap solution.

Figure 8-16: Level completely under control for the 0.61 m vessel at 274 rpm 
for a 10 ppm soap solution.
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Figure 8-17: The cone is flooded in the 0.61m diameter vessel at 274 rpm for 
a soap solution increased to 16 ppm.

8.4.12.2 Studies with the 0.914 m vessel

On the 0.914 m vessel, the tests were done on a cone o f 18-inch diameter and
o

a half angle o f 45 depicted in Figure 8-18. Geometry was that o f N o  2 

reactor (Table 8-2). The cone was effective for foam control between 150 

rpm and 208 rpm for a 10 ppm soap solution. Starting at 40 rpm the cone 

was completely flooded at the operational gas rate. Increasing agitation to 

180 rpm quickly brought the level under control. Figure 8-19 captures a 

picture o f the foam layer being reduced shortly after the agitation rate was 

increased. Conditions quickly stabilised at this speed with no splashing and 

the level reduced so that only an inch or so o f foam was visible on the inside 

o f the cone (Figure 8-20). By reducing the speed in stages, the cone could just 

control this foam down to speeds o f 140 rpm. A t 150 rpm it was quite stable 

(Figure 8-21) with a foam layer about 1 /3  o f the way up the cone. A t a speed 

o f 140 rpm it appeared that operation was verging on the edge o f instability
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with foam occasionally spilling back into the cone (Figure 8.22). Below 140 

rpm it started to flood. Increasing speed to 208 rpm did not cause any 

surface instability and the foam was well under control.

For the range o f speeds from 150 to 208 rpm the forces varied from 5.7 

to 11 with tip speeds between 3.6 to 5.0 m /s. A t 180 rpm (equivalent to 

operation at 274 rpm on the 0.61 m vessel scale) the dp speed was 4.3 m /s  

with Y ~  8-3-

8.5 Conclusions

The use o f a spinning cone for foam control and as a level control device is 

shown to work effectively up to the largest scale tested which was on a 0.914 

m diameter vessel. Scaling at constant tip speed gave a very slight 

improvement with scale-up. This is certainly not due to the agitator geometry 

change, which had been shown to be detrimental on the 0.61 m vessel work. 

It  was probably due to the cone geometry change. Figure 8-8 indicates that a

° • • • nV2 angle cone o f 45 is more efficient at pumping than one o f 30 .

Figure 8-18: picture of cone used in the 0.914m vessel work
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Figure 8-19: The reduction of the foam at 180 rpm after complete foam-out 
at 40 rpm in the 0.914 m tank for a 10 ppm soap solution.

Figure 8-20: Equilibrium foam at 180 rpm in the 0.914 m tank for a 10 ppm 
soap solution.
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Figure 8-21: Stable operation at 150 rpm in the 914 m tank for a 10 ppm soap 
solution.

Figure 8-22: Just coping with foam at 140 rpm in the 0.914 m tank for a 10 
ppm soap solution.
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8.6 Powet Draw fot Spinning Cones

The theoretical cone powet P, can be predicted from  the Adcock and Frolic 

(1986), equation (8.12).

P,=Qoip(r,2-rf)/2  (Watts)

J2 is estimated from equation (8.18). Reasonable experimental agreement 

with equation (8.12) was obtained when the cone was operating w ith the 

liquid level at the height o f the top o f the cone. For lower levels the power 

draw was lower. Measured power numbers for the cone varied from  0.2 when 

fully submerged down to 0.03 when the level is low. The error bands were 

quite large for these results due to the predominance o f the agitator

contribution to the total power. More recent work, Perdriau (2003), w ith a
0

fully baffled 45 cone fitted without other agitators gave a maximum power 

number based on the outlet diameter o f the cone o f 0.08 when fully flooded 

in water. This power number was constant w ith speed, which means that the 

power number is proportional to N 3 (similar to a conventional agitator).

8.7 Further Work

Further experimentation has been carried out at Novozymes A /S  in  

Denmark, on their pilot plant fermenters and at U M IS T , department o f 

chemical engineering.

8.7.1 Pilot Fermenter Work

The cone used in these experiments (Figure 8-23) was designed at U M IS T  on 

die basis o f the work reported above. The following is a summary o f the 

experiments from  Stocks et.al. (2004) o f Novozymes..

The purpose o f the work was to test the effectiveness o f an inverted hollow
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spinning cone (THSC) in pilot scale equipment in currently commercially 

exploited recombinant Bacillus fermentation with the characteristically 

challenging foaming and hold up issues o f this genus; in this case the Bacillus 

produced an extra cellular enzyme with technical applications.

Method

A  total o f nine Bacillus fermentations, in 550L reactors were conducted. The 

reactors were configured in sets o f three so diat three identically equipped 

and instrumented reactors were inoculated by one seed reactor, also of equal 

geometry. Vessels were 0.688 m internal diameter and were equipped with 

two Rushton Turbines 0.235 m in diameter. Agitation speeds were in the 

range 450-475 rpm. Aeration speed was 400 1/min (STP) at a steady lbar 

head space pressure. The cone was of stainless steel construction, had an 

inlet opening o f 90 mm a half angle o f 45° and an exit o f 344 mm (half a tank 

diameter). A  sight glass in the top o f the vessel permitted sufficient view o f 

cone for the collection o f video footage and some indication o f the 

foam/hold-up status o f the contents. Initial fill was 220kg o f a complex, 

proprietary, production medium. As is typical in maximising batch 

productivity in commercial fermentations, the vessel ran in fed batch mode 

using a concentrated carbohydrate feed substrate. For the first and second set 

of fermentations, no foam control additive (FCA) addition was permitted in 

the first reactor, FCA was added on demand in the second, and the third 

reactor ran without FCA addition, only the cone was used to combat foam or 

hold up development After running the first two sets, it was decided that it 

was economically intolerable to run without FCA addition in the first tank 

due to foam in the exit and so FCA addition was permitted for the third run.

Results

Reactor weights and product activity in the fermentations are depicted in 

figure 8-24. The tanks where no FCA was added lost 52 ±  15kg (at 95% 

confidence), compared to the reference batches where FCA was allowed on 

demand, which ended at 308 ±  6kg. The tanks containing the cone did not
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loose any contents ending on a statistically indistinguishable filling o f 319 ±  

13kg (p=0.18, T-Test or ANO VA). The enzyme activity in all tanks was not 

statistically distinguishable (p=0.84, A NO VA).

Conclusion

The use o f the cone successfully controlled foaming and hold-up at pilot scale 

in a commercially relevant bacillus fermentation, with a performance at least 

equal to that of the conventional FCA addition. Such encouraging results 

indicate great potential savings in both fermentation and recovery costs since 

FCA addition can be completely avoided under fermentation. A full-scale 

production evaluation is justified and is currendy under consideration.

Figure 8-23: Cone used in the N ovozym es ferm enter tests
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95% Confidence boundary from 4 reference batches with FCA addition 
Two batches without FCA addition
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Figure 8-24: Comparison of pilot plant runs with and without the spinning 
cone.

8.7.2 Further Work at UMIST

Three 45°, Vi angle cones o f diameters, 0.4T, 0.5T and 0.6T were constructed 

to fit the 0.61 m diameter vessel. These were used to determine the effect o f 

D J T  on foam suppression. This work was the subject o f an MSc sponsored 

by IC I by Perdriau (2003).
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Chapter 9 : An Electrical Resistance Tomography (ERT) System as a 

Diagnostic Tool

9.1 Aims o f the Study

This work is in two parts:

•  To determine whether a commercial ERT tomography package can be 

applied to the study o f intense multi-phase reactors using an 8-plane 

ERT sensor arrangement fitted to a stirred tank.

•  To determine the radial sensitivity and any 3-D  effects in the above 

arrangement

9.2 Summary of the Work

An 8 plane by 16 electrode Electrical Resistance Tomography (ERT) sensor is 

employed as a measurement and visualisation tool for the investigation o f 

mixing processes in the 0.61 m diameter Perspex vessel described in Chapter

3. The ERT system used during these studies is an Industrial Tomography 

Systems (www.itoms.com) P2000 instrument This system utilises image 

reconstruction algorithms based on two-dimensional (2D) electric field 

simulation to represent the planar data. Three-dimensional (3D) 

representations o f the conductivity distribution are obtained by stacking 

together the reconstructed images from each plane with a linear interpolation 

performed between adjacent planes.

Part 1 o f this study comprised modifying the existing 0.61 m diameter stirred 

tank facility in order to demonstrate that an 8 plane by 16 electrodes ERT can 

be successfully applied to the study of gas-liquid reactors operated at intense 

conditions. Mechanical agitation for these tests is by dual T f 2 diameter 

impellers operated at energy dissipation rates (S^ o f up to ~  10 kW /m 3 liquid

http://www.itoms.com
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and superficial gas velocities o f up to 0.1 m/s. Gas hold-ups up to 50% ate 

achieved by die addition o f a surfactant.

Because of the design o f the existing 0.61 m model vessel, the tomography 

set-up requires to be an add-on unit that fits inside the vessel with minimum 

interference with flow visualisation and with no interference to analysis ports 

and existing instrumentation. To facilitate this end, the tomography sensors 

are designed to form an integral part o f a specially designed baffle cage. Some 

commissioning problems caused by the large size o f the metal agitators and 

the metal support rings are solved by replacing the metal tings with plastic and 

by powder coating the agitators. The unit is then successfully demonstrated 

and diese results are presented.

Patt 2 o f this work is aimed at determining the extent to which the 

reconstructed images are affected by the 3D  distribution o f the actual electric 

field within each electrode ring and also to establish the limits o f detection. 

Tests are carried out using a selection o f highly conducting and non- 

conducting spheres.

Spheres, varying in size from one to three inches in diameter, are suspended 

on a thin thread from a support bar placed across the top o f the vessel. The 

shaft and agitators are removed from the vessel. The spheres are moved in 

stages across the diameter o f the vessel at die centre of plane 5 and equidistant 

between planes 4 and 5. Data are collected from all 8 planes for each sphere 

in each position.

It  is found that the ERT system can detect an object with a minimum 

diameter between 4% and 7% o f the vessel diameter depending on the 

conductivity difference between die sphere and the fluid background. The 

distance between the sphere and the sensors also affects the limits o f 

detection. The response of the system to the sphere is greatest when the 

object is closer to the sensor. When a highly conducting object is close to a 

sensor some “ghosting” is apparent due to distortion o f the electrical fields.
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9.3 Part 1: Demonstration of a Novel Retrofit Tomography Baffle Cage, 

for Gas-liquid Mixing Studies under Intense Operating Conditions

9.3.1 Background to ERT Retrofit

Following a one day meeting on process tomography fo r flu id  m ixing at 

UM IST, Manchester (15 March 2000), sponsored by the IChemE Fluid 

M ixing Processes, Subject Group, two o f our industrial sponsors, DuPont 

(UK) Lim ited and Huntsman Polyurethanes expressed an interest in seeing 

electrical resistance tomography (ERT) demonstrated on a model akin to 

some o f their high intensity industrial reactors. Although tomography is 

clearly out o f its infancy as far as a process tool is concerned, the m ixing 

literature has mostly concentrated on modelling single agitators typically D  = 

T / 3 operated at modest power inputs and relatively low gas hold-ups. Both 

the above sponsors have reactors w ith m ultiple large (D  =  T/2) agitators 

operated at high intensities w ith unaerated energy dissipation rates o f up to 

~ 10 kW /m 3, superficial gas velocities > 0.1 m /s and gas hold-ups up to 50%.

Under these intense operating conditions operation is in  the heterogeneous 

regime. Recent studies: Ellenberger and Krishna, (1999) fo r bubble columns 

and Gezork et. al. (2000) for stirred vessels, show that as superficial gas 

velocities are increased, a transition from  the homogeneous (bubble regime) to 

the heterogeneous regime occurs. For a bubble column this happens when the 

superficial gas velocity exceeds the nse velocity o f the bubbles in  the bubble 

regime. In  mechanically agitated vessels internal circulation causes an earlier 

transition. Gezork eL al. (2000) showed that this occurred at a superficial gas 

velocity o f around 0.04 m /s fo r the coalescing air-water system in 

mechanically agitated vessels and at a lower superficial gas velocity in  non­

coalescing systems, which have smaller bubbles. In  the heterogeneous regime 

there is a m ixture o f large and small bubbles and the interchange between
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these bubble populations has a pronounced effect on the gas-liquid mass 

transfer process.

ERT is seen as a tool, which could provide die means to probe some o f these 

interactions by yielding data on local population densities and may be to “ see”  

liqu id  feed distributions tiirough the gas fog. O ur industrial sponsors agreed to 

finance a re tro fit to die U M IST - D e p t Chemical Engineering 0.61 m  

diameter m ixing rig  to include an ERT package. The aim was to  demonstrate 

the ability to  obtain meaningful data at high Sp and gas-liquid hold-ups. In  

particular to be able to assess gas phase distributions and fluctuations and to 

fo llow  rapid m ixing processes even at high gas phase fractions.

9.3.2 Electrical Resistance Tomography System

The ERT system used during tiiis  study was an Industrial Tomography 

Systems P2000 instrument. This instrum ent is a further development o f die 

P1000 as reported by Primrose and Q iu (1999). The main advances being an 

increase in  injection current range from  0.1-30 m A to 0.1-75 m A, an increase 

in  the maximum number o f electrodes from  64 to 128 and a reduction in  the 

tim e o f acquisition fo r one frame from  40 ms to  20 ms.

The P2000 instrum ent is driven by a M icrosoft W indows based software 

package that can be used fo r both measurement and data analysis. Image 

reconstruction was perform ed by linear back projection. Furtiie r data and 

statistical analysis features include pixel history which allows image pixels o f 

specific interested to  be monitored, fo r example, the region close to a feed 

point, bulk properties which clearly show when complete m ixing has been 

achieved.

9.3.3 Previous Applications of ERT to Mixing Processes

M ixing processes are arguably the most reported application area o f electrical 

and other tomographic measurement techniques as demonstrated at the 1st
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W orld Congress by Wang et a l (2000) and Buchmann and Mewes (1999). 

These techniques o ffe r new opportunities fo r quantifying the degree o f m ixing 

and efficiency o f m ixing processes containing many types o f process materials. 

The most critical operating parameter in  a stirred tank is the agitation speed. 

Since the type, number and size o f im peller can vary, the most appropriate 

method fo r reporting the power input in to  a stirred tank is by the power per 

volume ratio (P fV ). In  the m ajority o f previous applications o f ERT to 

m ixing processes, the P / V  ratio has been low. Specific examples include the 

measurement of:

Solid-liquid m ixing at agitation rates between 75 and 105 rpm: Mann et a l 

(2000).

Gas-liquid m ixing fo r low  and high viscous liquids: Wang etal. (1999).

The effect o f altering the feed location while agitating at 150 rpm: Holden et al. 

(1999).

The behaviour o f d ifferent impellers at agitation speeds o f 75 rpm: Holden et 

a l (1998).

‘Just suspension speed’ fo r solid-liquid mixtures: McKee etal (1995).

In  all these cases a single im peller was used at specific power inputs in  the 

range 0.1 to 1 kW /m 3.

9.3.4 Experimental Details

9.3.4.1 Retrofit of the 0.61 m Stirred Tank Facility to Include an ERT 

Capability

The 0.61 m  stirred tank rig  is described in  detail in  Chapter 3. The ERT 

assembly (designed to f it  in to  this vessel) consisted o f 8 rows o f 16 electrodes 

(128) term inating in  8 centronic connectors, w ired to U M IST - D e p t 

Chemical Engineering instructions, to plug in to  an Industria l Tomography 

Systems, P2000 instrument. The rows were 8 cm apart designed to span an
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H — T  cylindrical section. Because o f the special design o f the model vessel, the 

tomography set-up needed to be an add-on un it that fitted inside the vessel 

w ith m inim um  interference w ith flow  visualisation and w ith  no interference to 

analysis ports and existing instrumentation. To achieve this, the tomography 

sensors were made to form  an integral part o f a specially designed baffle cage. 

A ll electrical connections were sealed internally and were made water and 

chemical proof. A ll exposed metal was minimised and was stainless steel to 

avoid stray e m f s generated by dissimilar metals. The baffles and 

electrode/w ire carriers were made from  plastic. Three expansion rings held 

the baffle cage in position. A  picture o f the tomography baffle cage is shown 

in Figure 9-1.

The tomography planes were numbered from  the top. The top agitator was 

located at plane 4 and the bottom  agitator was level w ith  plane 8.

Figure 9-1: View looking inside the vessel at the tomography cage
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93.4.2 Geometric Details

Two agitator arrangements in the 0.61 m vessel were investigated:

A dual radial/axial agitator combination. The bottom  agitator was a hollow  

parabolic shape blade design (Figure 9-2a) and the top one was a 6MFU 

(Figure 9-2b). Both agitators had a diameter o f 0.5T. They were located at 

clearances o f 0.22 m and 0.525 m above the bottom  o f the base. H /T  was 

constant at 1.36.

(a) curved parabolic blade agitator, b) 6 blade 45° Pitched blade turbine 
pumping up (6MFU)

Figure 9-2: Agitator used in tests

A single 4M FD, D=0.48T, <=T /4, Po =1.31, H /T  =  1.44 operating in water at 

234 rpm.

In  order to look at gas distribution fo r case (i) two types o f air spargers were 

investigated.

A 4-airsparge arrangement o f pipes w ith  exit horizontal at the centre-line o f 

the parabolic agitator, tangential in the direction o f flow  located at 5, 95, 185, 

275 degrees

A single air sparge centrally in the base, pointing vertically upwards.
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There were 4 x 90-degree w all baffles o f w idth T /10 located at 10, 100, 190 

and 280 degrees. These were tapered flush in to  tire dished base.

A  liqu id  feed input was located horizontally at die centreline o f the parabolic 

agitator at a position o f 330 degrees through which a conductivity pulse could 

be injected. The injection loop held 7.5 m l o f conducting tracer.

In  order to obtain gas hold-ups o f up to 50%, the water was dosed w ith  

surfactant (PPG).

9.3.5 Commissioning Trials

9.3.5.1 Tribulations

The vessel was filled w ith  tap water (a~100 pS/cm) and each measurement 

plane was tested individually beginning w ith  plane 1, the lowest plane. For 

plane 1 the injection current was altered between 5 and 75 m A and the 

optim um  current was found to be 30 m A which gave stable voltage readings 

in  the range 17.4 to 913.1 m V w ith  a mean o f 182.8 m V w ith  maximum 

relative change from  frame to frame o f ±  1%. Planes 2 to 8 were tested 

individually w ith  an injection current o f 30 mA. Planes 2, 5 &  6 performed 

sim ilarly to  plane 1, however, planes 3, 4, 7 &  8 produced nonsensical voltage 

measurements due to  the presence o f many negative values. Having run a 

series o f tests and seeking advice from  experts in  U M IST and ITS, it  became 

clear that there were three main contributors to the problem.

W iring faults. The w iring was not fu lly consistent w ith  the ITS specification, 

providing insufficient grounding and shielding. This had an adverse effect on 

the signal to  noise (SN) ratio. This omission was a result o f poor 

communication early in  the project.

The three expansion rings holding the baffle cage to the w all were stainless 

steel. These were close to the wall and were shown to be interfering w ith  the
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electrical measurements in  the planes closest to them by acting as current 

sinks, resulting in  the electric fie ld  not penetrating the process volume.

The large metal agitators also acted as a current sink distorting measurements 

and affecting the SN ratio. This was particularly true fo r the parabolic agitator 

due to its bulky design.

9.3.S.2 The Fix

The connectors were rewired to ITS specifications and all planes were 

grounded in to  the process fluid. The metal support rings were replaced w ith  

plastic and the agitators were powder coated w ith  a hard plastic insulated 

finish as shown in  Figure 9-2. O n completing these m odifications the un it 

was successfully commissioned w ith  excellent stability and low  SN ratio in  all 

planes.

9.3.6 Demonstration Trials

Following the successful commissioning o f the electrical tomography sensor, a 

demonstration to the supporting industrial companies was arranged fo r 14th 

Dec. 2000 w ith  subsequent tests on Dec. 21st.

For the dual agitator set-up, eight tests were perform ed as detailed in  Table 

9-1.

397



: An Electrical Resistance Tomography (ERT) System as a Diagnostic

Tool

Test Description
Test 1 No agitation. Air injected into water through sparge ring with 4 gas 

injection points at increasing gas flow rates and then injected through 
central sparge pipe at maximum flow rate ( v s ~ 0 . 1  m /s i

Test 2 High conductivity tracer(o ~ 0.1 S/cm) added at liquid surface while 
agitating at 90 rpm. P/V  ~  0.1 kW/m3.

Test 3 High conductivity tracer(o ~ 0.1 S/cm) added at feed pipe close to lower 
impeller while agitating at 90 rpm.

Test 4 Air injected at 150 1/min into surfactant/water, while agitating at 300 rpm. 
Average gas hold-up = 23.4 %; P/V ~ 5 kW/m3; vs ~  0.01 m/s, i.e. 
operation in the bubble regime.

Test 5 High conductivity tracer (a ~ 0.1 S/cm) added to gas-liquid mixture 
(average gas hold-up = 23.4 %) at liquid surface while agitating at 300 
rpm. Hydrodynamics as for test 4.

Test 6 High conductivity tracer added to gas-liquid mixture (average gas hold­
up 40 %) at feed pipe close to lower impeller while agitating at 300 rp'm 
and lm3/minute gas injection rate. P/V ~ 5 kW/m3; vs ~  0.07 m/s, i.e. 
operation in the heterogeneous regime.

Test 7 Gas injection through central sparge at maximum (vs ~  0.1 m/sj whilst 
agitating at 360 rpm. Measured steady-state hold-up by tomography in 8 
planes. Average gas hold-up ~  50 %, P/V  ~  8.5 kW/m3. Operation in 
the heterogeneous regime

Test 8 High conductivity tracer (o ~ 0.1 S/cm) added at feed pipe close to lower 
impeller while injecting through central sparge at 1 m3/minute (vj ~  0.07 
m/s) and agitating at 360 rpm. Tomography trace for bottom plane 8 
only. Average gas hold-up ~  40 %, P/V  ~8.5 kW/m3. Operation in the 
heterogeneous regime

Table 9-1: Test schedule fot demonstration

9.3.7 Results

Results from  all the tests were prom ising w ith  some qualifications. In itia lly  as 

the gas flow  rate was increased in  test 1, regions o f gas were identified above 

each o f the four-sparge pipes. When the gas was switched to a central 

injection po in t a large central column o f high gas hold-up was measured 

throughout the vessel. Figure 9.3 is two tomographic images from  plane 5: the 

firs t when the air was sparging through the ring distributor w ith  4 outlets and 

the second when the gas in le t was switched over to a central in jection point.
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Figure 9-3: Gas sparging with no agitation

Test 2 and test 3 was carried out at the maximum sampling rate o f 15 frames 

per second fo r a single 16-sensor plane, fo r the settings used. The results 

indicated that this rate was unlikely to be fast enough to follow  a fast m ixing 

process using all 8 planes. For 8 planes the whole system was sampled every 

0.53 seconds. Hence the in itia l m ixing process was completed in  about four 

measurement cycles. Figure 9-4 depicts a sequence o f two measurement sets 

follow ing the addition o f high conductivity tracer near lower impeller fo r test 

3. Rates o f 20 ms per plane are claimed, so clearly the system was not fully 

optim ised. Note that although the tracer was added at the side o f a radial 

impeller, the radial m ixing is surprising poor. The m ixing in the axial plane is 

much faster.
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Figure 9-4: Sequence of two measurement sets following the addition of a 
high conductivity trace near the lower impeller (time interval approximately 
0.5 s).

Figure 9-5 illustrates some o f the measurements from  test 4. The firs t w indow 

is a tomogram o f liquid being agitated at 300 rpm w ith  no gas injection. The 

presence o f an air vortex is being detected in planes 1, 2 and 3 due to surface 

entrainment. The second w indow shows the distribution o f gas in the liquid at 

the same agitation rate. As expected there is a gas lean area in the centre o f the 

tank base (the gas was being injected through the ring sparger w ith  4 injection 

points). Interestingly there is also gas lean region in the centre o f the vessel at 

planes 3 and 4. This is just above the top impeller.

Figure 9-5: Tomographical images of (left) liquid and (right) gas-liquid 
mixing at 300 rpm. Overall gas-liquid hold-up for the gas-liquid case was 
23.4%. Operation was in the bubble regime.
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Tests 5 and 6 yielded a similar picture to Tests 2 and 3. They reveal some 

interesting data regarding the axial/radial m ixing patterns, but the m ixing is 

too fast fo r a complete picture. In  order to yield inform ation fo r very fast 

m ixing processes w ith this system, the sample rate needs to be optim ised to 

the maximum, or sample fewer sensors either by decreasing number o f planes 

or the number o f sensors in a plane.

Figure 9-6: Tomographic images for mixing at 360 rpm. Overall gas hold-up 
50%. vs — O.lm/s

Results for test 7 are shown in Figure 9-6. These are fo r steady-state operation 

at high power inputs (approaching 10 kW /m 3) and high gas hold-up (50 %) in 

the heterogeneous regime. Gassing patterns are sim ilar to the gassing picture 

in Figure 9-5 fo r operation in the homogeneous regime but the range o f 

electrical resistivities is much larger.

Test 8, follow ing the m ixing at the bottom  plane fo r intense operating 

conditions, is depicted in Figure 9-7. The 6 images are at intervals o f 0.33 

seconds after addition o f tracer at bottom  plane. This m ixing is almost 

complete after 2 seconds
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Figure 9-7: Sequential mixing of tracer in the bottom plane. Addition is top 
left. There is a 0.33 s time interval between images.

For a single agitator in a high aspect ratio vessel (case ii), the overall m ixing 

rate is much slower and can be followed by the fu ll array o f sensors. The tests 

done provided an interesting comparison o f injection points; on the liquid 

surface far from  the impeller or below the surface close to the impeller. Figure 

9-8 compares the two cases. The plots show the mean conductivity values 

(calculated from  the reconstructed images) fo r all 8 planes during the two 

tests. I t  can be seen that the injection point close to the impeller ensured a 

quicker m ixing time than injection on the liquid surface as well as smaller peak 

values. M ixing times can be estimated from  these plots.

9.3.8 Conclusions and Further Work

The technique is clearly demonstrated to be applicable at high specific power 

inputs and phase fractions. Some optim isation is required fo r m onitoring very 

fast m ixing events either by optim ising the sampling time and /or by selection 

o f sampling planes. I t  is planned to use the system to aid the optim isation 

sparge and feed systems on specific reactor system.
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Figure 9-8: Mean conductivity values at each measurement following 
addition of high conductivity pulse (top) addition near impeller, (bottom) 
on liquid surface
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9.4: Determination of the Radial Sensitivity and 3D  Effect in an 8-plane 

ERT Sensor Arrangement Fitted to a Stirred Tank

The previous section was concerned w ith  demonstrating that the technique is 

applicable to investigation o f intense mixing. This section is concerned w ith  

the determination o f the spatial resolution and radial sensitivity o f the 

reconstructed images. The main aims here ate to determine the extent to 

which the reconstructed images are affected by the 3D distribution o f the 

actual electric fie ld w ith in  each electrode ring and also to establish the lim its o f 

detection.

9.4.1 Introduction

Electrical Resistance Tomography (ERT) has been employed as a 

measurement and visualisation too l fo r the investigation o f m ixing processes. 

The sensor commonly comprises up to eight electrode rings each w ith  16 

electrodes. In  most applications, measurements are made between electrodes 

w ith in  each ring and no measurements are made between electrodes in 

d ifferent rings. Image reconstruction algorithms based on two-dimensional 

(2D) electric fie ld  simulations are adopted. In  order to  obtain three- 

dimensional (3D) representations o f the conductivity d istribution (and hence, 

fo r example, gas hold-up distribution) reconstructed images from  each 

measurement plane are stacked together and a linear interpolation performed 

between adjacent planes.

The reconstructed 2D  images are affected by the 3D distribution o f the actual 

electric fie ld w ith in  each electrode ring. This experimental programme 

investigates the extent o f these 3D effects when using an image reconstruction 

scheme based on 2D electric fie ld simulation and the sensitivity w ith in  a 

measurement plane. I t  has been reported by Wang (1999) that ERT sensors
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are more sensitive to changes in conductivity the nearer these changes are to 

the electrodes

9.4.2 Experimental Equipment

A photograph o f the internal o f the stirred tank fitted w ith  the ERT sensor is 

shown in Figure 9-1. The sensors were connected to an ITS P2000 ERT 

instrument and a laptop computer. During these experiments the impeller 

shaft was removed. The vessel had an internal diameter o f 0.61 m.

Four spherical objects were used during these tests although one o f these was 

found to be below the detection level o f this sensor. The objects and their 

characteristics are listed in Table 9-2.

Object
No.

Material Diameter,
mm

Conducting/
N on­

conducting

Comments

1 Stainless
steel

76 (3 inch) Conducting

2 Stainless
steel

25 (1 inch) Conducting

3 G o lf
Ball

42.7 N on­
conducting

4 Ceramic 25 (1 inch) N on­
conducting

Below detection 
level

Table 9-2: Spherical object details

Photographs o f the spherical objects are shown in Figures 9-9 and 9-10.
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Figure 9-9: Large ball suspended in vessel

I
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Figure 9-10: Balls used in test
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9.43 Procedure

Each sphere was suspended by thin thread from  a support bar placed across 

the top o f the stirred tank. Figure 9-11 is a schematic o f the experimental set 

up. Two data sets were collected fo r each object; one fo r the object located in 

measurement plane 5 and one fo r the object located mid-way between 

measurement planes 4 and 5. For each data set 5 measurements were taken for 

each o f the eleven radial positions along a diameter o f the vessel as indicated 

on Figure 9-13. These were 6. 10,15, 20, 25, 30, 35, 40, 45, 50 and 54 cm from  

the edge o f the tank adjacent to electrode 5 along a virtual diameter joining 

electrodes 5 and 13. I t  can be seen that the eleven positions are not quite 

symmetrical about the centre o f the vessel, fo r example the position nearest to 

electrode 5 is 3.7 cm from  the electrode whereas the position nearest to 

electrode 13 is 4.7 cm from  the electrode. The electrodes are offset from  the 

wall o f the tank by 2.3 cm as shown in Figure 9-12.

Metal rod attached to 
frame of tank, 5cm 
intervals marked to 
enable easy positioning 
of ball

Ball suspended in tank by 
string attached to a loop 
stuck onto the ball

Tomography cage; 
sensors located on 8 
planes on each of the 16 
vertical strips

Height of 
tomography 
sensor cage: 
76 cm 1

Figure 9-11: Experimental Set Up
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Total height o f  electrode 
“  76 cm

Each electrode contains 
8 equally spaced sensors

2.5 cm

3.2 cn

0.5 cm

2 te rn
1.8 cm

Figure 9-12: Schematic of electrode strip

Figure 9-13: Radial positions of object within sensor
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The positions o f the spheres (w ith respect to the wall o f the tank) against 

measurement set frame number are shown in  Table 9-2. These were the same 

fo r all measurement sets.

Frames 1-5 6-10 i l ­ 16- 21- 26- 31- 36- 41- 46- 51- 56-
ls 20 25 30 35 40 45 50 55 60

Position 6 10 15 20 25 30 35 40 45 50 54

Table 9-2: Spherical object details: Position of spheres with measurement 
frame number

9 .4.4 Results

The presence o f a highly conducting (or non-conducting) sphere w ill create a 

region o f high (or low) conductivity on the reconstructed conductivity image. 

The maximum (or m inimum) pixel conductivity value is likely to  correspond 

to the pixel that represents the location o f the conducting (or non-conducting) 

object. Therefore plots o f maximum pixel conductivity fo r the stainless steel 

spheres and m inim um  pixel conductivity fo r the non-conducting sphere have 

been generated. The background water conductivity is defaulted to  the 

reference value o f 0.1.

9.4.4.1:76 mm Diameter Stainless Steel Ball

Data were collected from  all 8-measurement planes w ith  the ball located in  

measurement plane 5 (3-inch-ss-p5, where ss signifies stainless steel and p5 is 

plane 5) and mid-way between planes 4 and 5 (3-inch-ss-p4-5). In  both cases 

the quality o f the data was good. The firs t 5 frames o f 3-inch-ss-p5 (w ithout
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the ball) had maximum deviations o f ±  3% w ith  most data falling w ith in ±

1%.

Figure-9-14 represents a time series o f tomographic images from  plane 5 o f 3- 

inches-p5 as the stainless steel sphere is moved across the sensor. The colour 

scale represents the electrical conductivity w ith  blue indicating low 

conductivity and red indicating high conductivity. The scale has been set so 

that the background liquid — tap water — gives a green image. The first image 

was taken before the object was placed in the sensor. The presence o f a 

stainless steel sphere would be expected to result in a region o f high 

conductivity. This occurs fo r all positions except when the ball is close to an 

electrode as observed in the second image where the region o f red is 

surrounded by blue colouring.

0097 0103

Figure-9-14: Time series of tomographic images from plane 5 as the 3 inch 
stainless steel ball is moved across the measurement plane

The presence o f the stainless steel ball was also strongly detected by the 

tomographic images fo r planes 4 and 6 and to lesser extent planes 3 and 7.
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Figure 9-15(a) is a p lo t o f the maximum pixel conductivity fo r all eight o f the 

measurement planes against measurement frame number fo r the 76 mm 

diameter stainless sphere located in  measurement plane 5. The introduction o f 

the stainless steel ball close to electrode 5 is clearly detected w ith in  

measurement planes 4, 5 and 6 at frames 6-10. The maximum pixel values 

drops significandy at frame 11 as the sphere is moved away from  electrode 5. 

I t  drops significandy again at frame 16 but remains fairly constant (and 

detectable) as the sphere is moved along the virtua l diameter from  15 to  45 

cm. Figure 9-15(b) is the same inform ation fo r planes 4, 5 and 6 only. The 

non-symmetrical positioning o f the object along the diameter between 

electrodes 5 and 13 is detected w ith  higher readings fo r the 2 positions next to 

electrode 5 compared to the corresponding positions at electrode 13.

A lthough the ball was detected in  planes 3 and 7 from  the tomographic images 

these plots o f maximum conductivity are not o f a sufficient scale to show the 

object in  these planes.

Figure 9-16(a) illustrates die maximum pixel conductivity fo r all eight o f the 

measurement planes plotted against measurement frame number fo r the 76 

mm diameter stainless sphere located mid-way between measurement planes 4 

and 5. The introduction o f the stainless steel ball close to the axis o f electrode 

5 is clearly detected w ith in  measurement planes 4 and 5 and to a much lesser 

extent plane 3 at frames 6-10. The maximum pixel values drops significandy at 

frame 11 as the sphere is moved away from  electrode 5. I t  drops significandy 

again at frame 16 but remains fa irly constant (and detectable) as the sphere is 

moved along the virtua l diameter from  15 to 45 cm. Figure 9-16(b) shows the 

same inform ation fo r planes 4 and 5 only. The presence o f the ball was 

detected strongly in  planes 3 and 6 and to lesser extent in  planes 2 and 7 from  

the tomographic images.
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Figure 9-15: Maximum pixel conductivities with 76 mm stainless steel 
sphere suspended in measurement plane 5 for (a) all measurement planes 
and (b) measurement planes 4, 5 & 6
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Figure 9>16: Maximum pixel conductivities with 76 mm stainless steel 
sphere suspended between measurement planes 4 &  5 for (a) all 
measurement planes and (b) measurement planes 4 &  5

Figure 9-17 is a 3D representation o f the ball w ith in  the 8-plane sensor, 

obtained by stacking the 8 image ‘slices’ together and perform ing a linear 

interpolation between adjacent images to correct fo r the geometry o f the 

sensor. An iso-surface has been defined which joins together all pixel 

conductivity values o f a certain value and above.
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Figure 9-17: 3-D  images of the sensor showing the ball in the first six 
positions

9.4.4.2: 25 m m  Diameter Stainless Steel Ball

Data were collected from  all 8-measurement planes w ith  the ball located in 

measurement plane 5 (1-inch-ss-p5) and mid-way between planes 4 and 5 (1- 

inch-ss-p4-5). In  both cases the quality o f the data was good. The firs t 5 

frames o f each measurement set (w ithout the ball) showed maximum 

deviations o f ±2%  w ith  most data falling w ith in ±1%.

Figure 9-18(a) is a p lo t o f the maximum pixel conductivity fo r all eight o f the 

measurement planes against measurement frame number fo r the 25 mm
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diameter stainless sphere located in  measurement plane 5. The introduction o f 

the stainless steel ball close to electrode 5 is clearly detected w ith in  

measurement planes 4, 5 and 6 at frames 6-10. The maximum pixel values in  

plane 5 drops significantly at frame 11 as the sphere is moved away from  

electrode 5. I t  drops significantly again at frame 16 but remains fairly constant 

and just above the detection threshold o f the instrum ent as the sphere is 

moved along the v irtua l diameter towards electrode 13. Figure 9-18(b) depicts 

the same inform ation fo r planes 4, 5 and 6 only.

The tomographic images from  this measurement set start w ith  the ball located 

next to electrode 5 in  planes 4, 5 and 6. However, when it  is firs t moved at 

frame 11 it  is barely detected in  planes 4 and 6 but remains detectable in  plane 

5. A fte r this the ball is no t detected from  the images.

Figure 9-19(a) shows the maximum pixel conductivity fo r a ll eight o f the 

measurement planes plotted against measurement frame number fo r the 25 

mm diameter stainless sphere located mid-way between measurement planes 4 

and 5. The introduction o f the stainless steel ball close to  the axis o f electrode 

5 is detected w ith in  measurement planes 4 and 5 at frames 6-10. The 

maximum pixel values drops significantly at frame 11 as the sphere is moved 

away from  electrode 5 and is no longer detectable from  this data u n til it  is near 

to electrode 13. Figure 9-19(b) shows the same inform ation fo r planes 4 and 5 

only.

There is significant noise on this data. Taking a running average could smooth 

this.
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Figure 9-18: Maximum pixel conductivities with 25 mm stainless steel 
sphere suspended in measurement plane 5 for (a) all measurement planes 
and (b) measurement planes 4, 5 & 6
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Figure 9-19: Maximum pixel conductivities with 25 mm stainless steel 
sphere suspended between measurement planes 4 &  5 for (a) all 
measurement planes and (b) measurement planes 4 &  5

9.4.43: 42.7 mm Diameter Golf Ball

Figure 9-20(a) is a p lo t o f the m inim um pixel conductivity fo r all eight o f the 

measurement planes against measurement frame number fo r the g o lf ball 

located in measurement plane 5. The introduction o f the g o lf ball close to 

electrode 5 is clearly detected w ith in  measurement planes 4, 5 and 6 at frames 

6-10. The m inim um  pixel values increases significandy at frame 11 as the 

sphere is moved away from  electrode 5. I t  increases significandy again at
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frame 16 but remains fairly constant (and detectable) as the ball is moved 

along the virtual diameter from  15 to 45 cm. Figure 9-20(b) shows the same 

inform ation fo r planes 4, 5 and 6 only.

0.1005 

*  0.1 % 0.0995 

■5 0.099 

|  0.0985 

•  0.098 

•£  0.0975 

E 0.097
3

E 0.0965 

|  0.096 

0.0955

0.1005
0.1

0.0995
0.099

0.0985

0.098

0.0975

0.097

0.0965

0.096

0.0955

r^/Aj
Lyvi/\J W

yU

Min for

Q-

------  Min for P5

------  Min for P6

0 10 20 30 40 50 60

Frame Number (b)

Figure 9-20: Minimum pixel conductivities with golf ball suspended in 
measurement plane 5 for (a) all measurement planes and (b) measurement 
planes 4, 5 & 6

Figure 9-21 (a) depicts the m inim um pixel conductivity fo r all eight o f the 

measurement planes plotted against measurement frame number fo r the go lf
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ball located mid-way between measurement planes 4 and 5. The introduction 

o f the g o lf ball close to the axis o f electrode 5 is clearly detected w ith in 

measurement planes 4 and 5 at frames 6-10. The m inim um pixel values 

increases significantly at frame 11 as the ball is moved away from  electrode 5. 

It  increases significandy again at frame 16 and is no longer detectable from  

this data as the sphere is moved along the virtua l diameter from  15 to 45 cm.

Figure 9-21(b) shows the same inform ation fo r planes 4 and 5 only.
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between measurement planes 4 &  5 for (a) all measurement planes and (b) 
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9.4.5 Conclusions

The 25 mm diameter highly conducting sphere was clearly detectable in  the 

location plane at all positions across the vessel. This represents a detection 

lim it down to at least 4.2% o f the vessel diameter. The maximum conductivity 

is highest close to the sensor and drops (though still detectable) towards the 

centre.

The 42.7 m m  diameter non-conducting sphere (go lf ball) was also clearly 

detectable in  the location plane at all positions across the vessel. This 

represents a detection lim it down to at least 7% o f the vessel diameter. The 

m inim um  conductivity is detected close to die sensor.

The 25 m m  diameter (4.2% o f the vessel diameter) non-conducting sphere 

(ceramic) was below the lim it o f detection. Therefore the lim it o f detection fo r 

a non-conducting sphere is in  die range 4.2 to 7%.

From  the above it  can be seen that the lim its o f detection are induenced by 

the conductivity contrast between the background and the object, and the 

distance o f die object from  the sensor.

Some blurring o f die images, due to 3-D effects, is apparent. Even the smallest 

object tested was detectable in  die adjacent planes. However diis appears to be 

fairly constant across the vessel diameter and the size o f the image is 

approximately constant across the diameter o f the vessel.

The size o f an object that can be resolved by a 8 x 16-electrode array depends 

on the scale o f operation. In  sizing the electrodes, care was taken to scale-up 

the area o f the sensors w ith  die vessel size. Assuming a 5 % o f the vessel 

diameter resolution, a sim ilar scaled array on a 5 m  diameter vessel would only 

resolve individual objects or clumps to 0.25 m. In  order to “ see”  very small 

“ clumps”  requires w ork on a very small scale or an increase in  the number o f 

sensors. Increasing the number o f electrodes would mean the electrode size
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has to  be reduced which may make it  d ifficu lt to  resolve the electric fields. The 

inability to “ see”  to the centre o f the vessel could be improved by utilising 

sensors in  the centre either by using the shaft as an electrode or by mounting 

electrodes on a sleeve surrounding the shaft
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Chapter 10 : Summary, Main Conclusions and Suggestions for Further

Work

10.1: Summary

The thesis was introduced by a description o f the authors 24 years experience 

in  industry working on m ixing and multi-phase reactor design problems. Its 

theme is the design o f contactors and reactors w ith  “ A ttitude” . The general 

aim o f that w ork was to identify where and how flu id  flow  phenomena such as 

m ixing, multi-phase dispersions and separations were influencing chemical 

reactions o r other process requirements and optim ise those to  the benefit o f 

process performance, safety and cost.

The thesis itse lf builds on that experience through commercially sensitive 

w ork carried at UM IST. This makes the thesis somewhat d ifferent from  

typical sponsored research theses. The w ork going in to  this thesis comprises a 

number o f discrete research programmes in  the area o f experimental flu id  

dynamics that were fu lly  defined by discussion and agreement between the 

companies and U M IST before commencement A lthough confidentially 

agreements prevent die discussion o f commercial sensitive inform ation some 

overall description o f the type o f processes worked on and how these 

problems were tackled and in  particular to  how they relate to the material in  

this thesis are helpful to put the w ork in  perspective.

The w ork pertains to the design o f large-scale plant, in  particular to  the 

reactors that are at the core o f die processes. M ore than one process is 

involved. These are multi-phase, boiling gas-liquid-solid reactions and involve 

corrosive and /o r toxic chemicals. Gas rates are high, typically w ith  mean 

superficial gas velocities in  the order o f 0.15 m /s. The reactions are known to 

be sensitive to local concentrations o f species transferred from  the gaseous
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phase. The reactor product distributions are also known to  be m ixing sensitive 

such that local concentrations o f reaction species affect the yield.

The inform ation required is how best to configure such reactors so that:

•  Gas-liquid mass transfer rates are optim ised

•  L iquid  phase m ixing time is minim ised

• Feed and take-off positions are optim ised to m inim ise, local 

concentration gradients w hilst avoiding bypass.

O ther inform ation typically required is:

•  The number o f feed pipes required to achieve a good approach to 

homogeneity

• The power-draw fo r a ll agitators under 3-phase conditions at plant 

operating conditions

•  Overall gas hold-up under a range o f operating conditions

•  The distribution o f gas under a range o f operating conditions as a 

function o f agitator types and sparge pipe geometry.

The starting point fo r any such study is data about the reacting system. Hence 

the Buchi rig, Chapter 5 is a key part o f the investigation. In  the studies 

reported here, results fo r pure solvents are described. However, this w ork can 

be (and was) extended to  look at reactor m other liquors. These data are not 

included fo r commercial reasons. The w ork yields valuable data about dense 

phase bubble sizes, dense-phase bubble hold-up, bubble rise velocities and the 

superficial gas velocity at the homogeneous to heterogeneous transition. These 

investigations also revealed that some o f these systems tended to foam and 

this prompted w ork on looking at agitator types and positions to minim ise 

foam (Chapter 7, section 7.4.3) and spinning cones as a foam and level contro l 

device (Chapter 8).
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Gas hold-up fo r the reacting system was high (from  inform ation gleaned from  

the Buchi w ork and confirm ed by reactor radio-active scans), typically 50% 

overall. Therefore, to investigate how this affected agitator power draw, cold 

model analogue fluids were required. Polypropylene glycol (Molecular weight 

=2025) had been previously used by the author as antifoam and this agent had 

been noted to increase gas-hold-up (Cooke et a l 1988). The temperature 

dependency o f gas hold-up behaviour fo r this surfactant makes it  a useful 

choice fo r cold modelling o f d ifferent boiling reaction mixtures producing a 

range o f gas hold-ups, when scaled at constant FI and agitator (Chapter 4, 

section 4.4).

I t  was clear from  the Buchi w ork that at typical reactor superficial gas 

velocities, the systems o f interest are heterogeneous. Much o f the literature on 

mechanically agitated vessels deals w ith  air-water systems at superficial gas 

velocities below the transition (in the bubble regime) so die studies reported in  

Chapter 5 on the hold-up behaviour under heterogeneous conditions are new 

and original work.

Similarly, the need to suspend solids and disperse gas w h ilst m ixing rapidly at 

high phase fractions called fo r the exploration o f new agitator configurations 

such as the H B T  and 6MFU combinations and the m ultiple L ightn in A345 fo r 

these extreme duties (see Chapters 6 and 7). Again, in  these chapters, 

techniques and results pertinent to these measurements are described and the 

results are presented fo r power, hold-up gas-liquid mass transfer and m ixing 

times.

The use o f ERT to study m ixing and gas-phase distributions (Chapter 6, 

section and Chapter 9) had never previously been reported fo r these extreme 

conditions o f heterogeneous operation at high Bp and phase fractions.

In  all cases the w ork commenced w ith  the assembly o f as much relevant data 

as possible and agreed programme o f w ork w ith  clear objectives and 

milestones.
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The thesis contains a lo t o f inform ation. To be useful this has to  be 

retrievable. The literature review is extensive and mostly confined in  a single 

chapter. This thesis deals w ith  the design o f multiphase contactors and 

reactors w ith  “ A ttitude”  so is concerned w ith  exploring “ d ifficu lt”  designs: 

large scale, high phase fractions, rheologically complex, high superficial gas 

velocities and specific agitator power input. A  lo t o f the inform ation is the 

form  o f working spreadsheets and data. These may w ell be o f value o f the 

reader and are included in  the attachment CD in  folders that are self-

explanatory. A  lis t o f these folders is given in  Appendix 9.

This thesis is probably best summarised as a practical man’s guide to m u lti­

phase reactor design and m ixing area, and by that I  would wish the reader to 

in fer it  to be w ritten by a person who would be happier described as an 

experimentalist than a true theoretician. Because o f the broad scope o f this 

w ork and the need to protect commercially sensitive inform ation, many facets 

are covered as snapshots rather than highly detailed studies and in  that respect 

there is probably scope fo r several research projects to  add flesh and 

fundamental understanding to many o f the areas covered in  this w ork and 

some o f these are detailed in  the follow ing discussions.

10.2: Some Successes.

M ajor successes include the follow ing:

•  The development o f cold model fluids fo r boiling systems allowed 

data on accurate gassing factors fo r plant design to be obtained on the

models at the same gas flow  number, gas hold-up and £ j as the

operational plant reactors even at the high phase fractions.

•  Understanding how solids affect the dense-phase gas hold-up (and 

thereby the total gas hold-up) allows the operating gassing factor to be 

adjusted fo r solids loadings.
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•  The effect o f scale and blade-geometry on power numbers was 

evaluated fo r the hollow  blade turbines (equation 6.14) giving 

increased confidence on scale-up.

•  A  number o f m ajor manufacturing plants have agitator designs based 

on tliis  w ork and are operating successfully. The w ork contributed to a 

patent, [Bickham et a l 2003, USA patent number 10/443542] fo r 

large-scale reactor technology that is successfully licenced worldwide.

•  Spinning cones fo r foam control, were successfully trailed at p ilo t 

plant level by Novozymes. (Stocks et a l 2005).

10.3 General Conclusions and D esign Recommendations

The design o f multiphase reactors operating at high specific power inputs up 

to 10 W /kg  and superficial gas velocities >0.1 m /s o ffe r a special challenge. 

For gas dispersion the shortcomings o f the Rushton turbine have long been 

recognized since the gassing factor drops significantly upon gassing to values 

as low  as 0.2 in  these intense systems (Gezork et a l 2000). Under these 

conditions solids suspension, gas dispersion, agitator pum ping rates, m ixing 

and interfacial mass transfer are all compromised.

I f  radial flow  agitators are required it  is much better to use hollow  blade 

designs. Even at extreme conditions the gassing factors only drop to around 

0.7, and the effect o f m inor geometry and scale on the ungassed power 

number are predictable (eq. 6.15). These o ffe r sim ilar pum ping rates to the 

Rushton turbine when compared at the same diameter, reactor geometry and 

&f and are shown to  be excellent agitators fo r solid suspension especially under 

gassed conditions.

Designs should be configured to “ go w ith  the flow ” . This means that liquid 

and gas inlets should be oriented w ith  the direction o f agitator flow . This 

avoids flow  instabilities, wasted energy and should im prove the m ixing
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efficiency. Where m ultiple agitators are used they should be chosen to give 

positive flow  reinforcements at the interchanges. M ultip le radial flow  turbines 

should be avoided i f  overall liqu id m ixing times need to be m inim ized as they 

suffer from  flow  compartmentalization. The H B T  turbine below a 6MFU (or 

another high solidity up-pumping hydrofoil) has been shown to  be a good 

design in  terms o f stability, m ixing, gas dispersion and solid suspension, see 

Chapters 6 and 7. The use o f a lower radial H B T turbine is also a good design 

fo r gas-liquid mass transfer due to the excellent gas handling capabilities o f 

these agitators (see chapter 7 section 7.5.1). M ultip le high solidity up-pumping 

hydrofoils (fo r example m ultiple L IG H T N IN  A345s) have been shown to be 

a good design for gas-liquid and gas-liquid-solid dispersion in  terms o f flow  

stability, (figure 6.8) solid suspension (chapter 7, section 7.6.1) and gas-liquid 

mass transfer (Chapter 7, section 7.5.1). They also o ffer significantly shorter 

overall m ixing times than other m ultiple agitator designs (Chapter 6, section 

6.5.1.3.2).

A  high solidity up-pumping agitator operated 0.6 to 1.2 D  helps to control 

foam by acting as a foam breaker (chapter 8, section 8.4.11).

Where m inim izing overall liquid-m ixing times is a required design parameter 

the vessel/agitator aspect ratio is shown to be im portant. In  chapter 6, m ixing 

times are shown to be approximately proportional to  (H /T )2 and (T /D )2 

giving an overall dependence o f (H / D f . This tells the designer to consider 

m inim izing H  and maxim izing D  in  order to m inim ize the m ixing time. The 

relationships have only been tested in  the ranges o f 0.75 T5: H  < 2T  and 0.33 T  

> D <  0.6T.

By consideration o f the agitator power equation fo r fu lly  baffled turbulent 

flow  (equation 2.11) and a dependency o f m ixing on (H /D )2, it  can be easily 

shown that i f  agitator D /T , £ j and operating volume is maintained then 

changing the geometry from  H  — 2T  to H  ~  T  can be expected to reduce the 

overall m ixing time by a factor o f >3. Using a bigger agitator D /T  ratio at the
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same £ j is also advantageous fo r m ixing and these also have a greater pum ping 

capacity and therefore are better fo r gas and solid dispersion.

Knowledge is a key parameter in  a successful reactor design. In  order to 

understand die process you need as much inform ation as possible. I f  it  is an 

existing process, knowledge already exists. Plant managers tend to  be transient 

and are often changed (every 3 years or so). I f  you are not careful you can 

fin ish up “ reinventing the wheel” . O ften the process memory resides w ith  an 

old cynical foreman “ been there, bought the tee-shirt” . This person has seen 

all the changes, knows what worked and what didn’t and w ill have their own 

ideas why. F ind that person and talk to them.

Knowledge is a pow erful tool. I t  isn’t  gained easily; it  comes from  experience, 

experimentation, reading, listening, and learning. Experience can be a painful 

tutor. I f  you ate presented a problem to solve, it  is usually because there is a 

real need fo r a solution. Therefore i f  you present a plausible solution there is a 

good chance that it  w ill be tested. In  my own experience the ideas suggested 

that w ork in  practice are usually accepted w ithout fanfare. I t  is the ones that 

don’t  w ork that you hear about and those experiences can be a hard lesson. 

There is an old adage; “ a person who never made a mistake, never did 

anything” . However, to  avoid getting caught out too many times it  is necessary 

to  th ink very carefully about recommendations and here knowledge and 

experience are critical parameters. This certainly does no t mean, “ sit on a 

fence”  and avoid decisions, rather making clear judgements and 

recommendations in  the ligh t o f carefully thought out experimentation 

designed on sound principles, carried out and documented meticulously.
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10.4: Comments on the Experiments and Suggestions for Further 

Work.

10.4.1: The Hard Bits

N o t all o f the w ork went smoothly. From  the study o f the literature to  the 

experiments themselves it  was impossible to avoid being judgemental M uch 

o f die literature is contradictory. The shear rates that are responsible fo r drop 

and bubble break-up is one such example. D rop and bubble beak-up depend 

on shear. Van’t Riet (1975a) claims that the maximum shear rate, responsible 

fo r bubble break-up, occurs in  the vortices behind the blades o f rotating 

turbines and this scales w ith  N . Oldshue (1983) reports the maximum shear is 

at the blade tips and this scales w ith  N D . Shear rates at the Kolm ogov scale 

(1946, 1949) are very high and this theory would predict the drop-size should 

scale at equal Sr. However, nobody (to my knowledge) has yet produced a 

picture o f a drop being broken by a turbulent eddy and scale-up at geometric 

sim ilarity and constant Ej results in  smaller drops on scale-up. The 

interm ittency theory (interm ittent bursts o f intense energy) has been 

introduced to explain these anomalies but a close look at the literature 

indicates that this theory isn’t  tru ly predictive (see Chapter 2, Sections 2.2.4.1 

and 2.4.1). The experimental evidence points to  the relevant scale-up 

relationship being geometric sim ilarity and constant tip  speed and that then is 

my judgement u n til someone comes up w ith  a better predictive relationship.

Being judgemental is not always easy or comfortable. The FI versus Fr 

relationships to  describe the flooding-loading transitions has an excellent 

pedigree “ Smith, Warmoeskerken and N ienow” . The extension o f the 

Rushton turbine equation to describe the flooding-loading transition (equation 

7.5) to include the hollow  blade agitators indicated that these were capable o f 

handling a lo t more gas than a Rushton turbine before flooding. This view is 

supported by the w ork o f Saito et a l (1992) and Gezork et a l (2000) fo r the
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6SRGT. The Chemineer literature claims the BT-6 w ill handle up to 6 times 

the gas o f a Rushton turbine before flooding. These claims are powerfully 

supported by the likes o f A. W. N ienow and A. Bakker.

The data in  this thesis do not support that view. Equation 7.5 seriously 

underestimates the iV  required to overcome flooding (Table 7-5) fo r the 

hollow  blade turbines tested here. W hat is found is that compared at equal D  

and gassing the Rushton turbine and all the various types o f hollow  blade 

agitator (including the 6SRGT) require very sim ilar amounts o f power to 

overcome flooding. Re-analysis o f the Saito et a l (1992) and Gezork et al 

(2000) data reveals that this is true fo r their data also.

For the w ork o f Saito et a l (1992) the Rushton turbine and 6SRGT lines 

clearly are not coincident, though the authors assume they are. For the Gezork 

et a l (2000) data, the lines are almost coincident but the 6SRGT is a larger 

diameter than the 6RT. In  both cases consideration o f the ungassed power 

number, gassing factor and diameter show they draw the same power as the 

Rushton turbine at the flooding-loading point.

Re-examination o f the N ienow (1985) data indicates that the effect o f D /T  on 

the F -L transition is closer to the view that at a constant scale o f operation a 

given pum ping rate is required to disperse a given amount o f gas (first 

proposed by N ienow et a l 1985). I t  was shown in  Chapter 2 (using published 

agitator flow  numbers) that compared at equal D  and agitation power the 

Rushton turbine the Scaba 6SRGT have similar pum ping rates and this 

supports the arguments above.

I t  was considered whether it  was worthwhile correlating all o f the H B T  data in  

the form  o f FI versus Fr relationships. However the FI versus Fr relationship 

can be transposed directly to a specific agitator power versus specific gas 

power relationship (see Chapter 7, section 7.2.2) and this fact suggests that an 

energy balance may be a simpler and more meaningful way o f dealing w ith  this 

transition. The 0.4T diameter Rushton turbine data o f Warmoeskerken and 

Smith (1985), (Table 7-2) indicates an equality o f gas and agitator power at the
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F-L transition. A  similar correspondence is found fo r the hollow  blade 

agitators tested herein. To propose that, fo r a mechanically agitated vessel at 

least as much energy should be input by the agitator as the gas, in  order to 

ensure the system is not gas dominated appears self-apparent. For radial 

agitators o f diameters <  04T the effect o f D /T  on the agitator pumping rate 

needs to be considered.

10.4.2: Comments on the Buchi Rig Work and Suggestions for Further 

Work

Chapter 5 covers an often-neglected area: the behaviour o f “ real”  fluids under 

reaction conditions. O ften the inform ation available to the designer, modeller 

or researcher is sparse, especially i f  it  involves corrosive and toxic chemicals at 

high temperature and /  or pressure. A  recommended firs t step fo r a gas-liquid 

system is to shake up some o f the reactor mother liquor in  a volum etric flask 

(providing it  is safe to do so). For a boiling reaction, boiling some o f the

material in  a glass flask in  a fume cupboard can also be enlightening. Am ong 

things to note would be:

•  H ow  big are the bubbles?

•  H ow  quickly do they disengage?

•  Is it  frothy,

•  Does it  foam?

The latter can be very im portant, since i f  the high gas-phase fraction is due 

prim arily to  foaming then the residence time and productivity can be effected 

greatly by controlling the foaming by techniques described fo r example in  

Chapters 7 and 8.

The beauty o f the Buchi rig  is that it  allows the study o f real systems at no t 

only reaction conditions bu t at scale hydrodynamic conditions which allows a 

step-change in  perception o f im portant design parameters such as bubble size,
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bubble rise velocities gas-liquid hold-up and bubble fractions. There is a lo t o f 

mileage in  this approach.

Areas w orthy o f further study should include the affect o f solids on the gas 

bubble d istribution and the lin k  between the steady-state gas hold-up and the 

in itia l dynamic gas disengagement work. These areas are discussed below.

10.4.2.1: Effect o f solids on the gas bubble distribution.

De Swart and Krishna (1995) showed that solids supplant small bubbles in  the 

dense phase in  bubble column reactors operating in  the heterogeneous regime. 

This w ork shows the same effect occurs in  mechanically stirred contactors as 

illustrated by Figure 5-53. The tota l volum etric hold-up o f gas plus solid 

remained constant w ith  increasing solids concentration, w ith  the solids 

replacing the gas in  the dense phase. The solids were 205-m icron glass 

ballotin i beads. The test flu id  was a 20-ppm PPG solution that supports a 

large concentration o f particles in  the dense phase. I t  is interesting to  speculate 

on the effect on other systems such as water or a 0.2 m olar sodium sulphate 

solution where 10% by volume solids would completely supplant the gas in  

the dense phase, suggesting potentially a very large effect on gas-liquid mass 

transfer.

When the solid volume fraction is equal o r greater than tire saturation dense 

phase fraction there can be no small gas-bubbles. One m ight presume the 

fraction o f solids in  the dense could strongly influence gas-liquid mass 

transfer. A t solids concentrations below the transition they may or may not 

influence gas-liquid mass transfer rates dependent upon bubble break-up and 

coalescence rates. Does this result in  a gradual dim inishment in  mass transfer 

rates as the transition is approached? Is there a catastrophic fa ll in  gas-liquid 

mass transfer when the dense phase is saturated w ith  solids? Further w ork is 

highly recommended.
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10.4.2.2: Implication of Equation (5.2) vs ~ ( —  j
\ d t ) l

In itia l disengagement rate data is compared w ith  the steady-state superficial 

gas velocity in  Figure 5-52. The agreement between the in itia l disengagement 

rate and the steady-state superficial gas velocity confirms that the in itia l 

disengagement rate provides a good indication o f the vessel superficial gas 

velocity even when applied to a mechanically agitated vesseL This provides 

confirm ation that the dynamic disengagement technique w ork can be 

extended to the mechanically stirred reactor area. I t  also provides a have a way 

o f estimating the superficial gas velocity fo r the boiling case. I t  could be 

extended to provide bo il up rates fo r heat transfer calculations. This should be 

considered fo r further work.

10.4.3: Regarding Chapter 6: Single Phase Hydrodynamics

In  Chapter 6 it  was the m ixing w ork that produced the most surprises and 

opened many potentially fru itfu l avenues fo r further work.

10.4.3.1: Effect o f clearance on mixing

Even fo r H  =  T  geometries it  is found that all the m ixing time data could not 

be accurately described by a single correlation as claimed fo r example by 

Ruszkowski (1994). W ith  the disc turbines, the larger D /T  is the more 

energetically efficient fo r m ixing. This agrees w ith  earlier published work. The 

L IG H T N IN  A310 and the 4MFU are the least energetically efficient fo r 

m ixing at the c — T j4 clearance used in  this work. This is consistent w ith  the 

flow  visualisation and it  could be that optim ising the clearance would im prove 

the m ixing which should be considered in  further work. This should be linked 

to flow  visualisation.
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ERT and CFD studies should also be considered fo r this work.

10.4.3.2: Effect of Agitator Choice on Mixing in Tall Vessels.

When rapid top-to-bottom  m ixing is required in  ta ll vessels m ultiple up- 

pumping high solidity hydrofoils such as die L IG H N IN  A345 are 

recommended. When the top agitator is positioned 0.5 to 1.2 agitator 

diameters from  the dispersion surface these are useful fo r contro lling foaming. 

The optim isation o f agitator configurations fo r a particular process is generally 

a balancing act in  die art o f compromise since often die agitation system has 

to cope w id i conflicting demands — liqu id  m ixing, gas and /or solid dispersion, 

heat, mass and momentum transfer, residence time etc. I t  would be foolish to 

pretend that a ll is now known in  these areas, thus diere w ill always be areas 

w orthy o f further study.

Cooke et a l (1988) Manikowski et a l (1994) and O tom o et al. (1995), report 

that the overall m ixing time reduced by about 50%, when the two upper 

turbine agitators were replaced w ith  axial flow  agitators. This w ork finds that 

when trip le  A345 agitators are used the m ixing time is reduced by a factor o f 

three compared w ith  trip le  radial turbines at the same specific power input. A  

single disc turbine a clearance o f T /4  is more energetically efficient than equal 

diameter trip le  disc turbines in  a H  — 2T  vessel. One presumes the long 

overall m ixing times associated w ith  the trip le  disc turbines is due to the flow  

fields preventing direct axial transport o f flu id  via the baffles resulting in  

compartmentalization o f the m ixing zones.

Feeding simultaneously to  each disc turbine should eliminate this staging 

effect and elim inate/reduce local concentration variations. ERT tomography 

is a useful too l to  study in ter-2onal m ixing and exchange rates (see Chapter 6, 

section 6.5.3). This area is w orthy o f further study.
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10.4.3.3: The Effect of Scale-up on Mixing.

I t  was noted that in  this w ork the m ixing time constant has not scaled up. 

Results fo r the single 4M FD at H —1.25T and fo r the trip le  A345 show a 

longer m ixing time constant (Nt*,) on scale-up, even accounting fo r any small 

differences in  D /T  ratios. K ipke (1983) suggests this effect maybe due to the 

larger turbulent eddies found on a large scale taking longer to  decay. Another 

explanation (fo r the w ork reported in  this thesis) may be that adding tracer to 

die surface in  order to measure the overall m ixing time results in  longer lags 

in  larger vessels. Here, a m ixing time is defined as a time to reach a specified 

degree o f homogeneity from  the time o f tracer addition.

The scale-up o f the m ixing time constant requires further study. To determine 

whether lag-time alone accounts fo r this anomaly, the tracer injection needs to 

be studied. Injection o f tracer at the main agitator should eliminate lags. The 

tracer injection po in t and addition tim e needs to be standardized to  eliminate 

the influence o f these. I t  may be possible to use frequency analysis to study 

die affects o f eddy sizes on the m ixing process.

10.4.3.4: Regarding Chapter 7: Multi Phase Hydrodynamics

On my wish lis t fo r w ork reported in  Chapter 7 is a complete re-appraisal o f 

the flooding loading transition criterion. The main shortcoming in  much o f 

the w ork reported is consistendy good data. A t high superficial gas velocities 

and high D /T  visual appraisal can be misleading. There is no certain p ro o f the 

inflections in  the power curve mark the exact transitions. The data o f 

Warmoeskerken and Smith (1985) obtained w ith  the turbine flow  meter 

appear to be the most consistent Data fo r a range o f turbines types and 

diameters obtained in  a self consistent manner fo r a large range o f gassing
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rates should determine conclusively whether “ g”  forces (Fr) o r pum ping rates 

determine die transition and settle the argument whether one type o f blade is 

more energetically efficient at dispersing gas when compared at equal diameter 

and gassed power.

10-4-5: Inverted Hollow Spinning Cones

Inverted hollow  spinning cones, retrofitted to mechanically stirred reactors, 

are shown to o ffe r an attractive economic method o f foam contro l in  Chapter 

8. However, i t  would be naive to say that the mechanisms involved are fu lly  

understood and further mechanistic w ork in  this area could be very rewarding. 

The area o f scale-up needs further work. I t  is my own am bition to see inverted 

spinning cones successfully trailed on a large scale fo r level reduction and 

foam control.

10.4.6 Tomography

W ith  the rapid advances in  computational speed and memory-size, m u lti­

phase computational flu id  dynamics is an area that can now be generally 

realised. However, CFD demands good experimental data and techniques to 

allow model verification and optim isation. Tomographic techniques described 

in  Chapters 6 and 9 are one such too l that shows great promise and these 

tools can also be used fo r process diagnostics and con tro l

Areas that could be usefully developed via further w ork include:

• The use of ERT to evaluate exchange rates between agitators.

This may be possible using the mutual bulk resistance (MBR) fo r all

planes facility on the ITS system see Chapter 6, section 6.5.3.

• Use of ERT in 3-Phase studies. 2 possible methods come to mind.

(I) Use a solid w ith  a higher conductivity than the liquid. This would
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allow die higher conductivity soEds and the non-conducting gas to be 

imaged. (II) Use a range o f frequencies to identify differences in  

impedance between the non-conducting soHd and gas.

• Measurement of rate processes. ERT is admirably suitable fo r 

studying rate processes and because o f the 3-D  characteristics o f the 

measuring technique could be used to measure d iffering rates 

occurring in  different parts o f the vesseL I t  could be usefuEy employed 

measuring bubble build up and destruction rates. Starting from  a clear 

Hquid, the gas is introduced at time zero. As bubbles form  the hold-up 

increases. Periodically interrupting the gas flow  allows large bubbles to 

escape (10s - 15s) so the yielding inform ation on large and small 

bubble form ation and destruction rates. M uller (1993) and M uller and 

Davidson (1992) show how these bubble form ation curves can be 

analysed to  yield these rates and how the analysis can be extended to 

d ifferent bubble classes (small and tiny bubbles). I t  may also be 

possible to use spectrum analysis techniques to  deconvolute the rate 

data to  identify d ifferent bubble size classes.
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Appendix 1: Shaft Torque and Power.

Shaft torque is measured using calibrated strain gauges bonded to the shafts 

and protected by w aterproof covering; Chatwin and N ienow (1985). They 

w ork on the principle that the elastic resistance o f metal varies in  proportion 

to the strain put upon it  — in  this case torque. The strain gauges are provided 

in  the form  o f chevrons, designed to cancel out any bending moments. The 

strain gauge forms one-arm o f a Wheatstone bridge allowing the un-balance 

caused by torque to  be accurately measured.

Each strain gauge is w ired to an ASTECH strain gauge bridge fitted  w ith  

telemetry readout. The torque (M) data is acquired during one to two minutes 

whenever experiment conditions were changed, the value o f the torque being 

recorded every second.

Under operating conditions a zero reading needs firs t to  be acquired. M ost o f 

the experiments were conducted w ith  die impeller shaft tunning in  a Teflon 

bottom  steady bearing. This means there is some danger o f the shaft sticking 

in  a position such that when stationary there is a torsional strain on the shaft 

In  that case a static zero is not accurate. A  more accurate zero is obtained by 

either running the m otor at the operating speed w ith  only the bottom  bearing 

covered (the agitator running in  air) or obtaining a running zero at such a low  

speed that the mean shaft torque is essentially zero. As power is proportional 

to  JV3, operation at 3 rpm  generally satisfies the latter condition. Checks show 

that there is no significant difference in  power readings w ith  the zero 

determined by die two methods and fo r sim plicity the latter method is 

generally used. Hence data treatment is as follows:

Calculate the arithm etic mean and the standard deviation o f the torque at N  =  

3 rpm  to w ork out the zero value and at each experimental speed.
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Subtracting the zero to the torque mean value at each speed to get the torque 

value M  in  volts.

Converting he acquired torque in vo lt in N m  using the appropriate calibration 

factor.

The shaft power is calculated as follow :

P  =  l n { N  160)M  (A .l)

where the agitation speed N  is measured in  rpm.

AL1 Calibration of Strain Gauges

The strain gauges are calibrated by mounting the shaft horizontally on a 

torque table as shown in  Figures A l. l and A1.2.

Figure AL L Strain gauge calibration table.
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Figure A l. 2: Strain gauge calibration, close-up of telemetry transmitter, 
aerials and receiver.

The torque arm is clamped to the shaft in a horizontal position and to this is 

hung a weighing arm at a fixed (0.5 m) distance from  the centre o f the shaft: 

Figure A  1.1. Calibrated weights are added (weighed on a calibrated accurate 

balance) and the resulting voltage readings recorded on the Lab View data 

acquisition system at 1 Hz. For a torque arm length o f 0.50 m, the applied 

torque at each applied weight is:

mass (kg) x 0.5 g (N  m) (A 1 -1)

where g is the gravitational constant — 9.81 m /s.

A  typical calibration is shown in Table A l. l.  This is fo r the 0.61 m diameter 

tank shaft m id strain gauge, on the low sensitivity setting fo r clock-wise torque 

recorded on N o 3 receiver. The strain gauge constant was found to be 20.26 

N m /V  w ith  an R2 correlation coefficient o f 0.99997.
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2FTCAL00.W K4 23 /2 /00  

M id Strain Gauge.
No3 Rec. LABTEC H  N O TE B O O K  clockwise torque 
Low  Sensitivity

Data from  2ftsgcal.WK4

weight

k&

weight
Newton

Length o f 
torque arm 

m

Power
Difference

V)
Torque
(Nm)

0.02009 0.1971 0.5 0.0099 0.0985
0.52426 5.1430 0.5 0.1301 2.5715
1.02748 10.0796 0.5 0.2505 5.0398

1.51842 14.8957 0.5 0.3665 7.4479
2.02164 19.8323 0.5 0.4863 9.9161

2.53021 24.8214 0.5 0.6092 12.4107
3.03343 29.7579 0.5 0.7307 14.8790
4.02759 39.5107 0.5 0.9704 19.7553
5.03433 49.3868 0.5 1.2133 24.6934
7.04098 69.0720 0.5 1.7021 34.5360

8.04828 78.9536 0.5 1.9471 39.4768
9.04244 88.7063 0.5 2.1989 44.3532

Regression Output:
Constant 0
Std Err of Y Est 0.08543605
R Squared 0.99996808
No. of Observations 14
Degrees of Freedom 13

X Coefficient(s) 20.2635613
Std Err of Coef. 0.02184708

Table Al. 1: A typical strain gauge calibration
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Appendix 2: Ovetall Gas Hold-up

Gas hold-up is estimated fito in  the level, which is determined either ftom  the 

vessel w all scale (measured by video) or by use o f a calibrated u ltra sonic hold­

up probe.

A2.1 Overall Gas Hold-up by Video

A  calibration scale on the vessel w all allows the level to be measured to 1 mm, 

accurate to  approximately ±  1 mm. The liquid level can be estimated from  this 

during gas-liquid agitation. However, at high agitation rates this is very 

unsteady and errors in  readings are potentially high. Recording the level on 

video, then playing the video back frame by frame to allow a good average 

level to  be determined, can reduce the errors. P rior to  this, the camera is set­

up in  a known 3-demensional position w ith  the viewing lens axis horizontal 

and calibrating the “ as seen by camera”  level against the “ as seen by eye” . This 

is done using water at d ifferent f ill levels and no agitation. A n  equation is fitted 

to these data to allow corrections to  be made.

For a fla t base cylindrical tank, the volumes are simply calculated from  the 

heights. I f  the unaerated height is H L m  and the gassed height is H G m, then i f  

the volumes o f the internals are ignored, (considering equation (3.3)):

£ g = 1 0 0 X
' h g - h l s

(%) (A1.2)

For other vessel o r base shapes the volumes have to be calculated taking the 

geometry in to  account

A2.2 Ovetall Gas Hold-up by Ultra Sonic Level Ptobe

This is measured using an Endress and Hauser (UK) L td  Ultrasonic level 

probe type N ivosonic 27580 D U  213. Technical data, accuracy and operating 

instructions as follows:
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□
Erdre**-i-Heueer (UK) lid  
ledson Manchester M
Tel 0«* 99HQ321 
T,lrm6W531 I 101.82.01/2

Technical Information | MIVOSONIC FMU 2780

Application

Tha ultra tonic ECHO *mt MtVOOONtC EMU TTtO la used 
tor continuous non-contact lovol fhaasuTament In tanla 
euntwnirtg liquids aahon connected to SENSOR DU 212. 
and alto lor non-contact How measurement in open chen- 
neis when conneeted to KN90H  Dll 213.
Ida characteristic of the liquid surface (wave formation) 
does not affect measurement The sound waves penetrate 
I ght foam up to 2 cm Stick Where the foam it thick and 
danse, the MVOSONIC FMU 2780 detects ths surface of 
the feem.

M etsurinf system

ThU compriaea the NfVOSONlC FMU 2780 and the ultra- 
tonic tensor DU St) or DU SIS
As optional extras we can supply adapter pipes and sens or 
damps, iwheeling meter, elaeeaonic Hm« Pan>—tiers, K 
nearacrs tor flow measurement, etc. can be connected 
to the current and voltage output of the MTVOSONIC 
FMU 2780

Operating principle

A sensor emits ultrasonic pulses at a frequency at approx. 
M VMi. the i"tud<We sound waves are reflected by the 
bqu'O surface and are received by the teneor. The round- 
pip time (>e. the time elapsed between transmitting 
and receiving the echo) M measured eleetronicaBy in the 
FMU2IBB and appears m  an output signal proportional 
to level.
tt the sensor doe* not receive in echo, a safety circuit 
of (he FMU 2788 is Initiated which cauees the output 
signal to drive up seals over 100V or down below 0%, 
acconhng to choice

The built-in temperature probe Is the idtraecnie sensor 
automsticelfy eompenntrs round-trip urn* errors which 
are caused by the temperature coefficient of the speed 
of sound In sir.
For open channel flow measurement Me level proportion­
al signal i* modified by a linearises programmed with 
the O'h characteristic of the channel.

Installation .

Sensor;

See Ttchtdchal Information sheet for ultrasonic sensor
DU 213/DU 212.

electronic module:

The MVOSONIC FMU 2T80 M e plugin unit (Monosyst) 
For Installation and cabling only the base plate with the 
terminal block is needed. The electronics module is then 
merely plugged in and secured with Mo retaining screw*.
8ee figure r lor dimensions end drilling template 
When lilted individually or at least 10 mm apart, max 
ambient temperature In the switch cabinet dunrg opera­
tion is 60 "C.

Connection

See figure 2 for electrleel cowna— no of MlvOSONlC 
FMU 2780. Note voltage on label.
By re-soldering e bridge on the -printed c.-cult board 
(see figure 3), the Instrument can be adapted for another 
voltage Change voltage on label.

1 = 0
I • 8

8 ] 7 M
L q  « .» —  «- - ■—  #v 3 .1’ «
r  0B-JOmke*sra,_*e*A t - = ---------- F»T‘r ^

signal M

R T ’VSbg

I ------

‘- r = * =fcr- JLL*T3

Ft 1*0

ii >
1

O o ®
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■jr—i  — "11 Endre*« + Heu*«r (U M  Ltd. ] i

t e d  S fS .JS b 'r'— ---------------
-J Tele* 66iS0T 1 E 01.82 02/03 1 DU 213/DU 712

ULTRASONIC SENSORS

Connection

FMV27I0

K if l iH  Ito* eg *
(a  u tM O  0 l i f  M g )—' I,

h N  4+20«» C l

DII212

FI 181
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Indran -i HlajIM (U-K.l Ltd 
.1 " J  UMckctMr M

T«l. 0619980J?1 , . ------------------------
fc . m J  T,><u | E Of .82.02/01 I DU 213/DU 212

Itd to n  Kind. M u c k c tM t H t M F K  ■ -  . . . .  . „  i . . . _____________________ _
Tel. 0619980J71 technical MonetOwi 1 ULTRASONIC SENSORS

Technical Data

DU213/&U2I2

Hauamgi * Protective lyttbai V A
Dimensions: see figure t
Max ambient
Mm per alms: , — 30X  to + «bX
Supply; from FMU 27*0
Accuracy: see FMU 27M end below
V mi mum Mocking
distance
DU 211: 49 cm
“**212: TO cm

see FMU 27*0
Sensor cable: 2-core screened rah Is.

mas 20 Ohm per core.
max 90 aF between core
and screen

Temperature eompeneu­
tron gauge
DU 211: external feeler
DU 212: budUe

Motmtlno

General remark: E/Fwefoe should b* topi *e small as 
possible to achieve the highest possible eccvacy: H is 
therefore useful not to mount the sensor higher than 
rtmcM%i*ry above the 100*4-lev*!, but also not to«*e> then 
the minimum allowed blocking distance.
For standard appbot'on* (tie mounting heights (distance 
between (ho underside of the sensor fiance and the 100**. 
level) era:
-.DU 213: «s on
-  DU 312: 70 can
for noo-etandsrd applications (presence of strong ripples, 
foam or agitators In tmsaaiel the mounting distance must 
bo increased to allow the use of a larger Mocking distance 
than standard
Vrtwn an extension tuba ia ueed to lift the sensor above 
the roof of the vessel (this applies malnfy for DU 212). 
d>e free end of the pipe must be cut at 43 'C fro eve<d 
spurious echos) and the blocking distance must not be 
shorter then the pips length plus tS cm.
Avoid the measurement In gude-tiibee because of the 
high working frequency lad km ): small droplets of liquid 
or solid deposita left by the process liquid wdl 
spurious reflections

MR! 
w lira  tt
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0 7^*1 End res* r Hauser (UK ) Ud. 
u j  Led sen Roid. M incknw  M 1JSPH--w lei 061-OT80121

%■ »ill  Telex 666501
Technical iafonradoa 

E 01.82.01/4
NIVOSONIC FMU 2T80

Cplibrettoit

The pins. switch** end potamiomorvr* needed for eeH> 
M e *  are en the progremm# heard behind the front put# 
on the FMU 77*0. The front plate Pan be removed by 
timing both retaining screws *0* (Hit vertical) Figure 3 
show* the components

A. Current Output

Plot In pin for required rang* 
0 ... 20 mA or *... 20 mA

A. Mlnlr— l/Mestmem Fail safe mode 

There are three possibilities.

C. Integration Tim*

The Integration time is that period which elapses after 
a rapid change In kval from 0 to 100% before the outpei 
signsI catches up 63% of the new value (response timet
in the MIN position, ttva re approx 10 seconds; 
in the MAX positipo, this le approx. *0 seconds.
W* reconvnend normally a mid position (arrow on the 
potentiometer pointing upwards].

O. Stocking Distance

N o rm a l positions
-  with DU 21): arrow of the Potentiometer on "DU 213*
-  with DU 212: arrow of the potent tom ater on "DU 212".

t. Signal storage: Plug in feed to the phi "Lock".
H no echo is received by the sensor, the last massured 
value it stored for some lima.

t  Minimum fail-safe: Pin Min
If no echo is received by the sensor, the Indication 
wiH fell to below 0% after mas on* mJnut*. This wdl 
also occur when switching on if tor ruins failure.

2. Maximum fad-sat*: Pin Mas connection.
If np echo IS received by ihg sensor. Indication W'ft ft#* 
to above 100% slier mas on* minute. This will also 
occur when Switching on after mein* Isllu'e.
The fatheefe facility allow# connected alarm and control 
unite to operate a* they would h* a normal csaa of 
exceeding or falling below the required level. When the 
faK-eafe facility le In operation, a safety lamp fights up.

1 »

^-B IO T Q L

if L z& 4
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Ertdreas -f H k u d i (U-K.) Ud.
L e d to n  fW d . t M w n  M  IM W    _______T »l 1 1 msomsarionZ~ ,  IN  9*1«9eOMl

^  Tete*«e830i 1 E 01 JS2.01/S
NtVOSONlC FMU 27M

A k>« feature of the kWiunint la that ca t  rati m  can be 
acfaeued by ceicutsnee without Jhe need to change levels. 
T# UclHtM* calculations, eartaia definitions ara explained 
below (»«* also figure •).
Rararaaca hna. Alaa called virtual asro.

Thia la tha line from which the measure­
ment of the distance It baaed.

I  Oittanct between the underaids of the
harrja and the reference lind, which I# 
afwara above tfia underside of (he flange. 
Z le determined by (ha physical and elec­
tronic delay ef tha maaaurini ayatam. 
Z is constant far the particular ultrasonic 
DO tensor and is shown on the label 
(typically 30.. V) mnt|.
Range • drstxca between the reference 
Ihie and OH (minimum ravel).

Pi Massuring Span • difference between OH
and 100H lavs).
Maaa tha Ikuud surface at tOOH level swat 
not be closer to the undera>ds of the 
flange than tha minimum Mocking diatence 
(or the periituier tarrwr.

U: Siocirlng Distance - (fie equivalent time (at
which the receiver it desensitised after 
a burst has been transmitted, the aniid- 
mum pemrnatibia diatancea are;
-  OS cat tor DU I I I  
•  TO cm far DU Oil.

Tha fait oaring meat be known or caleulatadi A
1. Installation height of tha underside of the earwor flange 

ah sea th  level 
3 7 o< the sensor (refer to label)
* I
< Calculate C 
1 Calculate E/F.

Then the fallowing toast be ad lusted:
t. All sntckai so "OFF", loosen posanttamatar lacking 
I  Adjust distance E with incremental awftchns and pe.

'  " V  ^ 7
Z ace label

^  / i hafsrence Unaqp I
mla 0.T m

- Z (ram) |
, !

DU TIE
INS 0 4s m DU3IS E (empty)

F (full)

Ratio tjf £ g

Adjust:
! ( ■  U S) m. sat tha fadauiig awitchaa id “O ffi 

4 m 0S00 mf w 0 100 m
0 900 m 

for the balance an the potentte meter:

(since the total scale nf to major divisions of the 
potentiometer la equivalent to 0.1 m (10 cm), sat the 
potentiometer to 54 an the scale).

Adjust:
T. E/F -  1 0 0

Push switch 1 upwards to “ON" m 1 .000 ■
and adjust far the balance an tha pMsntibmeter: 

M M

la rD U iD

i. * it,-----
I  Installed height af the underside of the i 

sbrti's sera m 0.n m 
t- T of the sensor ■ 23 mat
F. Diffaranca In level bafwaan OH Bod 100H ”  0JJ i

I  (  ■ t i l  a  4  o ca  m m 0 J33 at 
1 E ?  « 0*53 <n 0 53 m -  1 JO

(since the total scale of 10 major rhvfsiona of the 
potanttomattl represent* 8-1 -e F. set the potentiome­
ter to 10 on the scale).

far DU 213

Given.
1. installed hatfdn of tha undasaido of tha 

abova tare •  2.344 m
S. Z of tha oanser la 21 sons
3. Difference In level between OH m l 100N ■ 1J0 m

10
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E3w\ Oidrass + Hatitar (UK) ltd.

___________Tjf*S5i 9W 3J^"eh* it*rMia'*PM lafaraaaOe* | NIVOSONiC FMU 278 0
Talc* 6Cfisoi I E 01.M .01/6

Calculate:
I t *  } M  at + aiJJf m -  2J71 m 
9. E/P -  2311 m/150 «  w 1 J i

A d ju tt:

I E «  1.371 Wi. aot Ota following ewftchea to ’ON": 
S *  1.«00 m 
3 «■ 0.400 m 
2 m 0.300 m1 - 0.100 Hi

■ 1-300 m
and adjvat for th* bitine* on tha potsntto mater:

0071 m

M il at
(since th* total acata of Id major divisions of tfie 
potentiometer* la eguivelont to 0.1 «u (10 cm), aar 
tha potentiometer to 7.1 on lha acata].

Adjust:
7. E .T -  1J *

K at Mfddi 1 upwards to "Oat* ■ 1.000
and atonal for tha balaoca aw #>* potanHomatar: 

0.90

(since lha fatal acaia of 10 major divisions af fa  
potantiomatar rapraaanta 01 t / f ,  aat lha potentiometer
to 5 J on tha acata).

f. Calibration urilh an amply tank ar amply ah an al 
(Laval 0*i%).
If H la not possible to bring iha 'aval to 0% dismantle 
lha sensor and position It exactly perpendicular ta a 
smooth wait or board at tha correct •% fattrvu

1.1 On^ E/F awi«h I (lah) to W .
~  Potantiomatar ta 0 
10

1.2 AH F awitchaa to "ON". I  pataatiaaiatar ta it

1J Tha graan lamp should Hash. Indicated output should 
ha balow 100%

14 t  switches ralaaaa W W  from right ta luft (la. 
a witch T (a tha hat *  M  ml
— Chock whether Indicated autput reduce*.
— If Indlcstlon ramaina unchanged ar ilska baton 

A switch the previous E switch la "ON".
‘ * — Switch the next switch for € with tha smaller 

value to OFF until lha indicated value la leas 
'• than 20%
' — f  ■ F ewitch 1 to "Off" and switch I f t  I  la “Ofr  

(1.0. the pravieusfy Indicated value becomes $ 
lima* greater).

— Switch nest E switch ta “O ff” eta. a id  switch 
1 (left -  0.1 m)

— Cahbrsta to exactly 0 with tha C potantiomatar. 
Lock potent hrmater.

— Empty calibration Is than completed.

t .  Caffcrvtton on full tank or channel (Level 100%)
If necessary simulate 100% level.
Tha Indicated value it  usually above 100%.

3.1 E/F awdch S to "OFF"
I  F twitch 4 to "OS'
I  T  switch 4 to OFF ' 
t/F  switch 3 ta "ON"
Continue until Indicated value reduces ta below 
100%.

E/f
U  Cittbrrta exactly to 140% with tha —  potentio­

meter 10
Lock potentiometer
-  Full cstfcrartioa Is now completed.

Orientate aht* on the straw* on the front plate vertically.

Operation

Switch on power eupply

Tha graon lamp light* up. Depending on felLsefe mode, 
Indication either drop* below g%, exceeds iJD'i  o* show 
a value appropriate to tha level in the t«nk or et-ww 
Only when the lamp flashes is the indicated value exactly 
that of tha level.
If the reflecting surface exceed* the d-stenca for which 
the gauge is calibrated Id nunc* E). the measurement i* 
ignored, i.e. the incoming echo signals are not evaluated 
(protection again)' double reflections)
Aa far as poasibU. the calculated *nd calibrated value* 
for E and C. F can b* chaekad pn atthar an empty or fud 
tank, and If necessary, correction made by the us*  of the 
appropriate potentiometer.

MalhttPtete

Tha NIVOSONIC FMU Z7t4 repairs* no maintenance.
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Endr**» + HaiMr (UJt.J Ltd
Ledson Hood. Manchester M 7HPH 
Tel. 0619960321
Tele* wesoi E«142.02/02

ULTRASONIC SENSORS 
DU 213/DU 212

Aecurgcy

The actual accuracy of Via my n  at au nt da panda tl ratty 
on tha moaeunng condlthma (waves. rgiplea. feast, sudden 
variation* of temper at era which aannat ha followed fast 
enough by the temperature ecmponaatin) end eaegmiy
on t!i* mounting condit>«no. That la on the factor t / f .
Tha sum of thaea two affect*, measure accuracy ptaa 
inh*.-*m accuracy, gives the overall accuracy.
A* the manufacturer cannot Influence the measuring coo> 
dlnona only (he Inherent accuracy can be defined In 
advance.

W iereaf accuracy

lha Inharaat accuracy af tha aariavMl la defined aa tha 
accuracy achieved whan tha measurement la performed 
against a flat. weB reflecting surface [wooden board, 
steady water mirror ar alndlar). In thee* oondidone. the 
following ever el eccureclei tea be achieved:

DU 21)

1) - far temper ana* range: ao*C and l / f « l
± 15% af F. but net better than ±. 2 nan

21 • far temperature -eng* + 40 "C _  ♦  80 'C and C /Fe l 
*  2% of F. but net better then a 4 nan.

If mounting condition* allow a am a lt r t / f  than 1. the 
Inherent inaccuracy «rtH decrease by the atea factor, plus 
e century eguaf to 94% of P.
For tismpie, H ( , f  ■ f  ( )  time* smaller than max adow- 
*d| iha Inherent accuracy (referred to f |  will be
i i y > : i i  *  as** = in  (of f i .
The general fereuda lor the temperature range — 29 *C — 
♦  40 *C. which applies far E/F < 4 (becauae of the fix 
tema) la:

•
Error. 4, -  (t J ;  1 ♦  04% af F

in
bat not batter than t  2 aim.
For die temperature range 4  4 |lC - 4  *0*C the formula, 
whlafe applies fer E/F < 41. la:

1
«, .  (2 :  ) + 04% d  F

I f f
bet not batter then x 4 mm.
•ema eaampfa* referred te the tampmaeae range — 40*C
— + 40*0:
1) Mourning hatgit 420 awn 

Measure span: 10 nonZ of mimt 21 mm
E-SS1 mm Fw00 mm E/F—MS 
Measurement not possible hataat l / t  >  1

2} Mounting height: 4M mm 
Measure apaa: 111 nan
Z of senaor: 23 mm
E—3*1 nun FwltO mm E/F-S4
From figure 2
c a  £  15% of f« * t  •  t  ITT mm 
x  t.TT mm being anwllor than *  2 own. the latter ap­
plies. Therefor*, the inherent accuracy of this particular 
application will be: 
l e  i  I  mm -» C. — 1.7% of F

3] Mounting height- 450 mm 
Measure span: 360 non
Z of sensor: 20 mm
E = «J0 mm F—320 mm E /F -251
From figure 2
«, w x t 06% of F -e t -  i. 3* mm 
From the formula

«. w (04 t- 1.5: ) % of F -  150% of F
241

41 Mounting height; 050 non 
Measure span: 430 naan
Z *f tensor: 15 (ten
£-1095 mm F -430 mm E/F o 2.55
From figure 2
t, — 1.15% of F - *  « — t  0 am

ON 2t*

— fo r temperature range: — 20*C _ 4- W C  and E/F <  * 
t  14% of F, but not bona* Man ±  15 cm

Under normal operating conditions the probe was set-up m id way between 

the baffles and m id way between the vessel wall and the shaft and the 

integration time set at the m id p o in t This gives an average level over one 

quadrant o f the vessel The span was chosen to gives the highest inherent 

accuracy, consistent w ith  covering the desired level change due to gassing. 

Calibration is as described in the operational instructions.

12
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A ppendix 3: Lo cal Gas H o ld -u p

See Chapter 3, section 3.2.4: Local Gas-Liquid Hold-up. A  typical calculation 

w ork sheet is in  accompanying CD as bubcolLHU.xls.

A ppendix 4: Com parative M ix in g  T im es D ata Analysis

A  typical data analysis is included in  the accompanying CD tided 

ID T150H T l.x ls. This is a eight-page spreadsheet. The original data fo r the 

seven repeat runs that constitute die average m ixing time and data summary 

are in  the sheet entitied datasum. The analyses o f each run as described in  

Chapter 3, section 3.2.5 (Overall liq u id  M ixing Times), are in  the sheets R un l, 

run2, and run3 to run7.

A ppendix 5: A n  E xam ple k La  Calculation U sing the Peroxide M ethod

In  this w ork the equilibrium  oxygen concentrations are taken from  final 

average steady-state readings rather than predicted as described by Gezork et 

al  (2001). I t  is d ifficu lt to control the temperature exacdy especially at high 

specific power inputs, so the effect o f temperature on the equilibrium  oxygen 

due to air is firs t determined to enable equivalent 100% air saturation values, 

as a function o f temperature, to be estimated fo r a ll the runs. The peroxide 

mass flow  rate is determined by placing the hydrogen peroxide container on 

an accurate balance and determining the flow  from  weight differences over 

time measured by an accurate (1/100 s) stopwatch.

The calculation sheet, that also includes the theory, is attached as 

3A345KLA.xls. N ote that gas phase oxygen concentrations are calculated 

from  the ideal gas-law,

13
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P V  ~ fjRT (ABA)

where P is the pressure and 1 atmosphere is 1.013 x 10s Pa, T  is absolute 

temperature — (temperature in  Celsius +  273.13) and R is gas constant =

8.314 J.moLK1.

Thus, fo r air containing 21% oxygen at one atmosphere and 20°C, the oxygen 

concentration in  moljtt? is,

0.21X1.013X105 „  7 _  . 3 . / A r „ s
=  8.729 mols02/n?  air (A5.2)

8.314 X (273.13 + 20)

The Henry’s law constant H  fo r oxygen in  water varies w ith  temperature 

according to,

H  =((1.316 X 104x  T°Q  +  (4.573 x 105)) (A5.3)

Fitted to data taken from  International Critical Tables (1933).

Therefore at 20 °C, R T /H  is,

 8-314*(273.13 +  20)......  =  Q ^

((1.316x10 x20) + (4.573xl0 ))

and the equilibrium  liquid phase concentration is

8.729 x  0.03382 = 0.2953 m ol O  J r i  water. (A5.5)

The liqu id phase equilibrium  oxygen concentration is assumed to apply at a

(m id point) liqu id  head o f ha lf the liqu id  height between the in le t and outlet. 

For air in  at the base and a liqu id height o f water H L the factor increase in  

oxygen pressure is,

(l+(0.5 x H L X 0.09678)) (A5.6)

Hence the equilibrium  m ol O j in '  water =  eq. (A5.5) x eq. (A5.6) (A5.7)

The hydrogen peroxide equilibrium  oxygen concentration is the product o f 

the value calculated in  equation (A5.7) and the factor increase in  oxygen

14
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output reading at equilibrium , when tunning at constant peroxide addition 

rate.

Appendix 6: Measurement of Viscosity.

Viscosity is measured as described in  3.2.8 and in  accordance to  the 

manufactures instructions.

A  typical calibration and result is illustrated in  viscosity eg.xls

Appendix 7: Analysis o f Dynamic Gas Disengagement Curves

Refer to Chapter 5

For a bim odal bubble distribution obtained fo r operation in  the 

heterogeneous regime the disengagement curves are analysed according to 

Scumpe and Grund (1986)

D uring disengagement, the local liqu id  superficial velocity equals gas flow  in  

the opposite direction (i.e. U*L ~  -U*c). Hence the in itia l fa ll (db/dt)T is equal 

to the superficial gas velocity at steady state (UCJ.

For a homogeneous bubble distribution (single slope on the disengagement 

curve) then:

vs =  —{dh /  dt) (A7.1)

U B = v s / e G (A7.2)

15
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B ubble size from  rise ve locities

In  this work, the relationship between small bubble rise velocity, relative to  a 

stationary liquid, and the term inal rise velocity o f a small bubble in  an in fin ite  

medium, proposed by M arrucci (1965) is used to correct fo r this e ffect

U  ( \ - e 5n^_ a A  g± ±

( i - e Gj 2 ^

N o  corrections have been made fo r the rise velocity o f larger bubbles. Krishna 

et a l (1999) claim that a large bubble swarm can rise faster than a single 

spherical cap bubble because o f the interactions w ith  the wake o f the previous 

bubbles.

From  the corrected value o f the rise velocity, the bubble diameters are 

calculated using one o f two methods:

For Reynolds number (Re) < 2, Stake’s law is used to estimate bubble 

diameters as follows,

db, =

f  V /2
18 n tu,

AP,~P ,

Where inertial terms (Re>2) are im portant a drag coefficient (CJ is used to f it  

the experimental data. From  Valentin (1967), this is given by the follow ing 

relationship,

C d = ~J 3

f  „  „  V  F >
dbg 

2
P L Pg

V
(A 7.4)

Pi.

where /?, is the liqu id  density, p G is the bubble density, db is the bubble 

diameter, g is the acceleration due to gravity and ut is the term inal bubble rise 

velocity.

H ill (1998) used two (empirical) curve fits to  the drag coefficient versus 

Reynolds curve fo r pure water shown in

16
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Figure 5-6 foi* the drag coefficient as a function o f bubble Reynolds number. 

These are:

For (Reb <  450),

ln(Q) = 2.699467-0.3358l6.ln(Rcb)-0.07135617.[ln(Reh)]2 (A7.5)

and for (Reb > 450),

ln(Crf) = -51.77171+13.16707.1n(Reb)-0.82356.[ln(Reb)]2 (A7.6)

These equations are o f the quadratic type; f {x )  =  a(x)2 + bx + c 

Whose roots can be found when arranged in  the form  of,

0 =  a(x)2 +  bx +  c from , 

— bdi^Jb2 =  Aac
x  “ -------------------------

2 a

to yield bubble diameters from  rise velocities as follows: 

unknown in  eq. (A7.4) is bubble diameter dh

L e t f . = f i

t  C ,Let =  6\ X  = ------
Re,, Re4

Then C A ~R e,,X ^2 

log ^ r f =1°g« RfiA + 1° g ,tf2

0 = a + b\oge Re,, +  c lo g e(Reb)2 -  lo g e Re,,-  log, c2

For the form  (0 =  a(x)2 +  bx + c) then, 

a =  c{quad) , {b — 1) =  b(quad) and (c — log, c2 ) — a(guad)

17
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Thus, the bubble Re  ̂ can be evaluated from  the roots o f the equation and 

from  this the bubble size estimated from  the bubble rise velocity. A  typical 

w ork sheet illustrating how this is evaluated from  the disengagement trace is 

attached as (cfdis2.xls).

Appendix 8: Examples o f Frequency Counts from Bubble Size 

Measurements

Examples o f bubble frequency results from  the bubble size measurements 

both semi-automatic and manually sized are attached in  kclffeq.xls.

Appendix 9: List o f Folders in Accompanying CD

•  Buchi w ork
•  Calibrate
•  Cones
•  Documents
•  Hydrodynamics
•  K^a
•  Local H U
•  M ixing
•  Overall H U
•  Pictures
•  Tomography

18
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